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ABSTRACT

Dispersed flow film boiling is characterized by liquid-phase droplets
entrained in a continuous vapor-phase flow. In a previous work at MIT, a mo-
del of dispersed flow heat transfer was developed, called the Local Conditions
Solution, which is amenable to hand calculation of wall temperatures. This
solution identifies a single nonequilibrium parameter which depends solely
on conditions at dryout, particularly a characteristic droplet diameter. Pre-
vious to the current study, no simple model including mechanisms occurring
upstream of dryout had succeeded in predicting the droplet distribution at
dryout.

The Local Conditions Solution is rederived to identify which droplet
diameter characterizes the distribution of droplets at dryout for purposes
of dispersed flow heat transfer analysis. Based on mechanisms of droplet
entrainment and deposition, the dryout droplet distribution is derived.

This distribution is integrated to obtain the characteristic droplet dia-
meter. A simple method of calculating the characteristic droplet diameter
is presented.

With the droplet distribution model, the Local Conditions Solution
is compared with three correlations and seven data sets. In general, the
Local Conditions Solution predicts wall temperature data to within about
5% better than the three correlations.

It is found that some data display a type of behavior not predicted
by the Local Conditions Solution. This may be caused by the enhancement of

droplet heat transfer by free stream turbulent fluctuations.
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NOMENCLATURE

Cross-sectional area (ftz)
c Dimensionless acceleration group (Eq.(2-9))
Mass transport number -

d Droplet mass concentration in the core flow (1bm/ft3)

A

A

B

C

CD Droplet drag cofficient
C Droplet correlation coefficient

C Specific heat at constant pressure (Btu/1bm°R)

d Droplet mass deposition rate (1bm/hr ftz)

D Droplet diameter (ft)

D Characteristic droplet diameter (ft)

D; Tube diameter (ft)

e Mass entrainment rate (1bm/hr ft2)

E Mass entrained per unit change in quality per unit time (1bm/hr)

Distribution factor for Xp = 0.2 (Eq. (4-45))
Friction factor (Eqs. (A1-5), (A1-6))

m h -

Distribution factor
Gravitational acceleration (ft/hrz)
Mass flux (lbm/hr ft)
Gr Dimensionless gravity group
h Heat transfer coefficient (Btu/hr ft2°R)

i Enthalpy (Btu/1bm)



Heat of vaporization (Btu/1bm)

Thermal conductivity (Btu/hr ft°R)
Deposition velocity (ft/hr)
Nonequilibrium parameter (Eqs. (3-23), (5-1))
Length (ft)

Droplet mass (1bm)

Droplet sizZe distribution (hr']ft'])
Nusselt number

Pressure (1bf/in2)

Prandtl number

Heat transfer to a droplet (Btu)

Average heat transfer rate to a droplet (Btu/hr)
Wall heat flux (Btu/hr t°)

Radius of curvature at dryout (Eq. (5-4))
Reynolds number

Reynolds number defined by Eq. (3-18)
Dryout Reynolds number (Eq. (4-12))

Slip ratio

Time (hr)

Temperature (°F or °R)

Friction velocity (Eq. (4-15))

Velocity (ft/hr)

Mass flow rate (1bm/hr)
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We Weber number

Web Dryout Weber number (Eq. (4-11))

X Quality

z Axial position (ft)

Greek

¢] Void fraction

n Entrainment fraction

A Deposition parameter (Eq. (4-23))

u Viscosity (1bm/hr ft)

o Mass density (]bm/ft3)

o Surface tension (1anhrZ)

T Shear stress (1bf/ft2)

*t Dimensionless relaxation time (Eq. (4-16))

) Distribution factor multiplier for dryout quality (Eq. (4-46))

v Nonequilibrium variable of Groeneveld and Delorme [10],
(Eq. (6-5))

Subscripts

b Burnout or dryout
c Core

crit Critical



Droplet
Equilibrium
Film

Saturated vapor
Homogeneous
Film-vapor interface
Liquid

Nusselt Number
Relative
Saturation
Steady State
Total

Tube

Vapor

Wall

Arithmetic Mean
Area Mean

Volume Mean
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CHAPTER I
INTRODUCTION

1.1 DISPERSED FLOW HEAT TRANSFER

Dispersed flow film boiling is a regime of two phase heat trans-

fer occurring in such applications as once-through steam generators,
cryogenic machinery, and in the hypothetical loss-of-coolant accident

‘(LOCA) in nuclear reactors. It is characterized by a dispersion of

liquid-phase droplets entrained in a continuous vapor-phase flow.

Because the liquid phase is not in physical contact with the
heated wall surface, dispersed flow fiim boiling can result in high wall
temperatures. Even in low pressure steam-water flows, wall temperatures
can become high enough for the heated wall material to melt. Conse-
quently, a great deal of effort has been expended in recent years to
model dispersed flow heat transfer, particularly for nuclear reactor
safety analysis.

Dispersed flow heat transfer can occur in a wide variety of
physical geometries, most notably in the complicated geometries of
reactor core rod bundles. The most commonly studied geometry for funda-
mental research, the simplest geometry, is vertical upflow in circular
tubes with constant wall heat flux. This is the geometry considered
in this study.

Two general types of flow patterns have been observed to pre-
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cede the formation of dispersed flow [1]. The wall heat flux and/or
the initial wall temperature determines which of these flow regimes
occurs.

If the initial wall temperature is higﬁ, or the imposed heat
flux is very high, inverted annular flow may precede dispersed flow.
This pattern is shown in Figure 1-1. In inverted annular flow, the
point at which the liquid leaves contact with the wall, the dryout
or burnout point, is very near the beginning of the heated section.
Wall temperatures are high enough to cause the liquid to form a core
in the center of the tube, with a vapor annulus néxtlto the wall. Be-
cause of the high density ratio between the liquid and vapor, vapor
velocities are much greater than the liquid velocities, and eventually
the liquid core becomes unstable. Once the core flow ruptures, drop-
lets are rapidly formed, and dispersed flow is established.

If the inital wall temperature is not very high, or if wall
heat fluxes are not very high, annular flow precedes dispersed flow.
This pattern is shown in Figure 1-2. As liquid entering the bottom of
the tube is heated, vapor bubbles begin to form at the walls. In the
nucleate boiling region, liquid remains in contact with the walls, re-
sulting in good heat transfer and low wall temperatures. Because of
the Tow wall temperatures, the liquid and vapor are essentially at
saturated conditions. As more vapor is generated, the vapor collects

in the center of the tube, surrounded by a liquid film in contact
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Figure 1-2. Annular Flow
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with the wall. The vapor velocities are again much larger than the
liquid velocities. Instabilities occurring at the liquid-vapor inter-
face cause droplets to be torn from the film and entrained in the vapor
core. Eventually, evaporation and entrainment depiete the liquid film,
and dryout or burnout occurs. In this study, it is presumed that an-
nular flow precedes the establishment of dispersed flow.

The most serious complicating factor in the analysis of dis-
persed flow film boiling is the presence of the liquid droplets in the
otherwise continuous vapor flow. Because the liquid is essentially at
saturation, while the vapor can be considerably superheated, the drop-
lets behave as a distributed heat sink in the vapor flow. While the
droplet volume flow rate is virtually negligible compared to the vapor
volume flow rate (void fractions are on the order of .90 to 1.0), the
l1iquid mass flow rate can be comparable to the vapor mass flow rate
(dryout qualities can be as low as about .05). Thus, the magnitude of
the distributed sink can be considerable. Since most of the heat trans-
ferred to the droplets must first be transferred to the vapor, the flow
is generally not in complete thermal equilibrium. Thus, the flow is
generally somewhere between thermal equilibrium and nonequilibrium,
as illustrated qualitatively in Figure 1-3. The degree of thermal non-
equilibrium depends on the individual mechanisms that occur in dis-
persed flow. The analysis becomes even more complicated when the ef-
fects of radiation from the wall to the droplets and direct drop-wall

interactions are included.
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1.2 REVIEW OF RELATED WORK

EXPERIMENTAL

Experimental data for dispersed flow heat transfer are avail-
able for many fluids over a large range of flow conditions and dif-
fering physical and flow geometries. Quite a tot of data have been
published for vertical circular tubes with constant wall heat flux.
Bennet et al [2] and Era et al [3] have taken data using water at
1000 psia. Forslund [4] and Hynek [1] have presented data using
nitrogen at low pressures. Groeneveld [5] and Cumo et al [6] have
published data wusing Freon 12, while Koizumi et al [7] used Freon
113.

There are basically two types of approaches which have been
utilized in analyzing dispersed flow heat transfer data. These can

be divided conveniently into correlative and phenomenological analyses.

CORRELATIVE
Correlations usually begin with an assumption of the general
form of the behavior of the flow. Many correlations begin with an ac-
cepted equation for pure vapor heat transfer, such as the McAdams or
Dittus-Boelter correlation, which is then modified to account for
such behaviors as thermal nonequilibrium, droplet slip, and entrance
length effects. Free parameters are then evaluated using data from a

usually limited number of sources to complete the correlation,
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While these solutions are usually simple to apply and are, therefore,
attractive, they are generallynot valid outside of the data base from
which they were developed.

A large number of correlations have been presented in the litera-
ture, a partial list of which is presented by Groeneveld and Gardiner [8].

Two correlations which will be considered in this study (see
Chapter VI) are those of Chen et al [9] and Groeneveld and Dolorme [10].
Both of these correlations explicitly account for nonequilibrium in the
flow, and were developed by back-calculating vapor temperatures from
wall temperature data, knowing wall heat flux and assuming a single-

phase wall heat transfer coefficient.

PHENOMENOLOGICAL

Most phenomenological models begin with an assumed model of the
heat transfer processes occur?ingin the flow. Using correlations to
characterize individual mechanisms, the models follow the flow as it
moves down the tube. This usually requires a step by step solution
scheme that must be implemented on a computer. The advantage of this
approach is that, because specific heat transfer mechanisms are
modeled, these models sometimes do better over a wider range of con-
ditions than do correlations.

One of the first of these models, by Dougall [11], (the so-

called Dougall-Rohsenow correlation) is simply equivalent to the assump-
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tion of thermal equilibrium. Originally, this equation was shown to be

an asymptote at high quality for film boiling data at Tow quality. It
was not intended for prediction at low quality. Since this correlation,
though not recommended, is still used widely, results of this study

are compared with those of Dougali's equation iﬁ Chapter VI.

A discussion of the development of phenomenological models of
dispersed flow film boiling is presented by Yoder [12]. Yoder created
a computer model of dispersed flow heat transfer which included five
types of heat transfer interactions. These were: convection fram the
tube wall to the vapor; convection frdm the vapor to the droplets;
radiation from the wall to the droplets; direct drop-wall interaction;
and axial conduction along the tube wall. In general, excellent re-
sults were obtained using this model. Yoder found that ignoring radia-
tion, drop-wall interaction, and axial conduction did not result in a
serious loss of accuracy of the model's predictions.

This led him to develop a new phenomenological model, based on
a.two-step heat transfer process. Heat was assumed to be transferred
from the wall to the vapor only, and from the vapor to the droplets.
This model results in a single differential equation for actual quality
vs. equilibrium quality, a measure of thermal nonequilibrium. While
this differential equation cannot be analytically integrated, it de-
pends on only one parameter, denoted the nonequlibrium parameter K,
which is constant for a given flow situation. Given the conditions at

dryout, actual quality could be found as a function of equilibrium
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quality, the vapor temperature calculated, and the wall temperature pre-
dicted at any position downstream of the dryout location. This model
was called the Local Conditions Solution.

The main difficulty of the Local Conditions Solution, and most
other phenomenological models of dispersed flow heat transfer, is its
dependence on the knowledge of a characteristic droplet diameter at
the dryout point. Most researchers simply back-calculate the droplet
diameter from other considerations. Yoder's model of the dryout drop-
let diameter was tedious to apply and initially required numerical ex-
perimentation to find an optimal value of a critical webér number for
droplet entrainment.

The purpose of the present study is to develop a phenomenological
model of annular flow to predict the characteristic droplet diameter

at dryout.

1.3 OBJECTIVES OF RESEARCH

In order to include properly the pertinent physical mechanisms
in annular flow which give rise to the droplet distribution at dryout,
the phenomenological approach was used in this research. The objectives

were as follows:

e To rederive the Local ConditionsSolution to determine which

droplet diameter is characteristic of the distribution at
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dryout for purposes of dispersed flow heat transfer.

To develop an analytical model based on mass, momentum,
and energy conservatiawequations and recent correlations
which describe specific mass transfer mechanisms to pre-

dict the droplet distribution at the dryout point.

To apply this model and appropriate simplifications to
the Local Conditions Solution, to result in a simple,
accurate model for predicting dispersed flow heat trans-

fer behavior.

To apply the LocalConditions Solution to published data and

to compare the results with those of other correlations.
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CHAPTER II
BASIC PRINCIPLES OF TWO PHASE FLOWS

In order to clarify later discussion of the mechanisms occur-
ring in annular and dispersed flows some basic principles and nomen-
clature of two phase flows are described here.

The total mass flow rate is usually represented by the flow rate
per unit cross sectional area, the mass flux.

t (2-1)
T

G =
A

The vapor and liquid mass flow rates are sometimes expressed in terms of

separate mass fluxes,

Wt
G, = — and (2-2)
Ar
w
6, = 2 . (2-3)
A
.

The vapor and liquid flow rates are related to the total flow rate by

the quality (or actual quality).

b3

i

= |
<
—

N

[}

i~
~—
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v

(1-x)=z—= (2-5)
Wi

Thus, the vapor and liquid mass fluxes are

[ep}
1}

xG , and (2-6)

[p]
[}

(1 -x)6G. (2-7)

The equilibrium quality Xq is the quality that would occur if the
liquid and vapor are in thermodynamic equilibrium. A simple heat

balance shows that

4 u
EM (z-2) , (2-8)

e -
GDT1fg

1

where 9y is the wall heat flux (constant), z 1is the axial position
along the tube, and Z, is the location where the enthalpy is the

saturated 1liquid enthalpy, or x = 0.

Defining the acceleration group Ac as

q
Ac = —%_ | (2-9)

G‘fg

results in
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4Ac( ) -

Xa o z-1z)) . (2-10)
Because the 1iquid and vapor are essentially at saturation in annular
flow, the actual quality and equilibrium quality are equal in annular
flow. However, significant superheating of the vapor can occur in
dispersed flow, so the actual and equilibrium qualities are not equal
in dispersed flow. It is the prediction of this departure from equi-
1ibrium which is the ultimate purpose of this study.

In annular flow, it is often necessary to distinguish between
the liquid in the film and the liquid entrained as droplets in the

vapor core. This is done using the entrainment fraction

W .
n = entrained (2-11)
)

The fraction of the tube cross section that is covered by vapor is

termed the void fraction

1
\i
o = —= s (2-12)
]+]_"_).(_EJLS
T X Py

b

where the slip ratio s 1is the ratio of average vapor and liquid

velocities.

<| <
=<

(2-13)

[72]
I
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In dispersed flow, the slip ratio is an average droplet slip ratio,

<

(2-14)

Sd

= |
a. <

Because Sd £ 1, the void fraction in dispersed flow is approximately

the homogeneous void fraction,

1
(2-15)

a = o

O O
2|

1+ =X
X

Because the liquid in annular flow is distributed between the liquid
film and droplets entrained in the core flow, speaking of a single slip
ratio in annular flow does not seem to be physically meaningful. Conse-
quently, the core and film void fraction are sometimes differentiated in

annular flow. The core void fraction is

o = Y- ) (2-16)

Neglecting the droplet area in the core (ac £ 1), the film void fraction

is approximately

A 1
o = £ = 5 , (2-17)
Ar ¢ 0=x(n) Ty g
X Py, f

where the film slip ratio is



=Y (2-18)

It is often necessary to express the vapor velocity or the rela-
tive velocities between the vapor and a droplet or the liquid film. The

vapor velocity is

V. = , (2-19)

14

where o = e in annular flow, and o a in dispersed flow.

The relative velocity between the vapor and the liquid film is then

1\ 6x T\
Y = Vv( ‘;‘)= ( "') : (2-20)

P\Of St
and similarly the relative velocity between the vapor and a droplet is

1 . Gx 1
Vg = Yy (1 -S—-)=——;(1 --s—\) (2-21)
d” Py d

1
Because S4 is near unity, (1 - g—J ] (sd - 1). This approximation will
d

prove to be useful later on.

While quality, void fraction, and slip ratio (and entrainment
fraction in annular flow) are interrelated, considerations of mass and
energy conservation are not sufficient to determine completely the inter-
relationship. To close the set of equations requires consideration of
momentum conservation. In dispersed flow, this comes in the form of

a droplet drag coefficient. In annular flow, the situation is further
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complicated by separate liquid film and droplet flows. A model has been
written for this study based on that of Wallis [13]. In this model, tﬁe
pressure gradients of the core flow and total flow are modeled separately
and equated to yield another relation. With the addition of an assumed
entrainment fraction profile, the set of equations is closed. Two ver-
sions of the model have been written, one without accelerational effects,
and one including acce]erational terms, and are described in Appendix I.
Unfortunately, neither model yields an explicit analytical result, but
requires  computer solution.

While the numerical results of both models are of questionable
accuracy in describing the phenomena modeled, they do indicate the proper
trends, and give some indication of the importance of accelerational ef-
fects. In general, the results of both models are quite simitar. Film
void fractions predicted by both models agree to within one percent,
and relative velocities between core and film generally agree to within
about six percent. Thus, by and large, accelerational effects can be
ignored.

One interesting result is obtained analytically from the non-
accelerational model. Near dryout, where both O and n approach
unity, L'Hopital's rule can be used to obtain the result

P
2
_ oyl

s
" E&—x -1
py D

(2-22)
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This result, derived in Appendix II, will prove useful in describing the

size of entrained droplets later on.



CHAPTER III
REDERIVATION OF THE LOCAL CONDITIONS SOLUTION

The droplets in the core flow are not all of one size: indeed,
an entire distribution of droplets is entrained. Until it is known
which droplet diameter properly chatacterizes the distribution for pur-
poses of dispersed flow film boiling analysis, the problem description
is incomplete.

In order to answer this question, the Local Conditions Solution
is derived here including the behavior of a distribution of droplets.
Wherever the diameter per se of a droplet is intended, Dy (the arith-
metic mean diameter) is inserted: similarly, whenever the surface area
or volume of a droplet is intended, D2 or D3 (the surface mean or
volume mean diameter) is inserted, respectively. Thus, when the deriva-
tion is complete, the characteristic droplet diameter, D*, will be ap-

parent.

3.1 Liquid Mass Balance

The Tiquid mass flow rate crossing a plane is

™ . 3 ™ 2
W, = g-n P, D3 = Z-DT G(1 - x) . (3-1)

Assuming that no droplets are completely evaporated, the number of drop-
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lets crossing a plane per unit time, n, is constant. From this, it is

clear that

Dy, =D . (3-2
37\

Differentiating Equation (3-1),

dwg- 'erZ dx
———— - — TG_..
dz 4 dz
_LNy &
T-x dz
From Equation (3-2), then
L. 1/3
dwz .6 72 "3 f1-x dx
—_— = -n - . . (3'3)
dz 1 -x 1 - Xy dz

3.2 Evaporation of Droplets

The time required for a droplet to travel a distance Az is
At = Az/Vd. The heat transferred to a droplet in a distance Az is

thus
2 Az
qd = 1D hd (TV - TS) _
Yy
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so that the mass evaporated from a droplet in traveling a distance Az
is 2 )
q mD™h (T - T_)Az
Am =__d_=_ d v S .
d i
fg fg 'd

Assuming that droplet velocity is independent of diameter, and inter-

grating over all droplets,

2
dw .m0 h (T - T))
2. g,-2dy s . (3-4)
dz 1fg Vd
Equating this to Equation (3-3),
dx D2 h(T.-T.)1-x 'l-x\”3
_ 2 d''v S b
—=6 5 . / . (3-5)

3.3 Flow Heat Balance

Because some heat goes into superheating the vapor, the actual

vapor flow rate is less than that which would occur in an equilibrium

situation.

Thus,
T m
W, = -DTZGx < Wy = —-DTZGx
actual 4 4
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T2 o2
W =—p. (1 -x)> W, = —-DT G (1 - xe)
Yactual 4 ! equil 4
A simple heat balance yields
(i, -1 )(w - W ) = i (w - W
v 9" Vactual Vequi] fg equil Qactual) ?
or
i - X
.._______Q.V. =-—g--] . (3-6)
Teg X
Assuming that iy-ig= va(TV - T
i X
T, - T = 2 (2 1).(37)
Substituting this into Equation (3-5), CPV
9 1/3
dx D2 hd 1-x/1- Xp X
—=6-5 (-2-1 . (3-8)
dz D3 Py vaVd DBb 1 -x X -

Identifying, from Equation (2-10),

4 Ac
dxe =-E—— dz ,
and defining T
- Nudkv
e
D
and A
_ Rep'yy
Vd': .
vaT

where DNu is the characteristic droplet diameter for the droplet
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Nusselt number,

(3-9)
2 1
— E._lg D3bD3ZDNu 1 - e pr E& ReD X dx
€ 3 DT 02 (1 - Xb) / v Py Nud (1 - xf73 dxe

3.4 Droplet Slip

Based on a force balance on a droplet, Yoder [12] found

dv T ™
d 3 2 2
V,—=--—D¢g(p, - p,) +=D"Cqp V, (s, -1
d dz 6 2 v 8 D'v'd ‘"d

m
-p
6

)2

Py

where CD is the droplet drag coefficient. Assuming that

d_ &
dz dz
d 1 1 dxe
and Xg —\— )<< — —
dz sda s, dx

the following result is obtained.

Y4 \
Y TN U Y S
) 3 2 ¢p 2 3™ by ey XGp

G X
s, = (3-10)
d 4 PoPv(1 - Pv/p,)g o
1 -5 D =
3 2 2
G CD X

Of the previous assumptions, Yoder supports the second rather con-

vincingly. The first assumption is only valid in annular flow. In
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dispersed flow, the accuracy depends rather strongly on the degree of
departure from thermal equilibrium and will, in some cases, cause signif-
icant errors. However, without this assumption, no result could be ob-
tained in closed form. Thus, this model is used in the present work with
some reservations.

Pe(Pg = p,)Dg

The effect of gravity is negligible if 55— << 1

CD G x

This is usually the case except at low qualities. Equation (3-10)

then simplifies to

16 o 1 D
= +‘/-— 2 ope — — . (3-11)

The term under the radial is usually small compared to one, so the

droplet slip ratio is usually near unity.

3.5 Drag Coefficient

Yoder used the drag coefficient of Ingebo [14] for accelerating

spheres,
27

Cy=—=7 °

with a minimum value of
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C = 0.40

min

However, because the accelerations encountered in annular flow are sig-
nificantly smaller than those in Ingebo's experiments, the hard sphere
correlation used by Hynek [ 1 ] was used in this study.

24
= — (1 +.142 Red’698)

Red

c Red < 2000 (3-12)

D

3.6 Droplet Nusselt Number

As in Yoder, the droplet Nusselt Number will be characterized

by the Ranz and Marshall hard sphere correlation [15],

modified by Yuen and Chen [16] to account for mass transfer by

C, (T, - T.)
l+B=1+-RLV S

1fg

so that

- ] (2 + .6 Re, /2 pr
d o C AT, T A vf

.i

Nu 173 (3-13)

fg

Since the droplet slip ratio is near unity,



SO

. (3-14)

It would be convenient if Nud could be approximated using a constant
drag coefficient, say CD = ,40. As shown in Figure 3-1, the Nusselt

number is well chararacterized by

.63 Gxp  [T6 pjl T \/2
1+ Q 4 x DT

'Ifg

From Equation (3-7),
C (T -T.)) «x

1R v s _Te
1fg X
SO
x fGxD 16% Fy/e /3
ud 63-— ——Ac—--—- -——) Prvf (3-15)
Xe \ My -4x Dy

3.7 Nusselt Number Droplet Diameter

The Nusselt numberdroplet diameter is defined so that the heat
transfer to a droplet of diameter DNu is the average heat transfer per

droplet. Then
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Figure 3-1. Comparison of Nusselt Number Correlations
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> Nu(D)kv
™D “—T—- (TV - TS) n(D)dD

ad = ™Dy, Ty - Ts) B
Oyy ﬁn(n)dn
where n(D) is the droplet size distribution. Since, from Equation (3-15),
3/4

Nud v~ DY7, the above relation suggests that

774 '[n(o)n”“dn

D - :
Nu J(n(n)cm

or D

nu - D774 % Dy - (3-16)

Since void fraction is close to unity, the variation of void fraction

with quality may be neglected. Then, from Equation (3-15),

5/4

X
Nu, ~ — p, %% (3-17)
d X 2
e
3.8 Droplet Reynolds Number
From the definition of the droplet slip ratio,
v G x
vV, = — =
d
Sd Pv*nid
Neglecting droplet slip,
' GxDT
Rep = . (3-18)
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Again neglecting the variation of void fraction with quality,
ReD ~ X . (3-19)

Equations (3-17) and (3-19) yield

34,
D . % D Repp
LAY

Re

(3-20)

Nu db

3.9 Characteristic Droplet Diameter

Sustituting Equations (3-20) into Equation (3-9) results in

DD 3/4 1

2
33

D, D o) Re' X X
Nu “2b Ac pr X Db e

1
Dy

>

]

>

H
w |~

(3-21)

Assuming that all droplet diameters vary, like D3, as (1 -x )]/3,

Equation (3-21) may be written with x Xy = Xg at dryout, as follows:

x3/4x dx

K € = X = X (3-22)
(-I _ X)7/]2 dXe e

where, evaluating Nud at dryout from Equation (3-15), the nonequilib-

rium parameter is
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o, 3/4 2/3
/D* 3% (ac =) Pr
x~ pv \ ]/2
K Z .554 \‘ a 5772172 Reb s (3-23)
where the dryout Reynolds number is
Gx_ D
Re, = —2T (3-24)
Hy%h

and where the characteristic droplet diameter is identified to be

5 12/5
p* = 3 (3-25)
= D2775t

Once the characteristic droplet diameter is known, the non-
equilibrium parameter can be calculated, and Equation (3-22) can be

integrated to yield actual quality as a function of equilibrium quality.
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CHAPTER IV
DERIVATION OF DRYOUT DROPLET DISTRIBUTION

Four distinct mechanisms can be identified which could conceivably
have an impact on the droplet distribution at dryout. These are:
» Droplet entrainment from the liquid film,
« Coalescence of droplets in the free stream,
+ Break-up of droplets in the free stream, and
- Deposition of droplets back onto the liquid film.
Droplet evaporation does not play a part, because the vapor and drop-
lets are essentially saturated upstream of dryout. Because of the high
core void fractions common in annular flow (generally > .90) droplet
coalescence probably does not occur to a degree great enough to affect
substantially the droplet distribution.
The break-up of droplets in the free stream is apparently controlled

by a critical Weber number criterion [17],

2
2 2y2
oy VrdD G2x2D(1 - 1/sd)

crit = o (4-1)

n

We

2
Py O Qg

Since the entrainment of droplets from the 1iquid film is largely con-
trolled by a Weber number criterion as well (as will be shown in the
next section), and the film slip ratio is large compared to the droplet
slip ratio, droplets entrained at one point travel a long distance be-

fore break-up. From Eq. (4-1),



]
Xbreak-ug - Sf ) (4_2)
Xentrain - L

Sd

Consequently, if any droplet break-up occurs at all, it is the large
droplets that were initially entrained (many of which have already
been redeposited) that break up first. Thus, for now, break-up will
be ignored, an assumption to be reexamined later.

Thus, the mechanisms that are considered here are the entrainment
of droplets from the liquid film to the vapor core and the deposition
of droplets back onto the liquid film.

4.1 ENTRAINED DROPLET DIAMETER

While several mechanisms of droplet entrainment have been identified
(e.g., wave undercutting, droplet impingement, and 1liquid bridge dis-
integration), it is generally believed that the shearing off of roll
wave tops is the predominant mechanism occurring in annular flow.
Kataoka, et al. [18] expressed the distribution of droplets entrained at
a point (translated into the current nomenclature) as a modified Weber

number criterion.

G Py G x DT 2/3 Py 1/3 H, 2/3
D'I = C’I GZXZ ( uv ) ( _p'; ) ( -{‘l; ) ’ (4 "3)
where
C] = .,0031 for D] . (4-4)
C2 = ,0040 for 02 , and (4-5)

C3 = .0053 for Dy . (4-6)
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This correlation was developed from adiabatic air-water data, where
the large density ratio results in void fractions near unity and very

large film slip ratios, and consequently

Sx gLy 2 B . (4-7)

Vrf = Py @ Sf Py

Because the area of application of this study is largely in high pressure
applications, where smaller density ratios result in smaller void frac-
tions and film slip ratios, this relative velocity effect requires further
investigation.

Yoder used Ahmad's slip ratio [19] to characterize film slip.

.205 ‘G Dy -.016

However, this slip ratio was derived from void fraction data at low
qualities. Because void fraction is quite insensitive to slip ratio,
but slip ratio is sensitive to void fraction, the application of this
correlation to relative velocity estimation is of questionable validity.
Instead, for this study, an analytical result from the void frac-

tion model, derived in Appendix II, will be used. The dryout film slip

ratio is
p
2
B—-Xb-])
S = v
b ®
2
B—Xb"]
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or f&
o]
b .1y = b v . (4-8)

In Figure 4-1, Vrf/vrfb is plotted against x/xb for two
cases of practical interest. These data are results of the annular
flow model with no acceleration. As is apparent from the figure,
vrf/vrfb is not a strong function of the gravity group,

Gr = ———— .
GZ

Picking an average case, a curve fit yields

1+1.23(x/xb)2

v
ox (wxy) . (4-9)

e ——

Vb

n

For high pressure applications, Eq. (4-3) is modified by replacing

Vif S (Gx/pv)2 with Vif found from Eqs. (4-8) and (4-9). This leaves

ap,, GxDT 2/3 ( Py )1/3 ( u, 2/3
D. = C'T'Z' — -_ -_—
1 TENxy oy Py He
L 2
(¢/=x, +1) _ 2
oy b x (2+2.46(x/xb) ) ,
Py Xp
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or

2 2
= x. + 1)
D S 2 %)y N
Op  We, °b oy My P
oy b (4-10)
(473 + 2.86(x/x,)%)
;(-t; s
where the dryout Weber number is
G2x2D
- b-T
We, = . (4-11)
b Py O

and the dryout Reynolds number is

_ beDT

Reb Sl (4-12)

v

One reassuring feature of this droplet correlation is that, because,

from Eqs. (4-10), (4-11) and (4-12),

D

1
b, ~ 173 ’
T DT
it is unlikely that a droplet diameter will be predicted to be larger
than the tube diameter, thus averting a preposterous limiting behavior.
Consideration of the rate at which entrainment occurs will be de-

layed until after droplet deposition is considered.
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4.2 DEPOSITION

Droplet deposition is usually characterized by a deposition velocity
d = ded s (4-13)

where d is the mass deposited per unit film area per unit time, and

Cd is the droplet mass concentration in the-core flow,

C. = Entrained Mass Flow Rate
d Core Area-Droplet Velocity

™ 3 o 3 .
=P, D°n p, D¥n
- 62" -2z 2 , (4-14)

T n2 3 2
7 D7 oV DrogVy

where n is the number of droplets crossing a plane per unit time.
McCoy and Hanratty [20] identified four regimes of deposition velocity,

Figure 4-2. In the graph, u* 1is the friction velocity,

2

u*® = ,03955

4-15)
7173 ; (
oy D7

+ . . . .
and T is the dimensionless relaxation time

D2p. p, u*> 0 Dz(Gx)7/4
B - v2 = 9 20x]0'3 N (4-16)
18 12 * D]/4 7/4 °
v v YT Wy

The first regime is controlled by Brownian motion, and thus occurs only

in submicron particles. The second regime also occurs only in small
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0.]7*’/’
II1

10°

104

103

102

Four Regimes of Deposition Velocity

Figure 4-2.
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particles or in low speed flows. In fact, results of the annular flow
model described in Appendix I indicate that only the third and fourth
regimes occur in annular flow, and the third regime appears to be strong-
1y predominant,

Thus, it is assumed for purposes of this study that only the third

regime occurs, so that ky/u* = 0.17 , or with Eq. (4-15)

k, = .0338 v ) (4-17)

Assuming that the core void fraction o =1 , and neglecting droplet
slip,
Gx

vV, = s (4-18)
d O

so the droplet deposition rate, from Eqs. (4-13), (4-14), (4-17), and

(4-18), is
p,D3n
R -03381/8 k . (4-19)
(20, B
uV

Consider the deposition of a packet of droplets of diameter D travel-

ing in the core flow, Figure 4-3. A mass balance gives

2 ‘ .
. 3 D; d /"af . .0338 Vo n ' (4-20)
dx 2 3 1/8
D Py Ac GxDT
(&) K



Oy
- dz = vy dx -
{\
T p3 T3 + 40
5 P10 — Dy | R pyD (N + gy dx)
\
/\‘ e —— e
\f 2
dnD. o, dz = &19-1—/&* dx
1 %f F Ac 1°f

Figure 4-3. Droplet Deposition Mass Balance
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Thus, the number deposition rate is independent of droplet diameter.

Assuming the film void fraction can be approximated by
~ X 1/4

(an assumption not inconsistent with the results of the annular flow

model),

d .0338 n .
* = - n = - . (4-22)

G x.D 1/8
( —5T ) Ac

where the deposition parameter is

A = .0338 . (4-23)
G beT 1/8
(—2T)

v

Ac

Since the number deposition rate is independent of droplet diameter,
the average droplet diameter of a distribution of droplets initially en-
trained at some initial quality X; is the same as the average of those
droplets surviving to some later quality Xeg o Thus, it is not
necessary to keep track of the changing shape of a distribution of
droplets entrained at a given point. Instead, a distribution entrained
at a point can be characterized by an average diameter D(x) and a
number n(D). By integrating Eq. (4-22),

. . = (x-x)
A(0) = 1 (D)e v, (4-24)
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where ﬁe(D) is the number flow rate of droplets entrained at X5 s
and n(D) ds the number flow rate of droplets entrained at X5 that
survive to x .

It now only remains to characterize the droplet entrainment rate,
before the droplet distribution at dryout is determined.

4.3 DROPLET ENTRAINMENT RATE

Because it cannot be measured directly, droplet entrainment rate
can only be inferred from entrainment fraction and deposition rate
measurements at steady state in an adiabatic flow. In this case entrain-

ment and deposition rates must be equal,

€s © dss = Ky Cdss > (4-25)
where e is the mass entrainment rate per unit film area per unit
time. In terms of flow variables, with Eq. (4-18),
™02 6(1-x)n
4T VT ss (1-x)
Cass = TDZ oV T O X Mss i (4-26)
6 T “f 'd

where droplet slip ratio S4 is assumed unity, and where Mg is
the steady state entrainment fraction. Assuming that the entrainment

and deposition mechanisms are independent,

e = kd Cdss (4-27)
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in general, not just at steady state conditions. Recalling from Eq.

(4-17) that 7/8 1/8
(Gx)"77

1/8
Py DT

kd = .0338

results in

.0338 (6x)’/8 ,)/8

. _ v 1-x -
e = D1/8 x ss ° (4-28)

T

The mass entrained per unit change in quality per unit time,

E = e(film circumference)( %%
L. DT
= E(WDT /E; ) TAc ) . (4-29)
X 1/4
As in Eq. (4-21), assuming that G 2 ( ~ ) , this results in
b
] 2
E = {—DT G(1-x)Angg > (4-30)

where ) 1is defined in Eq. (4-23). Some characterization of Nes is
still needed.

Ishii and Mishima [21] correlated Ngg as

G2x2D o, = p

b0 P

= -7
Ngg = tanh(7.25x10" " (

v (4=31)

G(1-x)D
(——T)

1/4
Ho )
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This correlation was based on air-water data at low pressure, but
results in unreasonably low values of Ngg at higher pressures. The
data of Cousins and Hewitt [22], upon which the correlation was based
in part, indicate that for large enough liquid Reynolds numbers, Ngs
is independent of Reynolds number; therefore, the data of Cousins and

Hewitt were reevaluated to produce an alternative entrainment fraction

correlation,

.6306

-.01935 Rez

Nss = (1-e

5 1.277)

) tanh(5.341x10°° We (4-32)
Equations (4-31) and (4-32) both agree well with the data. In most cases
in annular flow, liquid Reynolds numbers are Tlarge enough that they have

no effect on n.. . Combining Eqs. (4-30) and (4-32) for the case where

exp(-0.01935 Reg'6306)<<1 s
e s omy s G2x20L 1,277
= E-DTG(l-x)X tanh(5.341x10"~ ( X ) ) . (4-33)

4.4 DRYOUT DROPLET DISTRIBUTION

Determining the droplet distribution at dryout is now a relatively
simple problem. The number flow rate of droplets entrained between X

and x+Ax is

n = ——— , (4-34)
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where D(x) 1is found from Eq. (4-10). The number flow rate of droplets

of size between D(x) and D(x) + AD entrained at x 1is then

. g
_ , 4-35
n 3 %D(X)s‘mndi )

where the minus sign appears because E%éél is negative. From Eq.
(4-24), then, the number flow rate of droplets between D and D + AD

surviving to dryout is

Ton(” S0~ ’ )
6 “¢ dx X(D)

n(D) = -

where x(D) 1is the quality at which droplets of diameter D are en-

trained. Substituting Eq. (4-33) for E yields the dryout droplet

distributijon,
A(D) = - 3 o (1-x) -5
n(D) = - 5 T=-x Atanh(5.341x10
2 pz D(x)3 dgixll X(D)
x(D)
(4-37)
szzDT 1.277 -X(xb - x(D))
(—= Je
Py x(D)
where )
L
(4= x. *1)
000 = e re/® () (2 T 2
! ®b Py My Pe (4-10)
(473 + 2.46(x/x, P ) py P

Xp
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where
C1 = ,0031 for 01 .
C2 = .,0040 for D2 , and
C3 = .0053 for D3

4.5 CHARACTERISTIC DROPLET DIAMETER
Recall from Eq. (3-25) that the characteristic droplet diameter was

identified as

This can be represented with Eq. (4-10), as

/ 2 2
—= x. + 1)

* 4/5
D (F) .00786 (
T Re, ) (—) . (4-38)
DT Web b Py Hy E& )
Py b
where the constant
C;2/5
00786 = o775 (4-39)
2
ane (473 + 2.46(x*/x,)2)
-(4/3 + 2.46(x*/X
L b , (4-40)

Xp
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where x* s the quality at which D* 1is entrained, and where the
distribution factor F takes into account the shape of the dryout
droplet distribution. The volume and surface mean diameters are de-
fined by

1/3

D, = ’ (4-\4])

and

. (4-42)

Equations (4-41) and (4-42) are evaluated using n(D) from Eq. (4-37)
and Di(x) and dD(x)/dx from Eq. (4-10). Substituting this result in-
to Eq. (3-25) to find D* , and solving Eq. (4-38) for the distribution
factor F results in Eq. (4-43) on the next page. None of the integrals
required to calculate F can be solved analytically, so numerical inte-
gration is required. Because the distribution factor is a function of
three independent variables, an infinite number of graphs would normally
be needed to represent F completely. As it turns out, however, F can

be approximated with only a few percent error as



FA/5 .

4/5

4/5

(Wep, Axps Xp)

1 -xxb(l - T:L ) 1
I( L.ox < tanh(5. 341x10‘5(ueb)‘ 27 (X )‘ 2774 o 3%; )
! X
! ( - x5 ) M 1.2717 -xx, (1-2)
%h *b -5 1277y X p{l=% x.
OI -(4/3+2 45(x/xb)2)] tanh(5.341x10" Wey* ) " ) e b d(Xb)
L xb |
: — ]
(5= % ) M -Ax, (1 )
17x% X b 1.277 bl X
b b 1.277 b ox
0] « ~(&73%2.86(x/%,)7) tanh(5.341x10° Web ( ) ) e d(xb)
Xy N
b
1 X
(—->) x (1= %)
T7% X b 1.277 bl =%
b b -5,,.1.277 (X ,
0[ -(4/3+2'46(x/xb)[) tanh(5.341x10° web (x 2. ) e d(;(_b_)
(%) ik
L b

7/10

(4-43)
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F = ¢(Web, xb) f(web, Axb) (4-44)

where

S
L}

F(web, AXp, at xp = 0.2) (4-45)

F(Web, AXp s xb)
¢ = = (4-46)

The functions f and ¢ are plotted in Figures 4-4 and 4-5. Thus,
using Figures 4-4 and 4-5 and Eq. (4-38), the characteristic droplet
diameter can be calculated relatively simply.

4.6 EXAMINATION OF ASSUMPTIONS

In Figure 4-6, the mass distribution nD is plotted against
D/D,, for the case Axy =3, x, = .5, We = 10° . As is clear from
the figure, large droplets account for a very small percentage of the
droplet mass flow. Numerical experimentation shows that droplets entrain-
ed before x/xb = .5 have 1little effect on D* . Thus, unless such a
large amount of droplet break-up occurs that a droplet of diameter D*
is in danger of breaking up at dryout, droplet break-up can be ignored
altogether. Innoneof the cases investigated in Chapter VI did a droplet
of diameter D* suffer a free stream Weber number large enough that it
was in danger of breaking up (assuming, after Yoder [12], that

W = 6.5).

Cerit
In Figure 4-4, it is apparent that f is relatively insensitive to

xxb . Consequently, the assumptions required to characterize droplet
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mn

deposition (namely, ag = (x/xb)]/4 s Sy 1 , and deposition is
characterized by the third regime only) are justified.

It is not really possible to determine the accuracy of either the
entrained droplet size correlation or the entrainment rate characteriza-
tion. While Cumo, et al. [23] and Ueda [24] have performed experiments
to measure entrained droplet diameters, the accuracy of these measure-
ments is inherently poor, and insufficient information was given to com-
pare their results with those predicted here. Consequently, the only

method available for verification of this model is comparison of results

of the Local Conditions Solution with published heat transfer data.
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CHAPTER V
APPLICATION TO DISPERSED FLOW HEAT TRANSFER ANALYSIS

5.1 NONEQUILIBRIUM PARAMETER

From Eq. (3-22),

3/4
x X
e dx
= X, =X , (3-22)
(-l X)7/]2 dX e

where Eq. (3-23) gives

o 3/4
5/4 (Ac =) Pr$/3
K = .554(%3) p"sm 72 (Reb)”2 ) (3-23)
T (1-xb) Xy
Introducing D*/D; from Eq. (4-38) yields
3/4 5/2
foac  pre/3 Reg/3( £y +1) s/

K = .0013 v - 7/4" L (-1-%) . (5-1)

where f and ¢ are found from Figures 4-4 and 4-5,

>
n
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G2x2D
We, = b7

-0338 x,

— 75 5-2
(Reb) /8Ac (5-2)

Axb

5.2 ACTUAL QUALITY

Equation (3-22) is integrated from Xp = X = Xg for a given value

of K. In general, x is a function of three independent variables,

Xp s K, and Xg » SO that an infinite number of graphs should be required
to represent all cases of the integral. Differentiating Eq. (3-22) with
dx/dxe = 0 at dryout yields the radius of curvature of x vs. Xo
near dryout,

/4

T ___ (5-3)
7712
(]‘xb)

ry =
As shown in Figure 5-1, for a given value of K , solutions for all

values of X approach one another for large values of x_ . Thus,

e
at a given dryout quality, an arc of radius r, can be constructed. A
line tangent to this arc and to the solution for Xy = .1 is a good
approximation to the exact integral. Thus, the integrals in Figure

5-2, with Xy = .1 and many values of K , are all that is needed to
accurately predict actual quality from K , Xp s and equilibrium quality.

5.3 VAPOR TEMPERATURE

Once x 1is known as a function of X the vapor temperature is
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found from Eq. (3-6),

~Y__ 9 - _&_4 . (5-4)

5.4 WALL TEMPERATURE

Knowing the vapor temperature, tube wall temperature is found

from

W \ 'F\— Y (5-5)

where hw is the vapor single phase heat transfer coefficient. Follow-
ing the lead of Groeneveld and Delorme [10], Hadaller's heat transfer

coefficient [21] is used,

K G x D. .8774
h, = .008348 v ppe6112 ¢ Ty

Dy °f Hyf O

s (5'6)

where the subscript f 1indicates evaluation of a property at the film
temperature, Tf = %(Tv + Tw) . Because it is assumed that q& is
known, but Tw is not, some iteration is usually required to obtain
Ty

Just downstream of dryout, the presence of liquid droplets in the
vapor flow suppresses the development of the thermal boundary layer.
Consequently, a single phase entrance length correlation will under-

estimate the wall heat transfer coefficient, so no entrance length correla-

tion was used in this work. In another work on the M,I.T. Dispersed
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Flow Project, Hull [25] has developed a model of the effect of droplets
on the thermal boundary ]ayér growth.

In Appendix III, one of the cases presented in the next chapter is
worked out in a sample calculation.

5.5 VARYING HEAT FLUX

The current model is not strictly applicable to cases where the wall
heat flux is not constant, because the acceleration group

q

Ac = :
1fg

G

is assumed constant in calculating the nonequilibrium parameter K .
In problems of practical interest, though, wall heat flux generally
varies both with position and time, so some means of modifying the
model for these cases is necessary.

VARIATION WITH POSITION'

Upstream of dryout, variation of heat flux with position will only
affect the analysis by way of its effect on the deposition parameter
AXp Eq. (5-2). Since the characteristic droplet diameter is relative-
ly insensitive to xXb (Figure 4-4), the analysis will usually be
affected only by very strongly varying wall fluxes. . In cases where
the wall flux varies by as much as a factor of two between Xe = 0
and dryout, the average heat flux between x/xb = ,75 and x/xb = ]
should be used to calculate Axb . Inspection of Figure 4-6 suggests
that the droplets entrained in this region contribute most to the deter-

mination of the characteristic droplet diameter.
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Downstream of dryout, variation of heat flux with position results
in a nonequilibrium parameter that is a function of position. Generally,
an error in K of 10% results in relatively minor errors in predicted
wall temperature, so errors in average wall flux of 15% are acceptable.
When wall heat flux varies strongly with position, the problem should be
broken up into sections wherein q; varies by 30%, and K calculated
for each section based on Xy and average wall heat flux. Equation
(3-22) should then be integrated from section to section to calculate
actual quality and vapor temperature, and the local wall heat flux used
to calculate wall temperature.

VARIATION WITH TIME

Once annular flow has developed, the time required for the dryout
droplet distribution to react to a change in heat flux is characterized
by the time required for a droplet entrained at x = % X, to travel to

the dryout point. This is roughly

Xy DT
N ch “pvingT .
d _b qw
2pv

As long as this time is short compared to a time characteristic of the
variation in wall flux, the droplet model can be used without modifica-
tion.

Downstream of dryout, the time required for the flow to react to
a change in heat flux depends upon the length downstream that is of

interest,
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where L 1is the length of interest. As long as At] + At2 is small
compared to the characteristic time for variation in wall flux (which
should be true even in a rapid reflood problem) the Local Conditions
Solution can be used without modification, except to use the actual
wall heat flux as a function of time in calculating AXp and K .

In cases where wall heat flux varies more rapidly than At] + Atz,
the current model should not be used without modifications for transient
analysis.

5.6 CORE ROD BUNDLES

Analysis of dispersed flow film boiling in nuclear reactor rod
bundles is of great importance in reactor safety analysis. While the
current model is not directly applicable to this geometry, it could
possibly be made to do a creditable job with some modifications.

Assuming that secondary flow phenomena within the bundle can be
ignored, the tube diameter DT of the current model can simply be re-
placed by the hydraulic diameter of a rod cell. The effect of grid
spacers on the droplet distribution is, however, more complicated.

A fraction of the droplets entrained in the vapor flow strikes a
grid spacer. This fraction is roughly the ratio of the spacer area to
the total flow area. The liquid is then re-entrained as droplets whose

size is determined by a critical Weber number criterion,

2,2
We = &x0D
c Py

Thus, the characteristic droplet diameter downstream of a grid spacer is

different from that upstream of a spacer.
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The best way to model a rod bundle with grid spacers would thus
involve recalculating K from Eq. (3-23) at each grid spacer based on
a new characteristic droplet diameter (and with Xp, replaced by the
local quality at the spacer). Equation (3-22) would then be integrated
from grid spacer to grid spacer (possibly in more than one step, de-
pending on how quickly the wall heat flux varies) with initial condi-

tions based on local conditions from the previous step.
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CHAPTER VI
COMPARISON WITH OTHER MODELS AND PUBLISHED DATA

6.1 Dougall-Rohsenow

A large number of correlations of dispersed flow heat transfer
can be found in the literature. Most of these are in the form of an ef-

fective heat transfer coefficient,

h=—— . (6-1)

Since this heat transfer coefficient is based on TQ - TS instead of

Tw - Tv , the effect of vapor superheat is concealed within the heat
transfer coefficient. These correlations should not, therefore, be
used outside the region in which they are developed.

Perhaps the most widely used of all correlations is the Dougall-
Rohsenow correlation [11], which is basically equivalent to an assumpt{on

of thermal equilibrium.

.8
k GD. x
h, = .023 - Prv°4(——1——) (6-2)
D Hy %

Since all properties are evaluated at equilibrium temperature, it is to
be expected that wall heat transfer coefficients will be overestimated

and wall temperatures underestimated. It will be shown later in this



-75-

chapter, however, that even evaluating properties at film temperture
will often result in underestimated wall temperatures.

Two other correlations, by Groeneveld and Delorme [10] and by
Chen et al [9] are considered here, because they explicitly account

for vapor superheating.

6.2 Groeneveld and Delorme

In Groeneveld and Delorme's correlation, vapor temperature and

actual quality are found from

io-i
_¥____g = exp (- tan ¢) (6-3)
]fg
X
:._g._.] , (6-4)
X
where q"C_.D -.09232
v = .13864 Pr .20 Re .20006 {w _“pv' T (1.3072 - 1.0833 Xg
v h ki
v fg 5
+ .8455 xe ) ’ (6-5)
where
G P
Reh = —P_T(X,I + Y a - X'l)) , (6-6)
u,, Py

where X] = Xg for 0 < xegl,x]=1 fM’xe>1,w==O for

¥ <0, and Y= %— for ¢ > g.. In Equations (6-5) and (6-6), proper-

ties are evaluated at equilibrium temperature. Wall temperature is
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then found using Hadaller's heat transfer correlation [28],

GD

P
Nuf = .008348(——-I (x + p_\_l_ (1 - X)))'8774Prf'6”2 , (6-7)
H 3
f

where properties are evaluated at film temperature.

6.3 Chen, et al

In the correlation of Chen et al, actual quality and vapor
temperature are found, knowing wall temperature, by solving the two

following equations simultaneously.

X 1. -1
==1+-2L—39 | and (6-8)
X ’lfg
X .26 Ty Ts
—=1 p .65 (6-9)
Xq 1.15 - ( /pcrit) L

where Perit is the critical pressure. From these two equations, it

is seen that, for a given pressure and wall temperature, there is a
unique value of vapor temperature. Wall heat flux is then found

using the wall heat transfer coefficient

GD o -.17
h, = -0185 6x Cp, Prf'z/?’(——-I (x + = (1 - x)) ,
uvf Py

where, again, properties are evaluated at film temperature.
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Clearly, this correlation is most easily applied when wall
temperature is known, and Groeneveld and Delorme's correlation is more
easily applied when wall heat flux is known. While both of these models
account for vapor superheat explicitly, both models allow the vapor
temperature to decrease as the flow travels down the tube, and both
models allow the actual quality to drop below the dryout quality down-
stream of dryout. While the former phenomenon is not impossible (say, if
droplet evaporation suddenly accelerated), it is contrary to the results
of the present study. The latter phenomenon, on the other hand, is
clearly impossible. These considerations aside, both correlations are
reasonably successful in correlating the data from which they were

developed.

6.4 Comparison with Data

In this section, the current model and the three other correla-
tions are compared with seven sets of data by four authors. Four of
these data sets are by Bennett et al [2], using water at 1000 psia.

The fifth set is by Groeneveld [5], using Fréon-lz at 160 psia. The
sixth set is by Era et al [3] again using water at 1000 psia. The final
set, by Hynek [1], uses nitrogen at 20 psia. These comparisons are
plotted as Tw - Ts against position downstream of dryout in Figures

6-1 through 6-7.
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Bennet et al, Case I

In this case, shown in Figure 6-1, a large mass flux and small
acceleration group combined to result in a small predicted value of the
nonequilibrium parameter, K = .08. Despite the fact that this resulted
in very little vapor superheat, the current model still somewhat over-
predicts the data but, when properties are evaluated at film temperature,
Dougall-Rohsenow virtually coincides with the current model. It is un-
likely that evaluating properties at the film temperature per se resulted
in an error in heat transfer coefficient. It is more likely that the
presence of the droplets, especially this case with a Tow dryout quality,
resulted in a larger heat transfer coefficient than was predicted. The
results of Groeneveld and Delorme are not significantly different from
those of the current model. It is notable that the results pf Chen et al”
overpredict wall temperatures significantly,probably because vapor tempera-

ture is assumed to be a function of wall temperature alone.

Bennett et al, Case II

In this case, shown in Figure 6-2, the current model agrees with
the data quite well, except near dryout, where entrance effects boost
the wall heat transfer coefficient higher than predicted. Dougall-
Rohsenow underpredicts wall temperatures badly, indicating that even a
moderate amount of nonequilibrium (K = .22) results in significant wall

temperature rises. Chen et al again overpredicts wall temperatures,
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but indicates the right general trends with position. Groeneveld and
Delorme, on the other hand, first overpredicts, then underpredicts the
data, displaying the wrong trend. This is probably because the vapor

temperature is predicted to decrease moving downstream.

Bennett et al, Case III

In this case, shown in Figure 6-3, a small mass flux and large
acceleration group combine to result in a relatively large predicted
value of the nonequilibrium constant, K = .65. The current model starts
out well, but ends up overpredicting the wall temperature by roughly 80°F,
possibly due to error in the wall heat transfer coefficient. In the
meantime, Dougall-Rohsenow underpredicts wall temperatures badly, even
when properties are evaluated at the film temperature. This is only
to be expected, because of the high value of K . Groeneveld and
Delorme again does not do well, again displaying the wrong trend with
position. Chen et al starts off overpredicting wall temperature sig-
nificantly, and ends up slightly underpredicting the data slightly.

The current model is the only one that displays the right behavior.

Bennett et al, Case IV

In this case, shown in Figure 6-4, the current model under-
predicts the data except near dryout, where entrance length effects are
important. Dougall-Rohsenow badly underpredicts the wall temperatures

once more. Chen et al again shows the proper behavior, but generally
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overpredicts the wall temperatures more thén the current model under-
predicts them. Groeneveld and Delorme once more displays the wrong
behavior with position.

In the four cases considered so far, the current model produces
the best results overall. Chen et al generally displays the proper trend
with position, but tends to overpredict wall temperature. Groeneveld
and Delorme generally runs through the data, but displays the wrong

trend with position. Dougall-Rohsenow runs a poor fourth.

Groeneveld

In this case, shown in Figure 6-5, all of the models display the
right trend with position, with standout performances by the current
mode! and, for once, Dougall-Rohsenow (evaluated at equilibrium tempera-
ture). Dougall-Rohsenow's good performance must be related to the Tow
value of the nonequilibrium parameter, K = .10. Once again, Chen et al
overpredicts the data, but not too badly, near the end. For once,
Groeneveld and Delorme displays the right trend and does a reasonable

job of predicting the data.

Era et al. and Hynek

In the case of Era et al , Figure 6-6, both Groeneveld and Delorme
and Chen et al predict the data fairly well. This is not surprising,
because both of these correlations were based, in part, on these data.
It is also not surprising that, once again, Dougall-Rohsenow underpredicts

the data.
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In the case of Hynek, Figure 6-7, it is not surprising that neither
Groeneveld and Delorme nor Chen et al predict the data well, because
neither of these correlations was based on these data. It is again not
surprising that Dougall-Rohsenow underpredicts the data.

What is surprising in both cases is how poorly the current model
does at predicting the data. Both data sets display an apparent trend
toward increasing equilibrium downstream of dryout, as if the value of
K were decreasing. The present analysis indicates that, without droplet
breakup, K should remain constant. Detailed calculations for these
data sets show that free stream Weber numbers are very low; hence, droplet
breakup should not occur to a significant extent. Therefore, the Local
Conditions Solution cannot, in its present form, predict this behavior.

A possible explanation for this behavior is that free stream
turbulence is enhancing the droplet heat transfer. The analysis of
Calderbank and Moo-Young [29] predicts that, in the presence of strong

turbulent fluctuations, and neglecting mass transfer shielding,

n

.69
.058( SXD_ "7 p1/3

Nu
d IR v

~ X.69

Comparing this result to Equation (3-15) where, neglecting mass transfer

~ x]/4 , indicates that, if turbulent fluctuations (rather

shielding, Nud
than droplet slip) do control droplet heat transfer, the value of K would

appear to decrease downstream of dryout.
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Further study is required to determine the following:

« Under what conditions one or the other of the
two regimes of droplet heat transfer is
controlling;

« A relation for the droplet Nusselt number when
both regimes are important; and,

+ The effect of the two regimes on wall temperature
predictions.
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6.5 Summary of Comparisons

In general, the current model compares well with the data of Bennett
et al [2] and Groeneveld [5], with errors in Tw - TS being typically
about 5%. The correlation of Chen et al [9] shows the right trends
with position, but tends to overpredict wall temperatures. The correla-
tion of Groeneveld and Delorme [10] does not display the right trends
with position for the data of Bennet et al., but does predict the data
of Groeneveld well. The Dougall-Rohsenow correlation only works for
flows near equilibrium, and thus cannot be trusted in the general case.

An unexpected behavior is observed in the data of Era et al [3]
and Hynek [1], in which there is an apparent trend toward increasing
equilibrium downstream. A possible explanation of this behavior.is that
free stream turbulent fluctuations control droplet heat transfer in these
data, so that more than one regime of the Local Conditions Solution may

be necessary.
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CHAPTER VII

SUMMARY

The Local Conditions Solution is a model of dispersed flow film
boiling which, neglecting radiation and drop-wall interactions, yields
a solution amenable to hand calculation. This model identifies a
single nondimensional parameter which determines the extent of nonequi-
librium in the flow. This nonequilibrium parameter requires the know-
ledge of conditions at dryout, particularly a characteristic droplet dia-
meter.

Previously, no simple analytical model based on physical mech-
anisms occurring in annular flow had succeeded in predicting the droplet
distribution at dryout. This is the purpose of this study.

The Local Conditions Solution is rederived including the be-
havior of a distribution of droplets. This rederivation results in the
identification of the characteristic droplet diameter for purposes of
dispersed flow heat transfer analysis.

The dryout droplet distribution is then derived. Coalescence
and breakup of droplets in the free stream are neglected, leaving drop-
let entrainment and deposition as the controlling mechanisms. Existing
correlations, modified where necessary to better model high pressure
flows, are used for the individual mechanisms, eliminating the need

for empirical constants.
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Integration of the dryout droplet distribution results in a
relatively simple method of calculating the characteristic droplet dia-
meter. This characteristic droplet diameter is applied to the nonequi-
librium parameter, resulting in a relatively simple, quickly applied
solution technique.

The Local Conditions Solution is compared with three published
correlations and published data from four investigatdrs in water,
Freon-12, and nitrogen. In five of seven cases examined, the current
model gave results superior to those of the three published correlations,
with errors in Tw - TS being typically about 5%. In the other two
cases, the current model did not result in as good results, because the
data displayed a trend toward increasing equilibrium downstream. The
enhancement of droplet Heat transfer by turbulent fluctuations may be

the cause of this behavior.

CONCLUSIONS
1. The characteristic droplet diameter at dryout can be
predicted relatively easily with the knowledge of flow
parameters and dryout quality.
2. The Local Conditions Solution, with the characteristic
droplet diameter model developed here, usually predicts
wall temperatures which agree well with published wall

temperature data.
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3. Some published data display a trend toward increasing
equilibrium downstream of dryout, contrary to predic-

tions of the Local Conditions Solution.

RECOMMENDATIONS

Several areas which would benefit from further investigation
can now be identified.

Information about droplet slip is lacking. A simple, accurate
means of predicting the relative velocities between the vapor and drop-
lets downstream of dryout is needed. This would allow more accurate
estimation of droplet Nusselt and Weber numbers downstream of dryout.

Data on entrained droplet size and entrainment rate in heated and
high pressure flows are needed. More accurate characterization of
these mechanisms would allow a more accurate prediction of the distri-
bution of droplet sizes at dryout.

To achieve direct verification of the droplet distribution
model, the sizes of droplets entrained at dryout in heated flows should
be measured experimentally.

Further study is needed into the relative effects of droplet
slip and turbulent fluctuations on droplet heat transfer. This would
allow the development of Local Conditions Solutions for more than one

regime of droplet heat transfer.
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APPENDIX I
ANNULAR FLOW MODEL

In this model, based on that of Wallis [13], the pressure gradients
of the core and total flows are modeled separately, and equated to yield
an additional interrelationship between the flow variables. In the
following, vapor momentum losses due to droplet drag are neglected, as
are droplet slip and the volume flow rate of the droplets (ac 1),

A force balance on the core flow gives

4,
d
- Eﬂ% - 09 = — 1 __7?5____. ?%f [Wch] , (A1-1)

where Pe is the average core density including droplets, T is the
interfacial shear, DT/E; is the average core diameter, and W, and
VC are, respectively, core mass flow rate and average core velocity.

Similarly, a force balance on the total flow yields

4t
_4dp _ = (1- - _w, 4 d -
dz - P (1-a)(pg=p )9 + D, * mDZ dz [weVe + W Ve s (A1-2)

where Ty is the wall shear, and We and Vf are, respectively, film

mass flow rate and average film velocity. The interface and wall shears

are characterized by friction factors

-— 2 -
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and

- 2
T, © gprlvz . (A1-4)

Wallis [13] characterized the interfacial friction factor as

-4
n

0051 + 75(1 = a)] (A1-5)

and assumed a constant wall friction factor

f. £ .005 . (A1-6)

Neglecting droplet slip and droplet volume flow rate, the core density
is approximately
1-X

o {1 +—==n) s (A1-7)

R

Pe

where n 1is the entrainment fraction. The core velocity is then

= & =z 6 -
Vc R 5o . (A1-8)
The film velocity is
V. = G(1-x)(1-n , (A1-9)

92’(1'(11:)
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so the relative velocity between core and film is

P
v ~ _Gx v

rf Oy %s

_;f (1)) . (A1-10)

In this last equation, Wallis assumed a liquid surface velocity twice the
average film velocity, but this resulted in numerical instabilities and
multiple solutions in the resulting model. For this study, then, the
liquid surface velocity was taken equal to the average film velocity.
Identify from Eq. (2-10) that

4A

dx = -ﬁ-c- dz . (A1-11)
T

Equate dp/dz from Egns. (A1-1) and (A1-2) and insert Egns. (A1-3)
through (A1-11) to obtain the following

2 o
0 = 1072 X5 (1 #7501+ LX) (1 - 1K (1p))?
of e f
Dreepy9 s -2 Pv (1-x)2(1-n)?2
. Ve (T-a)(1 - =X (1 + I=X 1yy - 1072 2 (=x)*(1-n)
% Py X o (1-ap)?

(A1-12)

l-a o 2
: -0 v (=x){1n
+ 4AC{ [ (] t — n) af ] + 2 pl ]'“f

ng [ - uf
dx

2(] + 12X 1- X ) + Y V (]'X) (]-n) ]
af Pe (1-af)

1-0, p _vY2(1.
;+ dn f x(1-x) + 2 v (1-x)2(1-n) ]
dx P 1-af

[ —
of
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The bottom three 1lines of this equation account for acceleration,
so including or ignoring these terms results in the accelerational or
non-accelerational version of the model.

Because the entrainment fraction is not generally known as a function
of position, some entrainment fraction profile must be assumed in order
for a solution to be obtained. For purposes of this model, entrainment

fraction was assumed to be characterized by

X =X X =X
01+ 0 4

Xy = %o X = *g

n = 3 , (A1-13)
where Xg is the point at which entrainment is assumed to begin. This
profile was chosen because it is simple and because it seems to fit the
data of Hewitt et al, [27]. While the entrainment profile is probably a
function of other flow parameters and properties, no conclusions can be
drawn about the specific nature of this variation because insufficient
data are available for heated flows. While Ishii and Grolmes [28] have
developed a four part correlation for the initiation of entrainment, the
results obtained using this correlation did not differ substantially from
those obtained using an initial quality of 10%. Thus, using Eq. (A1-13)
in Eq. (A1-12) with Xg = .10, the annular flow model is complete.

The non-accelerational version of the model, the first two lines
of Eq. (A1-12), is solved for film void fraction by the half-interval
technique for different values of quality. The accelerational model is
integrated from X0 using a fourth-order Runge-Kutta algorithm. The
initial void fraction used for the accelerational model was the void

fraction predicted by the non-accelerational model at Xg *
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Void fractions predicted by the two models generally agreed to
within less than 1% error. Relative velocities between vapor and film
calculated from these void fractions generally agreed to within 8%, with
RMS errors of 6% being typical. Thus, for all intents and purposes, the
results of the non-accelerational version of the annular flow model are
equivalent to those of the accelerational version.

This model was used in the current study to verify the approximation

op = (&) : (4-21)

to determine the behavior of Vrf/vfb as a function of x/x, (Figure 4-1),

and to derive the film slip ratio at dryout (Appendix II).
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APPENDIX II
DRYOUT FILM SLIP RATIO AND RELATIVE VELOCITY

The filmslip ratio is defined as

-l

Se = . (A2-1)

—h

From Eqns. (A1-8) and (A1-9),

~ Gx
V =
c LR
and
~ G ]-X “"'n
v =2 -iT-li-Tl .
f ]-Gf
Thus,

92 X(]'O‘f)
oy op(T=x)(T-n]

. (A2-2)

w
-+
mw

Evaluating this expression at dryout, where g and n become unity, can

be done using L'Hopital's rule, resulting in

daf
Po % x
fb Py 1 Xy gz b

Evaluating the non-accelerational annular flow model (the first two lines

of Eqn (A1-12)) at dryout similarly yields
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oy 1%y ] ) E
xn-—!-—-—( ) ] -——(H)(") = 0 - (A2-4)
b P, *p d°‘f Oy _‘E"_ﬁ b
dx dx

Solving Eq. (A2-4) for (dn/dx/daf/dx)b yields

(=28 L0y
do.g/dx " “Xp
(w7 ) - = : (A2-5)
n/dx b 5
L
— %X -1
pb b

The relative velocity between the core and the film is

1

Vg = V(1 -3) . (A2-7)

At dryout, this gives

P Y
L / 2
=X =1 +1 = —_— X

vf‘fb = 0 ( ) : (AZ"B)

Cont'd...‘...



pl .
—_ X, -
= _G_x_b_ _p&x pv b
rfb oy Vo, b Py
5 *b (A2-8)
\')
p
3
— X
_ be Py b
p *
v
'3
b_xb+1
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APPENDIX III
SAMPLE CALCULATION

For illustrative purposes, wall temperature is predicted
tion of position for the data of Bennett et al. [2], Case II,

in Figure 6-2.

FLUID PROPERTIES: HZO, 1000 psia

545°F

T, = ifg = 650 Btu/1bm W, =
oy, = 2.243 1bm/ft3 o = 5,15x10° 1bm/hr My =
= 3 =
p, = 46.32 Tbm/ft Pr, 1.50
FLOW PARAMETERS:
D = .04142 ft
G = 7.5x105 1bm/hr-ft?
9 = 2.9x105 Btu/hr-ft?
xb = 57
DIMENSIONLESS GROUPS:
qll 4
- W - -
Ac = 'G‘T— = 5,95x10

fg

as a func-

illustrated

.0458 1bm/hr-ft

.223 1bm/hr-ft
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- GDT Py 5
Reb = 0 (Xb + o (]-Xb)) = 4,01x10
v L
.0338 Xb
AX,, = — 78— = 6.5
b (Reb) /8Ac
G2xZ D
_ b T _ 3
Web = 5.0 = 6,5x10

NONEQUILIBRIUM PARAMETER:

From Ficures 4-4 and 4-5, with Wep » Xy s and Xy known,

f = 194 ,

1.10 .

-
n

Then, from Eq. (5-1),

5/2
3/4 . 2/3 . 4/3, [°%
<= OB 5/12 7/4 , ° e ()

ACTUAL QUALITY:

From Eq. (5-3), the radius of curvature at dryout is
K xg/4

r, = = 13 .
b (]_xb)7/i2
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In Figure A3-1, the graphical construction for actual quality vs.
equilibrium quality is shown. Because no curve has been drawn for
K= .22, the tangent line is drawn in at the estimated location for
the exact solution, shown as a dashed line. Equilibrium quality is

found from

and actual quality is found from the graph.

VAPOR TEMPERATURE:

Vapor temperature is found from
i, =1 X

—vq_-—g.z_e.-]
x ]

v
saturation, and ifg is the latent heat of vaporization.

where i, 1is the actual vapor enthalpy, ig is the vapor enthalpy at

WALL TEMPERATURE:

The wall temperature is found from

ql!
T -T, = = .
W v hw

where hw is found from Hadaller's heat transfer correlation [27],

kvf 6112 GD p 8774

- _vf T = (-

The properties required to calculate the wall heat transfer coefficient

must be evaluated at the film temperature,
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Te = —]é-(Tv + Tw) , Which depends on Ty *

Thus, in general, some iteration will be required to predict Tw . In
the present case, however, the answer has already been provided, so no
iteration is required unless the predicted wall temperatures differ
significantly from the data.

This solution is summarized in Table A3-1, on the following page.
For all points except the first, the predicted wall temperature is close
enough to the actual (data) wall temperature that no iteration is necessary.
Because the current model is not expected to do well very near dryout be-
cause of entrance effects, there is no point in iterating on the first

data point either.



N
= " S«
] < S
ol 2 | ~ 2
<2 A
N :g :' = | & >
& << o = % + %:'*- !
< L - — — ~ |2 =
< & i < + L Ko © =
< 5] = = i
+ ™ -~ Eg Fj> o C§—|q_ 33 +
55| | B 5 |5 | ~ | d|°F | &8 |¥F of
o <C = = = <
| W an1 ] . L L H o i ] it 1]
z(ft) X X fg -1 T (°F)| T (°F) | T.(°F)| Pr Re h (—EE!—) T =T (°F) T (°F)
e X v w f vf f w hrft?2 WV W
.5 .599 .573 .045 571 995 783 1.03 | 2.93x10% 480 604 1175
1.5 .656 .603 .088 601 1195 898 .95 | 2.84x10°| 493 588 1189
2.5 714 .629 .135 638 1232 935 .94 | 2.82x10° 505 574 1213
3.0 742 .642 . 156 656 1229 943 .94 | 2.88x10° 517 561 1217
3.5 J71 .655 177 675 1230 953 .94 | 2.90x10° 525 552 1228
4.0 .800 .668 .198 695 1237 966 .94 | 2.91x10° 532 545 1240

TABLE A3-1.

SUMMARY OF SAMPLE CALCULATION

=L0L-
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