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Abstract

A layered model is developed to describe mass transport through fouled membranes in pressure 
retarded osmosis (PRO) and forward osmosis (FO) processes. This resistance-in-series model accounts 
for salt and water transport through the active layer, support layer, external boundary layers, and the 
cake layer formed by foulants. Closed-form algebraic expressions for the water flux, salt flux, salt 
concentration profile, and overall transport coefficients are presented for FO membranes in both 
membrane orientations. Organic fouling experiments using alginate are used to validate the model and 
observe the effects of feed salinity, cross-flow velocity, membrane orientation, feed spacers on foulant 
accumulation rates. Increasing feed salinity and cross flow velocity both lead to a decrease in foulant 
accumulation in PRO orientation. Under identical operating conditions, foulant accumulation rates are 
comparable in FO and PRO modes, suggesting that the drivers of cake formation are independent of 
membrane orientation. Feed spacers reduce foulant accumulation rate. The model is then evaluated to 
show how foulant accumulation affects FO system performance in both membrane orientations. The 
model is also used to elucidate the effect of fouling on power production in PRO: fouling affects the 
optimal PRO operating pressure, and a 0.5 mm-thick cake layer can reduce power production by 50%. 
The mathematical expressions developed serve as a simple tool to predict the performance of fouled 
membranes in both PRO and FO processes.  

Nomenclature

A water permeability, m/(s bar)
B salt permeability, m/s
C salt concentration, kg/m3, g/L
dp equivalent particle diameter of the porous support layer, m
D fluid diffusion coefficient, m2/s
Dh hydraulic diameter, m
Js solute transport rate, kg/m2s
Jw water flux, m/s
k convective mass transfer coefficient, m/s
S structural parameter, m
v convective fluid velocity perpendicular to the membrane surface, m/s

Greek
         transport coefficient, m/s
 osmotic pressure, bar
 thickness of the fluid boundary layer, m
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          porosity
 kinematic viscosity, Pa-s 
 tortuosity
P hydraulic pressure difference, bar
Δ osmotic pressure difference of the active layer, bar
Φ fractional extent of support layer infill

Subscripts
c cake layer
d draw solution
f feed solution
m membrane active layer
ov overall
s interface between selective and the support layer (with P, π, , or C)
s support layer (with S, , , , or D)
sp external interface of the support layer

1. Introduction

Osmotically-driven membrane processes (ODMPs), such as pressure retarded osmosis (PRO) and 
forward osmosis (FO), are promising and intensively researched membrane technologies in energy 
generation processes [1-7] and water desalination [8-10]. However, the ability of these systems to 
produce water or power economically (see Ref. [11]) is affected by the accumulation of foulants on the 
membrane over time. In order to predict long-term system performance, models are needed for salt and 
water transport through fouled membranes. McGovern et al. [12] used a simple layered model of 
unfouled membranes, neglecting salt permeation and external concentration polarization, to examine 
the membrane orientation that maximized flux in PRO or FO in terms of dimensionless groups. Nagy 
[13] developed a resistance-in-series model of mass transfer through each layer of a clean FO/PRO 
membrane, including both salt permeation and external concentration polarization. This model 
included algebraic expressions for salt and water transfer rates and the concentration distribution 
throughout the clean membrane. By adding a fouling layer to Nagy’s model (Ref. [13]), Tow and 
Lienhard [14] modeled mass transport through fouled FO and RO membranes with the active 
(selective) layer facing the feed solution and enabled the estimation of fouling layer thickness from 
measured flux decline. However, the Tow and Lienhard model required the solution of several 
equations simultaneously and did not address fouled membranes in PRO mode. In this paper, algebraic 
expressions are developed for salt and water transport through fouled FO membranes with the active 
layer facing either the feed or the draw solution (FO or PRO mode, respectively). 

This work builds on past models of fouling of porous membranes as well as ODMPs. Several 
models have previously been developed to describe rates and mechanisms of foulant accumulation and 
flux decline in porous membranes such as microfiltration and ultrafiltration [15,16]. Although such 
models do not include the cake-enhanced concentration polarization that occurs in ODMP fouling due 
to the high salt rejection of osmotic membranes [17], they still provide insight into the mechanisms 
and rates of foulant deposition and removal. The classic resistance-in-series model [16] effectively 
describes the time-dependent fouling resistance for porous membranes that do not have significant 
cake-enhanced concentration polarization. Colloidal filtration models, friction force models and 
empirical particle adhesion models have been proposed to describe the behavior of different forms of 
fouling [16]. Bowen and Jenner [18] review colloidal foulant accumulation and removal mechanisms 
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and models, including gel polarization theory (see [15]), which uses concentration-dependent 
diffusivity and viscosity to describe the behavior of fouling macromolecules. Mechanisms and models 
of fouling specific to ODMPs were reviewed by She et al. [19].  Hoek and Elimelech [17] describe 
cake-enhanced concentration polarization and hydraulic resistance using the Carman-Kozeny equation 
for a cake layer modeled as an agglomeration of spherical particles.  Using a similar approach, Tow 
and Lienhard [14] considered both hydraulic resistance and cake-enhanced concentration polarization 
in modeling the relationship between foulant cake thickness and flux decline in FO and RO. Semi-
empirical models have also been developed for flux decline in full-scale RO systems [20,21]. She et 
al. [22] investigated fouling in PRO systems with real wastewater containing both organic and 
inorganic foulants and found that the limiting flux was independent of the applied pressure.

Most of these ODMP models agree that solute transport through the support layer in RO, PRO 
and FO systems is determined by convection and diffusion processes, while water transport is 
governed by viscous flow through a porous medium. However, the equations used to describe these 
flows and the parameters used to quantify foulant layer structure vary between models. In the simplest 
model [14], the effect of fouling layer structure on water and solute transport is characterized by only 
two parameters: cake structural parameter (analogous to that of the membrane support layer) and the 
pore hydraulic diameter. Incorporating the foulant cake transport model of Tow and Lienhard [14] into 
the layered transport model of Nagy [13], an algebraic relationship can be defined between foulant 
accumulation and flux decline in both FO and PRO processes. Through this model, the salt and water 
fluxes through fouled membranes can be calculated using closed-form mathematical expressions. 

In this paper, this layered model of transport through fouled FO and PRO membranes is presented 
and used to analyze experimental measurements and predict the effect of fouling on the performance 
of FO and PRO. Effect of foulant accumulation on both water production in FO and power production 
in PRO are predicted.  Experimental flux decline measurements due to alginate fouling in FO and 
PRO are analyzed to determine the evolution of foulant thickness over time and highlight effects of 
feed salinity, cross-flow velocity, and feed spacers on foulant accumulation. Through the development 
and evaluation of this transport model, this study enhances understanding of the mechanisms of 
fouling-induced ODMP performance decline and provides a new tool for predicting the effect of 
fouling on water and power production.

2. Theory

In this section, expressions are developed for the solute and water fluxes through fouled FO 
membranes in FO or PRO mode. Solute transfer rates are defined for every transport layer, including 
the fouling layer, and set equal to enable calculation of solute flux, solute concentrations at interfaces, 
and water flux. The transport layers considered in this model are shown for PRO mode (when the 
high-salinity draw solution faces the active layer) in Fig. 1a and FO mode (when the draw solution 
faces the support layer) in Fig. 1b. Figure 2 illustrates the present layered transport model, including 
the relevant transport phenomena for each layer. The methodology used for determining solute and 
water fluxes through  a fouled membrane with five distinct transport layers is analogous to that used 
for the four layers of an unfouled FO or PRO membrane [13] with the addition of convective–diffusive 
solute transport and viscous water flow through the foulant layer (as in Ref. [14]) and, in PRO mode, 
the fouled support layer. 

2.1. Solute transport within the foulant layer

Regardless of membrane orientation, solute transport through the foulant layer takes place by 
convection and diffusion. A cake structural parameter, Sc, which is analogous to the support layer 
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structural parameter of FO membranes, can be defined to describe the effective thickness of the cake 
layer [14]:

, (1)c c
c

c
S

 




where c, c, and c are the thickness, tortuosity, and porosity of the cake layer, respectively. The high 
porosity and correspondingly low tortuosity of alginate gels [23] (the foulant used in the experimental 
section of this paper) dictate that the value of c/c is close to unity, and thus the equality c=Sc is a 
reasonable approximation in the case of alginate.  Having defined a cake structural parameter, salt 
transport through the cake layer can be predicted with the same equation used for the membrane’s 
support layer [13,14] (i.e., with Eq. (2e) in the following section). 

In PRO mode, some foulant material may also deposit within the support layer. However, 
highly hydrated foulants like alginate have high porosity and low tortuosity, so the structural 
parameter of the support layer should not change significantly as a result of foulant infill. Therefore, 
the structural parameter of the support layer will be assumed to be constant during fouling in both 
membrane orientations. If dispersion (convection-enhanced diffusion; see Sec. 2.5c) occurs in the 
support layer in PRO mode, internal deposition of foulants could reduce the pore hydraulic diameter, 
thus limiting dispersion and reducing flux. However, dispersion has not been previously studied in 
PRO, and the effective diffusion coefficient in the support layer is assumed not to change as a result of 
fouling in this model.

2.2.  Solute transport in PRO mode

In PRO mode, the high-salinity draw solution is facing the active layer, while the feed solution 
is in contact with the support layer. Due to convection of foulants toward the membrane, the fouling 
layer tends to form on the feed-facing side of the support layer, but fouling may also occur inside of 
the support layer because of its porous structure [19]. The solute concentration distribution in PRO 
mode is illustrated in Fig. 1a. Equation (2) expresses the salt flux, Js, as a function of concentrations at 
interfaces surrounding: (a) the draw boundary layer; (b) the active layer; (c) the support layer; (d) the 
feed boundary layer, as derived in Ref. [13]; and (e) the fouling layer, as derived in [14]:
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where the transport coefficients, β, are defined as follows:
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Js denotes salt transport rate, C denotes solute concentration, and  denotes transport coefficient. 
Subscripts d, m, s, sp, c, and f denote interfaces and are defined in Fig. 1a. Ss and Sc denote the 
structural parameter of the support layer and cake layer, respectively. Ds and Dc denote the solute 
diffusion coefficient within the support layer and cake layer, respectively, which differ somewhat 
because of the dependence of diffusion coefficient on concentration (see, e.g., Ref. [24] for sodium 
chloride).

As discussed in Sec. 2.1, it is assumed that foulant accumulation inside the support layer does 
not change the membrane support layer’s structural parameter appreciably, which is reasonable in the 
case of a highly-hydrated foulant like alginate gel. However, foulant accumulation inside the support 
layer may reduce its hydraulic diameter and thus raise the hydraulic pressure drop through the support 
layer, as will be discussed in Sec. 2.4.

Combining Eqs. (2a-e) and (3a-d) to eliminate unknown interface concentrations, the salt 
transfer rate can be expressed as a function of the feed and draw concentrations and water flux (see 
Ref. [13] for analogous analysis in the absence of a fouling layer):

. (4)
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Substituting Eq. (4) into Eq. (2b), the concentration difference across the active layer can be expressed 
as follows:
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This expression for concentration difference across the active layer of a fouled membrane in PRO 
mode closely resembles that of an unfouled membrane (see Ref. [13]), but includes SC/DC in two of the 
exponents because the fouling layer adds a resistance in series with the support layer and feed 
boundary layer. By adding to the total feed-side mass transfer resistance, a cake layer reduces the 
concentration difference across the membrane and thus the transmembrane flux.

For ideal feed and draw solutions, the osmotic pressure is proportional to solute concentration, 
and the osmotic pressure difference across the active layer will be: 

 . (6)
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For non-ideal solutions, the osmotic pressure difference across the membrane can be calculated using 
Eq. (5) and correlations relating osmotic pressure to concentration. 

Equations (2-6) can also be manipulated to solve for the local concentrations at interfaces 
within the membrane (see Appendix A).
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2.3.  Solute transport in FO mode

In FO mode, the feed solution faces the active layer, while the draw solution is in contact with 
the support layer. Due to convection of water from the feed toward the membrane, a fouling layer 
tends to form on the feed-facing side of the active layer [19]. The solute concentration distribution in 
PRO mode is illustrated in Fig. 1b. Equation (7) expresses the salt flux, Js, as a function of 
concentrations at interfaces surrounding (7a) the draw boundary layer, (7b) the support layer, (7c) the 
active layer, and (7d) the feed boundary layer, as derived in Ref. [13], as well as the fouling layer (7e):

; (7a) ;    (7b) J / kw ds d d spJ C e C    J S / Dw s ss sp sp sJ C e C  

; (7c) ;   (7d) s s mJ B C C    J S / Dw c cs c m cJ C e C  

; (7e)
J / kw f

s f c fJ C e C    
 

where subscripts d, sp, s, m, c, and f denote the bulk draw, support layer on the draw side, support 
layer where it meets the active layer, active layer where it meets the foulant cake, feed-side of the 
foulant cake, and bulk feed, respectively, and transport coefficients (β) are defined in Eqs. (2a-2d). 

Combining Eqs. (7a) to (7e), the salt flux can be expressed as a function of the known feed 
and draw concentrations and the water flux:

. (8)
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The concentration difference across the active layer can then be expressed as:

,  (9)
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If the feed and draw solutions can be considered ideal, the osmotic pressure difference between the 
draw and feed sides of the active layer can be expressed as:

.   (10)
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Comparing Eqs. (8–10) to those for an unfouled membrane (see Ref. [14]), the cake layer 
resistance, Sc/Dc, is simply added to the feed-side boundary layer resistance. Equation (9) can be used 
to calculate water flux through a fouled membrane as described in Sec. 2.5. This model can also be 
used to calculate the solute concentration at interfaces within the membrane using the equations shown 
in Appendix B.

2.3.    Overall transport coefficients

The salt flux can be expressed as the product of an overall transport coefficient, ov, and an 
overall driving force. Evaluation of the overall transport coefficient can aid in understanding transport 
through fouled membranes.  Equation (4) for PRO mode and Eq. (8) for FO mode can be rearranged 
into the following form:

, (11)

 1 1J / k S / D S / D / kw f c c s s d
s ov d fJ C C e

   
   
 
 

 where ov depends on the membrane orientation. In PRO mode,

 , (12) 

 1 1
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1 1
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e e
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and in FO mode: 

.           (13)
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1

1 1
ov J / k S / Dw d c c J / k S / D S / D / kw d c c s s f

w

e e
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2.4.    Water transport

Regardless of membrane orientation, water flux can be calculated from the membrane’s water 
permeability, A, and the hydraulic and osmotic pressure differences across the active layer:

, (14)𝐽𝑤 = 𝐴(∆𝜋𝑚 ‒ ∆𝑃𝑚)

where ΔPm is the hydraulic pressure difference across the active layer (defined, here, as the draw side 
minus the feed side pressure). The osmotic pressure difference, Δπm (defined, here, as the draw side 
minus the feed side osmotic pressure), is given by Eq. (6) in PRO mode and Eq. (10) in FO mode.

The pressure on the feed side of the active layer may be lower than the feed pressure due to 
hydraulic resistance to flow through the foulants. The hydraulic pressure difference across the active 
layer depends on the feed pressure, Pf, draw pressure, Pd, and pressure drops through the cake layer, 
ΔPC, and support layer, ΔPS:

 . (15)∆𝑃𝑚 = 𝑃𝑑 ‒ 𝑃𝑓 + ∆𝑃𝐶 + ∆𝑃𝑆
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The pressure difference across the cake layer is given by Eq. (16)1 [17]:

, (16)
2 2

32 32c c w c w
c

h h

S J S JP
D D

 
  

where μc is the dynamic viscosity of water, τc is the tortuosity of the foulant cake (which is close to 1 
in the case of alginate gel), and Dh is the hydraulic diameter of the foulant cake. The pressure 
difference across the support layer, ΔPS, is typically assumed to be negligible. We assume ΔPS = 0 in 
FO mode, but may become significant in PRO mode because foulants may fill in the pores of the 
support layer [19] and reduce the hydraulic diameter of the water flow path. In PRO mode, the 
pressure drop through the support layer can be estimated using an analogy to the external foulant cake, 
assuming the cake hydraulic diameter is much less than the support layer hydraulic diameter:

, (17)2 2
32 32s c s w s s w

s,PRO
c h h

S J S JP
D D

  
  



where Φ represents the fractional extent of support layer foulant infill, τS is the tortuosity of the 
support layer, φc is the cake porosity (close to 1 for alginate gel) and Dh is, again, the hydraulic 
diameter of the foulant cake. Comparison of Eqs. (16) and (17) demonstrates that the pressure drop 
through a fouled support layer in PRO mode may be greater than the pressure drop through the 
external foulant cake:

. (18)s,PRO s s
c c

P S
P S

 




Modeling the hydraulic resistance of external and internal fouling is challenging because the 
hydraulic diameters of foulants (even model foulants like alginate) are not well-characterized. 
Furthermore, the FO membrane support layer geometry has not been extensively studied, and so it is 
not known how much of the support layer will become filled with foulants in PRO mode. Finally, the 
support layer tortuosity is not known for all FO membranes. For these reasons, it is difficult to 
evaluate Eqs. (17) and (18) and predict effects of fouling on the pressure drop through the support 
layer in PRO mode. The lack of internal fouling in FO mode greatly simplifies modeling of the effects 
of fouling on membrane performance. In this paper, the model will be evaluated assuming no foulant 
infill in the support layer (Φ = 0), even in PRO mode. Future research should be pursued to quantify 
the effects of internal fouling in PRO mode.

2.5.    Determination of transport parameters 

Diffusion coefficients, convective mass transfer coefficients, and membrane transport 
parameters are required to evaluate the layered transport model and predict the cake structural 
parameter from measured flux decline.

a) Boundary layer convective mass transfer coefficients. In the present analysis, the boundary 
layer mass transfer coefficients, k, were predicted as follows based on correlations specific to 

1 According to the bundle-of-tubes approach to modeling flow through porous media, cake tortuosity belongs 
in the numerator of Eq. (17) (see Ref. [34]). However, most organic foulants are highly hydrated, so cake 
tortuosity is approximated as 1 for simplicity.
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the spacers and channel geometry used in the present experimental apparatus [14]. In cases 
where two fine spacers were stacked:

     , (19)
0 79

41 121 10
0 239

.vk . x
.

    
 

where v is the crossflow velocity in m/s. In cases where a single coarse spacer was used: 

   . (20)
0 79

53 61 10
0 083

.vk . x
.

    
 

b) Diffusion coefficients. The NaCl diffusion coefficient varies significantly between dilute and 
saturated solutions [24] This variation is accounted for by using representative values of 
diffusion coefficient on the low- and high-salinity sides of the active layer. Diffusion 
coefficients were based on the low- and high-salinity values used in Ref. [14]: Ds,FO = 1.367 × 
10-9 m2/s is used in the support layer in FO mode and Dc,FO = Ds,PRO = Dc,PRO = 1.294 × 10-9 
m2/s is used in the cake layer in FO mode and both cake and support layers in PRO mode.

c) Effect of dispersion on salt transport in the support layer. It has been previously reported that 
diffusion in the support layer can be enhanced by flow, either normal [14] or parallel [25] to 
the membrane. According to Perkins and Johnson [26], the effective diffusion coefficient 
increases linearly with the convective velocity inside a porous medium (Eq. (21)). Depending 
on the average convective velocity and the particle diameter, the resulting effective diffusion 
coefficient, Ds,eff  can be significantly higher than that without dispersion. Because internal 
concentration polarization is so detrimental to flux in FO membranes, a dispersion-related 
increase in the diffusion coefficient can significantly improve membrane performance. Tow 
and Lienhard [14] suggest accounting for dispersion (convection-enhanced diffusion) in the 
support layer through an effective diffusion support layer coefficient that increases with flux:

. (21)s,eff s wD D J  

The value of α in Eq. (21) was fitted from experimental data to be 1.65 × 10-4 m during the 
present FO-mode experiments. The best-fit nonnegative value for α in the present PRO 
experiments with unfouled membranes (see Sec. 4.1) was 0, and so dispersion is neglected 
when analyzing the PRO fouling data. Future research to quantify the impact of dispersion in 
FO membranes in both orientations has the potential to improve our understanding of transport 
in FO membranes and improve membrane performance by enhancing dispersion in the support 
layer.

d) Membrane transport properties. The water permeability, salt permeability, support layer 
structural parameter and support layer dispersivity (see Ref. [14]) are given in Table 1. FO-
mode properties were measured in Ref. [14], while PRO-mode properties were fit from 
foulant-free measured flux with the membranes in PRO mode (see Sec. 4.1).

 

3. Experimental methods
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FO fouling experiments were carried out in both FO and PRO modes to measure the effect of 
alginate fouling on membrane performance. Accumulated foulant was removed from the membranes 
after several trials to validate the method of predicting foulant accumulation from flux decline. 

The experimental setup is described in detail in Refs. [14,27]. Draw and feed solutions were 
circulated by diaphragm pumps while water flux was calculated from the change in draw mass over 
15-minute intervals. Feed and draw temperatures were maintained at 201 ℃ . Sodium chloride 
concentrations were measured using a Hach conductivity meter and calculated by interpolating data 
from Ref. [28]. All experiments were conducted with both feed and draw at atmospheric pressure.

Asymmetric cellulose triacetate FO membranes (Hydration Technology Innovation CTA-ES) 
were used. The draw channel was equipped with two mesh spacers (Sterlitech 17 mil diamond). The 
feed channel contained a coarser spacer (Sterlitech 31 mil diamond) in some experiments, where 
noted.

The feed solution contained 200 mg/L of sodium alginate and 1 mM of CaCl2, which causes 
alginate gelation near the membrane. The feed solution also contained varying concentrations of 
sodium chloride. Feed and draw concentrations are listed in Tables 1 and 2. 

The mass of the gel layer was measured by scraping the gel off the membrane immediately 
after some of the experiments to enable model validation.

The cake structural parameter was calculated by fitting the predicted water flux2 to the 
measured water flux using the present model and a trial-and-error method written in Qbasic. The water 
flux was predicted by means of Eq. (15) with Eq. (6) for PRO and Eq. (10) for FO experiments. 
Solution osmotic pressure was calculated from NaCl concentration using the Pitzer model for 
electrolyte solutions (see, e.g., Refs.  [29,30]). Tables 1 and 2 list the parameters used in evaluating the 
model. 

4. Results and discussion

In this section, the model is validated with experimental data and then used to analyze 
experimental data in both FO and PRO modes. The model is then evaluated over a range of conditions 
to elucidate the effect of fouling on water transport through FO membranes and on energy generation 
with PRO. 

4.1. Transport parameters of unfouled membranes

Transport parameters of unfouled membranes are needed to predict cake structural parameter 
from flux decline. Transport parameters for the HTI CTA membrane in FO mode are given in Ref. 
[14], but these were found to be inadequate to predict transport through the same unfouled membrane 
in PRO mode. Figure 3 shows the effect of feed and draw concentration on flux through the membrane 
in PRO mode, along with the predicted flux for the best fit of membrane transport parameters in PRO 
mode. Feed and draw cross-flow velocities were 8.3 cm/s and no feed spacer was used. Water and salt 
permeability as well as support layer structural parameter were chosen based on a best fit of the data in 
Fig. 3. These fitted parameters and those used in FO mode from Ref. [14] are given in Table 1 and are 
used in the predictions shown in Figs. 4-7. The data in Fig. 3 also demonstrate the strong influence of 
feed-side concentration polarization in PRO mode. Increasing feed salt concentration from 0% to just 
1% decreases water flux by 40% due to concentration polarization in the feed boundary layer and 
support layer.

The difference between transport parameters fitted for the same membrane type in FO and 
PRO modes (Table 1) may be partially due to imprecision in the layered transport model for unfouled 

2 The fitted water flux data are plotted as continuous lines in Figs. 4–7. 
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membranes [13]. Although the model can be used to predict flux in both FO and PRO modes, the 
assumption of perfectly flat, homogeneous layers with particular transport mechanisms does not 
precisely reflect real salt and water transport. However, it is also possible that the difference in 
transport parameters between FO and RO modes may reflect real changes in the membrane. In 
particular, the substantial increase in salt permeability coefficient between FO and PRO modes may 
result from changes in the active layer when in contact with high-salinity solutions such as the NaCl 
draw used in this experiment. Changes in the HTI CTA FO membrane’s opacity when in contact with 
concentrated NaCl solutions have been reported previously [27], and physical changes that affect the 
polymer’s optical properties might also affect the membrane’s transport properties including solute 
rejection. 

4.2.  Comparison between predicted and measured cake structural parameter

The model described in Sec. 2 was previously validated for fouled membranes in FO mode by 
Tow and Lienhard [14], but has not previously been proposed or validated for fouled membranes in 
PRO mode. To validate the model in PRO mode, the cake structural parameter was predicted from 
measured flux decline using the present model and compared to the measured thickness of the foulant 
cake removed at the end of several fouling experiments. In this comparison, fouling was assumed not 
to affect transport inside the support layer, meaning either there was no internal fouling (Φ = 0) or the 
hydraulic diameter of the cake was large enough not to significantly raise the hydraulic resistance to 
water flow through the support layer. The density of the cake layer was assumed to be equal to that of 
an NaCl solution with the same concentration as the feed. The tortuosity and porosity in the cake were 
assumed to be 1.

The measured and predicted values of the cake structural parameter predicted are also listed in 
Table 2. The measured values of the fouling layer structural parameter were significantly lower (by 
22–65%) than the predicted values. This discrepancy implies that treating fouling in PRO mode as a 
purely external cake is insufficient to quantify the relationship between foulant accumulation and flux 
decline in PRO mode. The additional cake layer thickness predicted by the model may represent 
additional hydraulic resistance to fluid flow in the support and/or cake layers, with the support layer 
cake hydraulic resistance likely to be more significant (see Eq. 18). The higher solute concentration in 
the support layer in PRO mode may even reduce the foulant pore diameter. Limited information is 
available regarding the hydraulic diameter of alginate gels (and other foulants) in various aqueous salt 
solutions (see Ref. [14]), so evaluation of Eq. 18 for the hydraulic pressure drop through the fouled 
support layer, and thus more accurate prediction of cake structural parameter from measured flux 
decline is challenging. Furthermore, the proposed model does not account for the possible changes in 
the membrane’s transport parameters and mechanisms due to fouling in PRO mode that are suggested 
by observed changes in membrane opacity [27]. Further research on structure and transport 
phenomena in both foulants and membranes are needed to accurately predict foulant accumulation 
from flux decline in PRO mode.

Nevertheless, the predicted cake structural parameter in PRO mode is comparable in 
magnitude to the measured cake thickness. Therefore, the proposed model will be used to qualitatively 
analyze flux decline results in terms of foulant accumulation in the following section.

4.3. Analysis of flux decline results

In this section, flux decline and foulant accumulation are compared between trials with different 
membrane orientations, feed concentrations, and cross-flow velocities. The effect of feed spacers is 
also analyzed. New experiments focus on PRO mode because the effect of foulant accumulation on 
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flux decline in FO mode has already been analyzed in Ref. [14]. However, previously-published flux 
decline data collected using the same experimental apparatus is also analyzed where noted. Foulant 
accumulation is estimated using the model detailed in Sec. 2 based on parameter values (kd, kf, A, B, 
Ds, Dc, Ss) given in Tables 1 and 2. The support layer structural parameter was fit for each experiment 
from the initial flux before fouling began, and the cake structural parameter was calculated from the 
measured flux over time. 

4.3.1. Comparison of fouling between FO and PRO

Experimental flux decline data in PRO and FO modes from Ref. [27] with the same operating 
conditions were compared to quantify effects of membrane orientation on foulant accumulation, as 
shown in Fig. 4. Figure 4 shows the measured flux and the calculated cake structural parameter as well 
as the fitted values of flux based on the calculated cake structural parameter. Although the initial flux 
is similar between the two membrane orientations and slightly lower in PRO mode, flux declines faster 
in PRO mode. Despite the difference in flux decline rate, the calculated cake structural parameter is 
almost identical between FO and PRO modes. This result suggests that the same foulant cake has a 
more significant effect on flux decline in PRO mode than FO mode. The lower time-averaged flux in 
PRO mode would be expected to lead to a lower cake structural parameter because less foulant is 
transported to the membrane by convection. However, the present model tends to overestimate the 
cake structural parameter in PRO (see Sec. 4.2), so the actual cake structural parameter is likely to be 
lower in PRO than in FO under these experimental conditions, despite the more significant flux 
decline in PRO.

4.3.2. Effects of feed concentration and cross-flow velocity in PRO mode

The effects of feed concentration and cross-flow velocity on flux decline and foulant 
accumulation in PRO mode are analyzed in this section. Figure 5 shows that increasing feed NaCl 
concentration from 2.5% to 5% leads to lower initial flux, slower flux decline, and a thinner foulant 
layer. Lower initial flux would be expected at higher feed concentrations due to the higher feed 
osmotic pressure, and a correspondingly thinner foulant layer would be expected as a result of reduced 
convection of foulants to the membrane. 

Figure 6 compares fouling in PRO mode at cross-flow velocities of 4.2 and 8.3 cm/s, 
respectively. As would be expected, higher cross-flow velocity led to a reduction in flux decline. 
Although the initial flux was slightly higher in the lower-velocity trial, flux declined so much faster 
that the final flux at 11 h is lower than in the higher-velocity trial. Because the flux curves cross, the 
time-averaged flux is almost identical between the two trials in Fig. 6, indicating comparable total 
convection of foulants toward the membrane. Despite this, the calculated foulant accumulation was 
much lower in the higher-velocity trial. Alginate fouling in FO has previously been described with a 
deposition-minus-removal model [29] in which foulant accumulation depends on the difference 
between a convection term (which is proportional to flux) and a removal term. Even though the trials 
shown in Fig. 6 have approximately equal amounts of foulant convection toward the membrane, the 
rate of removal is clearly higher in the trial with higher cross-flow velocity, and thus the rate of foulant 
accumulation is lower with higher cross-flow velocity. The same is true for membranes in FO mode 
[14].

 

4.3.3. Effect of feed spacers in FO mode 
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The use of feed spacers (Sterlitech’s 31 mil diamond, in this case) can significantly reduce 
flux decline and foulant accumulation rates. Figure 7 shows the measured water flux with and without 
a feed spacer (from Refs. [32] and [27], respectively) along with the growth of the fouling layer as 
predicted by the current model. As in Fig. 6, the flux decline curves cross, and the time-averaged flux 
is approximately equal between the two trials, indicating that the convection of foulants to the 
membrane was the same. However, the foulant accumulation (as cake structural parameter) was 
significantly (approximately 35%) lower with the feed spacer, which implies that the rate of foulant 
removal by diffusion and/or shear is increased by the presence of the feed spacer. Spacers not only 
reduce concentration polarization and maintain uniform channel thickness in spiral-wound modules, 
but can play a significant role in reducing the rate of foulant accumulation.

4.4 Model results: Effect of fouling on water flux

Foulant accumulation reduces flux in FO and PRO processes by raising the overall mass 
transfer resistance. In Fig. 8, water flux and the osmotic pressures on either side of the active layer are 
plotted as a function of the cake structural parameter for both water production (P = Pd - Pf  = 0 bar) 
and power generation3 (P = 100 bar)  for membranes in PRO mode. Water flux decreases 
significantly due to fouling, dropping by approximately two-thirds as the cake structural parameter 
approaches 1000 μm. 

As foulant accumulates, the increasing foulant layer mass transfer resistance causes the solute 
concentration and osmotic pressure at each interface to change. As shown in Fig. 8, m is higher and s 
is lower when P = 100 bar because the lower flux imposed by the hydraulic pressure difference 
reduces concentration polarization, bringing the osmotic pressures surrounding the active layer closer 
to those of the fed and draw. The osmotic pressures surrounding the active layer increase similarly as a 
function of the cake structural parameter regardless of the hydraulic pressure difference. Although 
fouling causes the osmotic pressure to increase on both sides on the active layer, the osmotic-minus-
hydraulic pressure difference across the active layer decreases from 29 to 10 bar at P = 0 and from 
18 to 5.6 bar at P = 100 bar as the cake structural parameter increases from 0 to 1000 μm.

4.5 Model results: Effect of fouling on PRO power density

The present model can also be applied to predict the effect of fouling on PRO energy 
generation. The upper limit on power density for a particular membrane and pair of solutions is the 
product of flux Jw (Eq. 15) and transmembrane pressure difference P, which assumes lossless pumps 
and power generation equipment as well as infinitesimal water recovery. To calculate power density at 
finite water recovery, a one dimensional model of PRO such as the one developed in Ref. [33] would 
need to be employed. Maximum power density is identified by varying the hydraulic pressure 
difference in increments of 0.2 bar. 

Foulant accumulation can significantly reduce the power density of PRO. Figure 9 shows how 
power density varies as a function of applied pressure and foulant cake structural parameter for PRO 
between seawater (modeled as 0.6 mol/L NaCl) and river water (0.015 mol/L NaCl).  Power density 
reaches a maximum at a pressure on the order of half the draw solution osmotic pressure, but the exact 
pressure difference at which power density is maximized depends on concentration polarization in the 
boundary layers, support layer, and foulant cake, if present. Maximum power density decreases 

3 100 bar is approximately the pressure at which the power density is maximized for the conditions simulated in 
Fig. 8.
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considerably with increasing foulant thickness: the power density of a membrane with Sc = 500 m 
(Emax = 1.03 W/m2) is 40% lower than that of an unfouled membrane (Emax = 1.72 W/m2). In our 
experiments with high concentrations of alginate, the foulant layer reached Sc = 500 m in less than 
eight hours; although most PRO feed solutions are not as fouling-prone as the synthetic solution used 
here, the significant effect of a 500 m foulant cake on PRO power production speaks to the 
importance of effective pretreatment and fouling mitigation in PRO. Figure 9 also shows that the 
optimal pressure difference decreases from about 12 bar for an unfouled membrane to 8 bar for a thick 
foulant cake of Sc = 1000 μm. As fouling occurs in real PRO systems, the decline in power production 
can be reduced by varying pressure to optimize power production.

However, even with optimized operating pressure, maximum power density is significantly 
impacted by fouling. The maximum power density at optimal hydraulic pressure difference is plotted 
in Fig. 10 as a function of cake structural parameter for both seawater/river water and RO brine/river 
water pairs. The salt concentration of the simulated RO brine solution was twice that of seawater (1.2 
mol/L); as in Fig. 9, seawater and river water were modeled as 0.6 mol/L and 0.015 mol/L NaCl, 
respectively. Figure 10 shows how the maximum power density decreases with increasing cake 
structural parameter. Even a 100 μm foulant cake (comparable to the thickness of a human hair) would 
have a significant effect on power density.

Because FO-mode operation is generally thought to be more fouling-resistant, we considered 
whether operating PRO with membranes in FO mode might lead to better performance when fouling is 
considered. Figure 11 shows the modeled maximum power density for the seawater/river water pair 
for membranes in FO and PRO mode using membrane parameters from Table 1. Although PRO mode 
has a higher flux for an unfouled membrane, the membrane in FO mode experiences less flux decline 
as the cake structural parameter increases. This predicted difference in response to fouling is primarily 
due to the much higher salt permeability of this membrane in PRO mode when used with nearly-
saturated NaCl draw solutions (fit from experimental results as 5×10-7 m/s in PRO mode vs. 
approximately 5×10-8 m/s in FO mode). The higher salt permeability in PRO mode enhances 
concentration polarization in the cake layer; as a result, the flux decline due to the same cake layer is 
higher in PRO than in FO under the conditions modeled. To demonstrate the effect of salt permeability 
on the membrane’s response to fouling, Fig. 11 also includes a hypothetical FO-mode membrane with 
higher salt permeability (5.3×10-7 m/s). The highly salt-permeable membrane in FO mode exhibits 
similar flux decline in response to foulant accumulation as the membrane in PRO mode. For a 
membrane whose salt permeability is lower in FO mode, FO mode may offer better performance with 
highly fouling-prone feedwaters. Furthermore, these results demonstrate that salt permeability is an 
important consideration in PRO membranes due to the detrimental effect of salt permeation on 
fouling-related flux decline.

To increase the power density of PRO processes, draw solutions of high osmotic pressure are 
required. However, the detrimental effect of fouling on power density is often neglected. The 
maximum power density (at optimal pressure and infinitesimal water recovery) of a PRO process with 
the type of membrane used in this paper, with and without fouling, is plotted as a function of draw 
solution osmotic pressure in Fig. 14. Maximum power density increases nonlinearly with draw 
solution osmotic pressure because power density is the product of flux and optimal operating pressure, 
both of which increase with increasing draw solution osmotic pressure. Because foulant accumulation 
reduces both flux and optimal operating pressure (see Fig. 9), fouling can significantly reduce power 
density. 

5. Conclusions 
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A layered transport model was developed to describe solute and water transfer rates through 
fouled membranes in FO and PRO modes using simple, closed-form equations. The model also 
predicts interfacial solute concentrations. These expressions enable the user to predict the performance 
of both PRO and FO processes in the presence of membrane fouling.

Evaluation of experimental flux data in PRO and FO modes showed the effects of membrane 
orientation, feed salinity, cross-flow velocity, and feed spacers on flux decline and foulant 
accumulation. The rate of foulant accumulation was similar in PRO and FO modes due to the equal 
convection of foulants to the membrane. Increasing cross-flow velocity and the use of feed spacers 
reduced foulant accumulation as well as flux decline. 

Evaluation of the model demonstrated how foulant accumulation affects water flux in FO 
desalination. The model was also used to show how foulant accumulation affects power density in 
PRO used for energy production: a cake layer 500 μm thick reduces the maximum power density by 
40%, and the optimal operating pressure changes as a result of fouling. Overall, fouling of FO and 
PRO membranes can significantly inhibit their ability to produce energy or water, and the model 
presented here enables better prediction of actual membrane performance under fouled conditions.
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Appendix A: Interface concentrations in PRO mode

The internal surface concentrations can be determined by means of Eqs. (2a) to (2e) and Eq. 
(4). Combining Eq. (2a) and Eq. (4), Cm can then be expressed as a function of the known feed and 
draw concentrations:
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The equation for the limiting value of Cm as the salt permeability approaches zero is equivalent to that 
without fouling: 
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The other concentrations can similarly be calculated:

, (A.3)

     

 

1 1

1

1 1 1

1

J S / D S / D / k J S / D S / D / kw s s c c f w s s c c fJ / k J / kw d w dd f
w w

s
J S / D S / D / kw s s c c f J / kw d

w

B BC e e C e e
J J

C
B e e

J

    

  

                  
 
  
 
 

The limiting case for B → 0 is:
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The remaining interface concentrations are:
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Appendix B: Interfacial concentrations in FO mode

Expressions for the interface concentrations in FO mode follow: 
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The limiting value of Cs for zero salt permeation is:
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The concentration on the feed side of the active layer can similarly be calculated:
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The limit of at zero salt permeation is:𝐶𝑚 
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Figures

a. b.

Figure 1. (a) Schematic diagram of a fouled FO membrane in PRO mode including layer and interface 
notation (adapted from [35]). (b) Schematic diagram of a fouled FO membrane in FO mode including 
layer and interface notation.

Figure 2. Graphical representation of layered transport model. FO and PRO mode models differ in the 
order of layers and the inclusion of water transport resistance in the support layer of the fouled PRO 
membrane.
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Figure 3. Foulant-free water flux in PRO mode: measured values and model predictions using fitted 
membrane transport parameters. Data labels are feed salinity in wt%. Dashed lines are a guide for the 
eye.
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Figure 4. Comparison of measured flux decline (points) and calculated foulant accumulation (dashed 
lines) in PRO- and FO-mode experiments conducted under comparable operating conditions 
(experiments PRO1 and FO1 in Table 2, respectively, with 1 wt% NaCl feed, 21–23.8 wt% NaCl 
draw, 8.3 cm/s cross-flow velocity, and no feed spacer; other parameters are listed in Tables 1 and 2). 
Flux decline data were obtained from Ref. [24] and analyzed with the present model. 
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Figure 5. Comparison of measured flux decline (points) and calculated foulant accumulation (dashed 
lines) in PRO-mode experiments with different feed salinities (indicated on plot). Experiments were 
conducted under otherwise identical operating conditions (22 wt% NaCl draw, 4.2 cm/s cross-flow 
velocity, and no feed spacer; other parameters listed in Tables 1 and 2 under trials PRO2 and PRO4).
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Figure 6. Comparison of measured flux decline (points) and calculated foulant accumulation (dashed 
lines) in PRO-mode experiments with different cross-flow velocities. Experiments were conducted 
under otherwise identical operating conditions (1 wt% NaCl feed, 22 wt% NaCl draw, and no feed 
spacer; other parameters listed in Tables 1 and 2 under trials PRO2 and PRO3).
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Figure 7. Comparison of measured flux decline (points) and calculated foulant accumulation (dashed 
lines) in FO-mode experiments with and without a feed spacer (experiments FO2 and FO1, 
respectively, in Table 2). Experiments were conducted under otherwise comparable operating 
conditions (1 wt% NaCl feed, 23.8–24.3 wt% NaCl draw, and 8.3 cm/s cross-flow velocity; other 
parameters listed in Tables 1 and 2). Flux data was obtained from Ref. [32] (with spacer) and Ref. [27] 
(without spacer) and analyzed using the present model.
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Figure 8. Calculated effect of foulant accumulation in PRO mode, with and without an applied 
transmembrane pressure difference, on flux and the osmotic pressures surrounding the active layer. 
The following properties were used in the calculations: Cd  = 219.8 g/kg (4.3 mol/L; d = 275.6 bar); Cf 

= 25.2 g/kg (0.5 mol/L; f = 20.24 bar); kd  = 2.82 × 10-5 m/s; kf  = 1.61 × 10-5 m/s; A = 1.9 × 10-7 
m/sbar; B = 5.02 × 10-7 m/s; Ss = 423 × 10-6 m.
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Figure 9. Effect of hydraulic pressure difference on power density in seawater-river water PRO with 
different quantities of accumulated foulant. Parameters used were Cd = 35 g/L (0.6 mol/L); Cf =0.862 
g/L (0.015 mol/L); kd = 8.43 × 10-5 m/s; kf = 2.07 × 10-5 m/s; A = 1.8 × 10-7 m/s-bar; B = 5 × 10-7 m/s; 
Ss = 570 × 10-6 m; infinitesimal water recovery.
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Figure 10. Effect of foulant accumulation on the maximum PRO power density (at optimal hydraulic 
pressure) with seawater/river water and RO brine/river water. For RO brine, a concentration of 70 g/L 
(1.2 mol/L) was used; other parameters are given in the caption of Fig. 9.  
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river water for both membrane orientations. For PRO mode, parameters used are given in the caption 
of Fig. 9. For FO: Cd = 35 g/L (0.6 mol/L); Cf = 0.862 g/L (0.015 mol/L); kd = 8.43 × 10-5 m/s; kf = 3.61 
× 10-5 m/s; A = 1.9 × 10-7 m/s-bar; Sc = 540 x 10-6 m, and two values of salt permeability are used: B1 = 
5.32 × 10-8 m/s and B2 = 5.32 × 10-7 m/s, the latter of which is comparable to that used for the 
membrane in PRO mode.
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structural parameters in PRO system for a river water feed (Cf = 0.015 mol/L); other 
parameters used are listed in the caption of Fig. 9. 



 

 Table 1. General operating and transport parameters 

Parameters Values
Feed solute concentrations 1–5 wt%
Solute concentration in the draw solution 21–25 wt%
Feed velocities 4.2, 8.3 cm/s
Alginate concentration in the feed 200 mg/L
CaCl2 concentration in the feed 1 mM
Diffusion coefficient at high salinity 1.367 ×10-9 m2/s
Diffusion coefficient at low salinity 1.294 × 10-9 m2/s

Membrane transport parameters (PRO mode)

A=1.8 × 10-7 m/s-bar
B=5 × 10-7 m/s
α=0
SS varies*; see Table 2

Membrane transport parameters (FO mode)

A=1.9 × 10-7  m/s-bar
B=5.32 × 10-8 m/s
α=1.65 × 10-4

SS varies*; see Table 2
*Fit from initial flux in analysis of experimental data

Table 2. Trial-specific operating and transport parameters

Trial
name

Cd,
g/g

Cf,
g/g

,  
cm/s

kd, 
μm/s

kf, 
μm/s

Ss, μm/s 
(predicted)

Sc, μm 
(predicted)

Sc, μm 
(measured)

FO1 0.238 0.01 8.3 84.3 36.1 540 500 -

FO2* 0.243 0.01 8.3 28.9 36.1 532 330 -

PRO1 0.21 0.01 8.3 84.3 20.7 575 570 -

PRO2 0.22 0.025 4.2 28.2 16.1 420 426 151

PRO3 0.22 0.025 8.3 48.7 20.7 529 265 213

PRO4 0.22 0.05 4.2 28.2 16.1 382 270 109
*Feed spacer used




