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Abstract

Increasing regulations requiring industrial zero-liquid discharge necessitate the devel-
opment of efficient desalination technologies for treating high salinity brine. Mem-
brane distillation (MD) is promising for such applications since it is a scalable process
that that can be coupled with a low temperature heat source to concentrate water
up to saturation. More than five configurations of MD, based on different conden-
sation and heat recovery approaches, have simultaneously been under development
in the literature. In this thesis, we establish a common framework to characterize
the thermodynamic performance of MD systems and to rank these configurations
in terms of a combination of their energy efficiency (represented as GOR) and pure
water productivity (flux).

A simplified heat exchanger (HX) analogy model is developed for single-stage bal-
anced counterflow MD, based on the effectiveness-NTU method for heat exchanger
analysis. This model can predict GOR and flux as a function of inlet temperatures,
system size and flow rates, without using iterative finite difference solvers. A hy-
drophobic microporous membrane establishes the interface for evaporation in MD. In
contrast to a simple heat exchanger, both heat conduction and vapor transfer occur
through this membrane. While vapor transport results in pure water production,
heat conduction is a loss mechanism. To account for these additional effects, two new
dimensionless parameters are defined. These parameters together with NTU and feed
salinity can completely characterize a general MD system’s energy efficiency.

Contrary to some prior design suggestions, we show that low conductivity is prefer-
able only between the evaporation and condensation interfaces, to limit heat conduc-
tion losses. In all other regions, a high conductance is ideal, and results in improve-
ments in both GOR and flux. Based on the above findings, a conductive gap MD
(CGMD) configuration is proposed. CGMD approaches the upper-limit performance
of direct contact MD and permeate gap MD, for a given membrane and channel heat
transfer characteristics.

Another widely used MD configuration is air gap MD (AGMD) which includes
a region of stagnant air between the membrane and condensation surface. AGMD
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performance can also be predicted using the proposed analytical framework by con-
sidering the membrane and the air region together as the effective membrane. Since
this effective membrane is thicker, less conductive and has a higher permeability co-
efficient, AGMD is best suited for high salinity applications. However, if the air gap
region gets flooded with pure water during operation, performance can deteriorate
towards the lower limit of permeate gap MD performance. CGMD and DCMD can
also be resilient to high feed salinity by using a thicker membrane. A framework is
proposed for choosing the cost-optimal membrane thickness along with optimal mem-
brane size, as a function of the relative cost of membrane area compared to thermal
energy.

At small system size, increasing area per unit feed flow rate (specific area) leads
to better GOR at the expense of lower flux. Beyond a critical specific area, both flux
and GOR start to decline. At high feed salinity, this critical area is small enough to be
practically relevant. A closed form expression for this critical specific area is derived
using the HX analogy equations, as a function of feed salinity, top temperature and
the two dimensionless parameters defined previously.

Finally, two methods of achieving high overall pure water recovery using membrane
distillation, namely batch recirculation and multi-effect MD (MEMD) are analyzed.
A batch design outperforms other brine recirculation alternatives such as semi-batch
and continuous recirculation. The number of effects is an additional degree of freedom
in MEMD system design. The number of effects is analogous to the specific area of
single stage MD and plays the major role in determining GOR and flux, whereas the
total specific area of MEMD determines its overall recovery ratio. For a given brine
concentration application, it is shown that MEMD with feed preheating energetically
outperforms batch MD.

Thesis Supervisor: John H. Lienhard V
Title: Abdul Latif Jameel Professor of Water
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Chapter 1

Introduction

A separation process that has gained significant importance over the last half century

is desalination, or the separation of fresh water from a saline feed source. Most

commonly, desalination technologies have been used to treat seawater for satisfying

human needs for potable water, in areas with insufficient natural renewable supply.

The separation of pure water is achieved either by the application of mechanical

work, in the form of pressure in the case of reverse osmosis, or electricity in the

case of electrodialysis, or by the use of thermal energy through phase change as in

multi-effect distillation, multi-stage flash distillation, freeze desalination, etc. Even

when carefully optimized, desalination is an energy-intensive process and hence many

investigators have looked towards offsetting the energy requirement through renewable

energy resources. Solar thermal energy or geothermal energy can be used for thermal

desalination. Similarly, renewable electricity production has been used to reduce the

carbon-footprint of reverse osmosis or electrodialysis systems.

Initially, the most common method of extracting pure water from salt solution was

phase change. Large-scale thermal-energy driven multi-stage flash and multi-effect

distillation processes were the dominant processes for desalination. Today, pressure-

driven reverse osmosis (RO) is the fastest technology for seawater desalination.

Desalination processes are also being used for inland brackish groundwater purifi-

cation. Some industries that require additional purity of process water, such as food

and beverage, pharmaceutical, and semiconductor industries also employ desalination
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processes. Desalination has also played a role in industrial pollution management, for

effluent cleaning and reuse.

1.1 Desalination at high feed salinity

A more salty brine solution is produced as a byproduct in desalination processes. In

the case of seawater desalination, this brine stream is disposed back into the ocean.

In doing so, it is important to ensure good mixing at the point of disposal in order

to not adversely affect the local salinity.

There are several situations where such disposal may not not be a vaible option.

For example, the flowback and produced waters from hydraulic fracturing can be

several times more concentrated that seawater, and would also differ in terms of com-

position. Industrial effluents can also have dissolved impurities that can be toxic.

Regulations by environmental protection agencies governing such solutions may re-

quire deep-well injection, or zero-liquid-discharge.

For such applications, desalination processes can be used to concentrate solutions

up to saturation, before salts can be precipitated out in a crystallizer. Membrane

based separation processes would require much higher than the current-standard 70

bar of applied pressure to effect desalination of such concentrated solutions. Thermal

phase-change based processes like MED and MSF on the other hand can concentrate

water up to high salinity, while operating at reasonable top temperatures, and are

the current standard for such applications.

One disadvantage of these thermal desalination processes is their large size and

use of vacuum pressures, necessitating significant materials cost. This is in contrast

to RO, which is modular and scalable down to very small-sizes- such as a kitchen

cabinet top system producing 15 L per hour. As a result, there is an active interest

in identifying scalable alternatives such as RO, that can desalinate water up to very

high feed concentrations.
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1.2 Membrane distillation

Membrane distillation (MD) is a thermal desalination technology that has received in-

creased attention for small scale, renewable-energy-driven desalination applications as

well as for treating high salinity brines. Scalability, the ability to handle high salinity

feed streams, and relatively high fouling resistance are some of the advantages of the

MD process. Several MD configurations with relative advantages and disadvantages

have been proposed in the literature. The four common MD configurations include

air gap (AGMD), direct contact (DCMD), vacuum (VMD) and sweeping gas mem-

brane distillation (SGMD) [8]. In addition, other configurations have been suggested

recently, including the permeate (liquid or water) gap MD (PGMD), and material

gap membrane distillation (MGMD) [37]. Several multi-staged configurations based

on the above designs have also been proposed in literature and commercially imple-

mented [134].

MD is particularly interesting for renewable energy applications because it can

use low temperature, low grade heat sources. The process is very simple, requiring

no high-pressure or vacuum pumps leading to a modular scalable system. Ghaffour

et al. [42] recently investigated membrane distillation and adsorption desalination as

innovative energy efficient desalination options for combining with renewable energy

sources. Sarbatly and Chiam [88] evaluated MD powered by geothermal energy and

found that while cost of water from a vacuum MD system powered from conventional

sources is about US$1.29/m3, with geothermal energy use, the cost drops to about

US$0.5/m3 making it competitive with other desalination technologies.

Suarez et al. [96] investigated low-temperature direct contact membrane distil-

lation in combination with a solar thermal gradient salt pond. About 70% of the

total energy collected was used within the MD module, but sensible heat conduction

losses through the membrane made up 50% of this energy. The authors of this study

identified the need to reduce heat losses and improve the thermal efficiency of the

process in order to make solar-powered renewable desalination viable.

Another relevant question associated with renewable MD systems is the choice of
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MD configuration. Zaragoza et al. [133] investigated this by experimentally comparing

five commercial MD modules in air gap, permeate gap, and multi-effect vacuum con-

figurations for desalination coupled with solar thermal energy. Although the recovery

ratio, defined as pure water production divided by feed flow rate, of the multi-effect

system can be an order of magnitude higher than for single stage configurations, the

energy efficiency of single stage spiral wound permeate gap systems was the maxi-

mum. Electrical energy consumption for maintaining the vacuum was also significant

in the case of the multi-effect vacuum configuration.

The recurring challenges in the above studies are the low energy efficiency of mem-

brane distillation preventing MD’s widespread use for renewable desalination and the

various MD configurations being pursued without a clear hierarchy in terms of their

energetic performance. In this article, multiple membrane distillation configurations

are investigated under similar conditions to compare their energy efficiency and cap-

ital cost. In any given single stage MD configuration, there is a trade-off between

energy efficiency and capital costs, with energy costs decreasing and capital expen-

diture increasing with larger module length. In the present work, a clear trend is

established in terms of overall performance and cost among different MD configura-

tions. The similarity between MD and heat exchangers is recognized and used to

develop a simple theory to explain MD performance metrics. In addition, numerical

models are developed for direct contact, permeate and conductive gap MD systems

based on this theory. These can be utilized without large computational or exper-

imental expenditure. These results will hasten the development of optimized MD

systems for renewable desalination applications.

1.2.1 Membrane distillation configurations

Most studies on MD start by listing four different configurations of membrane dis-

tillation in the introduction, before choosing to focus on one of these configurations.

The fundamental principle of operation of all these configurations is the same. Sepa-

ration is achieved through evaporation of the more volatile component of a mixture.

When used for desalination, pure vapor preferentially passes through the pores of a
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hydrophobic membrane that prevents liquid feed from passing through. The different

configurations of MD vary based on how this vapor is captured and condensed to

obtain pure water, and how this condensation energy is recovered. In the case of

DCMD, cooler pure water flows on the other side of the membrane, countercurrent to

the feed, and the vapor condenses into this stream and warms it up. The warm pure

water stream would then be passed through a heat exchanger to preheat incoming salt

water [64, 98]. DCMD is the oldest MD configuration proposed [56]. In AGMD, the

vapor condenses on a condensing plate that is cooled by the incoming feed. The feed

thereby gets preheated within the module by the condensing vapor, hence recovering

some of the energy input. The air gap between the membrane and the condensing

surface is meant to reduce the sensible heat loss from the hot to the cold side [121].

Direct contact membrane distillation (DCMD) is the oldest configuration [52],

with cold pure water receiving and immediately condensing the vapor on the other

side of the membrane. The vapor is carried out of the module and condensed ex-

ternally in the vacuum and sweeping gas configurations. In the air gap membrane

distillation configuration (AGMD), condensation occurs inside the module, within an

air gap between the membrane and the condensing surface. The feed water acts as the

coolant enabling direct heat recovery within the module [118, 121]. This eliminates

the external heat exchanger that needs to be used in the case of DCMD to transfer

the energy from the pure water leaving the MD module to the incoming feed.

The energy efficiency of a single stage vacuum MD system is low, necessitating

multi-staging for performance improvement [20, 48, 98, 99]. A single stage sweeping

gas MD is thermodynamically similar to a humidification dehumidification desali-

nation system and so is restricted to low energy efficiency values without staging

or extraction [107]. AGMD and DCMD on the other hand, can potentially achieve

higher energy efficiency in a single stage system [98] and hence will be considered in

this study.

More recently, several novel MD configurations with modified gaps have been

proposed in the literature, including permeate gap membrane distillation (PGMD)

[21, 127] where the gap region is filled with pure condensate, material gap membrane
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distillation with additional substances such as sand added to the gap [37] as well

as conductive gap membrane distillation (CGMD) with high rather than low overall

conductance of the gap region [65, 103]. Swaminathan et al. [103] showed that CGMD

outperforms PGMD by about two times in terms of GOR, and that PGMD itself can

have about 10% higher GOR than AGMD.

In the case of SGMD and VMD, the condensation happens outside the MD mod-

ule. The sweeping air gets heated and humidified before leaving the module in SGMD,

and in VMD, the vacuum pump would draw out relatively pure vapor in the case of

VMD. This is passed through a condenser or vapor trap to recover pure liquid water

[107]. Recently, a system using an aspirator was proposed to more efficiently recover

the product water in VMD systems [48], eliminating the vacuum pump and concerns

associated with incomplete condensation.

1.2.2 Energy Efficiency

Energy is supplied to MD systems both in the form of heat and work. Work transfer

is usually used to achieve fluid flow through the channels. Heat is required to increase

the temperature of the feed liquid and thereby enabling evaporation of water. Heat

energy consumption by far exceeds pumping power requirements under normal oper-

ating conditions. Energy consumption in MD has been relatively higher than that of

other desalination technologies as illustrated by Mistry et al. [74]. As a result, MD

companies have focused on applications with available waste heat energy, from power

plants or other sources [119, 134]. MD is also readily coupled with renewable and

waste heat sources due to its ability to operate at low temperatures and still achieve

desalination.

Energy efficiency is analyzed as gained output ratio (GOR) (Eq. 1.1):

GOR =
ṁphfg

Q̇h

(1.1)

Most MD systems until recently have been restricted to GORs of less than about 4-6

[133, 134]. In contrast, large scale thermal desalination systems such as multi-stage
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flash and multi-effect distillation, which may have significantly more complicated de-

signs often have GOR higher than about 7-10 [44]. Increasing the GOR of MD close to

these values would make MD more competitive with these conventional technologies.

The GOR of single stage MD configurations has been previously analyzed and

compared by Summers et al. [98]. While single stage VMD systems are restricted to

GOR below 1, single stage SGMD also does not achieve GOR beyond about 4 [107].

In contrast, DCMD and AGMD are relatively simple systems, and were shown to be

capable of achieving higher GORs [40, 43, 57, 98].

1.2.3 System design parameters

The focus of this study is large scale MD systems with condensation energy recovery

for feed preheating to achieve high GOR. Within each MD configuration, there are

several independent design and operating parameters that affect overall MD perfor-

mance. The temperatures of the feed and coolant streams play an important role

in the MD process. Since vapor pressure various approximately exponentially with

temperature, a higher feed temperature results in a larger vapor driving force and

improved MD performance. Temperatures in MD are usually limited below 100 ∘C.

In this study, we aspire to identify an optimal MD configuration and set of design

parameters. The top feed temperature is held constant at 85 ∘C and the coldest

temperature is set at 25 ∘C, except where stated otherwise.

The hydrophobic micro-porous membrane is at the heart of the MD process, and

its properties have a direct effect on MD performance. Usually the membrane is made

of polymers such as PVDF, PTFE or PP based on phase inversion, or electrospinning

processes. Sometimes the membrane may include multiple layers, an active layer

that is hydrophobic and establishes the liquid-vapor interfaces for evaporation and

condensation, as well as a support layer. In this study, the active layer will be referred

to as the membrane.

In addition to the material, other parameters considered when characterizing a

membrane for MD are its porosity, tortuosity, pore-radius, fabrication method, etc.

The overall objective of membrane design is to allow vapor transport from the hot
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evaporating fluid interface to the condensing side without significant resistance, while

inhibiting heat conduction losses. A high porosity and pore size, along with low

tortuosity and low overall thermal conductivity of the membrane are preferred. The

other important design choice is the membrane’s thickness. A thicker membrane is

preferred for high salinity desalination, whereas a thinner membrane is advantageous

at low salinity. The question of optimal membrane thickness, for a given set of other

properties is considered in Chapter 6.

The membrane’s permeability coefficient to vapor (𝐵0) and overall thermal con-

ductivity (𝑘eff,m) are defined independent of thickness. The thermal conductivity is

obtained as a weighted average of the conductivities of the membrane material and

air/vapor. Several models have been used to evaluate the membrane’s permeability

coefficient based on combining the molecular diffusion, Knudsen and viscous mecha-

nisms of vapor transport across the membrane [59]. In this study, the permeability

coefficient is set at 60% of the molecular diffusion limiting value. For the chosen top

and bottom temperatures, this corresponds to an average value of 𝐵0 = 1.5 × 10−10

s. In multi-effect MD, a different value of 𝐵0 is used for each effect, based on the feed

and cold side temperatures, whereas everywhere else, this permeability coefficient

value is used. Membrane permeability can be adjusted by changing the membrane

thickness 𝛿m. The membrane permeability is given by 𝐵 = 𝐵0/𝛿m.

The feed and cold channels constitute additional thermal resistances resulting in

temperature polarization. The width and depth of these channels, together influence

flow velocity, and can affect the channel heat transfer coefficients. The use of spacers

in these channels can also influence the thermal resistance of these flow channels.

In the case of DCMD, an external heat exchanger is used for energy recovery to

preheat the incoming feed stream. The area and overall heat transfer coefficient of

this heat exchanger will affect the energy efficiency of the DCMD process. In the

case of gap MD systems, the choice of gap thickness can play a similar role. Finally,

membrane area, and the feed flow rate affect the overall performance of large-scale

MD modules.
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1.3 Thesis overview

In Chapters 2 and 3, specific aspects of DCMD and gap MD system operation to

maximize energy efficiency are considered. In the case of DCMD, a simple method

for ensuring close-to-balanced operation is proposed based on adjusting the pure water

inlet flow-rate by measuring the brine exit flow rate and salinity. For PGMD, the

importance of the flow-direction in the gap between the membrane and the condensing

surface is highlighted. Additionally, the effect of the gap conductance is investigated

to conclude that contrary to some claims in the literature, a high gap heat conductance

is favorable compared to a low gap heat conductance not only in terms of flux, but

also GOR.

In Chapter 4, the four simple single stage MD configurations are compared in

terms of GOR and flux simultaneously, at seawater salinity. It is shown that CGMD

can outperform AGMD and PGMD by up to 2 times. The relative performance of

DCMD is a function of the external heat exchanger. If the heat exchanger is the same

size as the membrane and condensing surface of gap MD, GOR of DCMD is lower than

that of CGMD. A simplified heat-exchanger analogy of MD systems is introduced for

predicting flux and GOR without using a full discretized model. This method is based

on extending the 𝜀−NTU method for heat exchangers to MD systems. The simplified

HX method predicts performance within about 10% of the discretized model and has

better accuracy for larger system size. In Chapter 5, a lab-bench scale system is used

to compare and validate the better overall energy efficiency of CGMD compared to

AGMD and PGMD at low salinity, due to its better energy recovery.

In Chapter 6, the performance of MD configurations is compared at high feed

salinity. At low salinity, GOR rises with an increase in system specific area. There

exists a practically relevant critical specific area for high salinity MD, beyond which

GOR and flux both decrease. A closed-form analytical expression is derived to pre-

dict this critical system size as a function of top temperature, salinity, and two newly

introduced non-dimensional thermal resistance ratios. At high salinity and low flux,

GOR of AGMD is significantly better than that of CGMD. The relative advantage
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of AGMD at high salinity is related to its larger effective membrane thickness (which

includes the air gap), and its higher vapor permeability to conductivity ratio. Us-

ing a thick membrane in CGMD can help improve CGMD performance under these

conditions. A method is proposed to choose cost-optimal membrane thickness at the

design stage, along with the choice of system size, based on the specific cost of system

area and thermal energy.

Chapters 7 and 8 deal with methods to obtain a high overall recovery ratio with

MD. In Chapter 7 techniques based on brine recirculation are considered. Batch

process outperforms semi-batch and continuous recirculation designs. A batch system

spends more time at lower feed salinity, for the same overall recovery ratio. The

importance of real-time feed flow rate control in batch, for preventing operation above

the critical specific system size is illustrated. An optimal membrane thickness can

be identified as a function of operating flux, similar to the case of single stage MD.

Chapter 8 deals with the multi-effect design of gap MD (MEMD) systems that enables

high per-pass recovery ratio by recovering condensation energy from one effect into

the feed stream of a subsequent effect. The number of effects is the main design

variable that affects GOR and flux, whereas specific area can be used to set the

overall recovery ratio. With feed-preheating using both brine and permeate streams

in the interstage heat exchangers, MEMD can outperform batch MD for the same

concentration application.

In Chapter A, the case of replacing a heat exchanger with an MD system to not

only transfer heat but simultaneously produce additional pure water is considered. An

MVC-MD hybrid system is considered as a case study. Compared to conventional MD,

both the thermal energy and part of the capital cost are ‘free’ leading to potentially

favorable economics.

Finally, Appendices B and C deal with methods to improve the energy consump-

tion of membrane desalination. In Appendix B the case of textile dyeing effluent

recycling is considered and a method to change the effluent chemistry to reduce cost

of desalination is considered. In Appendix C, the practical aspects of system design of

a batch RO system are considered in the context of reducing the energy consumption
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of desalination up to 70 g/kg compared o single stage RO. In particular, it is found

that the volume of external piping needs to be minimized, and the cycle reset time

has to be much smaller than the productive time for batch RO to provide net savings

compared to single stage continuous RO.
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Chapter 2

Simple Method for Balancing Direct

Contact Membrane Distillation

Abstract

A simple theoretical method for maximizing efficiency via real-time balancing of di-
rect contact membrane distillation (DCMD) systems is presented. The method is
applicable under variable operating conditions. Balancing involves measuring only
the flow rates of feed stream out of the module and the cold water flow into the
module, as well as the salinity of the feed. A valve or variable frequency drive is used
to set the condensate water flow into the module so that the heat capacity rates of
the hot and cold streams are equal. This method is much simpler and more general
than what is proposed in the literature, which generally requires more measurements
and a complicated expression. Balancing leads to 20-50% improvement in efficiency
(GOR) compared to equal inflow of both feed and pure water streams, which is the
common practice. Real-time balancing is particularly useful for variations in feed
salinity, whereas the improvement by real-time balancing is low for changes in system
top or bottom temperatures.

The contents of this chapter are adapted from [105].

2.1 Introduction

DCMD is the oldest configuration of MD and the most commonly studied configura-

tion due to its relatively simple design [52]. Optimizing DCMD operation to improve

energy efficiency is the focus of this work. In DCMD, hot saline water flows across
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one side of a microporous hydrophobic membrane. Cooler pure water is passed on

the other side of the membrane. Due to the vapor pressure difference established by

the temperature difference between the two streams, water vapor passes from the hot

side to the cold side and condenses into the pure water stream. In addition, heat is

also transferred from the hot side to the cold side in the form of conduction, which is

a loss mechanism in MD. As a result of these two processes, the temperature of the

hot stream decreases as it flows through the system and the temperature of the cold

stream increases. In order to reuse energy and achieve gained output ratio (GOR)

greater than 1, the energy in the warm distillate stream would have to be recovered.

To do this, a counterflow external heat exchanger is used as shown in Fig. 2-1a that

preheats the feed water before further heat is added in the feed top heater [10].

The pure water stream is recirculated after the fresh water produced within the

MD module is removed. The feed may also be recirculated in a closed loop to increase

the overall recovery ratio. Additional external cooling is necessary if both streams

are recirculated, to prevent temperature rise of the feed and cold water loops. Heat

recovery from the permeate stream can be achieved only when 𝑇c,out > 𝑇f,out if the

feed is recirculated. This condition may not be satisfied for very short length systems.

Some studies use an optional additional heat exchanger to reduce the pure water

inflow temperature down to ambient temperature [45, 64]. This increases the tem-

perature difference for desalination within the MD module, leading to higher flux.

Figure 2-1b shows the difference in performance between using an additional heat

exchanger and not using the additional heat exchanger based on numerical modeling.

The system with an additional heat exchanger performs better especially when the

MD area is small, and hence overall energy efficiency is low. For systems with larger

membrane area, the difference in performance between the two systems is smaller.

This computation was performed using the model described by Summers et al. [98], by

setting 𝑇c,in = 𝑇c,HX,out (for the case of no additional heat exchanger) or 𝑇c,in = 𝑇amb

(for the case of using a large additional HX). This study will focus on a system with

no additional heat exchanger because of its relative simplicity and lower cost.

The hot and cold water streams are usually set up in counterflow configuration in
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(a) Direct Contact Membrane Distillation process with
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Figure 2-1: DCMD system schematic diagram and effect of additional HX.

order to distribute the flux uniformly within the system and achieve higher energy

efficiency.

Swaminathan et al. [103] showed that the energy efficiency of permeate gap (PGMD)

and conductive gap (CGMD) MD systems was maximized when the pure water in the

gap flows countercurrent to the cold water stream, as opposed to parallel or crossflow

conditions. When the pure water flows in the same direction as the hot stream and

countercurrent to the cool stream, at any local position along the MD module, the

total flow in either direction is equal. This leads to a more uniform driving temper-

ature difference across the module length and higher energy efficiency by about 40%

compared to a case with pure water flow co-current to the cold stream. Thermody-

namically, this increased efficiency is attributed to lower specific entropy generation

within the module.

Unlike in the case of AGMD and other configurations, in DCMD, the flow rate

of the cold water stream can be varied independently of the warm water flow rate.

Several studies in the past used an equal input flow rate of hot and cold water into

the module. Guan et al. [45] performed DCMD simulations and found that the GOR
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was maximized when the feed and cold water inlet flow rates are approximately equal.

Winter [126] experimentally showed that flux and GOR are both maximized under a

symmetric operating condition where the mass flow rates of the hot and cold streams

are equal at the hot end of the module.

Lin et al. [64] showed through numerical modeling of a coupled DCMD-Heat

Exchanger (DCMD-HX) system, that the optimal value of cold pure water mass

flow rate is not equal to that of the hot inflow, but about 90–92% of this value.

They developed an analytical expression for this critical mass flow ratio, MRLin as a

function of 𝑇top, 𝑇bottom, BPEf,in, BPEf,out, 𝑐
f
p and 𝑐cp (Eq. 2.3) where mass flow rate

ratio MR is defined as MR ≡ 𝑚̇c,in

𝑚̇f,in
. Temperature and salinity are combined in the

form of 𝑇 *, defined as:

𝑇 *
f,in = 𝑇sat (𝑃vap (𝑇f,in, 𝑠f)) (2.1)

𝑇 *
c,in = 𝑇sat (𝑃vap (𝑇c,in, 𝑠f)) (2.2)

where 𝑃vap is the vapor pressure of salt water and is a function of temperature and

salinity (𝑠f). A higher salinity results in a lower 𝑇 * through an increase in boiling

point elevation (BPE), since 𝑇 * ≈ 𝑇 − BPE.

The value of critical MR is then evaluated by considering the conditions for per-

meate limiting or feed limiting regime:

MRLin =

(︃
𝑇f,in − 𝑇 *

c,in

𝑇 *
f,in − 𝑇c,in

)︃
·

⎛⎝
(︁

ℎfg

𝑐cp

)︁
− 𝑇 *

f,in−𝑇c,in

2(︁
ℎfg

𝑐fp

)︁
+
(︁

𝑐cp
𝑐fp

)︁
·
(︁

𝑇f,in+𝑇 *
c,in

2

)︁
− 𝑇 *

c,in

⎞⎠ (2.3)

2.2 DCMD balancing theory

The balancing framework presented here is based on the analogy between MD systems

and heat exchangers presented by Swaminathan et al. [106]. For a counter-flow heat

exchanger, the balanced condition corresponds to a case of equal heat capacity rates

(𝑚̇𝑐p) of the two streams.

In the case of the MD system, the mass flow rates of the two streams also vary

along the length of the channel. For a counterflow MD system though, there is an
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interesting property that if the feed flow rates of the two streams are equal at any

point along the length of the module, they would remain equal at all points along the

module.

In countercurrent configuration, the feed flow rate reduces from 𝑥 = 0 → 𝐿,

whereas the pure water flow increases from 𝑥 = 𝐿 → 0 where 𝑥 = 0 and 𝑥 = 𝐿

correspond to feed inlet and outlet, respectively. Since any mass that leaves the feed

enters the pure water stream, if the cold water input flow rate is set equal to the flow

rate of the feed exit, at every point along the module length, the two flow rates would

remain equal. For example, if the feed flow rate and the distillate flow rate are equal

at the cold end of the module:

𝑚̇f,out = 𝑚̇c,in (2.4)

The flow rates of the two streams at the other end of the module can be expressed

as a function of the pure water produced within the module as:

𝑚̇f,out = 𝑚̇f,in − 𝑚̇p (2.5)

𝑚̇c,in = 𝑚̇c,out − 𝑚̇p (2.6)

and hence 𝑚̇f,in = 𝑚̇c,out.

In the case of pure water as the feed, the balanced condition for DCMD systems

is particularly simple; the flow rates of the hot and cold streams are equal because

the specific heat capacities are identical. Since the flow rate of each stream varies

along the length direction, we would set the flow rates at one end of the modules to

be equal and hence they remain equal at every point along the length of the module.

In addition, in this balanced condition, the flow rates through the external HX are

also equal and so the HX is also balanced at the same condition.
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2.2.1 Effect of solutes

For desalination, we are interested in salt water which has different a specific heat

capacity compared to that of pure water. As a result, balanced condition for salt

water corresponds to a more general case where heat capacity rates (i.e., 𝑚̇𝑐p) of the

two streams at one end of the system are equal rather than the flow rates. The control

system proposed in this study would set the product of the mass flow rate and the

specific heat capacity of the cold stream at its inlet to be equal to the product of the

mass flow rate and specific heat capacity of the salt water exiting the module:

𝑚̇c,in = 𝑚̇f,out ×
𝑐fp
𝑐pp

(2.7)

This can be achieved by using a simple control system that measures the two flow

rates and the feed exit salinity as shown in Fig. 2-2a. If mass flow rate is directly

measured, this measurement may be used directly. If instead, a volumetric flow

measurement is implemented, the density of the stream as a function of the measured

salinity can be used to evaluate the mass flow rate.

This criterion is general and holds true, irrespective of the membrane permeability,

area, or heat transfer coefficients within the channels. This method equates the heat

capacity rate ratio (or HCR) of the system to unity at the cold inlet, and we refer

to this condition as “Balanced” in Fig. 2-4,2-5 and 2-6. Since the recovery in a single

pass of DCMD is only about 6-7% usually, salinity of the brine is close to that of the

feed and so 𝑐fp is approximately equal at both ends of the module.

Note that unlike in the case of pure water, where setting this HCR to 1 at one end

of the module results in a value of unity throughout the system, in the case of salt

water, since 𝑐fp is not equal to 𝑐pp, along the module the heat capacity rates of the two

streams would not be identically equal. More specifically, the mass flow rate at any

location is subtracted or added but HCR involves a ratio (i.e., division). Therefore, it

is algebraically not possible to maintain HCR of unity when the 𝑐p values of the two

streams are different. Then there exists an optimal heat capacity ratio (HCR) value

(defined at the cold inlet) that corresponds to a maximum GOR. This condition is
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referred to as “Max GOR” in Fig. 2-4,2-5 and 2-6. The HCR value corresponding

to maximum GOR is determined by numerical optimization in Engineering Equation

Solver using a Golden Section search [53] as:

Max GOR = max
MR∈[0.6,1.4]

GOR (2.8)

Although the HCR corresponding to this optimal condition is not necessarily

unity, we show that “Balanced” condition with HCR = 1 is almost identical to the

“Max GOR” case. We will compare the two control systems (Fig. 2-2) as well as the

alternative of setting MR=1.

The comparisons in the subsequent sections are carried out based on the numerical

modeling framework described in detail in Summers et al. [98]. The effect of salt

concentration polarization is included [103]. The feed stream is assumed to be a

sodium chloride solution. The effect of dissolved salt on the vapor pressure of the

feed stream is given by:

𝑝f,mvap = 𝑃sat (𝑇f,m)× 𝑎w (𝑇f,m, 𝑠f,m) (2.9)

where 𝑎w is the activity of water evaluated using the Pitzer equations as described

by Thiel et al. [114].

The effect of salinity on the specific heat capacity of the feed stream is evaluated

as a curve fit from the more detailed Pitzer model, at 𝑇 = 60 ∘C:

𝑐p = 15.556𝑚2 − 241.78𝑚+ 4161.9 (2.10)

where 𝑐p is the specific heat capacity of the stream in J/kg-K and 𝑚 is the molality

of NaCl.

The baseline parameters for the simulations are given in Table 2.1.

2.3 Comparison of various control systems

Figure 2-2 shows two possible control systems for optimizing the performance of

DCMD systems. Note that the balancing method presented in this study, does not
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Table 2.1: Baseline values for validation test cases

S No Variable Value Units
1 𝑇f,in 85 ∘C
2 𝑇amb 25 ∘C
3 𝑚̇f,in 1 kg/s
4 𝑠𝑙in 35 g/kg
5 𝐿 6 m
6 𝑤 12 m
7 𝑑f , 𝑑p 0.001 m
8 𝐵 1.0× 10−6 kg/m2 s Pa
9 𝑘m,material 0.2 W/m K
10 𝜑m 0.8 -
11 𝛿m 1.5× 10−4 m

involve measuring the top and bottom temperatures reducing the number of measure-

ments required relative to earlier methods. Both these control systems as well as the

simple method of setting MR=1 are compared to the numerically evaluated optimal

operating condition.

Figure 2-3 shows that despite not measuring the system top and bottom temper-

atures, the current balancing method can account for variations in these two parame-

ters. Changes in temperature lead to a change in flux and hence brine mass flow rate

which is measured directly. Since mass flow rates are measured, changes in system

top temperature can be handled by the proposed control system.

Compared to setting MR=1, GOR is improved significantly by using either of the

two control systems (30–60%) (Fig. 2-4b). At very large lengths, the system based on

Eq. 2.3 deviates from the maximum possible GOR, whereas the balancing of the heat

capacity rates achieves almost exactly the same result as the numerical optimization.

The reason for the deviation of Lin et al. from the absolute maximum is the

fact that heat conduction through the membrane is not accounted for when deriving

Eq. 2.3. At larger module lengths, thermal efficiency (𝜂, which is defined as the

fraction of energy transfer across the membrane in the form of mass transfer) is lower

since the temperature difference across the membrane is closer to the BPE of the feed
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Heater Heat Exchanger

Control System for balancing 

Output 
Input

(a) Proposed control system to achieve
HCR=1.

Heater Heat Exchanger

Control System proposed by 
Lin et al. 

Optional input 
if         is fixed 

Output 
Input

(b) Control system proposed in Lin et
al. (Eq. 2.3).

Figure 2-2: Control systems proposed for DCMD GOR balancing.

stream.

The efficiency 𝜂 can be expressed as a function of various system parameters [106]

as:

𝜂 =

⎛⎝1 +
𝑘m

𝛿m𝐵ℎfg

1

𝑏𝐴e𝑏𝑇avg

(︁
1− BPE

Δ𝑇m

)︁
⎞⎠−1

(2.11)

where 𝐴 = 1054.8 Pa and 𝑏 = 0.0479 ∘C−1 are fitting parameters based on an expo-

nential curve fit of vapor pressure as a function of temperature (𝑝vap = 𝐴e𝑏𝑇 between

25 ∘C and 85 ∘C), 𝑇avg is an average temperature within the MD module, BPE is the

boiling point elevation at the feed salinity and top temperature, Δ𝑇m is the tempera-

ture difference across the membrane, 𝑘m is the thermal conductivity of the membrane,

and 𝐵 is the membrane permeability.

In order to illustrate that the present control system performs better at lower val-

ues of 𝜂, the systems are compared at different values of membrane material conduc-

tivity. At larger membrane material conductivity, the thermal efficiency (𝜂) drops.

Figure 2-5 shows that Eq. 2.3 deviates more from the maximum possible GOR at

higher thermal conductivity of the membrane material and lower 𝜂.

Figure 2-6 shows the effect of various control systems over a range of feed salinities.
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Figure 2-3: Comparison of balancing techniques at different system top temperature
.

Here as well, at higher inlet salinity and correspondingly higher BPE and lower 𝜂, a

system operating in accordance to , Eq. 2.3 deviates by up to 15% from the maximum

GOR possible. The balancing method proposed in this work does not deviate from

the maximum possible GOR until high salinities, and then only by 5%. This deviation

is due to the large difference between the specific heat capacities of the two streams.

2.4 Real-time balancing

Using the proposed control system, dynamic balancing of DCMD can be achieved.

This is similar to the dynamic optimization proposed for a humidification dehumidi-

fication (HDH) system with changes in operating conditions such as system top and

bottom temperatures [16, 18]. The effect of dynamic balancing with changes in sys-

tem top or bottom temperature is shown in Fig. 2-7a. Dynamic balancing refers to

continuously measuring the flow rates of interest and maintaining a HCR value of

1. This is compared to the case of one-time or initial balancing at 𝑇f,in = 85 ∘C,

𝑇c,in = 25 ∘C and 𝑠f,in = 35 g/kg, where the HCR is equated to 1 under these op-

erating conditions and the cold stream input flow rate is held constant at this value

in spite of changes in system top and bottom temperatures or feed inlet salinity. In
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Figure 2-4: Comparison of balancing techniques for systems of different sizes.

HDH, the effective specific heat capacity of the air stream is a non-linear function

of temperature due to the exponential dependence of saturation vapor pressure on

temperature. As a result, real-time balancing with changing system top or bottom

temperature leads to up to 50–150% improvement in GOR.

In MD, real-time balancing has little benefit for changes in system bottom tem-

perature and leads to about 5% increase in GOR for a 40 ∘C change in system top

temperature, compared to initial balancing at the baseline conditions. This differ-

ence can be attributed to the higher effect of top temperature on MD performance

compared to the bottom temperature due to the exponential nature of vapor pressure

dependence on temperature. Since MD performance changes more significantly with

top temperature, the effect of balancing is also more for a varying top temperature.

The bottom temperature is varied at a fixed top temperature of 85 ∘C in this

analysis. In real systems, the heat input may be fixed allowing the top temperature

to vary with changes in bottom temperature. Under this scenario, the overall effect

of changes in bottom temperature could be more significant and real-time balancing

may be more useful.

If the incoming feed water salinity was to vary over a wide range (𝑠f,in = 35–200

g/kg), for example in a batch MD process with feed recirculation for achieving higher

overall recovery ratio, real-time balancing leads to about 10–15% higher GOR than
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Figure 2-5: Comparison of balancing techniques at various values of membrane ma-
terial conductivity.

fixed MR or initial balancing (Fig. 2-7b), due to the more significant variation in

specific heat capacity of water with salinity.

The results presented here do not account for any lag, measurement errors, or

other dynamics of the control system. These factors should be considered in more

detail when a control system is practically implemented.

2.5 Conclusions

1. Direct contact membrane distillation can be balanced by setting the heat ca-

pacity rate ratio to 1 at one end of the module. Optimization in real-time can

be achieved using a simple control system that sets the cold stream inlet flow

rate as a function of the feed exit flow rate and salinity as: 𝑚̇c,in = 𝑚̇f,out ×
𝑐fp
𝑐pp
.

2. Balancing leads to 20-50% higher GOR than a case with equal inlet flow rates.

3. The proposed balancing method results in a GOR very close to that of the ab-

solute maximum GOR achievable, evaluated using numerical optimization. The

GOR achieved by the proposed balancing method deviates from the absolute

maximum GOR by about 5% at higher feed salinities due to larger difference
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Figure 2-6: Comparison of balancing techniques with changes in feed salinity.

between 𝑐fp and 𝑐cp.

4. Over a wide range of operating conditions, the ideal MR evaluated using the

permeate limiting formula proposed by Lin et al. [64] results in a performance

close to the absolute maximum value. Using their control system, GOR deviates

from the maximum possible GOR for systems with low thermal efficiency. That

condition occurs at large module length, higher membrane material thermal

conductivity or lower permeability, or higher feed salinity.

5. Real-time balancing is most useful compared to one-time or initial balancing,

when there are large variations in the feed salinity such as in the case of a batch

recirculation system. It may be useful with large changes in system top tem-

perature but will be relatively unimportant for changes in bottom temperature

at fixed top temperature.
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Chapter 3

Energy Efficiency of Permeate Gap

and Novel Conductive Gap

Membrane Distillation

Abstract

This work presents numerical modeling results and flux experiments for a novel mem-
brane distillation configuration called conductive gap membrane distillation (CGMD),
as well as permeate gap membrane distillation (PGMD). CGMD has a conductive
spacer in the gap between the membrane and condensing surface rather than more
commonly used insulating materials. Flux measurements with two experimental sys-
tems are used to validate the numerical models for PGMD and CGMD. PGMD has
20% higher GOR (energy efficiency) than an air gap membrane distillation (AGMD)
system of the same size, whereas CGMD can have two times higher GOR than even
PGMD. Increasing gap effective thermal conductivity in CGMD has negligible ben-
efits beyond 𝑘gap ≈ 10 W/m·K under the conditions of this study. The direction of
pure water flow in the gap has a significant influence on overall system energy effi-
ciency, especially in the case of CGMD. Using a countercurrent configuration for the
pure water flow in the gap relative to the cold stream leads to 40% higher GOR than
flow cocurrent with the cold water stream.

The contents of this chapter are adapted from [103].
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3.1 Introduction

3.1.1 Permeate Gap Membrane Distillation

(a) Permeate Gap Membrane Distillation
(b) Conductive Gap Membrane Distillation
proposed as a modification of PGMD

Figure 3-1: MD configurations analyzed in this study

Permeate Gap MD is also referred to as Water Gap and Liquid Gap MD. Simply,

it can be understood as a modification of AGMD where the gap between the mem-

brane and the condensing surface is filled with permeate water (Fig. 3-1a). PGMD

has shown improved fluxes compared to AGMD [21, 118, 121] as have other modifi-

cations such as material gap MD systems with sand added to the gap [37]. A clear

comparison of GOR between AGMD and PGMD has not been established, though

commercial spiral wound PGMD modules have achieved higher GOR . Winter et

al. [127] suggested PGMD as a modification of DCMD with internal heat recovery by

separation of the distillate from the coolant. Therefore the coolant can be any other

liquid, such as incoming feed water. They note that “The presence of the distillate

channel reduces sensible heat losses due to an additional heat transfer resistance.

An additional effect is the reduction of the effective temperature difference across
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the membrane, which slightly lowers the permeation rate." PGMD can therefore be

intuitively placed between AGMD and DCMD with intermediate thermal resistance

of the gap, thereby having lower sensible heat transfer to the permeate as compared

to DCMD, but perhaps more heat loss than AGMD. A hollow fiber MD system in

PGMD configuration was experimentally analyzed by Singh et al. [93], where the con-

densate from one AGMD module was passed into another module. Singh et al. note

that the second module would perform between AGMD and DCMD when the gaps

are filled with condensate. Hollow fiber systems with high packing density may also

lead to much lower effective gap sizes [19] and sections of the module may have pure

water extending across the narrow gaps between membrane and non-porous fibers.

While the focus of the present work is on modeling flat sheet and similar spiral-wound

MD systems, the overall trends are applicable to hollow fiber MD systems as well.

3.1.2 Conductive Gap Membrane Distillation

Conductive gap MD (CGMD) is suggested as a novel MD configuration (Fig. 3-1b). In

CGMD, the overall thermal conductance of the gap is increased. One way of achieving

this is to insert a high conductivity material (such as a metal mesh) into the gap of a

PGMD system. Increasing the conductivity of the gap in hollow fiber MD systems by

inserting high conductivity materials was suggested by Ma et al. [65] in 2010. This

is in contrast to other systems proposed in the literature such as material gap MD

where low conductivity materials such as sand were added to the gap region [37]. This

also contradicts the conventional wisdom and the historical development in the field

towards developing MD configurations with lower sensible heat loss than DCMD [12],

such as the the evolution from DCMD to AGMD or PGMD. Possible implementations

involve using a metal spacer instead of a plastic spacer, or implementing fins on the

conductive surface extending up to the membrane to increase the net conductivity

of the gap. The gap is filled with pure water, similar to the PGMD system. Vapor

would condense immediately as it leaves the membrane. The energy is conducted

through the gap into the cold stream, preheating it. While this configuration may

have a higher sensible heat loss than even PGMD, perhaps close to that of a DCMD
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system, for a given membrane area and feed flow rate, it rejects brine at a lower

temperature and correspondingly achieves higher preheating of the cold stream. This

could therefore result in a higher overall GOR.

In this study, we use numerical modeling to investigate the energy efficiency of

PGMD and CGMD systems. The results are compared to previously published re-

sults for other conventional MD configurations under the same operating conditions.

The effect of pure water flow direction in the gap is evaluated. The effect of gap

conductivity and membrane material conductivity on GOR is studied.

3.2 Numerical Modeling

3.2.1 Review

Several MD models with varying degrees of complexity have been developed to under-

stand the effect of system parameters on flux [2, 25]. Fewer, however, have analyzed

energy efficiency [15, 64, 135]. The modeling approach followed in this paper is very

similar to that found in Summers et al. [98]. As a result, only the new features of the

modeling are discussed in detail.

A one-dimensional model of the MD modules is studied, where properties vary

along the length of the module, but are constant along the width (direction into the

page). In the depth direction, property variations due to transport processes are

evaluated by considering the temperature and concentration boundary layers. The

bulk properties of the fluids are assumed equal to the value at the fluid interior;

the boundary layers are assumed to be thin, but not negligible. Mass, and energy

conservation equations are solved for each computational cell coupled with property

evaluations performed using built-in functions on Engineering Equation Solver (EES)

[53].

The overall computational cell is shown in Fig. 3-2.
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condensing
surface

Figure 3-2: PGMD computational cell

3.2.2 Feed Channel

Modeling of the feed channel is common to both configurations. A concentration

boundary layer is incorporated into the feed channel model to account for desalina-

tion of salt water and capture second order effects associated with salinity of the feed.

The film model of concentration polarization (Eq. 3.1) is used to relate the salt con-

centrations at the membrane interface (𝑐f,m) to the bulk concentration (𝑐f,b), effective

mass transfer coefficient (𝑘) in the channel and vapor flux thorough the membrane

(𝐽):

𝑐f,m
𝑐f,b

= exp

(︂
𝐽

𝜌f𝑘mass

)︂
(3.1)

The effect of dissolved salt on the vapor pressure of water is captured using

Raoult’s law (Eq. 3.2):

𝑝vapf,m = 𝑃sat (𝑇f,m)×

(︃
1−

2𝑐f,m
𝑀𝑊solute

2𝑐f,m
𝑀𝑊solute

+
1000−𝑐f,m
𝑀𝑊water

)︃
(3.2)

The difference in vapor pressure across the membrane is the driving force for water

vapor transfer as shown in Fig. 3-2. The effect of salt content on the enthalpy of the
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feed solution is not modeled in detail since we are focusing on low salinity conditions

where these secondary effects are negligible. The effect of salt on other thermophysical

properties of the streams is not modeled. At close to seawater salinities considered in

this study, the reduction in vapor pressure is the only thermally significant effect.

The flux through the membrane is calculated locally from the vapor pressure

difference and the membrane permeability coefficient, B:

𝐽 = 𝐵 ×
(︀
𝑝vapf,m − 𝑝vapg,m

)︀
(3.3)

3.2.3 Gap

The region between the membrane and the condensing surface will be referred to

as the gap. For air gap Summers et al. [98] presented a vapor diffusion with air

counter diffusion model. For PGMD and CGMD, similar to the case of DCMD,

vapor condenses immediately upon exiting the membrane pores into a stream of pure

water. From here, the heat is convected across the gap into the condensing surface.

In this study, the water flow rate is assumed to be relatively low and hence energy

transfer across the gap is approximated by conduction across the gap (3.4):

𝑞gap =
𝑘gap
𝑑gap

× (𝑇g,m − 𝑇w) (3.4)

Depending on the direction of water flow in the gap, 𝑞gap would be different. In

the case of crossflow configuration, the water produced at any given location along

the length would flow perpendicularly out of the module (in this case, into or out of

the plane of the paper, as shown in Fig. 3-4). On the other hand, the flow can also be

countercurrent to the cold stream or parallel to the flow stream. The corresponding

equations for cell number 𝑛 are given below (cell number 1 at the hot side):

𝑞𝑛gap,cross = 𝐽𝑛ℎ𝑣

(︀
𝑇 𝑛
f,m

)︀
+ 𝑞𝑛m − 𝐽𝑛ℎ𝑙

(︀
𝑇 𝑛
p

)︀
𝑞𝑛gap,countercurrent = 𝐽𝑛ℎ𝑣

(︀
𝑇 𝑛
f,m

)︀
+ 𝑞𝑛m +

[︀
𝑚̇𝑛−1

p ℎ𝑙

(︀
𝑇 𝑛−1
p

)︀
− 𝑚̇𝑛

pℎ𝑙

(︀
𝑇 𝑛
p

)︀]︀
/𝑑𝐴

𝑞𝑛gap,parallel = 𝐽𝑛ℎ𝑣

(︀
𝑇 𝑛
f,m

)︀
+ 𝑞𝑛m +

[︀
𝑚̇𝑛+1

p ℎ𝑙

(︀
𝑇 𝑛+1
p

)︀
− 𝑚̇𝑛

pℎ𝑙

(︀
𝑇 𝑛
p

)︀]︀
/𝑑𝐴

(3.5)
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In the case of PGMD, the gap is filled with water with some plastic spacers often

used to support the membrane. On the other hand, in the case of conductive gap

MD, conductive materials are used to enhance the conductivity of the region. The

effective thermal conductivity of this gap (𝑘gap) would therefore be a function of

the conductivities of water and additional material in the gap as well porosity and

geometry of the region. In this study, 𝑘gap = 0.6 W/m-K is used for PGMD and

𝑘gap = 10 W/m-K is used for reporting CGMD results.

The baseline conditions for the numerical model are shown in Table 3.1.

Table 3.1: Baseline values of parameters

No. Variable Value Units
1 𝑇f,in 85 ∘C
2 𝑇c,in 25 ∘C
3 𝑚̇f,in 1 kg/s
4 𝑐f,in 35 ppt
5 𝐿 6 m
6 𝑤 12 m
7 𝑑f , 𝑑c 0.001 m
8 𝑑gap 0.001 m
9 𝑘gap(PGMD) 0.6 W/m-K
10 𝑘gap(CGMD) 10 W/m-K
11 𝐵 16× 10−7 kg/m2 s Pa
12 𝛿m 93.75 𝜇m

3.3 Validation

The numerical modeling framework presented above has been validated for AGMD

and DCMD in the past [98]. PGMD experiments were carried out using the AGMD

apparatus described in detail elsewhere [102]. The apparatus was used to study

PGMD by collecting water from the top, hydrostatically forcing the gap region to

be flooded with pure water. Experiments were conducted at different values of

𝑇f,in(40, 50, 60, 70
∘C) and 𝑇c,in(17, 20, 25

∘C). For the numerical model predictions,
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an effective gap conductivity of 𝑘gap = 0.6 W/m-K and effective gap thickness of 1

mm were used. Under similar conditions compared to PGMD, the flux for AGMD

is about 20% lower at higher 𝑇f,in and more than 50% lower at lower temperatures.

This result is comparable to results in the literature that show that flux for liquid

gap MD is higher than that of AGMD. The magnitude of improvement in this study

may be smaller since a smaller gap thickness is used, resulting in lower resistance in

the case of AGMD.

The results comparing the numerical modeling predictions against the experimen-

tal results are shown in Fig. 3-3a. Each set of three data points corresponds to one

value of hot side temperature.
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Figure 3-3: Model validation with experimental flux measurements

Further validation of the model for the effect of gap conductivity in CGMD con-

figuration was carried out using a modified Sterlitech apparatus described in [3] and

the results are shown in Fig. 3-3b. In the figure, M1 to M5 correspond to different

types of metal meshes used in the gap which is about 2-4 mm thick. M1 to M3

are woven aluminum mesh spacers (McMaster-Carr part numbers 9227T53, 9227T56,

9227T57). M4 is a porous Duocel Aluminum material (ERGAerospace part number

6101-T6) hammered down to half its thickness and covered by a thin brass mesh to

protect the membrane. M5 is a specially manufactured copper plate with fins. The
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gap conductivity in the case of M5 is likely to be much higher, but since the increase

in flux is negligible at higher conductivities, the point is plotted at the edge of the

plot.

These results are also in overall agreement with flux results presented by Francis

et al. [37] on material gap MD configurations. With the introduction of sand that

has lower thermal conductivity than water, the flux was found to be lower than with

only water in the gap. The opposite effect is observed in terms of flux for CGMD.

In order to validate the model for a larger system with energy recovery, data

from spiral wound module analysis reported in [127] is used. The current model

was run at the following conditions to compare with reported results: (𝐵 = 16 ×

10−7 kg/m2 · s · Pa, 𝑘m = 0.25W/m ·K , 𝛿m = 70𝜇m , 𝐿 = 7m, 𝑤 = 0.7m, 𝑑ch =

3.2mm, feed flow inlet rate = 0.04166 kg/s, permeate flow in counterflow direction,

𝑘gap = 0.5W/m ·K (for water and a plastic spacer), 𝑑gap = 1mm, 𝑇f,in = 80 ∘C, 𝑇c,in =

25 ∘C). The predicted specific thermal energy consumption is 158 kWh/m3, and the

flux is 1.76 LMH. The values reported in [127] for the same operating conditions are

specific thermal energy consumption of 150–160 kWh/m3 and a flux of about 1.5–

1.6 LMH. The membrane permeability value, as well as the gap conditions were not

available and were assumed. Also, the model does not account for heat loss to the

environment.

3.4 Results and Discussion

3.4.1 GOR comparison, Effect of gap flow

The configuration of pure water flow in the gap can affect the performance of a

PGMD or CGMD system. Figure 3-4 shows the different options for pure water flow

in the gap. On the left, pure water in the gap flows countercurrent to the coolant

fluid across the condensing plate. The opposite gap configuration is to have the pure

water flow parallel to the coolant stream, as seen on the right. An intermediate design

(middle) may be that of perpendicular or crossflow, where water flows in a direction
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perpendicular to that of cold water flow and leaves the module at several positions

along the length of the module.

Figure 3-4: Illustration of various flow configurations in the gap region

The system with gap flow countercurrent to the cold stream (left) is likely to

have the highest energy efficiency since the pure water would leave the system close

to the cold stream inlet temperature; this is similar to the well-known behavior of

a counterflow heat exchanger. On the other hand, the parallel configuration (right)

would be rejecting a warm pure water stream close to the top temperature. Even

though the amount of water released is less than 8% of the feed stream, it can still

have a detrimental effect on energy efficiency. The perpendicular configuration is

likely to lie in between, since water is released both at warmer temperatures and

cooler temperatures, and hence on average the stream is going to be of intermediate

temperature.

The effect of length on GOR is shown for all three flow orientations in Fig. 3-5.

The GOR trend is as expected. At 𝐿 = 5 m, the GOR differs by about 1 between

parallel and perpendicular and between perpendicular and countercurrent for CGMD

systems (Fig. 3-5a). The trend is similar for PGMD systems, but the difference in

magnitude of GOR differences is much smaller at about 0.2. The flux at 𝐿 = 5 m, is

5.8 L/m2-hr for PGMD and 6.6 L/m2-hr for CGMD in countercurrent configuration.
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The higher GOR observed at larger membrane areas is accompanied by a lower flux,

which is similar to the trade-off observed for DCMD systems by Gilron et al. [43]. As

a result, operating at very high GOR may not be optimal.

Comparing the graphs with data from [98] for AGMD, DCMD and VMD systems

over the same operating conditions, GOR of PGMD is about 20% higher than that of

AGMD across the range of lengths. The GOR of CGMD in turn is about two times

higher than that of PGMD.
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Figure 3-5: Effect of gap flow direction and system length. Other parameters set at
baseline values (Table 3.1).

Figure 3-6a shows the bulk stream temperature profiles within the module for the

three different flow orientations when 𝐿 = 5 m. The temperature profiles are more

straight for the counterflow case than the crossflow and parallel arrangements. The

cold stream leaves at a higher temperature in the case of the counterflow configuration.

This means that better preheating is achieved and hence less heat will be added from

the heater, contributing to a higher GOR. Figure 3-6b shows the driving temperature

difference between the hot and cold stream bulk temperatures along the length of the

module. Interestingly, in counterflow design, the pinch point temperature difference

occurs at the hot side, leading to lower external heat input, whereas in both the

other configurations, the pinch point occurs at the cold end. The driving force is

also relatively more constant in the counterflow design, contributing to lower entropy

generation within the module and better overall energy efficiency [113].

67



All subsequent results and discussions will focus on the counterflow configuration.

The trends will be relatively similar for other flow configurations as well.
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Figure 3-6: Effect of gap flow direction on temperature profile in CGMD. Other
parameters set at baseline values (Table 3.1).

3.4.2 Effect of Gap Thermal Conductivity

Figure 3-7 shows the effect of gap conductivity on GOR. 𝑘gap is varied over a range of

0.5 W/m-K to more than 30 W/m-K. At lower 𝑘gap, an increase in the conductivity

leads to significant improvements in GOR (Fig. 3-7) whereas beyond about 𝑘gap = 10

W/m-K, increase in conductivity doesn’t result in much further improvement.

The results shown in Fig. 3-7 are also applicable for analyzing PGMD with smaller

gap as can be easily achieved by using a thinner spacer or packing the fibers more

densely in the case of hollow fiber system. The effect of reducing the gap thickness

is similar to that of increasing the conductivity of the gap. From Eq. 3.4, we see

that the parameter of interest is the gap conductance given by 𝑘gap/𝛿gap. At higher

gap conductivity or lower gap thickness the system would start behaving closer to

CGMD. The value of gap conductance corresponding to a 𝑘gap = 10 W/m-K as used

in this study is 10000 W/m2-K. To achieve a similar conductance with a permeate

gap system, the gap thickness would have to be 60 𝜇m.
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Figure 3-8 illustrates the effect of 𝑘gap on 𝑚̇p and 𝑄̇h. 𝑚̇p increases and 𝑄̇h

decreases, both leading to an improvement in GOR. Among the two, the increase in

𝑚̇p is about 15% whereas the decrease in 𝑄̇h is around 60%. Together, both of these

effects result in the nearly 100% higher GOR for CGMD compared to PGMD, as 𝑘gap

increases from about 0.6 to 10 W/m-K.
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Figure 3-8: Effect of gap conductivity on permeate production and heat input rate.
Other parameters set at baseline values (Table 3.1).

The temperature profiles within the modules are illustrated in Fig. 3-9 and help

explain the results physically. For PGMD, a relatively large difference in temperature

is observed between the membrane surface and the condensation plate. As a result,
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there is a smaller temperature difference across the membrane leading to lesser pure

water production, even though the overall pinch point temperature difference between

the bulk streams is much larger compared to the profile for CGMD. On the other hand,

since the pinch point temperature difference is smaller in CGMD, lesser external

energy supply was required too.
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Figure 3-9: Temperature profiles in PGMD and CGMD systems. Simulation param-
eters set at baseline values (Table 3.1).

3.5 Conclusions

1. Numerical modeling shows that PGMD systems have higher GOR than AGMD.

The proposed CGMD configuration with a high thermal conductivity gap has

two times higher GOR than even PGMD.

2. Pure water flow in the gap countercurrent to the cold stream leads to highest

energy efficiency followed in order of efficiency by crossflow and parallel config-

urations.

3. An increase in gap conductivity improves permeate production and GOR, with

diminishing returns beyond 𝑘 ≈ 10 W/m-K in the cases considered here.

4. The main reason for improved GOR of CGMD is better energy recovery into

the cold stream within the MD module.
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Chapter 4

Membrane distillation model based

on heat exchanger theory and

configuration comparison

Abstract

Improving the energy efficiency of membrane distillation (MD) is essential for its
widespread adoption for renewable energy driven desalination systems. Here, an en-
ergy efficiency framework for membrane distillation modules is developed based on
heat exchanger theory, and with this an accurate but vastly simplified numerical
model for MD efficiency and flux is derived. This heat exchanger analogy shows that
membrane distillation systems may be characterized using non-dimensional parame-
ters from counter-flow heat exchanger (HX) theory such as effectiveness (𝜀) and num-
ber of transfer units (NTU). Along with the commonly used MD thermal efficiency
(𝜂), “MD effectiveness" 𝜀 should be used to understand the energy efficiency (mea-
sured as gained output ratio, GOR) and water vapor flux of single stage membrane
distillation systems. GOR increases linearly with 𝜂 (due to decreasing conduction
losses), but increases more rapidly with an increase in 𝜀 (better heat recovery). Using
the proposed theoretical framework, the performance of different single stage MD
configurations is compared for seawater desalination. The gap between the mem-
brane and the condensing surface constitutes the major resistance in both air gap
(AGMD) and permeate gap (PGMD) systems (75% of the total in AGMD and 50%
in PGMD). Reducing the gap resistance by increasing gap conductance (conductive
gap MD (CGMD)), leads to an increase in 𝜀 through an increase in NTU, and only a
small decrease in 𝜂, resulting in about two times higher overall GOR. GOR of direct
contact MD (DCMD) is limited by the size of the external heat exchanger, and can
be as high as that of CGMD only if the heat exchanger area is about 7 times larger
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than the membrane. While MD membrane design should focus on increasing the
membrane’s permeability and reducing its conductance to achieve higher 𝜂, module
design for seawater desalination should focus on increasing 𝜀 by reducing the major
resistance to heat transfer. A simplified model to predict system GOR and water
vapor flux of PGMD, CGMD and DCMD, without employing finite difference dis-
cretization, is presented. Computationally, the simplified HX model is several orders
of magnitude faster than full numerical models and the results from the simplified
model are within 11% of the results from more detailed simulations over a wide range
of operating conditions.

The contents of this chapter are adapted from [106].

4.1 Introduction

4.1.1 Chapter outline

In Section 4.1, existing membrane distillation efficiency parameters such as energy

efficiency or gained output ratio (GOR), 𝜂 (MD thermal efficiency), and flux (𝐽) are

reviewed. The finite difference numerical model used in this study is reviewed.

Effectiveness (𝜀) is introduced in Section 4.2 as an additional useful parameter to

understand MD energetic performance. The energy efficiency of single stage MD sys-

tems with internal heat recovery is derived in terms of 𝜂 and 𝜀. Using this expression,

an upper limit for MD’s GOR is evaluated and compared to the thermodynamic limit

for a generic thermal desalination system.

The literature has mostly focused on the importance of reducing conduction losses

through the membrane (increasing 𝜂). In Section 4.3, the relatively higher importance

of achieving better heat recovery within the module (or higher effectiveness 𝜀) is

illustrated. The theory developed in the previous sections is used to understand

the trend of increasing GOR observed in PGMD and CGMD with improving gap

conductance, for desalination of seawater.

In Section 4.4, the GOR of DCMD is derived in terms of 𝜂 and 𝜀 and the properties

of the external heat exchanger, to enable comparison with other configurations with

internal heat regeneration. The inherent disadvantage of using an additional external

heat exchanger in DCMD is quantified through the TTDfactor. This parameter is
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a function of the terminal temperature difference (TTD) of the MD and the heat

exchanger (HX). The GOR of DCMD is lower than that of CGMD when the external

heat exchanger area is equal to the membrane area. If the relative size of the heat

exchanger is increased, DCMD performance approaches and eventually marginally

exceeds that of CGMD.

In Section 4.5, the magnitude of the various internal heat transfer resistances are

compared for the various configurations. The gap between the membrane and the

condensing surface constitutes the major resistance in AGMD and PGMD, whereas

the flow channel and the membrane resistances are important in the case of DCMD

and CGMD. Using this framework, the effects of increasing membrane permeability

and flow channel heat transfer coefficients are analyzed.

Finally, in Section 4.6, a simplified model for evaluating the performance of PGMD

and CGMD systems without employing finite-difference or other discretization tech-

niques is presented. The model is inspired by the 𝜀-NTU (number of transfer units)

method for heat exchangers, recognizing the similarity between a well-designed MD

system and a counter-flow heat exchanger. 𝜀 and 𝜂 are rewritten in terms of the

effective transport resistances within the MD module, and so the GOR and flux of an

MD system can be evaluated given the geometrical parameters of the system and the

input conditions such as feed flow rate and heater outlet temperature. This simplified

model is intuitive and computationally orders of magnitude faster than discretization

based methods, while producing results within 10% of the more complicated models

over a wide range of operating conditions.

4.1.2 MD efficiency parameters

MD thermal energy efficiency is expressed as a gained output ratio (GOR). A higher

GOR indicates lower thermal energy consumption. While thermal energy constitutes

the major part of the cost of water from MD, capital costs may also be significant.

The performance parameter relevant to capital cost is the flux of water through the

membrane, which quantifies the membrane productivity. Higher flux results in lower

capital cost of the MD process. Some of these existing efficiency metrics for MD are
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reviewed in this section.

Gained output ratio

The overall system energy efficiency is measured as a non-dimensional parameter,

gained output ratio (GOR):

GOR =
𝑚̇pℎfg

𝑄̇h

(4.1)

where 𝑚̇p is the rate of permeate production, ℎfg is the enthalpy of evaporation and

𝑄̇h is the power input in the heater. GOR is the inverse of specific thermal energy

consumption times the enthalpy of vaporization of water. A higher value of GOR

corresponds to a lower thermal energy consumption per unit mass of distillate. A

value of 1 corresponds to a system with no losses and no condensation energy recovery.

In practice, multiple energy losses occur, such as the disposal of hot brine or heat

conduction through the walls of the system, and so a system without condensation

energy recovery would have GOR much lower than 1. In contrast, large scale thermal

desalination plants such as multi-stage flash and multi-effect distillation systems may

have GOR of about 10.

A large majority of membrane distillation studies have been performed on a small

scale without energy recovery, and hence do not discuss GOR. Summers and Lienhard

[100] performed a detailed analysis to scale AGMD performance as a function of

system size. Summers et al. [98] reported GOR of AGMD and DCMD systems of

about 5-6 based on numerical modeling. They showed that GOR increases with

an increase in channel heat transfer coefficient, membrane area, top temperature or

bottom temperature. At larger specific membrane area
(︁
= 𝐴

𝑚̇f

)︁
, Summers et al. found

that AGMD achieves the highest GOR, whereas at lower areas, DCMD achieves higher

GOR. This result was based on a fixed external heat exchanger TTD=3 ∘C for the

DCMD module. The feed and cold stream input flow rates were also set to be equal

in this study, and hence there is scope for improvement by balancing the DCMD

operation.

Zuo et al. [135] analyzed the GOR and cost of a cross-flow hollow fiber DCMD
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module. Gilron et al. [43] analyzed a cascade of cross-flow DCMD modules, where

increasing the number of stages is similar to increasing the length of a flat sheet

countercurrent MD system. A GOR of about 9.5 was reported for an 11-stage system

with a top temperature of 95 ∘C. Lin et al. [64] report the specific thermal energy

consumption of DCMD as a function of MR (ratio of distillate and feed input mass

flow rates) and membrane permeability. Over the range of membrane permeability

considered, they found that the maximum GOR varies from about 1.5–10.

He et al. [49] and Geng et al. [40] have reported high experimental values for GOR

for hollow fiber AGMD. The maximum GOR reported in [40] is 8.8 at hot and cold

temperatures of 90 and 40 ∘C and feed NaCl salinity of 35 g/kg.

Zaragoza et al. [133] compared the performance of several commercial MD modules

in permeate gap, air gap and multi-effect vacuum configurations. While multi-effect

vacuum MD achieved much higher recovery ratio, spiral wound single stage systems

achieved the highest energy efficiency and similar permeate flux as the multi-effect

system.

Flux

Pure water flux 𝐽 , often measured in L/m2 h or LMH is the subject of significant

investigation in the membrane distillation literature. Flux can be expressed as:

𝐽 =
𝑚̇p

𝐴
× 3600

[︁ s

hr

]︁
× 1

𝜌
[︀
𝑘𝑔
𝐿

]︀ (4.2)

where 𝐴 is the area of membrane in m2 and 𝜌 is the density of the feed stream in

kg/L.

DCMD has the highest flux, and AGMD has much lower flux, for coupon scale

experiments. A coupon sized experiment is where the hot and cold stream tempera-

tures do not change significantly along the flow direction between the entrance and

exit of the module. As a result, lower mass transfer resistance in DCMD directly

corresponds to a higher flux.

While the flux in coupon sized experiments can be higher than 100 LMH, in a

real MD system with heat regeneration, the driving temperature difference across the
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membrane is lower and hence fluxes are more modest at about 5 LMH.

The trade-off between flux and GOR was recognized for hollow fiber DCMD in

[43], with GOR increasing with stages, but flux decreasing. Several other researchers

have recognized this trade-off and some have used flux vs. GOR plots to visualize the

same [45, 49].

Under coupon scale systems, the flux with PGMD has been shown to be higher

than that of AGMD [21, 37]. Recently, CGMD was shown to have four times higher

flux than AGMD for a gap thickness of about 3 mm [103]. Tian et al. [115] also

performed coupon-sized experiments under CGMD conditions by allowing partial

contact between the membrane and the condensing surface and achieved better mixing

of the feed stream. The flux under this condition was 120 LMH with 𝑇f = 77 ∘C and

𝑇c = 12 ∘C. In a larger system with energy recovery, it is shown that the flux of

PGMD and CGMD are likely to of similar magnitude [103] or even lower than that

of AGMD for the same membrane area (Fig. 4-8b).

Wu et al. [128] recently developed a heat-exchanger (𝜀-NTU) model to evaluate

the flux of DCMD. The model is applicable for both parallel and counterflow config-

urations at low feed salinity and operates at small computational cost compared to

finite difference methods. Since an overall heat transfer coefficient defined between

the feed and cold bulk streams is used, a correction factor was additionally used to

enhance the accuracy of the model by increasing the relative importance of the heat

transfer coefficient on the hot side over the cold side.

Thermal efficiency

Thermal efficiency (𝜂) of membrane distillation is defined as the fraction of the energy

transferred from the hot side by mass transfer. For a system with little or no conden-

sation energy recovery, 𝜂 is the most important efficiency parameter of interest. In

the ideal scenario, all the heat supplied to the MD process should be used for evapo-

ration and should not be leaked from the hot side to the cold side as heat conduction

losses. This ideal case would correspond to a thermal efficiency of 1. However, even

with a membrane material that is perfectly insulating, 𝜂 cannot reach 1 due heat
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conduction through the vapor [64]. Nevertheless, 𝜂 = 1 is a useful upper limit to

consider. Formally, 𝜂 may be defined as follows:

𝜂 =
𝑄̇mass

𝑄̇tot

=
𝑄̇mass

𝑄̇mass + 𝑄̇cond

(4.3)

where, 𝑄̇mass is the heat transfer rate associated with vapor transport through the

membrane, which can be evaluated as the area weighted sum of the heat flux (𝑞) as:

𝑄̇ =

∫︁
𝐴

𝑞 𝑑𝐴 (4.4)

where the integral is evaluated over the total area of the membrane. The heat flux

at any local section along the length of the module is a function of the membrane

permeability (𝐵) and vapor pressure difference across the membrane (Δ𝑝vap), given

by:

𝑞mass = 𝐵 ·Δ𝑝vapℎfg(𝑇g,m) (4.5)

Similarly, 𝑄̇cond refers to the conduction heat transfer rate through the membrane

and is based on the local heat conduction flux given by

𝑞cond =
𝑘m
𝛿m

(𝑇f,m − 𝑇g,m) (4.6)

where 𝑘m is the effective conductivity of the membrane, 𝛿m is the thickness of the

membrane and 𝑇f,m and 𝑇g,m are the temperatures at the feed-membrane and gap-

membrane surfaces.

Membrane design should focus on increasing porosity and reducing membrane

material conductivity to achieve high 𝜂 [26]. There are clear differences in 𝜂 between

various MD configurations. DCMD has the lowest 𝜂 among MD configurations. The

presence of the additional air layer, with a much lower conductivity, leads to a larger

𝜂 in the case of AGMD. Although the overall effective permeability and hence flux is

lower in the case of AGMD, the fraction of heat transferred through conduction is also

lower, leading to higher 𝜂. Ali et al. [7] analyzed the effect of various membrane prop-

erties on the cost of water production from a small-scale MD system and found that
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while DCMD costs were affected by membrane conductivity and thickness, AGMD

was relatively unaffected. This can be explained based on the trends in 𝜂 discussed

previously.

The value of 𝜂 for MD systems has often been measured in coupon sized systems

with relatively high flux. A wide of range of values have been reported for 𝜂, ranging

from 0.2 to 0.95. In AGMD, the presence of the air gap ensures that 𝜂 > 0.85 [11].

For DCMD, in contrast, 𝜂 can vary over the wide range as a function of membrane

properties and operating conditions. For low permeability membranes [131], or at

high feed salinity [60], 𝜂 can be quite low [82] . On average, 𝜂 is greater than about

50–60% [4, 45, 62, 80, 111], and for well-designed membranes 𝜂 can be quite high at

about 0.75–0.85 [12, 34, 57, 67]. The discussion in Section 4.6 can help explain this

wide range in the observed values.

For larger systems with significant energy recovery, GOR is directly affected by 𝜂.

Fane et al. [36] expressed the GOR of DCMD as:

GORDCMD = 𝜂 × Δ𝑇MD

TTDMD + TTDHX

(4.7)

where Δ𝑇MD is the axial temperature change of the feed as it flows through the MD

module. This expression has been used subsequently by several other investigators

[43, 135].

Koschikowski et al. [55] expressed GOR of a system with internal heat regenera-

tion, such as PGMD, AGMD, and CGMD, as a function of 𝜂 in the form:

GOR = 𝜂 × 𝑇c,out − 𝑇c,in

𝑇f,in − 𝑇c,out

(4.8)

Guan et al. [45] proposed an implicit expression linking GOR and 𝜂 based on

measured permeate and feed flow rates.

4.1.3 Modeling

The modeling results presented in this study are based on the one-dimensional finite

difference numerical modeling framework presented in [98, 103]. The variations in

80



parameters such as flow rate, temperature and salinity along the module length are

modeled along with the effect of heat and mass transfer boundary layers. All the

results are presented for ‘balanced’ system conditions with highest efficiency. Balanc-

ing is achieved based on the principle of thermodynamic equipartition presented in

Thiel et al. [113]. In the case of PGMD, CGMD and AGMD, balance refers to the

condition where the pure water in the gap flows in the same direction as the feed

water [103]. In the case of DCMD, balance refers to the condition where the heat

capacity rates of the two streams are equal [64, 105]. The validation of the model

against experimental data from large-scale MD systems is presented in 4.8.1.

4.2 MD energy efficiency theory

4.2.1 GOR as a function of MD effectiveness, 𝜀
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Figure 4-1: Schametic diagrams of MD systems.

Figure 4-1 shows schematic diagrams of the MD configurations considered in this

study and the various temperatures are labeled. The flux of CGMD is higher than

that of PGMD for coupon-sized systems. For a larger scale system designed for high

GOR, Swaminathan et al. [103] showed that the higher GOR of CGMD compared to

PGMD is not because of improved flux, but rather an effect of better energy recovery
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within the module [103]. Better energy recovery within the module leads to a higher

temperature of the preheated stream, leading to lower external heat input and hence

higher GOR. In this context, another parameter, the MD system effectiveness, 𝜀 is

defined here. Adapted from two-stream heat exchanger theory, 𝜀 compares the actual

change in enthalpy of the cold stream to the maximum possible change in enthalpy

of the cold stream. The specific heat capacity is relatively constant over the range of

temperatures considered, so the equation may be reduced to a ratio of temperature

differences:

𝜀 =
ℎc,out − ℎc,in

ℎf,in − ℎc,in

=
𝑇c,out − 𝑇c,in

𝑇f,in − 𝑇c,in

(4.9)

The cold stream is an ideal choice for defining 𝜀 since the mass flow rate and

salinity of the cold stream are constant along the length of the module (for PGMD,

CGMD, and AGMD).

𝜀 is therefore a measure of energy transfer between the hot and cold streams scaled

by the total possible energy transfer, and a value of 𝜀 = 1 corresponds to an infinite

area MD heat exchanger where the cold stream leaves at the hot inlet temperature

and vice versa.

The GOR of AGMD, PGMD and CGMD can be expressed in terms of 𝜂 and 𝜀 as

follows:

GOR =
𝑚̇pℎfg

𝑄̇h

≈ 𝑄̇mass

𝑄̇h

= 𝜂 × 𝑄̇total

𝑄̇h

= 𝜂 × 𝑇c,out − 𝑇c,in

𝑇f,in − 𝑇c,out

= 𝜂 × 𝜀

1− 𝜀
(4.10)

where 𝑄̇total is the total heat transferred from the hot stream to the cold stream and

𝑄̇mass is the heat transfer associated with vapor transfer across the membrane. The

numerical values of GOR evaluated using Eqs. 4.1 and 4.10 may differ slightly based
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on the temperature at which ℎfg is evaluated in Eq. 4.1, since in Eq. 4.10 an average

value of ℎfg within the module is used.

From Eq. 4.10, GOR increases non-linearly with an increase in 𝜀, whereas the

dependence on 𝜂 is linear. This expression will be used to understand the effect of

increasing the gap conductivity in next section.

4.2.2 Deriving an expression for the upper limit of MD GOR

The maximum possible efficiency for MD systems can be derived from the new ex-

pression for MD GOR with 𝜀, Eq. 4.10, and using the limitation of boiling point

elevation.

Mistry et al. [75] analyzed the maximum performance limit for a general thermal

desalination system with heat supply from a source at 𝑇h and environment tempera-

ture 𝑇0 by setting entropy generation equal to zero as:

GORlimit
thermodynamic =

ℎfg

𝑄̇h,least

𝑚̇p

=
ℎfg

(︁
1− 𝑇0

𝑇h

)︁
𝑔p +

(︀
1

RR
− 1
)︀
𝑔br − 1

RR
𝑔f

(4.11)

where 𝑔 is the Gibbs energy, RR is the recovery ratio or ratio of pure product pro-

duction to feed input, 𝑇amb is the ambient temperature and 𝑇h is the temperature of

the heat source in the heater.

The least heat of separation for pure water is zero [73], corresponding to a max-

imum achievable GOR approaching ∞. At higher input salinities, the denominator

increases and hence the maximum achievable GOR is lower.

For a single stage MD system, the GOR predicted by Eq. 4.10 should be lower

than this thermodynamic limit. For an infinite area MD system, 𝜀 → 1 so that GOR

→ ∞ if 𝜂 > 0. This is possible when the feed is pure water; with real solutions, boiling

point elevation makes approaching 𝜀 of one impossible. When the feed is salt water of

salinity 𝑠f , in order to sustain positive fluxes within the module, the feed and cooling

fluid temperature difference at the membrane surface (𝑇f,m−𝑇c,m, at any local position
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within the module) should be greater than the local value of boiling point elevation

(𝐵𝑃𝐸 (𝑇f,m, 𝑠f,m)) [20]. At infinite area, flux is very close to zero, leading to near zero

temperature and concentration polarization (𝑇f,m ≈ 𝑇f,b, 𝑇c,m ≈ 𝑇c,b), and hence only

the membrane offers resistance to transport. The minimum temperature difference

between the bulk streams in MD and heat exchangers occurs at one end of the system

and can be defined as the terminal temperature difference (TTD). TTD would have to

be at least greater than or equal to the maximum BPE within the module to sustain

positive vapor flux within the system (i.e., TTDmin = BPEf,in). To understand the

upper bound for GOR, an effective membrane thermal conductivity of 0 W/m-K is

assumed by setting 𝜂 = 1. In reality, even if the membrane is extremely porous, the

lower limit for effective thermal conductivity is 𝑘air ≈ 0.02 W/m-K, leading to 𝜂 < 1.

𝜀 can be expressed as a function of module TTD = 𝑇f,in − 𝑇c,out, using Eq. 4.9 as

𝜀 = 1− TTD

𝑇f,in − 𝑇c,in

(4.12)

Equation 4.10 can then be rearranged as

GOR = 𝜂

(︂
𝑇f,in − 𝑇c,in

TTD
− 1

)︂
(4.13)

The upper bound for GOR can therefore be expressed by substituting TTDmin =

BPEf,in and 𝜂 = 1 as

GORlimit,MD =
𝑇f,in − 𝑇c,in

BPEf,in

− 1 (4.14)

The two functions (Eqs. 4.11, 4.14) are plotted as a function of input salinity in

Fig. 4-2. A recovery ratio (RR) of 10.11% is used for evaluating the thermodynamic

limit since that is the average recovery ratio with an infinite area MD system with zero

heat conduction across the membrane over the range of input salinities considered.

The seawater property package of Sharqawy et al. and Nayar et al. [92, 79] is used to

evaluate the Gibbs energy and boiling point elevation of seawater at various salinities

and temperatures.

As seen in Fig. 4-2, GORmax,MD is bounded by GORmax,thermodynamic. One reason

for lower GORmax,MD is that the boiling point elevation varies along the module
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Figure 4-2: Limits of MD system energy efficiency

length. As a result, vapor flux is driven by a non-zero driving force, generating

entropy elsewhere. Both 𝜂 and 𝜀 are lower for real MD systems since the membrane

is not a perfect insulator and the area of the system is finite. As a result, real GOR

values are at least an order of magnitude lower than the maximum possible GOR,

leading to a second law efficiency of less than 10% as observed by Mistry et al. [74].

4.3 MD configuration comparison

Results are presented based on a membrane with an average pore size of 0.2 𝜇m,

porosity of 80% and permeability coefficient of 𝐵0 = 1.5 × 10−10 s. The baseline

membrane thickness is set at 𝛿𝑚 = 150 𝜇m, resulting in 𝐵 = 10−6 kg/m2-s-Pa. The

channel thickness as well and the gap thickness are set at 1 mm. The feed inlet

velocity is about 8.3 cm/s and the heat transfer coefficient within the channel is

ℎf = ℎc ≈ 2400 W/m2·K. The channel width is 12 m, and channel length is 6 m,

wherever not explicitly stated.

Figure 4-3 shows the comparison between various MD configurations. All the con-

figurations show a trade-off between permeate flux and GOR, as previously observed

for DCMD [45]. Assuming similar capital cost per unit area, a configuration whose

performance curve lies towards the top-right is strictly better since it has both higher
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energy efficiency and flux. At a constant flux, the GOR of CGMD is two times higher

than that of PGMD. The energy efficiency of DCMD lies between those of PGMD and

CGMD. Similarly, at constant GOR, flux of CGMD is about two times higher than

that of PGMD. The reason for this trend in terms of the values of thermal efficiency

and effectiveness is shown in Fig. 4-3b. 𝜂 decreases with length for all the configu-

rations. The 𝜂 of AGMD is higher than 0.9 over the entire range of system lengths.

The 𝜂 for PGMD, DCMD and CGMD are lower and decrease more significantly with

area. The value of 𝜂 for these three systems is relatively similar.

One of the important results is that a low thermal conductivity of the gap region,

when the gap is filled with water, is not particularly useful in maintaining a higher

value of 𝜂. This was the motivation behind maintaining low thermal conductivity in

the case of PGMD [127] and material gap MD [37]. On the contrary, with a highly

conductive gap, as in the case of CGMD, 𝜂 is only slightly lower. The reason is

that 𝜂 is only a function of the membrane properties and conditions at the boundary

of the membrane (Eq. 4.23). Changes in other parts of the system, can influence 𝜂

only through changing the boundary conditions across the membrane. An air gap

does lead to a higher 𝜂 at the expense of lower 𝜀. With an increase in length, GOR

increases from about 1 to about 15, in spite of the small decrease in 𝜂 with length.

This is a result of the significant increase in 𝜀. DCMD has the largest 𝜀, followed by

CGMD, PGMD and AGMD. The higher 𝜀 leads to higher overall energy efficiency in

the case of CGMD, compared to AGMD and PGMD.

Figure 4-4 shows the same comparison for a membrane with lower permeability

(𝐵 = 5× 10−7kg/m2-s-Pa). As a consequence of the lower permeability, the 𝜂 values

for all the configurations are lower, although the effect is much more pronounced for

CGMD, PGMD and DCMD, where the thermal efficiency drops by 0.1 (Fig. 4-4b).

As a result of this, the trends in terms of GOR are also affected. The energy efficiency

of CGMD is only 80% higher, compared to 100% higher in the previous case. Also,

PGMD which was slightly better than AGMD, becomes worse than AGMD under

these conditions. The effect of 𝐵 on the flux of the various configurations at fixed

channel length is shown in Fig. 4-6b. In AGMD, since the air-gap dominates the
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Figure 4-3: Module comparison. 𝑤 = 12m, 𝑚̇f,in = 1 kg/s, 𝑇f,in = 85 ∘C, 𝑇c,in = 25 ∘C,
𝐵 = 10× 10−7 kg/m2-s-Pa, 𝑑gap = 1 mm.

resistance to both heat transfer and vapor flux, a change in 𝐵 does not lead to

significant variation in flux or 𝜂. Conceptually, Eq. 4.23 can be used to understand

the high 𝜂 of AGMD by considering the membrane and the air-gap together as a

thick “membrane" separating the salt water and pure water interfaces. The overall

resistance to heat transfer is largest in AGMD, leading to a low 𝜀 and correspondingly

higher value of TTDMD. A major portion of this temperature drop happens across the

membrane and air gap, occuring between the feed water interface and the condensing

film interface at the condensing surface. The overall thermal conductivity of this

region is also lower than the effective thermal conductivity of the membrane, leading

to a higher value of 𝜂.

The relative performance of the various configurations is also affected by the gap

thickness. All results are reported for an effective gap thickness of 1 mm. The effective

gap thickness is often lower than the thickness of the gap spacer since the membrane

gets pressed into the gaps in the spacer and the spacer disrupts the condensation

film in AGMD. At very low gap thicknesses, the performance of PGMD overlaps with

CGMD. The performance of AGMD improves with decreasing gap thickness, although

practically, pure water bridging and flooding can start becoming significant under

those conditions pushing AGMD performance closer to that of PGMD at smaller gap
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thickness.

4.4 Effect of DCMD external heat exchanger area

Figures 4-3 and 4-4 show that the GOR of DCMD is lower than that of CGMD in

spite of having both a slightly higher 𝜂 and 𝜀 than CGMD. The reason for the lower

overall GOR is the presence of the external heat exchanger (HX) in DCMD for energy

recovery.

Equation 4.7 can be rewritten as follows to enable the comparison with CGMD:

GORDCMD = 𝜂 × Δ𝑇MD

TTDMD + TTDHX

= 𝜂 × Δ𝑇MD

TTDMD

× TTDMD

TTDMD + TTDHX

= 𝜂 × 𝜀

1− 𝜀
× TTDMD

TTDMD + TTDHX

(4.15)

Note that the mass flow rate of the cold stream varies along the length in DCMD,

but 𝜀 is still defined as in Eq. 4.9.

Under similar operating conditions, 𝜀 and 𝜂 are slightly higher for DCMD com-

pared to CGMD (Figs. 4-3b, 4-4b) because:
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1. DCMD has a lower overall resistance since the gap resistance is eliminated

2. For the same feed inlet flow rate as CGMD, the average flow rate in balanced

DCMD is lower. In CGMD the total mass flow rate of the feed and the product

in the gap is a constant, whereas the feed flow and pure water flow rates are

both maximum at the hot end of the module in DCMD and reduce along the

length. For a recovery ratio of 10%, the average feed water flow rate and heat

capacity rate are therefore arount 5% lower in DCMD. This leads to a larger

NTU, and hence a larger 𝜀.

3. 𝑇c,in is greater than 𝑇0 (ambient temperature, at which feed enters the desalina-

tion system (Fig. 4-1b)) for the DCMD systems considered in this study. This is

because the external heat exchanger has a finite TTD and no additional cooling

system is used [105]. Flux decreases and energy efficiency increases and with

an increase in 𝑇c,in.

For an infinite area external HX, TTDHX = 0 ∘C, and therefore the GOR of DCMD

with an infinite external HX (GOR∞HX
DCMD) can be written as:

GOR∞HX
DCMD = 𝜂 × 𝜀

1− 𝜀
(4.16)

and due to the higher value of 𝜀 and 𝜂 for DCMD compared to a CGMD of the same

size, GOR∞HX
DCMD is approximately 5-10% higher than GORCGMD.

4.4.1 Quantifying the loss due to HX: TTDfactor

A new variable, TTDfactor is introduced to understand the loss associated with using

an external HX to recover energy. TTDfactor ≡ TTDMD

TTDMD+TTDHX
is defined as a func-

tion of the terminal temperature difference in the two balanced exchangers, the MD

module and external HX. Equation 4.15 can then be rewritten as:

GORDCMD ≈ GOR∞HX
DCMD × TTDfactor (4.17)
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For a DCMD system with additional cooling (Fig. 4-1b), where the cold water

enters the MD module at ambient temperature (𝑇c,in = 𝑇0), the equality in Eq. 4.17

is exact. For a DCMD system as shown in Fig. 4-1b, where the cold pure water inlet

temperature 𝑇c,in = 𝑇0 +TTDHX, 𝜂× 𝜀
1−𝜀

is around 3% higher than GOR∞HX
DCMD when

the area of the HX is half that of the membrane, and the deviation decreases as the

HX area increases and 𝑇c,in → 𝑇0.

TTDfactor represents the loss in DCMD associated with having an additional heat

exchanger(HX) for energy recovery. If the external HX is as effective as the MD

exchanger, and achieves similar TTD as the MD exchanger, TTDfactor = 0.5, lead-

ing to DCMD system’s GOR being half of GOR∞HX
DCMD and little over half that of a

similarly sized CGMD system. If the goal is to transfer heat from fluid A to fluid

B, using one HX is always better than using two HXs with an intermediate fluid C

that flows between these two HXs (Here fluid C is DCMD’s pure water flow loop).

The introduction of the intermediate fluid means that the overall heating of fluid B

is lower. Only if the second HX is made much larger, the relative loss associated with

adding the extra HX and intermediate fluid can be reduced. The idea in the case of

DCMD is similar. All the previous results are reported for the case where the area

of the external heat exchanger is equal to the area of the membrane, in order to have

a fair comparison between systems, since the condenser surface area would be equal

to the membrane area in AGMD and PGMD. If CGMD is implemented by adding

fins, the effective condenser area would be higher, but if it is implemented by having

a very small gap thickness, the condenser area would be equal to the membrane area.

The overall heat transfer coefficient for the HX was set at a representative value of

𝑈HX = 1300 W/m2-K, e.g., for a liquid-liquid heat exchanger with copper tubing.

Under these conditions, TTDfactor = 0.65, leading to DCMD system’s GOR being

about 30% lower than that of similarly sized CGMD.

The effect of the external heat exchanger area on TTDHX and thereby on TTDfactor

and GORDCMD are shown in Fig. 4-5. The GOR of DCMD becomes equal to that

of similarly sized CGMD system only when the external HX area is seven times that

of the membrane area within the MD module. Beyond this area ratio, the GOR of
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DCMD slightly exceeds that of CGMD. However, an external HX that is seven times

larger than the MD module will entail significant increase in the capital expenditure,

counterbalancing the energetic improvement.
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Figure 4-5: Effect of HX to membrane area ratio on the performance of DCMD. Other
parameters are fixed at baseline values specified in Sec. 4.3.

4.5 Effect of transport resistances

4.5.1 Effect of membrane permeability

The influence of membrane permeability (𝐵) on system GOR for various MD con-

figurations is shown in Fig. 4-6a. By making the active layer thinner to increase 𝐵,

keeping 𝐵0 = 𝐵 · 𝛿m constant, CGMD and DCMD gain the most, with greater than

two times improvement in GOR associated with an order of magnitude increase in 𝐵.

The improvement in the case of PGMD is less significant and in the case of AGMD,

the improvement with increase in 𝐵 is even lower. Similar trends can be observed

with increase in vapor peremability coefficient 𝐵0. The reason for this is that the

membrane constitutes the major resistance in the series of resistances within the MD

module, in the case of CGMD and DCMD. On the other hand, in the case of PGMD

and AGMD, the gap constitutes the major resistance (Fig. 4-7), leading to lower im-
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provements with a more permeable membrane. Figure 4-6b shows the variation in

flux with changes in membrane permeability. Since the thickness of the membrane is

reduced to increase 𝐵, this is associated with an increase in heat conduction loses.

As a result, flux starts to decline, beyond a ceratin reduction in membrane thickness.

On the other hand, the air gap consitutes the major resistance to heat conduction

and hence AGMD flux is not adversely affected.
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4.5.2 Effect of channel heat transfer coefficients

Channel heat transfer is varied by changing the channel depth in the range of 1.5 to 0.5

mm, with higher ℎ at lower channel depth. In CGMD and DCMD, the heat transfer

coefficients of the channels contribute significantly to overall resistance (Fig. 4-7),

since the gap resistance itself is negligible. As a result, increasing the feed and cold

channel heat transfer coefficient leads to significant improvements in GOR. Since the

gap constitutes the major resistance, improvements are once again more modest for

AGMD and PGMD, as shown in Fig. 4-8a. The flux for the various MD configurations

is plotted in Fig. 4-8b. Flux is slightly higher for AGMD over the entire range, due

to the higher 𝜂 in the case of AGMD.
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Figure 4-8: Effect of channel heat transfer coefficients ℎf = ℎc. ℎ is varied by changing
𝑑ch between 0.5–1.5 mm. The feed velocity changes from 4.15 – 12.45 cm/s. Other
parameters are fixed at baseline values specified in Sec. 4.3.

4.6 Heat exchanger based simplified model of CGMD,

PGMD and DCMD

In this section, a simplified heat-exchanger-based mathematical model of MD is de-

veloped. Usually MD is modeled by discretization of the module area and solving
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the transport equations within each computational cell and ensuring mass, momen-

tum and energy balance between the cells [64, 98, 103, 135]. This is computationally

expensive and complicated. The 𝜀-NTU method for heat exchangers [63] enables

evaluation of total heat transfer in a heat exchanger given only the input stream

parameters, without discretization of the heat exchanger area.

Inspired by the 𝜀-NTU method, 𝜂 and 𝜀 are rewritten in terms of the transport

resistances within the MD system. A single stage membrane distillation module re-

sembles a counter-flow heat exchanger with hot brine and pure product transferring

energy into the cooler feed, thereby preheating it (Fig. 4-1). Similar analogies with

heat exchangers have been used to develop simplified effectiveness-MTU (mass trans-

fer units) models for reverse osmosis [14] and pressure retarded osmosis systems [91].

𝜀 of the system can be related to the number of transfer units (NTU) of the

module, where NTU is defined as:

NTU =
𝑈𝐴

𝑚̇𝑐p
(4.18)

Here, 𝑈 is the overall heat transfer coefficient of the system in W/m2-K. The overall

heat transfer coefficient has been introduced and used to evaluate DCMD flux multiple

times in the literature [4]. Other investigators [64] have used a parameter similar to

NTU such as the specific membrane area times a transfer coefficient.

The resistances in permeate and conductive gap MD include boundary layer resis-

tance in the cold and hot streams, the effective resistance of the membrane and the

heat conduction resistance of the gap. As a result, the overal heat transfer coefficient

𝑈 can be expressed as:

1

𝑈
=

1

ℎf

+
1

ℎeff,m

+
𝑑gap
𝑘gap

+
1

ℎc

(4.19)

where ℎf is the heat transfer coefficient in the feed, ℎc is the heat transfer coefficient in

the cold channel and ℎeff,m is the effective heat transfer coefficient of the membrane.

Across the membrane, both heat and mass transfer occur. The transfer of wa-

ter vapor through the membrane, which is the fundamental separation step in MD,

is driven by a vapor pressure difference. While the other transport resistances are
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relatively constant along the module length, the heat transfer associated with vapor

transport is higher at the higher temperature end due to the exponential nature of

vapor pressure dependence on temperature. The total resistance across the mem-

brane
(︁

1
ℎeff,m

)︁
can be expressed as two resistances in parallel, corresponding to heat

conduction
(︁

𝛿m
𝑘m

)︁
and mass transfer

(︁
1

ℎmass
m

)︁
, and so the conductances may be added:

ℎeff,m =
𝑘m
𝛿m

+ ℎmass
m (4.20)

where 𝑘m is the effective thermal conductivity of the membrane and is the weighted

average of the conductivities of the membrane material (such as PVDF) (𝑘s = 0.2

W/m-K) and the vapor filling the pores (𝑘v = 0.02 W/m-K). This expression is

plugged into Eq. 4.19 to evaluate the overall heat transfer coefficient.

The resistance to mass transfer needs to be rewritten in terms of the temperature

difference so that it can be combined with other resistances. A heat transfer coef-

ficient corresponding to vapor transfer across the membrane (ℎmass
m ) is defined such

that the following relation between the average vapor pressure difference and average

temperature difference across the membrane holds: 𝐵ℎfgΔ𝑝m = ℎmass
m Δ𝑇m.

The vapor pressure of pure water can be approximately given by 𝑃sat (𝑇 ) = 𝐴e𝑏𝑇

(𝐴 = 1054.8 Pa, 𝑏 = 0.0479 ∘C-1. R2=0.9978 for 𝑇 ∈ [25 ∘C, 85 ∘C]). On the

feed side, water also contains salt, and hence the vapor pressure is given as 𝑝f,m =

𝑃sat (𝑇f,m) × 𝑎w (𝑇f,m, 𝑥f,m) ≈ 𝑃sat (𝑇f,m − BPE (𝑇f,m, 𝑥f,m)). At any local position in

the module:

ℎmass
m = 𝐵ℎfg

Δ𝑝m
Δ𝑇m

= 𝐵ℎfg

(︁
𝐴e𝑏(𝑇p,m+Δ𝑇m−BPEf,m) − 𝐴e𝑏𝑇p,m

)︁
Δ𝑇m

= 𝐵ℎfg𝑏𝐴e
𝑏𝑇p,m

(︂
1− BPE

Δ𝑇m

)︂(︂
e𝑏(Δ𝑇m−BPE) − 1

𝑏 (Δ𝑇m − BPE)

)︂
(4.21)

Note that this equation is not applicable to AGMD since pure water is not in contact

with the cold side of the membrane in AGMD.

Equation 4.21 shows that the resistance of the membrane to mass transfer is
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lower at higher temperatures. This is a direct result of the exponential nature of the

vapor pressure dependence on temperature. In addition to this, 𝐵 itself is in reality

temperature dependent, and is higher at higher temperatures, further reducing mass

transfer resistance at the hot end of the module. These effects are simplified by

defining an average mass transfer resistance of the membrane as a function of some

average value of 𝑇p,m, denoted by 𝑇avg and by defining an average value of BPE at

the feed membrane interface within the module.

𝜀 can then be evaluated [63] assuming a perfect counter-flow heat exchanger as

𝜀 =
NTU

1 + NTU
(4.22)

𝜂 can be evaluated as the fraction of the heat transferred through the mass transfer

resistance (Eq. 4.20) as

𝜂 =
𝐵ℎfgΔ𝑝m

𝐵ℎfgΔ𝑝m + 𝑘mΔ𝑇m

𝛿m

=
1

1 + 𝑘m
𝛿m𝐵ℎfg

Δ𝑇m

Δ𝑝m

=
1

1 + 𝑘m
𝛿m

1
ℎmass
m

(4.23)

The ratio of heat to mass conductance
(︁

𝑘m
𝛿m𝐵

)︁
is important [67]. A lower value of

this fraction leads to a higher 𝜂. Therefore, the thermal efficiency is very sensitive

to this parameter. Additionally, a higher temperature on the hot or cold side would

lead to a higher 𝜂 as has been reported by most researchers in the past. Finally, a

larger feed salinity leading to higher BPE results in a lower value of 𝜂. Under this

condition, it is important to keep Δ𝑇m much larger than BPE. This is the reason why

Eykens et al. [34] found that at higher feed salinities in the DCMD configuration,

thicker membranes with lower transfer coefficient have better thermal performance.

The average temperature difference across the membrane, Δ𝑇m, is an unknown in

Eqs. 4.23, 4.21. It can be related to the TTD of the MD system, as a function of the

heat transfer resistance offered by the membrane
(︁

1
ℎeff,m

)︁
and the overall resistance
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(︀
1
𝑈

)︀
as:

TTD

((1/𝑈))
=

Δ𝑇m

1/ℎeff,m

(4.24)

where, TTD itself is a function of 𝜀 and the exchanger top and bottom temperatures:

TTD = (1− 𝜀) · (𝑇f,in − 𝑇c,in) (4.25)

and hence, these equations are solved iteratively.

Equations 4.22 and 4.23 can be substituted into Eq. 4.10 to evaluate GOR. Ad-

ditionally, heat transfer rate into the system can be expressed as a function of the

system top and bottom temperatures and 𝜀:

𝑄̇h = 𝑚̇f,in𝑐p × (1− 𝜀) (𝑇f,in − 𝑇c,in) (4.26)

and flux can be evaluated by substituting values of 𝑄̇h and GOR into Eqs. 4.1 and

4.2.

A fit for 𝑇avg as a function of top temperature is obtained from the detailed finite

difference numerical model as 𝑇avg = (0.3586 × 𝑇f,in + 21.922). The average BPE at

the membrane interface for the case of seawater salinity considered in this study is set

at 0.4 ∘C. The entire set of 33 equations that were solved with Engineering Equation

Solver [53] for the simplified HX based model of PGMD and CGMD is provided in

6.5.6.

A comparison of the simplified HX model of DCMD with an external heat ex-

changer (based on additional equations discussed in Section 4.4) is provided in Sec-

tion 4.8.2.

4.6.1 Validation of the proposed simplified model

The proposed heat-exchanger-based energy efficiency evaluation model is compared

against the more detailed finite difference numerical model over a range of top tem-

peratures (𝑇f,in = 40–85∘C) and module areas (𝐿 = 0.5–12 m). Additionally com-

parisons are carried out at fixed 𝐿 = 6 m and 𝑇f,in = 85 ∘C, by varying the mem-
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brane permeability (𝐵 = 5–50× 10−7 kg/m2-s-Pa), channel heat transfer coefficients

(ℎf = ℎc = 1600–4800 W/m2-K) and gap conductivity (𝑘m = 0.6–30 W/m-K). ℎfg is

evaluated at 𝑇 = 25 ∘C. The differences in the simplified model results compared to

the discretized model, as a percent deviation in flux and GOR are plotted in Fig. 4-9.

The deviation tends to increase at lower feed inlet temperature and shorter module

length, and the maximum deviation is about 11%. The deviations in the case of

DCMD are shown in Fig. 4-12, and are also lower than 10%.

The finite difference model with 100 computational cells has over 2000 equations

and takes about 6 seconds for each computation, whereas the heat exchanger based

model is evaluated in about 1 𝜇s.
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(a) Comparison of simplified HX based
model and finite difference model of
CGMD. 𝐿 = 0.6–8.2m and 𝑇f,in = 40–
85 ∘C. 𝐵 = 5×10−7–50×107 kg/m2-s-Pa.
ℎf = 1600–4800 W/m2-K. 𝑘gap = 0.6–
30 W/m-K. Other parameters are held
constant at baseline values specified in
Sec. 4.3.
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(b) Comparison of simplified HX based
model and finite difference model of
PGMD. 𝑘gap = 0.6 W/m·K. 𝐿 = 0.6–
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Figure 4-9: Percentage deviation in GOR and flux evaluated by heat exchanger based
model compared to finite difference 1-D model over a wide range of operating condi-
tions.
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4.7 Conclusions

Balanced single-stage MD systems can be approximated and analyzed as counter-

flow heat exchangers. The exchanger effectiveness 𝜀 and NTU are key parameters

along with 𝜂 to understand the energetic performance of these systems. Using this

framework, insights on the relative performance of various MD configurations as well

as a simplified model are developed.

1. Energy efficiency of MD systems with internal heat regeneration is expressed in

terms of thermal efficiency (𝜂) and exchanger effectiveness (𝜀) as GOR = 𝜂 𝜀
1−𝜀

.

This expression is useful to understand the higher effect of the heat energy

recovery (𝜀) compared to reducing heat conduction losses (𝜂). Design of MD

module should focus on increasing overall 𝑈 , while the design of the membranes

should focus on maximizing 𝜂.

2. An expression for the theoretical maximum GOR for single-stage MD is derived

as a function of temperatures and feed salinity or boiling point elevation (BPE)

as: GORlimit,MD =
𝑇f,in−𝑇c,in

BPEf,in
−1, for an ideal perfectly insulating membrane using

the proposed model. This expression is validated against the thermodynamic

limit for GOR evaluated for a generic thermal desalination system with no

entropy generation.

3. The GOR of DCMD can be expressed asGOR∞HX
DCMD×TTDfactor, whereGOR∞HX

DCMD

corresponds to the energy efficiency when the external heat exchanger area is

infinite, and TTDfactor quantifies the loss associated with having finite external

HX area. While GOR∞HX
DCMD is around 5–10% higher than that of a similarly

sized CGMD system, the actual GOR of DCMD is equal to that of that of a

similar size CGMD system only when the external heat exchanger area is about

7 times higher than the membrane area.

4. At a constant value of flux (𝐽) and area of condensing surface, GOR of CGMD is

higher than that of DCMD and PGMD. CGMD represents the practical upper

limit performance of both PGMD and DCMD. A PGMD system with very low
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gap thickness and a DCMD system with large external HX area compared to

membrane area approach this limit. Membrane and flow channel heat transfer

resistances are significant in the case of DCMD and CGMD, whereas the gap

constitutes the major heat transfer resistance in the case of AGMD and PGMD.

At seawater salinity, and for the membrane properties and conditions considered

in this study, the GOR of AGMD is approximately equal to that of PGMD.

5. 𝜀 is expressed as a function of NTU through an analogy with counter-flow heat

exchangers. GOR can therefore be expressed as 𝜂 × NTU for AGMD, PGMD

and DCMD. 𝜂 is also approximated as a function of the membrane properties

and temperatures across the membrane for PG, CG and DCMD. A simplified

model for predicting the performance of these MD systems without detailed

modeling is presented.

6. The percent deviation associated with using the simplified heat-exchanger pa-

rameter model for predicting GOR and flux of CGMD, PGMD and DCMD is

below 11% over a wide range of operating conditions.
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4.8 Chapter Appendix

4.8.1 Model validation

The MD system is discretized along the length direction and in each computational

cell, the water flux and total heat flux across the membrane are evaluated. The

transport model across the membrane was validated using experimental results from

a bench-top apparatus [103, 101]. Using the mass and heat flux evaluated, properties

at subsequent cells are evaluated by applying conservation of mass, species and energy.

Experimental and numerical modeling results are provided in Winter [126] for systems

with larger membrane area of around 10 m2.

Figure 4-10 compares the current model predictions with Winter’s model (which

was validated against experimental data) for AGMD, PGMD and DCMD systems

with variation of feed inlet temperature and feed inlet flow rate. The following inputs

were used in the present model for comparison: 𝑇f,in = 80 ∘C, 𝑇c,in = 25 ∘C, 𝑠f,in = 0.2

g/kg, 𝛿m = 70 𝜇m, 𝑘m = 0.25 W/m-K, 𝐿 ≈ 10 m (around 70% of the design value

since membrane exists on both sides of the channel in this design, leading to inefficient

use of some portions of the membrane), 𝑤 = 0.7 m, 𝑑ch = 1.6 mm (1 mm for the

AGMD module, corresponding to half of the reported channel height). The effective

gap thickness was set at around 65% of the design value for AGMD (𝑑gap = 1.3 mm)

based on experience with bench-scale apparatus experiments where the membrane

gets pushed into the gaps in the spacer. The gap thickness for PGMD is 0.5 mm and

the effective thermal conductivity of the gap is set as 0.5 W/m-K. The membrane

permeability was set at a constant value of 𝐵 = 9 × 10−7 kg/m2-s-Pa for all the

simulations. The DCMD system is balanced.

The correct trends are captured by the present model for all three configurations.

The effects of spiral wound module geometry, spacer design and other details have

not been incorporated in detail in the model, and would be necessary to make more

accurate predictions for specific systems. This work focuses on comparing various MD

configurations that employ the same membrane and have similar geometry. In this

context, it is noteworthy that the present model predicts similar trends as those ob-
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served by Winter, for the cross-over in performance between the PGMD and DCMD.

For DCMD systems, an external heat exchanger with fixed TTD of 2 ∘C was used to

model the HX, and additional permeate cooling was assumed so that the pure water

inlet temperature into the MD module is equal to 25 ∘C. At low feed inlet temper-

ature and feed flow rate, PGMD outperforms DCMD. The TTD of the MD module

decreases under these conditions, whereas the external HX TTD is fixed, thereby

limiting the energy efficiency of the overall system. The effect of the external HX

area and TTD on DCMD GOR is discussed in Section 4.4.

G
O

R
 [

-]

Feed Inlet Temperature [°C] 

AGMD
DCMD
PGMD

Winter Model
Present Model

0

1

2

3

4

5

6

50 60 70 80 90
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Figure 4-10: Comparison of present model with results from Winter [126] for large
spiral-wound MD modules.

Figure 4-11 shows that the present model predicts similar trends in terms of the

effect of the gap thickness in PGMD as the discretization model and experimental

results reported by Winter. A PGMD system with a vanishingly small gap is one

realization of CGMD, and hence the performance prediction for CGMD is also similar

between the two models.
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Figure 4-11: Comparison of present model with results from Winter [126] on the effect
of gap thickness in PGMD. 𝑚̇f =400 kg/hr.

4.8.2 Comparison of simplified HX model of DCMD

The difference between the HX based model and the finite difference model for DCMD

are shown in Fig. 4-12. The maximum deviation between the two models is lesser

than 10% in this case as well.
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Figure 4-12: Comparison of simplified HX based model and finite difference model of
DCMD over a wide range of operating conditions. 𝐿 = 0.6–8.2m and 𝑇f,in = 40–85 ∘C.
𝐵 = 5× 10−7–50× 107 kg/m2-s-Pa. ℎf = 1600–4800 W/m2-K. Other parameters are
held constant at baseline values specified in Sec. 4.3.
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Chapter 5

Experimental investigation of

single-stage membrane distillation

energy efficiency

Abstract

A novel single-stage membrane distillation (MD) configuration, known as conductive
gap membrane distillation (CGMD), has been suggested by numerical modeling re-
sults to achieve up to two times higher energy efficiencies than conventional air gap
MD systems. CGMD consists of an MD module with a high thermal conductivity ma-
terial in the gap region between the membrane and condensing plate, increasing the
effective thermal conductivity of the gap. Such systems, if realized practically, could
make MD competitive as a large scale thermal desalination technology that is not
restricted only to specialized waste heat applications and could also make a stronger
case for MD’s use in waste-heat applications. In this study, an experimental com-
parison of different MD configurations is carried out on a bench scale system keeping
membrane area constant, and results are compared to model predictions. The role of
energy recovery within the module on improving CGMD efficiency is illustrated. A
system with a simple copper woven mesh introduced in the gap in the place of plastic
spacers is found to have 40% to 60% higher GOR than AGMD. The potential for
further improvements in GOR and issues associated with studying MD efficiency at
a laboratory bench scale are also discussed.

The contents of this chapter are adapted from [104].
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5.1 Introduction

Swaminathan et al. [103] extended the numerical models developed by Summers et

al. [98] to study PGMD system performance. Based on these results, they also

proposed a novel MD configuration, conductive gap membrane distillation (CGMD),

for improved energy efficiency. In CGMD, the goal is to increase the conductivity

of the gap region rather than to reduce heat conduction through the gap as in the

case of AGMD. While increasing the gap conductivity would lead to an increase in

undesirable heat conduction losses from the hot feed to the coolant, the overall effect

is positive in terms of system level energy efficiency, expressed as a gained output

ratio (GOR).

The gap conductivity can be increased by allowing the gap to be filled with water,

as in the case of PGMD. In CGMD, in addition to filling the gap with water, it is

proposed that conductive materials be used in the region between the membrane and

the plate to increase the overall thermal conductivity. Several methods of doing this,

including the use of fins on the condensing surface extending up to the membrane,

have been proposed.

This paper experimentally compares major single stage MD configurations includ-

ing air gap (AGMD), permeate gap (PGMD), and conductive gap (CGMD) systems

having the same total membrane area under similar operating conditions such as feed

flow rate, external heat input and channel geometries. Various simple woven mesh

spacers are used to change the thermal conductivity of the gap region to simulate

CGMD conditions. These results are compared with numerical modeling results and

major trends are verified. Finally the reasons for the variation between absolute mag-

nitudes of GOR observed in the experiments and those predicted by the model are

discussed.
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5.2 Theory

A configuration of MD could have a higher GOR, either by producing more water

under similar operating conditions or by consuming lesser thermal energy to produce

a similar quantity of water. In the case of PGMD and CGMD as compared to AGMD,

since the thermal resistance of the gap is reduced, the overall heat transfer coefficient

between the hot side and the cold side is increased. As a result, for the same total

heat exchange area (NTU), the effectiveness of heat transfer is improved and hence

more heat is recovered in the preheating process within the module. This results in

significant reduction in 𝑄̇in, while retaining a relatively constant value of 𝑚̇p, resulting

in improved GOR.

In order to increase the thermal conductivity of the gap, simple mesh spacers

made of copper were used. The AGMD and PGMD experiments were also conducted

with spacers, made of plastic, to support the membrane and prevent tearing of the

membrane. Summers et al. [97] previously investigated several geometries of spacer

material and found that the woven mesh spacer provided good support to the mem-

brane. Woven mesh spacers were therefore adopted for this study as well. By choosing

copper and polypropylene spacers of similar thickness, it was possible to analyze the

effect of conductivity of the spacer on GOR.

The conductance of the gap (ℎgap) ultimately affects the MD process in PGMD

and CGMD and can be expressed as

ℎgap = 𝑘gap/𝛿gap (5.1)

where 𝑘gap is the effective thermal conductivity of the gap and 𝛿gap is the thick-

ness of the gap. The effective thermal conductivity of wire meshes in the direction

perpendicular to the plane has been found to vary over a wide range of values ranging

from close to 0.02 W/mK to above 100 W/mK for copper mesh in air, depending on

the type of contact between the mesh elements, the geometry of the mesh, and the

volumetric ratio of metal to air [61].

For the single layer copper and plastic woven meshes used in this study, without
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good contact (as the filaments not sintered together) between the wires, the thermal

conductivity change from that of the fluid (water) is expected to be small. Rayleigh’s

analytical expression [84] (Eq. 5.2) is commonly used to estimate the effective conduc-

tivity of a single layer wire mesh in terms of the porosity (𝜑) and the conductivities

of the solid (𝑘s) and fluid (𝑘f). The volumetric porosity of the mesh used is about 0.8.

Under these conditions, Rayleigh’s formula predicts 𝑘eff,Cu,water = 0.89 W/mK and

𝑘eff,PP,water = 0.5 W/mK for copper and polypropylene spacers, respectively. Thermal

conductivity of water was assumed to remain constant at 0.6 W/mK.

𝑘eff,Rayleigh =
𝑘f [𝑘𝑟𝑚𝑓 + 𝑘s − (1− 𝜑)(𝑘f − 𝑘s)]

𝑘f + 𝑘s + (1− 𝜑)(𝑘f − 𝑘s
(5.2)

5.3 Experimental Procedure

A schematic diagram of the experimental apparatus is shown in Fig. 2a. The feed

water (0.1% NaCl solution to enable leak detection) is passed through the cold side

to cool the condensing surface before being passed through a heater. The heat supply

from the heater is controlled using a variable voltage controller. This heated water

is then passed on the other side of the module over the MD membrane, counter-flow

to the cold flow. The water is then passed back into the feed tank which is cooled

to maintain it at a constant temperature. The apparatus is described in detail in

Summers and Lienhard [100], with the only significant changes being reducing the

channel depth to increase velocity, and adding insulation. For testing permeate gap

and conductive gap configurations, further modifications were made.

In the above apparatus, the gap between the MD membrane and the condensing

surface was modified to conduct experiments on AGMD, PGMD, and CGMD con-

figurations. For AGMD, a plastic woven mesh is used. For PGMD, the same plastic

woven mesh is used to support the mesh while water is now collected from the top

with the bottom sealed so that the gap gets filled with liquid water (Fig. 5-1b). In

the case of CGMD, in addition to collecting water from the top, the plastic mesh is

replaced by a metal mesh.

During operation, fiberglass insulation was used on the inlets and exits to the
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Figure 5-1: Experimental apparatus.

heater, and foam insulation was applied on the outer surface to reduce the heat loss

to the environment. The feed stream is circulated using a magnetic drive pump with

no metallic parts exposed to the fluid. Low mass flow rate was achieved using the

needle valve at the outlet of the module just before the flow returns to the tank.

Therefore most of the pressure drop occurs after the feed stream leaves the MD

module. This keeps the static pressure inside the module high enough to maintain a

flat membrane. Feed flow rate was measured by collecting the feed for a known time

interval (e.g., 50 sec.) and measuring its weight using a scale with 0.01 g accuracy.

Permeate flow rate was calculated in a similar manner. Temperatures were measured

using type T thermocouples with 1 ∘C accuracy. A cloth filter was used following the

heater before flow entered the hot side of the MD module to prevent rust particulates

from the heater depositing on the membranes and leading to membrane wetting.

Experiments were carried out under the same heater energy input conditions while

varying the feed mass flow rate for each configuration, with different mesh sizes in

the gap.
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5.4 Results

The total length of the channel is 0.85 m, the width is 0.05 m, and the channel depth

is 0.035 m. The channels are arranged such that the hot and cold fluid streams are in

a counterflow orientation. The simulations were conducted at a constant power input

of 90 W. The effective conductivity of the permeate gap is set as 0.6 W/mK, whereas

for the conductive gap case, an effective conductivity of 10 W/mK is used. These

would refer to the best case scenario values for 𝑘gap. As highlighted earlier, with the

simple woven meshes, the conductivity in the permeate gap experiments is likely to

be approximately 0.5 W/mK, and about 0.9 W/mK rather than 10 W/mK in the

copper mesh CGMD experiments. These results are then compared with the best-

case scenarios to determine the trends and evaluate how much further improvement

is possible.

Figure 5-2a shows the numerical modeling prediction on the effect of gap thermal

conductivity on GOR. At lower values of 𝑘gap, up to about 4 W/mK, a steep increase

in GOR is predicted, followed by diminishing returns beyond this point. The exact

number is a function of the relative dominance of the gap resistance among other

thermal resistances between the hot and cold fluids. One can observe that an ideal

CGMD process should have about twice as much GOR as that of AGMD, when all

other parameters are held constant.

Figure 5-2b shows experimental results on the effect of gap configuration on GOR

at two values of feed flow rate. Under both flow rate conditions, an increasing trend

of GOR is observed between the AGMD, PGMD, and CGMD configurations. The

magnitude of increase in GOR between AGMD and CGMD is between 40 to 60%,

whereas between AGMD and PGMD it is about 20%. The flux at a GOR of 0.3 is

2.43 LMH. The heat supply rate was held constant at 174 W in all the experiments

and so the GOR is a linear function of the flux.

As noted in Section 5.3, another method to affect the process performance by

changing gap conductance is to change dgap. Figure 4a shows that lower dgap leads

to a higher GOR for all configurations. In the case of CGMD, the improvement is less
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Figure 5-2: Effect of gap conductivity.

pronounced as the increase in hgap does not affect the total resistance much because

of the aforementioned diminishing returns, as the gap is no longer a major resistance.

It should be noted that this figure indicates that while AGMD and PGMD perform

worse at higher dgap, at lower gap thicknesses their performance approaches that of

CGMD. Practical constraints such as the pressure drop for the permeate flow will set

the lower limit on dgap in these cases.

Experimentally, mesh thickness effectively sets the gap thickness. Energy effi-

ciency using a mesh thickness of 1.12 mm was found to be higher than using a 1.24

mm thick mesh. As predicted by the model, the improvement in GOR is higher for

AGMD than for PGMD, 23% compared to 12%, while the magnitudes of GOR in the

PGMD case are higher.

Figure 5-4a shows numerical modeling results on the effect of feed flow rate on

GOR. In all three configurations, a smaller feed flow rate leads to a higher GOR due

to better energy regeneration in the MD module (larger NTU for the same area and

transfer coefficient). Also the GOR increases exponentially as we get to very small

flow rates, and is limited only by the increase in flow boundary layer resistances to

heat and mass transfer.

Experimentally, a similar trend is observed in terms of the effect of feed flow rate
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(a) Numerical modeling predictions on the ef-
fect of gap thickness on GOR (𝑚̇f = 1.5 g/s).
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(b) Experimental results on the effect of gap
thickness on AGMD, PGMD performance at
𝑚̇f = 1.5 g/s.

Figure 5-3: Effect of gap thickness.

(Fig. 5-4b). At lower feed mass flow rates, for the same external heat input, the feed

stream is heated more as it leaves the cold channel leading to higher top temperature

and higher water permeate production rate. The reason why CGMD performs better

at any given flow rate is also similar. For the same set of inlet conditions and heat

input, the CGMD system has better internal heat transfer coefficients, enabling more

heat transfer in the module leading to better preheating of the cold stream. As a

result, the cold outlet stream temperature is higher in CGMD compared to PGMD

which in turn is higher than AGMD. Since the heat input is constant, this leads to a

higher top temperature in CGMD and therefore higher flux and pure water production

rates. This experimentally observed mechanism is also numerically verified.

5.5 Discussion

While the results in Section IV are consistent with those from the numerical model,

on average the absolute magnitude of the numerically predicted GORs is about twice

that of the experimentally observed GORs. This section discusses some of the rea-
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(a) Numerical model predictions on GOR as a
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(b) Experimental GOR as a function of flow
rate, 𝑑gap = 1.24 mm.

Figure 5-4: Effect of gap thickness.

sons for this mismatch and suggestions for future bench scale MD energy efficiency

experiments.

The two major reasons for the mismatch between experiments and the model

are heat losses to the environment, which are neglected in the model, and cross-

conductance in the condensing plate due to compact module design. In addition to

these, the reason for the relative improvement in CGMD performance in the experi-

ment being lower than that predicted numerically has been explained briefly in terms

of the actual effective thermal conductivity of the mesh spacer used for CGMD being

much below the value of 10 W/mK assumed in the model.

5.5.1 Compact MD modules and cross-conductance

For MD installations of small membrane area, the feed flow rate needs to be low. This

can be understood based on the fact that MD flux is likely to be about 2-4 L/m2-hr

for a well-designed system with energy recovery. As a result, for smaller membrane

area systems, the feed flow rate needs to be scaled down in order to achieve a good

recovery ratio in the module.

Lower feed and coolant flow rates lead to higher temperature and concentration

polarization in these channels. In order to accommodate a longer channel within the
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feed and cold side plates, circuitous flow geometry was used, as shown in Fig. 5-5. This

leads to cross conduction in the copper condensing plate leading to the MD module’s

departure from counter-flow behavior thereby degrading heat recovery substantially.

Figure 5-5: Flowchannel geometry.

5.5.2 Heat loss

In the numerical model, heat loss to the environment was neglected. The channel

was machined out of Delrin plates of 2.54 mm thickness to provide insulation. In

addition, insulation was used, but couldn’t cover the module uniformly. The heat

loss to the environment scales as 𝑄̇loss = ℎeff𝐴Δ𝑇eff where ℎeff and Δ𝑇eff are effective

heat transfer coefficient and temperature difference associated with the heat loss.

The effective heat transfer coefficient is the effective conductance of a series network

of forced convection, conduction through module housing and natural convection

resistances. In most cases, natural convection resistance is the dominant resistance.

For the range of experimental conditions, natural convection heat transfer coefficient

is proportional to Δ𝑇eff to a power less than one (e.g., 1/6). Therefore, ℎeff can be

considered to be approximately constant. In the current experiments, same amount

of heat input was used. The feed stream is heated up to a higher temperature when

the mass flow rate is lower. So at lower mass flow rate, Δ𝑇eff is higher, resulting in an

increased heat loss. In this experimental setup, heat loss was significant, accounting
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for roughly 20% of the heater power. Again, for lower mass flow rates, the heater

power as an absolute magnitude is lower. While 𝑄̇loss is a function of only the surface

area and Δ𝑇eff , and is not directly affected by changes in flow rate, for a constant top

temperature system for example, the magnitude of heat input would still be lower for

the lower mass flow rate system, leading to a higher percentage heat loss. This large

heat loss is the second reason why GOR was low for this experimental setup. While

the numerical model ignores heat loss and predicts an exponential increase in GOR,

at lower flow rates the experiment shows a leveling off of GOR. This too is a result

of higher heat losses at the lower flow rate cases due to higher top temperature in

the module, as shown in Fig. 7. The heat loss is calculated by applying the energy

balance on the MD module as shown in Eq. 5.3.

𝑄̇loss = 𝑚̇f𝑐p𝑇f − 𝑚̇b𝑐p𝑇b − 𝑚̇p𝑐p𝑇p + 𝑚̇f𝑐p(𝑇c,in − 𝑇c,out) (5.3)
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Figure 5-6: Heat loss as an effect of flowrate.

5.6 Conclusions

Numerical models predict that the GOR of a well-designed CGMD configuration with

high 𝑘gap can be more than two times higher than that of an AGMD system of the

same membrane area. Experimentally, using woven mesh spacers of relatively low
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𝑘eff , the predicted trends in GOR were verified. The CGMD system GOR was up

to 60% higher than that of AGMD, and PGMD outperforms AGMD by about 20%.

The higher GORs of PGMD and CGMD are due to lower transport resistances within

the module leading to better preheating of the feed. The effect on reducing flux of

heat loss and cross-conductance in MD modules machined compactly with common

condensation surface is explained, which may facilitate better design of future bench-

scale conductive-gap MD experiments for studying GOR.
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Chapter 6

Membrane distillation at high

salinity: evaluating critical system

size and cost-optimal membrane

thickness

Abstract

This study provides a comprehensive framework to analyze and design single stage
membrane distillation (MD) systems for desalination up to high feed salinity. MD
performance is measured in terms of energy efficiency (GOR) and water flux, which
together affect specific cost. For small systems, GOR rises with size. A critical
system size (membrane area relative to feed flow rate, expressed non-dimensionally
as NTUcrit) exists beyond which GOR plateaus and starts declining. Using the heat
exchanger analogy for MD, an analytical expression for the critical system size is
derived as a function of salinity and two non-dimensional ratios of heat transfer
resistances within sections of the MD module. At higher salinity, this critical size
is small enough to be practically relevant and hence care should be taken to avoid
exceeding this size. An unified understanding and ranking of various single stage MD
systems’ performances is developed based on the non-dimensional ratios of thermal
resistances. Air gap MD (AGMD) is affected least by salinity since the air gap results
in a thick ‘effective membrane’. Conductive gap MD (CGMD) and direct contact
MD (DCMD) employing a thick membrane are also resilient to high salinity, while
eliminating the danger of performance decline due to gap-flooding. The GOR and
flux of CGMD and DCMD are similar when the heat transfer resistance of the gap (in
CGMD) and that of the external heat exchanger (in DCMD) are identical. Finally, we

117



propose a method to identify a cost optimal membrane thickness in combination with
the choice of ideal system size. For each value of water flux, at a given feed salinity
there exists a membrane thickness that maximizes GOR; correspondingly an upper
limit GOR-flux curve can be obtained. The operating point along this curve, and
correspondingly system size and membrane thickness, can be identified to minimize
specific cost of water, based on the ratio of specific cost of heat energy to amortized
specific cost of module area.

6.1 Introduction

The salinity of incoming feed water and the desired recovery ratio impact not only

the energy consumption of desalination, but also the ideal choice of technology. De-

salination of more saline feed streams is required for industrial effluent recycling for

zero-liquid-discharge [110], inland desalination brine management, concentration of

produced water from hydraulic fracturing [112], etc. Conventional spiral wound RO is

typically operated below 70 bar [39], and is therefore unsuitable for these applications

where the feed osmotic pressure can be as high as 300 bar [114]. In contrast, thermal

distillation processes are routinely used to desalinate water up to high concentrations.

Humidification dehumidification [70, 78] is a simple technology that has recently been

successfully applied towards treating ultra-saline produced waters [17].

Membrane distillation (MD) has been identified as a candidate technology for

implementing modular desalination of high salinity brines [66, 116]. MD has been

experimentally and numerically investigated for high salinity applications, mostly

with small scale systems. A unified perspective on the future of MD system design

for high salinity is lacking. In this study we develop theories concerning three key

aspects of MD system design for wide range of inlet salinities:

1. Choice of MD configuration: Popular single stage MD configurations (air gap,

direct contact, permeate gap and conductive gap - AGMD, DCMD, PGMD and

CGMD) are compared and ranked in terms of their energy efficiency and flux

so as to guide future research and development efforts.

2. System design and operation: An expression for critical specific system size
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is derived in terms of feed salinity, top and bottom temperatures and heat

transfer resistances within the MD module. This expression can be used at

both design and operation stages to avoid unproductive operating conditions

with low energy efficiency and flux.

3. Choice of cost-optimal membrane thickness: A method is presented for choosing

the cost-optimal membrane thickness for a specific application based on the feed

salinity and the relative cost of system capital and thermal energy.

6.1.1 Membrane distillation studies at high salinity

Small systems: flux, thermal efficiency

Most studies have focused on small membrane area systems because of their ease of

fabrication at a lab-scale. The impact of high salinity on water flux has been widely

reported [1, 86, 132]. Guan et al. [46], Li et al. [60], and Alkhudhiri et al. [9] tested MD

with various electrolyte solutions up to high salinity and found that water activity is a

good predictor of the pure water flux. Vapor pressure at the solution-vapor interface

is proportional to the activity of water, which reduces differently for each electrolyte

solution, with an increase in feed salinity.

In addition to water flux, the effect of high salinity on MD thermal efficiency (𝜂)

has also been investigated, through experimental [4, 34] and numerical [38] techniques.

Thermal efficiency is the fractional contribution of vapor transport to the overall heat

transfer across the membrane. 𝜂 is also diminished at higher feed salinity.

Another interesting application of high salinity MD is the MD crystallizer system

in which pure water is extracted from a saturated solution using MD with the brine

recirculated into a tank where salt is precipitated out of solution [30, 83].

Larger area systems: energy efficiency

With the availability of commercial larger size MD modules, studies on energy effi-

ciency (represented as a gained output ratio, GOR) have also increased. Chung et

al. [20] studied GOR as a function of feed salinity for wide range of salinities focusing
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on the multistage vacuum membrane distillation configuration. Winter et al. [127]

measured flux and specific thermal energy consumption (inversely proportional to

GOR) for spiral-wound PGMD modules up to 105 g/kg. At higher salinity levels, a

peak GOR was observed with changes in feed flow rate. Similarly, Thiel et al. [114]

used numerical models of PGMD to illustrate the existence of an optimal system size

(represented through a terminal temperature difference) at which GOR is maximized.

These studies indicate the existence of a critical feed flow rate (for fixed system

size), or critical system size (for a specific feed flow rate) at which GOR is maxi-

mized. Below the critical feed flow rate or above critical system size, both flux and

GOR decrease. This may be referred to as a counterproductive operating condition.

Since both performance metrics decrease, no argument favors operating under these

conditions, irrespective of the relative cost of thermal energy and system area. In

Section 6.3.3 we evaluate an expression for this critical system size relative to feed

flow rate as a function of salinity and heat transfer coefficients within the module.

This expression will be useful in avoiding counterproductive operating conditions.

6.1.2 Choice of MD configuration

Figure 6-1 shows various single stage MD systems. The relative performance of various

MD configurations needs to be understood in order to choose the right configuration

for a given application. Eykens et al. [35] experimentally demonstrate that the sensi-

tivity of flux to various process conditions (such as temperature, feed velocity, salinity

etc.) is configuration dependent. Winter [126] reported results from pilot-scale mod-

ules of AGMD, PGMD and DCMD. It was found that the GOR and flux of PGMD

and DCMD are close, and higher than that of AGMD. At high salinity, just as at

small sizes, large-scale AGMD was more resilient to increases in feed salinity, whereas

the performance of DCMD and PGMD drops faster.

Swaminathan et al. [106] used performance curves in the energy efficiency-flux

space to compare ‘balanced’ [105, 103] single stage MD configurations at seawater

salinity. We use the same framework in this study, as we extend the analysis to higher

salinities. The rationale behind this choice is that the cost of pure water production
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Figure 6-1: A schematic representation of single stage MD configurations considered
in this study. AGMD, PGMD and CGMD differ based on the gap conditions. DCMD
requires an external HX for feed preheating.

or brine concentration is always affected both by capital expenditure (CapEx) and

operating expenses (OpEx). The cost of water can be expressed as a function of GOR

and flux in as (see 6.5.1):

𝑐sp,water =
𝐶GOR

GOR
+

𝐶flux

𝐽
(6.1)

where 𝐶GOR is the scaled specific cost of thermal energy and and 𝐶flux is the scaled

amortized specific cost of system area. GOR is a non-dimensional measure of energy

efficiency, equal to ℎfg times the inverse of specific thermal energy consumption (see

Eq. 6.3), and 𝐽 is the pure water flux in L/m2·hr (or LMH). For a specific application,

𝐶GOR and 𝐶flux are considered to be relatively constant across various MD configu-

rations, and hence a configuration whose performance curve lies in the top-right of a

GOR-versus-flux graph is strictly better.

Some studies evaluating MD’s specific cost of water production neglect the cost

of thermal energy assuming that a free source of low-grade “waste" heat may be

available [7]. Many membrane tests on the small scale have also focused exclusively

on flux. In reality, the cost of thermal energy is usually quite significant [87]. Even

121



if a waste-heat source is available, the cost of equipment such as heat exchangers to

access the waste heat should to be included in the economic analysis, in the form of

an equivalent CapEx that is affected by system energy efficiency.

Another metric of MD’s efficiency that is more readily measured with lab-scale

systems is its thermal efficiency 𝜂 [52] :

𝜂 =
𝑄̇vap

𝑄̇vap + 𝑄̇cond

(6.2)

𝜂 is the fraction of heat transfer across the membrane that is mediated by evaporation

and condensation (𝑄̇vap), as opposed to by heat conduction (𝑄̇cond). A low value of

𝜂 indicates significant heat conduction loss through the membrane.

For a simple MD system that does not recover energy from the condensing vapor

GOR is restricted to values much smaller than 1. This is because heater heat input

𝑄̇h ≥ 𝑄̇vap + 𝑄̇cond (with equality only if there are no losses), 𝑄̇vap = 𝑚̇pℎfg, and

from Eqs. 6.3 and 6.2, GOR ≤ 𝜂, which is always less than 1. A low value of GOR

corresponds to high specific thermal energy consumption and high OpEx.

On the other hand, GOR for practically relevant larger systems which include

condensation energy recovery can be expressed as [106]:

GOR =
𝑚̇pℎfg

𝑄̇h

= 𝜂
𝜀

1− 𝜀
(6.3)

WhileGOR is proportional to 𝜂, it is also affected by the extent of feed preheating, and

this effect is captured by the exchanger effectiveness, 𝜀 = (𝑇c,out−𝑇c,in)/(𝑇c,in−𝑇c,in).

Feed preheating can happen within the module (gap MD systems) where the feed

acts as a coolant in contact with the condensation surface, or in an external heat

exchanger (HX) as in the case of DCMD, where warm pure water stream leaving the

module transfers energy to the incoming feed in a HX. The interplay between 𝜂 and

GOR is important to understand the effect of salinity on MD performance.

In Section 6.3.1 we compare MD configurations to derive a general result com-

paring PGMD, CGMD and DCMD performance. The parameters of the gap and

external HX decide the relative performance of these systems irrespective of feed
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salinity, temperatures, membrane or channel geometry. Further comparisons in this

study are therefore restricted to CGMD and AGMD. Later, in Section 6.3.4, we show

that the uniqueness of AGMD performance (compared to the other three systems)

is a result of its thicker ‘effective membrane’ which includes the air-gap. CGMD

and DCMD with thick membranes would perform similar to AGMD. The gap in real

AGMD systems can get flooded (especially for small gap thickness), unwittingly re-

sulting in PGMD type operation. As a result, a CGMD or DCMD system with a

thicker membrane could be more robust approach to achieving similar performance as

AGMD. An important implication of this result is that the focus is shifted away from

‘choice of optimal MD configuration’ towards ‘choice of system properties, including

membrane thickness’, which will be addressed in the final part of the study.

Choice of membrane thickness

Pure water flux is driven by a difference in vapor pressure between the evaporating and

condensing liquid-vapor interfaces and is proportional to the membrane permeability

(𝐵). The difference in vapor pressure is influenced by the temperature difference be-

tween these two interfaces (Δ𝑇m) and feed salinity (𝑠f,m). Heat conduction loss across

the membrane is only a function of Δ𝑇m. Membrane permeability is inversely propor-

tional to membrane thickness (𝛿m). As thickness is decreased, flux when desalinating

salty water initially increases (due to higher permeability), but starts declining as a

result of conduction losses when thickness goes below an optimal value. Below this

optimal thickness, Δ𝑇m across the module is low relative to the feed boiling point

elevation (BPE). As a result, mass transfer is inhibited and heat conduction losses

become dominant. For distillation of very low salinity water, the membrane has to

be as thin as possible. The optimal membrane thickness is larger for higher salinity

feed water.

Several authors have considered the question of optimal membrane thickness, es-

pecially in the context of maximizing flux in DCMD. For a small DCMD module, at

fixed hot and cold side temperatures and feed salinity, an ideal value of membrane

thickness can be determined to maximizes flux [34, 68].
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Ali et al. [5] evaluated the optimal membrane thickness for multiple values of

system size at a fixed salinity. They show that, for smaller system size, a thin mem-

brane maximizes flux, whereas as the system size increases, the driving temperature

difference (Δ𝑇m) decreases, thereby making the optimal membrane thickness larger.

Winter [126] evaluated the optimal thickness for large scale spiral wound modules

under two operating conditions: high recovery and high flux. A numerical model was

used to infer optimal membrane thicknesses for a given system size and feed inlet flow

rate over a range of salinity levels. Two kinds of optima were identified - one that

maximizes GOR and another which maximizes flux.

Identifying an optimal membrane thickness is an inherent part of MD system

design. It should therefore be considered together with the choice of optimal system

size, rather than independently. In Section 6.3.5 we expand on the above studies by

proposing a method to identify the cost-optimal membrane thickness. The effect of

membrane thickness on the GOR-flux performance curve at a given salinity is used

to identify an optimal membrane thickness as a function 𝐶GOR/𝐶flux.

6.2 Methodology

6.2.1 Numerical model

A length-wise discretized finite difference modeling framework is used, which has

been described and validated previously [53, 98, 106, ?]. Model features that are

particularly relevant to high salinity are discussed here. Pure sodium chloride solution

up to 260 g/kg is considered as the feed. To account for the nonlinear effect of high

feed salinity on vapor pressure, Pitzer’s equations [81] describing the properties of

aqueous NaCl solution were used to evaluate water activity and thereby water vapor

pressure on the feed side:

𝑝f,mvap = 𝑃sat (𝑇f,m)× 𝑎w (𝑠f,m, 𝑇f,m) (6.4)

The specific heat capacity of water changes significantly with salinity and so this
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effect is also included. Enthalpy of sodium chloride solution is obtained as a polyno-

mial fit from Pitzer’s equations over 𝑇 ∈ [20, 90] ∘C and 𝑠 ∈ [0, 260] g/kg. Similarly,

the effect of increased salinity on feed thermal conductivity is included.

Since the goal of this analysis is to provide system level insights and compare

various configurations, other effects of high salinity such as on viscosity are not con-

sidered. The membrane is characterized by an average permeability coefficient (𝐵0),

thickness (𝛿m), porosity (𝜑) and membrane material conductivity (𝑘m). Permeability

to vapor (𝐵) can be expressed as 𝐵0/𝛿m. The baseline values of system properties

are listed in Table 6.2.

Validation

Experiments are conducted to evaluate the effect of feed salt concentration on MD

flux. The module design is detailed elsewhere [124], and is chosen to achieve constant

temperature, salinity and flowrate over the active membrane area. Figure 6-2a plots

the measured flux as a function of feed inlet NaCl salinity, along with the model

prediction. We can conclude that including the vapor pressure depression due to

salt content is sufficient to account for the increased salinity of feed water in MD.

The following parameters were used in the model (consistent with previous fitting of

model performance at low salinity): 𝑇f,in = 70.4 ∘C, 𝑇c,in = 19.5 ∘C, 𝑄̇f = 15.1 L/min,

𝑄̇c = 13.9 L/min, 𝐵 = 16 × 10−7 kg/m2·s·Pa, 𝑘m = 0.2 W/m·K, 𝛿m = 200 𝜇m,

𝜑m = 0.8.

Figure 6-2b shows comparisons of present model predictions to reported data [126]

on the effect of feed salinity on overall energy efficiency of larger spiral wound MD

modules. The model conditions are the same as those used in [106] for comparing the

effect of feed inlet temperature and flow rate. The model captures the trends observed

experimentally: GOR of PGMD and DCMD are close, start higher than AGMD at

low salinity, but also decline fast with increasing salinity. In contrast, AGMD GOR

remains relatively constant over the entire salinity range.
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Figure 6-2: Validation of the finite difference discretized numerical model by compar-
ing against experimental data for flux and published data of energy efficiency with
large scale modules.

6.2.2 Simplified heat exchanger (HX) analogy model adapted

to high salinity

In addition to the full discretized numerical model, a much-simplified model based on

a HX-analogy of MD systems was proposed in [106]. That model has a good predictive

capability for the effect of system properties on GOR and flux. At seawater salinity,

over a range of operating conditions, simplified model’s0 predictions for GOR and flux

compared to the discretized model were within 10% deviation. The model predictions

are particularly good at larger system size (corresponding to higher GOR and lower

flux).

This simplified HX model is also extended to higher salinities by including the

effect of salt on vapor pressure and feed solution specific heat. In this model, the

effect of feed salinity is included through the boiling point elevation (BPE). BPE is

a function of salinity and temperature, and is evaluated at the mean temperature

and at a salinity 4% higher than the inlet feed stream (to account for feed concen-

tration change with length and concentration polarization. In reality, concentration

polarization is a function of flux and channel mass transfer coefficient, which can be
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implemented if better accuracy is desired at high flux). The full set of HX model

equations along with the equations for finding the critical system size (as explained

in Section 6.3.3) are provided in 6.5.6.

Comparison of the simplified HX model with the discretized model are provided

in Fig. 6-8 before the HX model is used to derive an expression for critical system

size.

6.3 Results and Discussion

In Section 6.3.1, the comparison between single stage MD configurations based on

the heat exchanger analogy is generalized to be valid up to high salinity. Limiting

case CGMD (with infinite gap conductance) and DCMD (with infinite HX area) are

found to perform similarly irrespective of feed salinity. A real CGMD system always

outperforms PGMD (since PGMD has a lower gap conductance), and CGMD or

PGMD would outperform DCMD if the external HX area is smaller than 𝐴MD× ℎgap

𝑈HX
.

In subsequent subsections, comparisons are restricted to those between CGMD and

AGMD.

The concept of critical MD membrane area for high salinity applications is dis-

cussed in Section 6.3.2. As system size is increased beyond this critical value, both

GOR and flux start to deteriorate. In Section 6.3.3, a closed-form expression for this

critical size is derived as function of feed salinity and two non-dimensional ratios of

heat transfer resistances within the MD module.

In Section 6.3.4 air gap MD is brought into the HX analogy framework of MD

by recognizing that AGMD performance is similar to that of CGMD system with a

thicker less conductive membrane. This is because the air gap and membrane both

occur between the evaporating and condensing liquid interfaces in AGMD, and these

layers together constitute the ‘effective membrane’. Some implications of this result

for the choice of MD configuration are then discussed.

Finally, in Sec. 6.3.5, we discuss the role of membrane thickness. The optimal

thickness that results in maximum GOR is not only a function of feed salinity but
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also depends on flux. A framework for simultaneously choosing MD system size and

membrane thickness to minimize overall cost of pure water production is described.

6.3.1 Single stage MD configurations comparison: Recap and

generalized results applicable to high salinity

In a previous study [103], single stage MD configurations were compared in terms of

both GOR and flux simultaneously. In order to make the comparisons fair, the mem-

brane properties and feed/cold channel heat transfer coefficients were held constant

across the different configurations.

The following parameters specific to each of the configurations were used:

∙ For AGMD, PGMD, CGMD: effective gap thickness 𝑑gap = 1 mm. 𝑘gap is 0.6

W/m-K for PGMD and 10 W/m-K for CGMD.

∙ For DCMD: 𝐴HX = 𝐴membrane, 𝑈HX = 1300 W/m2-K.

Under these conditions, for 𝑠 = 35 g/kg, the previous study concluded that at the

same flux, the GOR of CGMD is about 2 times higher than those of AGMD and

PGMD, and about 40% higher than that of DCMD. In this section, we develop a

general comparison between PGMD, CGMD and DCMD that is valid over a range

of feed salinities, gap conductances and external HX designs.

To develop this general comparison, we use the simplified HX analogy model

(based on the 𝜀-NTU method) for CGMD, PGMD, and DCMD. The simplified HX

modeling was restricted to these three configurations for which vapor transport across

the membrane is directly influenced by the temperature difference between the two

faces of the membrane. In AGMD, one side of the membrane faces air which may not

be saturated with vapor. Hence, temperature and vapor pressure are not necessarily

related as 𝑇 = 𝑇sat,water(𝑝vap). Also, in AGMD, the resistance of the air-gap to vapor

diffusion must be considered. In Section 6.3.4, the limitation of the simplified HX

model’s applicability to AGMD is ameliorated.

Figure 6-4 illustrates the resistance network used to analyze PGMD, CGMD and

DCMD. In DCMD, the heated pure water exiting the module transfers energy to
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preheat the feed in a separate counterflow HX whose area can be adjusted independent

of the MD membrane area (cf. Fig. 6-1). Note that for two balanced counterflow

heat exchangers with an intermediate fluid, the overall thermal resistance is simply

the sum of the thermal resistances of the two heat exchangers (Fig. 6-3). Therefore

the pure stream nodes of the MD system and the HX can simply be connected as

shown in Fig. 6-4.

Heatptransferpfrompthephotptopthepcoldpstreamp
inptwopbalancedpcounterflowpheatpexchangersp

(a)pandp(b)pthroughpanpintermediatepfluid.

equivalentpto

Effectivepheatpexchangerpwithpthep
twopHXpresistancespinpseries

HXp(a) HXp(b)

HXp(a)
HXp(b)

0 1

Temperaturepprofilesplinearp
inpbothpHXpsinceptheyparep
balancedpcountercurrent.pAsp
apresult,ptheypexactlypoverlap.

Figure 6-3: If heat is transfered from a hot fluid (feed stream in DCMD) to a cold
stream (feed preheating stream) using two balanced counterflow heat exchangers (MD
module and external HX), the overall resistance is simply the sum of the individual
HX resistances. The intermediate fluid corresponds to the pure water stream in
DCMD.

The goal of MD system design is to decrease the overall resistance between the

feed stream (𝑇f) and the preheating feed stream (𝑇f,ph) such that maximum energy

is recovered for a given system size leading to a reduction in external heating load.

Simultaneously, high 𝜂 must be ensured in order that heat conduction losses through

the membrane are reduced. To do this, the resistance of the membrane to conduction

has to be larger than its resistance to vapor transport.

Only the membrane mass transfer resistance, in this simplified model, is a function
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(forXPGMD,XCGMDX-X
coldXchannelX≡XfeedXX
preheating)

NonXdimensionalXresistanceXratios:

feedXchannel
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gap coldXchannel
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externalXHXX(DCMD)

where, isXtheXsumXofXnon-membraneXresistances

Figure 6-4: The resistance network decribing the HX analogy model of MD, along
with two non-dimensional heat transfer resistance or conductance ratios.

of system size. This resistance is a function of the driving temperature difference

(Δ𝑇m) and the boiling point elevation (BPE) of the feed stream. At larger system

size, Δ𝑇m decreases leading to a decrease in ℎmass
m and increase in 𝑅m,mass. The non-

dimensional resistance ratios will be discussed in detail in Section 6.3.3.

Based on the resistance networks, we can expect that the limiting performance of

CGMD (with 0 gap resistance) and DCMD (with 0 external HX resistance) are similar.

The energy efficiency of these limiting case designs can be denoted by GOR∞𝑘
CGMD

and GOR∞HX
DCMD. These limiting systems (at equal area and channel heat transfer

coefficients) were compared over a range of system sizes and feed inlet salinity values

up to 240 g/kg. Numerically, we confirm GOR∞HX
DCMD ≈ GOR∞𝑘

CGMD ≡ GORlimit. On

average, GOR∞HX
DCMD is marginally (about 1%) greater than GOR∞𝑘

CGMD. For the same

membrane area, the DCMD system has a lower average flow rate, and hence higher

NTU and 𝜀. Along with the difference in balancing [105, 103] of the two exchangers,

this can help explain the small difference in performance of the two limiting case

designs. Overall, the GOR of these limiting case systems are almost identical. Note
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that this GORlimit is defined for a specific membrane, feed/cold channel heat transfer

coefficient and system size, and does not represent a general upper limit.

For balanced counterflow exchangers that are considered here, the exchanger effec-

tiveness, 𝜀 =
𝑇c,out−𝑇c,in

𝑇h,in−𝑇c,in
, can be expressed as a function of the number of transfer units,

which is a non-dimensional measure of its heat transfer area (NTU = 𝑈𝐴/𝑚̇f𝑐p, where

𝑈 is the overall heat transfer coefficient, 𝐴 is system area and 𝑚̇𝑐p is heat capacity

rate):

𝜀 =
NTU

1 + NTU
(6.5)

Substituting Eq. 6.5 in Eq. 6.3:

GOR = 𝜂 × NTU (6.6)

A practical CGMD (and PGMD) or DCMD system would deviate from its limiting

case performance due to the limited conductance of the gap or a finite external HX.

Therefore, the GOR of a practical CGMD or PGMD system (whose 𝜂 and 𝑈 would

deviate from the limiting case system) can be written (using Eq. 6.6) as

GORCGMD,PGMD = GORlimit × 𝜂

𝜂limit

𝑈

𝑈limit

= GORlimit × 𝜂

𝜂limit

1
ℎeff,m

+ 1
ℎt,c

+ 1
ℎt,f

1
ℎeff,m

+ 1
ℎt,c

+ 1
ℎt,f

+ 1
ℎgap

= GORlimit × 𝜂

𝜂limit

𝑈−1
limit

𝑈−1
limit + ℎ−1

gap

= GORlimit × 𝜂

𝜂limit

1

1 + 𝑈limit

ℎgap

(6.7)

where 𝑈limit and 𝜂limit are the overall heat transfer coefficient and membrane thermal

efficiency for the limiting case system with no gap resistance. PGMD would have a

lower ℎgap than CGMD. When all the other parameters are fixed (irrespective of their

actual values), a system with lower ℎgap always leads to a decline in performance. For

relatively high 𝑘gap, such as the 10 W/m-K assumed for the CGMD system in [103],

𝜂 ≈ 𝜂limit. Hence,
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GORCGMD ≈ GORlimit × 1

1 + 𝑈limit

ℎgap

(6.8)

Similarly, for a realistic DCMD, an equation for GOR can also be developed as a

function of the system’s heat transfer parameters:

GORDCMD ≈ GORlimit × TTDMD

TTDMD + TTDHX

= GORlimit × 1

1 + TTDHX

TTDMD

= GORlimit × 1

1 +
(︁
1− TTDMD

Δ𝑇max

)︁
NTUlimit+1
NTUHX+1

= GORlimit × 1

1 + 𝑈limit𝐴m

𝑈HX𝐴HX+𝑚̇𝑐p

(6.9)

where the following substitutions are made to obtain the result: TTD = Δ𝑇max(1−𝜀),

Δ𝑇MD
max = Δ𝑇max = 𝑇f,in−𝑇c,in, Δ𝑇HX

max = 𝑇c,out−𝑇c,in = Δ𝑇max−TTDMD (cf. Fig. 6-1).

For large NTUHX > 1 (which is necessary for high GOR), an approximate expres-

sion for the GOR of a realistic DCMD system can be obtained:

GORDCMD ≈ GORlimit × 1

1 + 𝑈limit𝐴m

𝑈HX𝐴HX

(6.10)

The two approximate expressions (Eqs. 6.8,6.10), can be used to compare the

GOR of DCMD and PGMD/CGMD based on the heat transfer resistances of the

heat exchanger in DCMD and the gap in PGMD/CGMD. If 𝑈HX𝐴HX is lower than

ℎgap𝐴m, the corresponding DCMD system’s GOR will be lower than that of the gap

MD system. A similar conclusion can be obtained by inspection from Fig. 6-4. The

above result on the relative performance of DCMD and CGMD is validated using the

discretized numerical models in 6.5.3.

Figure 6-5 shows the approximate external area requirement in DCMD to achieve

the same GOR as a CGMD system, which defined by its gap conductance. The

following conditions were considered in Ref. [106]: ℎgap = 10000 W/m2·K, and 𝑈HX =

1300 W/m2·K. Numerical modeling of the full systems showed that the DCMD HX

had to be about 7 times the size of the membrane to match the GOR of the CGMD
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system. DCMD with 𝐴HX = 𝐴m was also found to outperform PGMD (with ℎgap =

600 W/m2·K). Similar conclusions can be drawn without full modeling from Figure 6-

5.
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Figure 6-5: The relative size of HX in DCMD to match a CGMD system’s GOR.

We have shown that similar performance can be obtained with CGMD or DCMD,

based on the choice of gap conductance and external HX size. Designers can consider

the cost of implementing these two alternatives (external HX and increasing gap

conductance) to obtain similar performance, in order to choose the cheaper option.

The additional metal required for implementing CGMD (by lowering gap thickness,

adding fins or using a metal spacer in the thin gap) is likely to be much less than

the corresponding metal requirement for making the HX larger (about 5 times the

membrane area would be needed in DCMD). Note that the use of an external heat

exchanger would lead to additional pumping power consumption, which may also

influence the choice of best configuration.

The foregoing analysis is silent on the relative performance of AGMD compared to

these other systems. In subsequent sections, comparisons will be limited to between

AGMD and CGMD with ℎgap = 104 W/m2·K.
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6.3.2 Effect of salinity on GOR-flux performance: Systems

larger than a critical size must be avoided

For a zero salinity feed stream, the thermodynamic maximum GOR is ∞ [106]. In

other words, the thermodynamic least energy required to create pure water from

already pure water is 0. With a membrane distillation system, this situation is realized

with 𝐴MD → ∞, which correspondingly leads to 𝐽 → 0. At higher feed salinity, the

thermodynamic maximum GOR can be expressed as GORmax,MD =
𝑇f,in−𝑇c,in

BPEf,in
−1 [106].

This second case (for non-zero salinity) can be achieved in MD only with a perfectly

insulating membrane, where even the vapor does not conduct any heat from the feed

side to the cold side (𝜂 = 1), and 𝐴MD → ∞, and correspondingly, 𝐽 → 0 LMH.

For real membranes, 𝜂 ̸= 1, and 𝜂 decreases with an increase in system size. In

fact, beyond a certain ‘critical system size’, the rate of decrease of 𝜂 is faster than

the increase in 𝜀
1−𝜀

, leading to a net decline in GOR = 𝜂𝜀/(1 − 𝜀) (Fig. 6-6). While

flux keeps decreasing with an increase in system size, beyond the critical system size,

GOR also starts declining rather than improving. As a result, there is no rationale

for designing or operating an MD system under this ‘counterproductive operating

condition’.

Figure 6-6 shows GOR as a function of system size for CGMD and AGMD at

multiple feed inlet salinity levels. The system properties are specified in Table 6.2.

System size is expressed as a specific area per unit feed flow rate. 2 m2/(kg/min)

here corresponds to a module length of 10 m - and this is close to the critical size for

𝑠in = 105 g/kg. The critical system size decreases as inlet salinity increases.

AGMD is more resistant to changes in feed salinity. AGMD also has a critical

system size (see Fig. 6-7), but this size is quite large. At smaller sizes, CGMD

outperforms AGMD irrespective of feed salinity, but the GOR of AGMD continues

to increase even as that for CGMD starts to decline. This indicates that, while at

𝑠in = 35 g/kg, CGMD performed two times better than AGMD, this trend does not

hold at higher salinity. In fact, the absolute maximum GOR achievable with AGMD

is much higher, albeit at the cost of a larger system size.
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Figure 6-6: GOR starts declining beyond a critical system size, which decreases at
higher salinity. Maximum GOR achieved by AGMD (dotted lines) is higher than
CGMD (solid lines) at high 𝑠, but the system size required is also larger. System
parameters: Table 6.2.

The overall performance comparison of AGMD and CGMD needs to consider

both GOR and flux. This is presented in Fig. 6-7. At higher feed salinity, AGMD

outperforms CGMD at several operating points in terms of both GOR and flux.
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Figure 6-7: GOR vs. flux curves for AGMD and CGMD at high salinity (𝑠in = 105, 245
g/kg). The result for low salinity that CGMD outperforms AGMD is no longer valid.
At high salinity, AGMD outperforms CGMD at low flux, and achieves a higher max
GOR. At 𝑠in = 245 g/kg, AGMD performs better energetically even at practically
relevant values of flux= 2–4 LMH. System parameters: Table 6.2.

Note that these results and comparisons are for a relatively thick membrane (𝛿m =

200 𝜇m). At lower membrane thickness, the maximum GOR and critical system size

of CGMD would drop even further. AGMD on the other hand, would not be affected
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much by membrane thickness, since the 1 mm thick air-gap dictates the performance

rather than the membrane thickness.

6.3.3 Evaluating critical system size as a function of heat trans-

fer resistances

The goal of this section is to derive a generally applicable expression for critical system

size, using the simplified HX modeling framework. In order to make this expression

generally applicable, we would like to use non-dimensional parameters to describe the

system properties. From Eq. 6.6, GOR = 𝜂 × NTU, where NTU = 𝑈𝐴/𝑚̇𝑐p.

𝑈 is the overall heat transfer coefficient from the hot stream to the cold (feed

preheat) stream. The channel and gap heat transfer coefficients can be assumed

to be effectively independent of system size, but ℎmass,m (the effective heat transfer

coefficient associated with vapor transport across the membrane) is a function of

Δ𝑇m. Local Δ𝑇m along the module length is usually lower at the hot end compared

to the cold end, since the resistance of the membrane is lower at higher temperature.

Variations in Δ𝑇m along length are averaged out in the simplified HX model, and in

defining 𝑈 of the exchanger. Like TTD, average Δ𝑇m also changes significantly with

system size, and will decrease at larger exchanger area. Lower Δ𝑇m leads to smaller

ℎmass,m and correspondingly a decrease in 𝑈 . Therefore, NTU for an MD system does

not vary linearly with size, since 𝑈 is a function of system size.

Figure 6-8 shows GOR as a function of NTU for various feed salinity levels. The

dotted lines are from the simplified HX model of MD. Note that the HX model is

able to effectively capture the GOR vs. NTU curves, including the peak GOR and

critical system NTU. For pure water, GOR continuously increases with an increase

in system size. GOR has no thermodynamic upper limit in this case. This is a

result of 𝜂 remaining relatively unchanged (for pure feed) as the driving temperature

difference across the membrane Δ𝑇m decreases. Experimentally, an equivalent result

was observed for 𝜂 as a function of membrane thickness in DCMD. Even at low

membrane thickness (corresponding to small Δ𝑇m, 𝜂 does not decline for a pure feed
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[34, 68].
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Figure 6-8: GOR is plotted against NTU to show the existence of a critical size
(NTU*) beyond which GOR decreases. The operating conditions should always be
to the left of this point. Dotted lines show results from the simplified HX model, and
indicates that the peak is captured quite well by the simplified HX model as well.
System parameters: Table 6.2.

At higher feed salinity on the other hand, while 𝜀 increases as system size increases,

𝜂 decreases due to a decrease in the flux-driving temperature difference. This is mod-

eled in the HX model, based on the approximation 𝑝vap(𝑇, 𝑠) = 𝑃sat(𝑇 )× 𝑎w(𝑇, 𝑠) ≈

𝑃sat(𝑇 − BPE(𝑠, 𝑇 )), as

𝜂 =
1

1 +
[︁
𝜑c:v

(︁
1− BPE

Δ𝑇m

)︁(︁
𝑒𝑏(Δ𝑇m−BPE)−1
𝑏(Δ𝑇m−BPE)

)︁]︁−1 (6.11)

where 𝜑c:v is a non-dimensional ratio of the membrane resistance to heat conduction

and vapor mass transport:

𝜑c:v =
𝑅m,cond

𝑅0
m,mass

=
𝐵0ℎfg𝑏𝐴𝑒

bTp,avg

𝑘eff,m
(6.12)

A and b are obtained by fitting 𝑃sat(𝑇 ) = A𝑒b𝑇 : A = 1054.8 Pa, b = 0.0479 ∘C−1.

Since heat conduction across the membrane constitutes a loss, an ideal membrane

would have 𝜑c:v → ∞. Note that 𝜑c:v is defined to be independent of system size,

i.e., independent of Δ𝑇m, by considering 𝑅0
m,mass (See Fig. 6-4) instead of the total

resistance to vapor mass transport 𝑅m,mass. Also, 𝜑c:v is independent of membrane
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thickness. A thicker membrane would affect both vapor permeability (𝐵 = 𝐵0/𝛿m)

and heat conductance (ℎcond,memb = 𝑘m/𝛿m) similarly, and hence does not impact this

ratio. Stated another way, 𝜑c:v is the non-dimensional ratio of membrane’s vapor

permeability coefficient to its effective thermal conductivity.

NTU can be expressed as a function of 𝜑c:v, Δ𝑇m, salinity (through BPE), and an

additional non-dimensional resistance ratio (𝜑ch:m) as:

NTU =
Δ𝑇max

1 + 𝜑ch:m + 𝜑ch:m𝜑c:v

(︁
1− BPE

Δ𝑇m

)︁ [︁
𝑒𝑏(Δ𝑇m−BPE)−1
𝑏(Δ𝑇m−BPE)

]︁ − 1 (6.13)

where 𝜑ch:m is a ratio of the heat transfer resistance of the rest of module (other than

the membrane) to the heat conduction resistance offered by the membrane:

𝜑ch:m =

(︁
1
ℎf

+ 1
ℎc

+ 𝑑gap
𝑘gap

)︁
𝛿m
𝑘m

(6.14)

𝜑ch:m effectively helps compare Δ𝑇m with TTD or Δ𝑇b (temperature difference be-

tween the hot and cold bulk streams). An ideal MD system would have Δ𝑇m = Δ𝑇b

so that the vapor flux driving temperature difference is maximized. This ideal MD

system would therefore have zero resistance in other portions of the module (channels,

gap, external HX, and condensation surface). The actual resistance of the membrane

relative to the overall resistance between the feed and cold bulk streams is

𝑅membrane

𝑅total

=
1

1 + 𝜑ch:m

[︁
1 + 𝜑c:v

(︁
1− BPE

Δ𝑇m

)︁(︁
𝑒𝑏(Δ𝑇m−BPE)−1
𝑏(Δ𝑇m−BPE)

)︁]︁ (6.15)

This fraction tends to 1 for an ideal system, and this corresponds to 𝜑ch:m → 0.

Like 𝜑c:v, 𝜑ch:m is also defined to be independent of system size. Note that 𝜑ch:m is a

function of membrane thickness. A thicker membrane results in a lower value of 𝜑ch:m,

but ideally 𝜑ch:m should be reduced by decreasing resistances elsewhere (such as by

increasing gap conductance or HX area) rather than by making the membrane thicker.

While both strategies may lead to the same value of 𝜑ch:m, reducing resistances in

the flow channels can help reduce overall system size (by increasing flux), whereas

choosing thicker membrane has the opposite effect. The effect of changing 𝜑ch:m by
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changing these two resistances is discussed in 6.5.5

Putting Eqs. 6.11 and 6.13 together, GOR can be expressed as a function of 𝜑ch:m,

𝜑c:v, BPE, Δ𝑇m, and Δ𝑇max = 𝑇f,in − 𝑇c,in:

GOR =

Δ𝑇max

1+𝜑ch:m+𝜑ch:m𝜑c:v(1− BPE
Δ𝑇m

)
[︂
𝑒𝑏(Δ𝑇m−BPE)−1

𝑏(Δ𝑇m−BPE)

]︂ − 1

1 +
[︁
𝜑c:v

(︁
1− BPE

Δ𝑇m

)︁(︁
𝑒𝑏(Δ𝑇m−BPE)−1
𝑏(Δ𝑇m−BPE)

)︁]︁−1 (6.16)

Table 6.1 summarizes the practical significance of the generalized non-dimensional

and other parameters.

Now that GOR is expressed as a function of module properties (in non-dimensional

form), salinity, and Δ𝑇m. As described previously, Δ𝑇m decreases with an increase in

system size, and can be taken as a proxy for system size in the GOR expression. The

critical system size (NTUcrit or 𝐿crit) above which MD systems should not be operated

can be evaluated by finding Δ𝑇 crit
m (below which the system should not be operated).

GOR reaches a maximum at this critical system size (see Fig, 6-8). Near the peak

GOR, Δ𝑇m ≈ BPE, and hence 𝑒𝑏(Δ𝑇m−BPE)−1
𝑏(Δ𝑇m−BPE)

≈ 1, and hence the GOR expression can

be simplified to:

GOR ≈
Δ𝑇max

1+𝜑ch:m+𝜑ch:m𝜑c:v(1− BPE
Δ𝑇m

)
− 1

1 +
[︁
𝜑c:v

(︁
1− BPE

Δ𝑇m

)︁]︁−1 (6.17)

By setting 𝜕GOR
𝜕Δ𝑇m

= 0, Δ𝑇 crit
m can be expressed as an explicit function of 𝜑ch:m, 𝜑c:v,

BPE and Δ𝑇max:

Δ𝑇 crit
𝑚 = BPE · 𝜑ch:m× (6.18)⎡⎣Δ𝑇max + 𝜑c:v (Δ𝑇max + 𝜑ch:m · BPE) +

√︁
Δ𝑇max(1+𝜑ch:m)(Δ𝑇max+𝜑c:v(Δ𝑇max−BPE))

1+𝜑ch:m(1+𝜑c:v)

(Δ𝑇max + 𝜑ch:m · BPE) (1 + 𝜑ch:m (1 + 𝜑c:v))−Δ𝑇max

⎤⎦
The NTUcrit at which GOR is maximized can in turn be obtained by plugging

Δ𝑇 crit
m into Eq. 6.13. NTUcrit as a function of 𝜑ch:m, 𝜑c:v and salinity is plotted in

Fig. 6-9.

NTU is defined as 𝑈𝐴
𝑚̇𝑐𝑝

. 𝑈𝐴Δ𝑇b = 𝑚̇𝑐𝑝Δ𝑇c,axial, where Δ𝑇b is the temperature
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Figure 6-9: Level curves of NTUcrit as a function of 𝜑ch:m (ratio of channels’ resis-
tance to membrane conduction resistance), salinity and 𝜑c:v (non-dimensional ratio of
membrane vapor permeability to thermal conductivity). Design and operation should
ensure NTU < NTUcrit.

difference between the feed and cold bulk temperatures, and Δ𝑇c,axial is the temper-

ature difference along the length of the cold channel. As a result, NTU =
Δ𝑇c,axial

Δ𝑇b
≈

𝑇c,out−𝑇c,in

𝑇f,in−𝑇c,out
. These temperatures can be readily measured for an MD module in opera-

tion to infer NTU and ensure operation at NTU < NTUcrit.

NTUcrit as a non-dimensional parameter is useful when a system is in operation

and inlet and outlet temperatures can be measured. For designing a system, however,

the more relevant parameter is the critical length of the module. This critical length

can be represented as a function of feed salinity, and non dimensional parameters

𝜑ch:m and 𝜑c:v as shown in Fig. 6-10. The dimensional critical length also depends on

the actual resistance within the module, in addition to the non-dimensional resistance

ratios. Figure 6-10 is for ℎf = ℎc = 2520 W/m2·K, and ℎgap = 104 W/m2·K, 𝑤 = 12

m, 𝑚̇f,in = 1 kg/s.

The maximum length and NTU are strong functions of 𝜑ch:m and BPE and are

affected less by 𝜑c:v. The maximummodule length is extremely high at low salinities as

long as 𝜑ch:m is small enough, i.e. the membrane is thick and heat transfer coefficients

of non-membrane elements are high. At larger feed salinity, the maximum allowable

length decreases (even for a relatively thick membrane). Similarly, as 𝜑ch:m increases
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Figure 6-10: Level curves of 𝐿crit (in meters) as a function of 𝜑ch:m, salinity and 𝜑c:v.
This dimensional result is valid for ℎchannels = 1132 W/m-K (overall heat transfer
coefficient of non-membrane regions), and 𝑚̇f,in/𝑤 = 0.0833 kg/m-s.

(thinner membrane or higher resistances in other parts of the module other than the

membrane), the allowable maximum length decreases. Since GOR = 𝜂NTU (and

𝜂crit ≈ 0.4–0.6 at NTU = NTUcrit)), in order to achieve high GOR at high feed

salinity, it is important to have a low value of 𝜑ch:m.

The GOR obtained by setting 𝐿 = 𝐿max is almost identical (within 1%) to the

maximum GOR obtained by numerical optimization of the full 1D module over a

range of 𝑠in = 70, 250 g/kg, 𝜑ch:m = 0.05–1.15, and 𝜑c:v = 3.1, 6.2.

The above framework for critical system size for a desired feed treatment capacity

(at the design stage) can also be applied to finding the critical feed flow rate for a fixed

membrane area (e.g., a real system in operation). If channel heat transfer coefficients

are independent of flow rate, the critical system size predicted by Fig. 6-10 would have

to be matched by increasing feed flow rate instead. As systems should be designed at

𝐿 < 𝐿crit, they should be operated at 𝑚̇f > 𝑚̇crit
f . Another way to adjust 𝑚̇f would

be to increase the flow rate until NTU is lower than NTUcrit (Fig. 6-9).

Winter et al. [127] noted the existence of a practically relevant value of NTUcrit or

𝑚̇crit
f at high salinity based on experiments with large-scale PGMD modules (Fig. 6-

11). Note that the experimental data at 𝑠 = 50 g/kg and 75 g/kg reach a maximum,
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with changes in feed flow rate. The numerical model (now including the effect of feed

flow on channel heat transfer coefficient) can also predict the existence of a critical

flow rate and maximum GOR. If the flow rate is set based on the HX model equation

for NTUcrit, the GOR obtained is very close to the numerical model’s max. GOR.
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Figure 6-11: Effect of flowrate on NTUcrit of a fixed size system at various salinity
levels. Data from Winter et al. [127]

The equations developed in this section can therefore be used to design and operate

MD systems at high salinity away from counter-productive operating conditions where

both GOR and flux are low.

6.3.4 Air Gap: Effectively a thick and insulating membrane

The theoretical development in Section 6.3.1 establishes a general comparison between

DCMD, PGMD and CGMD. In view of the non-dimensionalization proposed in the

previous section, we revisit the question of comparing AGMD and CGMD to come

up with a unified theoretical framework that can be applied to all single stage MD

configurations.

Figure 6-12 shows the cross-section of an air gap MD module. In developing

the simplified HX model of MD, it was assumed that water exists on either side of

the membrane and hence the vapor pressure can be related to the saturation vapor

pressure and salt concentration of these streams. In AGMD, the same model can be

applicable if the region between the two menisci (salt water meniscus to the left of the
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membrane and the condensing film surface) is defined as the effective membrane [106].

In addition to having a thicker ‘effective membrane’, the overall thermal conductivity

(𝑘eff,m) of this ‘membrane’ in AGMD is also lower (since the membrane material is

localized to a small portion of the effective membrane, the remaining being filled with

only air). If the porosity of the air gap is high, the permeability coefficient (𝐵0) of this

effective membrane would also be higher than that of the membrane. Therefore 𝜑c:v

is higher and 𝜑ch:m is lower, both of which are especially useful from the perspective

of achieving higher NTUcrit or GORmax at high salinity.

effective membrane = membrane + air gap 
thicker, lower keff, and higher B0

Cross-section of AGMD 

spacer

Figure 6-12: Cross section of AGMD. The air gap along with the membrane can be
considered as the effective membrane in the case of AGMD.

This framework can be used to understand the region of Fig. 6-6 in which AGMD

achieves a higher GOR than CGMD. While having a higher 𝜑c:v and lower 𝜑ch:m

are both desirable from the perspective of achieving high energy efficiency and low

𝜂, the fact that the overall resistance in AGMD is higher (since 𝜑ch:m is increased

by increasing membrane thickness rather than by reducing the resistance in other

sections of the module) leads to a lower flux, and larger area requirement in AGMD

compared to CGMD, for smaller system size (see Figs. 6-7, 6-19a).

One way to match AGMD’s high GOR at low flux with CGMD is to use a thick

membrane 𝛿m(CGMD) = 𝛿m(AGMD) + 𝑑gap(AGMD). This prediction is verified

by comparing the performance of AGMD against CGMD with a thick membrane

in Fig. 6-13. When a CGMD system with a thicker membrane (1.2 mm thick) is

considered, its GOR-flux profile starts approaching that of AGMD (green curve).

At 𝑠in = 175, 250 g/kg, a thick membrane CGMD system performs similar to

AGMD (lower GOR compared to thin-CGMD at high flux and higher GOR at low

flux), but its peak GOR is around 10–25% lower than that of AGMD. The membrane’s
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permeability coefficient was set at 60% of the molecular diffusion upper limit perme-

ability, at 𝐵0 = 1.5×10−10 s, in order to account for vapor transport inhibition by the

membrane, the membrane’s porosity, and tortuosity. On the other hand, the air gap

spacer was considered to have a higher porosity (see Table 6.2), and as a result the

effective permeability coefficient of the air gap was around 𝐵0,air−gap ≈ 2.15×10−10 s.

Similarly, the effective conductivity of the air gap was set at 0.032 W/m·K compared

to 𝑘eff,m = 0.062 W/m·K. Therefore, 𝐵0/𝑘eff,m and 𝜑c:v were higher for the effective

membrane of AGMD, resulting in higher maximum GOR of AGMD compared to

CGMD with a thick membrane.

With the development of ultra-porous MD membranes with enhanced vapor per-

meability and much lower thermal conductivity [58], this disadvantage of thick-CGMD

compared to AGMD at high salinity and low flux can be addressed. This is partic-

ularly important since AGMD with small gap thickness can get partially flooded,

pushing AGMD’s performance below that of CGMD towards PGMD (Fig. 6-13).

Practical implications of these effects on choice of MD configuration for high salinity

are summarized in the following section.

Practical implications for choice of MD configuration

AGMD is particularly promising at high feed salinities. But a thin air-gap (about

1 mm) can get partially or completely flooded during operation (Fig. 6-14). Recent

visualizations [50, 76] of the condensation process within the air gap have confirmed

that the film is affected by the gap spacer and is quite different from the ideal case

depicted Fig. 6-12. In 6.5.4 we show that large scale systems may also be susceptible

to gap flooding. This would lead to a shift in AGMD performance towards that of

PGMD (red curves in Fig. 6-13) which is particularly bad at high 𝑠.

Since CGMD and DCMD system with thick membranes perform similar to AGMD,

while eliminating the danger of air gap flooding and PGMD type operation, these may

be more robust alternatives to AGMD. This result assumes that high ℎgap or (𝑈𝐴)HX

can be implemented, since the resistance of the thin film condensate in AGMD is

small. Fig. 6-14 shows the overall comparison between various configurations.
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Figure 6-13: A CGMD with a thicker membrane performs similar to AGMD. When
the membrane thickness equals the sum of the membrane and air gap thickness of
AGMD, performance of CGMD approaches AGMD. AGMD is still better due to a
lower heat loss across the gap with low thermal conductivity. For high salinity, lower-
ing the membrane conductivity makes the CGMD very similar to AGMD. CGMD and
PGMD with 𝛿m = 0.2 mm are also shown for comparison. Other system parameters
are provided in Table 6.2.

6.3.5 Choosing MD membrane thickness

Making a more permeable or less thermally conductive membrane (to increase 𝜑c:v) is

contingent on developing novel membrane fabrication methods. On the other hand,

the thickness of the membrane can be adjusted as an independent parameter during

fabrication. We have shown that AGMD is better for low flux and high GOR, whereas

CGMD is better at high flux and low GOR. Since AGMD type performance can be

obtained by using thicker membranes in CGMD, in this final section, we focus on the

choice of optimal membrane thickness for a CGMD system.

The ideal thickness of the membrane depends not only the feed water salinity,

but also on the flux at which the system operates. Figure 6-15 shows GOR vs. flux

curves for a three representative membrane thicknesses. At high flux, the thicker

membranes have a lower GOR compared to thinner membranes, whereas at low flux,

the thicker membranes achieve higher GOR. At each flux, there exists an optimum

thickness. The overall best-case (upper limit GOR) curve is tangent to a series of
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Figure 6-14: Relationship between various MD configuration at high salinity. A < B
and A > B are used to indicate that system A is worse or better than system B.
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Figure 6-15: GOR vs. flux at various membrane thicknesses for CGMD at 𝑠in = 150
g/kg. For each flux, GOR is maximized at a specific value of membrane thickness.

GOR-flux curves; at each flux, the upper limit GOR curve is tangent to a GOR-flux

curve for particular membrane thickness that maximizes the GOR at that flux value.

This resulting curve is shown as a solid line in Fig. 6-15.

Similar upper limit curves can be obtained for each salinity based on the same

procedure and are plotted in Fig. 6-16a. Correspondingly, the optimal membrane

thickness as a function of flux is shown in Fig. 6-16b. These curves (since they include

dimensional flux) are valid for the baseline channel properties listed in Table 6.2.

Figures 6-16a and 6-16b together can be used to pick the optimal membrane

thickess for a given application (defined by 𝑠in, 𝐶GOR and 𝐶Flux). First, Fig. 6-
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Figure 6-16: Choosing membrane thickness and system size: maximum GOR and the
thickness at which GOR is maximized are plotted as a function of flux. At the known
feed salinity, the point along the max-GOR vs. flux graph is chosen at which cost
of water is minimized. Once this operating point is chosen, the corresponding value
of membrane thickness can be obtained from Fig. 6-16b. Representative choices of
optimal system design are shown for three values of 𝐶GOR/𝐶flux [L/m

2-hr].

16a is used to pick an operating point along the max. GOR-flux operating curve

to minimize specific cost (Eq. 6.23). The location of the optimum is a function of

the relative specific cost of thermal energy and amortized system size (𝐶GOR/𝐶flux).

At the baseline condition defined in 6.5.1 using natural gas for thermal energy, this

ratio is 22.6. If a cheaper source of thermal energy is available or if the system

cost is higher, this ratio would be lower. Once this operating point is identified,

the required membrane thickness can be obtained at the same value of flux from

Fig. 6-16b. Representative results are shown for three values of the cost ratio.

6.4 Concluding Remarks

In this manuscript, common single stage MD configurations are compared over a range

of feed salinities based on their GOR-flux performance characteristics. Increasing the

conductance of the gap in PGMD, tending towards CGMD, always leads to better
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overall performance. The comparison between CGMD and DCMD is a function of

the gap conductance and external HX area and transfer coefficient. The performance

of these two configurations is similar when 𝑈HX𝐴HX = ℎgap𝐴MD. Since both CGMD

and DCMD can be designed to achieve similar performance, designers can choose to

implement the cheaper alternative each scenario.

At high feed salinity, there exists a critical MD system specific size or NTUcrit.

Operating at NTU > NTUcrit should be avoided since neither flux nor GOR improves

in this regime. An analytical expression for NTUcrit is derived using the simplified

HX model of MD, as a function of feed salinity (BPE) and two non-dimensional

parameters quantifying the ratio of membrane permeability to vapor transport com-

pared to thermal conductivity, and the relative heat transfer resistance offered by

non-membrane portions of the MD module compared to the membrane. This expres-

sion can inform the choice of system size at the design stage (for treating a given feed

flow rate), or flow rate during operation (for a physical system of fixed size), to avoid

the counterproductive operating regime.

Finally, AGMD is also brought into the simplified HX modeling framework by

identifying the air gap as a part of the effective membrane separating the evapora-

tion and condensation menisci. If AGMD is used for high salinity desalination, care

should be taken to avoid partial or complete flooding of the air-gap. CGMD and

DCMD with thicker membranes are also resistant to changes in feed salinity, similar

to AGMD, and can reach higher GOR values at high salinity than with thinner mem-

branes. The choice of ideal configuration could therefore be restated as a problem of

picking the ideal membrane thickness. A method to simultaneously choose membrane

thickness and system size to minimize overall cost of water treatment is presented.

An upper limit GOR-flux curve can be evaluated by maximizing GOR at each value

of flux over all possible membrane thickness values. The best operating point (and

correspondingly optimal membrane thickness) can be inferred from this graph based

on the relative specific cost of system CapEx and OpEx.
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6.5 Appendices

6.5.1 Economic analysis

The flux-GOR performance curve for a given MD configuration indicates the set of all

operating points that are accessible to the technology by varying the specific system

size. The purpose of plotting these curves for various configurations is to compare

them, being agnostic to actual capital and operating costs that would vary from one

desalination plant to another. The overall specific cost of water production from a

MD system is influenced by both capital and operating expenditures. The capital

cost increases with system size. The operating expense consists of labor, chemicals,

membrane and other material replacement, as well as energy. Energy is utilized in

an MD system both in the form of heat and electricity. Considering only the cost of

capital (assuming capital cost is linearly proportional to membrane area), and energy

consumption, the overall cost of water from MD can be written as a function of three

terms:

𝑐 = 𝑐CapEx + 𝑐thermal + 𝑐electric (6.19)

𝑐CapEx can be expressed as a function of water flux as:

𝑐CapEx[$/m
3] =

𝐶system,ammortized[$/hr]

V̇p[m3/hr]
=

𝑐sp,capital[$/m
2]× 𝐴[m2]× CAF[hr−1]

𝐽 [Lm−2hr−1]× 𝐴[m2]× 10−3[m3/L]

=
𝐶flux

𝐽
(6.20)

For a 20 year plant life, and annual interest rate of 10%, the capital amortization

factor CAF = 1.35× 10−5[hr−1]. For a system specific cost of 𝑐sp =$100/m2, 𝐶flux =

1.35 [$-L/m5-hr] and 𝑐CapEx =
1.35
𝐽
.

The contribution of thermal energy cost to the cost of water produced by MD is

directly proportional to the specific cost of thermal energy and the specific thermal

energy consumption of the MD process.
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𝑐thermal[$/m
3] = 𝑐𝑠𝑝,𝑡ℎ𝑒𝑟𝑚𝑎𝑙[$/kWh]× 𝑞MD[kWh/m3]

= 𝑐𝑠𝑝,𝑡ℎ𝑒𝑟𝑚𝑎𝑙[$/MMBTU]× ℎfg[J/kg]

GOR
× (0.947× 10−9)[MMBTU/J]× 103[kg/m3]

=
𝐶GOR

GOR
(6.21)

Considering the cost of energy from natural gas $13.11/MMBTU and ℎfg = 2.442×

106 J/kg, 𝐶GOR = 30.34[$/m3] and 𝑐thermal =
30.34
GOR

.

If 𝑊̇ is the electricity consumption in watts, the corresponding contribution to

the overall specific cost of water can be written as

𝑐electric = 𝑐sp,electric[$/kWh]× 𝑤𝑠𝑝,𝑒𝑙𝑒𝑐𝑡𝑟𝑖𝑐[kWh/m3]

= 𝑐sp,electric[$/kWh]× 𝑊̇ [W]×���10−3[kW/W]× �1 hr

𝐽 [Lm−2hr−1]× 𝐴[m2]×���10−3[m3/𝐿]× �1 hr

=
𝑐sp,electric

(︁
𝑊̇
𝐴

)︁
𝐽

=
𝐶 ′

pump

𝐽
(6.22)

Unlike 𝐶flux and 𝐶GOR, 𝐶pump′ is not independent of system size, as the pumping

power increases with an increase in module length. Duong et al. report a low value of

around 0.3 kWh/m3 for the specific electrical energy consumption [29]. Nevertheless,

even for a pump power consumption of 1–2 kWh/m3-product, the relative contribution

of pump energy consumption is much lower than that of capital cost and thermal

energy. As a result, the total cost of water from MD can be approximated as

𝑐 ≈ 𝑐CapEx + 𝑐thermal =
𝐶flux

𝐽
+

𝐶GOR

GOR
(6.23)

6.5.2 Baseline system parameters

6.5.3 Numerical validation of DCMD and CGMD comparison

The GOR and flux of CGMD are plotted versus ℎgap in Fig. 6-17 at two combinations

of feed inlet salinity and system size. On the same plot, the GOR and flux of DCMD

are also plotted versus 𝑈HX𝐴HX/𝐴m. As predicted, the curves line up almost perfectly.
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The maximum deviation is around 1.5% in the case of GOR and 0.75% in flux. DCMD

has a slightly higher GOR since it has a higher NTU for the same inlet feed flow rate

and area. The average feed flow rate within the module is lower in DCMD, whereas

it is equal to the inlet flowrate in the case of CGMD.
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Figure 6-17: The performance of CGMD and DCMD are comparable when the re-
sistance of the gap and the external heat exchanger are matched. 𝐵0 = 1.8 × 10−10

s.

6.5.4 Potential for flooding in AGMD

The present numerical model is compared against results from the Aquastill MD

module reported in [29]. The GOR-flux values obtained with changes in feed flow

rate (Fig. 6-18a) and top temperature (Fig. 6-18b) at two values of 𝑠in = 0, 35 g/kg

are plotted. The channel geometry, feed flow rate, temperature and salinity in the

numerical model are set based on the reported data.

The decline in performance between 𝑠in = 0 and 35 g/kg cases is more pronounced

then what would be expected for an ideal air gap system. The AGMD model predic-

tion shows a small difference in performance between the two salinity levels, whereas

the difference predicted by the PGMD model is closer to the observed trend. We

can therefore surmise that the large scale experimental module could have had some
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Figure 6-18: Comparison of the full-system model by comparing against published
data for flux and energy efficiency. AG (dotted model lines) refers to Air Gap and PG
to Permeate Gap (solid model lines). The reported module geometry data was input
to the model. Additionally the following parameters were used: 𝐵0 = 1.5 × 10−10

kg/m-s-Pa, ℎch ≈ 5000 W/m2·K, ℎPGMD
gap = 500 W/m2·K, 𝑑AGMD

gap,eff = 0.7 mm.

water bridging or partial flooding of the gap. On average, experimental results occur

between the model predictions for an air-gap system and that of a permeate gap

system (where the entire gap is assumed to be filled with produced product water).

Note that in Fig. 6-18a, at larger feed flow rates, the obtained GOR and flux

values are higher than predicted by both the AGMD and PGMD models. This could

be because a simple laminar correlation is used for the heat transfer coefficient within

the flow channels in the model, whereas in reality, with an increase in flow rate,

the effective heat transfer coefficient would increase due to increased mixing in the

spacer-filled channel. Additionally, the effect of changes in top temperature on 𝐵0 of

the membrane have also not been considered in the numerical model.

6.5.5 Effect of non-dimensional parameters on flux

While maximum GOR is only a function of the non-dimensional parameters, flux is

not defined only by 𝜑ch:m, 𝜑c:v and system size, but is also a function of the actual

values of the individual resistances.

Figure 6-19a shows the effect of decreasing 𝜑ch:m in two ways: keeping membrane
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thickness constant and increasing ℎch or keeping ℎch constant and increasing mem-

brane thickness. While the maximum GOR value is the same for these two cases

(since 𝜑ch:m is equal and only the non-dimensional fraction influences GOR), flux

behavior is very different.

The flux for the case with higher channel transfer coefficient is about two times

higher than the case with a thicker membrane. For a system with lower 𝜑ch:m = 0.2

due to a thicker membrane (larger membrane resistance), the GOR is higher than case

with 𝜑ch:m = 0.4 at low flux, but at higher fluxes, the original system with 𝜑ch:m = 0.4

performs better. On the other hand, when 𝜑ch:m = 0.2 is achieved by increasing the

channel heat transfer coefficient, performance is better than the system at 𝜑ch:m = 0.4

throughout all flux values.

Similarly, Fig. 6-19b shows the difference in performance based on whether 𝜑c:v

is increased by improving membrane mass transfer or by increasing membrane heat

transfer resistance, while keeping 𝜑ch:m and 𝛿m constant in both cases.
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Figure 6-19: Max GOR is only a function of 𝜑c:v and 𝜑ch:m, but flux depends on the
individual resistances rather than just the ratios of resistances. 𝑠in=150 g/kg.
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6.5.6 Equations for generalized HX model of MD

Effects of high salinity

Feed inlet salinity in g/kg-solution or ppt

𝑠in = 60 [g/kg] (6.24)

This is the average salinity at which BPE is evaluated. The average salinity is taken

to be 4% higher than the inlet salinity to account for concentration along the system

length and concentration polarization

𝑠avg = 1.04 · 𝑠in (6.25)

molality corresponding to avg. salinity

molalityavg = 1000 · 𝑠avg
(1000 ·MWsolute − 𝑠avg ·MWsolute)

(6.26)

NaCl is the solute assumed

MWsolute = 58.44 [g/mol] (6.27)

The temperature at which BPE is evaluated - average of top and bottom temper-

atures

𝑇avg =
𝑇top + 𝑇bottom

2
(6.28)

This BPE (boiling point elevation) is determined for NaCl solution at the average

salinity and temperature

BPE = BPE
(︀
molalityavg, 𝑇avg

)︀
(6.29)

A fit for the specific heat of NaCl solution as a function of solution salinity at 60

∘C

𝑐p,NaCl = 15.566 ·molality2avg − 241.78 ·molalityavg + 4161.9 (6.30)
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Other system inputs Heat transfer coefficients in the feed channel. Can be determined

using a correlation as a function of system properties (such as channel depth and flow

velocity) for more general applicability

ℎt,f = 2522
[︀
W/m2 ·K

]︀
(6.31)

Cold channel geometry and flow are assumed to tbe the same as feed channel

ℎt,c = ℎt,f (6.32)

Temperature at the heater outlet or feed channel inlet is fixed

𝑇top = 85 [ ∘C] (6.33)

𝑇bottom corresponds to the incoming cold water temperature. If recirculation is

used, the brine is assumed to be cooled to ambient. The simplified model is validated

against the more detailed model only for 𝑇bottom = 25 C. For other 𝑇bottom, 𝑇p,avg

below would vary.

𝑇bottom = 25 [ ∘C] (6.34)

Δ𝑇 total = 𝑇top − 𝑇bottom (6.35)

Geometry Flow channel length (dimension along flow direction) - larger length leads

to higher GOR, but lower flux

𝐿 = 4 [m] (6.36)

Flow channel width - can be scaled along with 𝑚̇f,in Overall results only depend

on 𝑚̇f,in/𝑤 - not on either of them independently

𝑤 = 12 [m] (6.37)

Membrane total area

𝐴 = 𝑤 · 𝐿 (6.38)
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Membrane Characteristics

𝐵0 is the membrane vapor permeability coefficient

𝐵0 = 1.5× 10−10 [s] (6.39)

𝛿m is membrane thickness in microns. For AGMD, 𝛿m can be set to include the

air-gap’s effective thickness

𝛿m = 200 [𝜇m] (6.40)

Membrane material thermal conductivity - PVDF

𝑘𝑚𝑒𝑚𝑏,𝑚𝑎𝑡 = 0.2 [W/m ·K] (6.41)

𝑘𝑣𝑎𝑝𝑜𝑟 = 0.02 [W/m ·K] (6.42)

Porosity of the membrane

𝜑 = 0.8 (6.43)

Overall thermal conductivity of the membrane (for AGMD, this should also be

decreased to account for the effective membrane):

𝑘eff = 𝜑 · 𝑘vapor + (1− 𝜑) · 𝑘memb,mat (6.44)

Vapor permeability [kg/m2-s-Pa]

𝐵 =
𝐵0

(𝛿m · 10−6)
(6.45)

Thermal conductance of the membrane [W/m2-K]

𝐾cond =
𝑘eff

(𝛿m · 10−6)
(6.46)
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Flow rates Feed inlet mass flow rate

𝑚̇𝑓,𝑖𝑛 = 1 [kg/s] (6.47)

Specific heat capacity of the feed solution

𝑐p,f = 𝑐p,NaCl (6.48)

For the MD-heat-exchanger, the two heat capacity rates are modeled as equal

since the pure water is considered one stream and the feed + pure water is considered

the other stream

𝐶̇1 = 𝑚̇f,in · 𝑐p,f (6.49)

𝐶̇2 = 𝐶̇1 (6.50)

Gap For CGMD 𝑘gap =10 W/m-K. For PGMD, 𝑘gap would be 0.6 W/m-K. For

DCMD, kgap can be set = 𝑈HX𝐴HX𝑑gap/𝐴. For AGMD air gap, the major resis-

tance will be in the thick effective membrane as defined in the 𝛿m variable above.

Hence a high 𝑘gap = 10 W/m-K can be used.

𝑘gap = 10 [W/m ·K] (6.51)

The gap effecitve thickness.

𝑑gap = 0.001 [m] (6.52)

Averaging length-wise variations This is a fit obtained for 𝑇p,avg as a function of sys-

tem top temperature. Bottom temperature was kept constant at 25 ∘C, but is likely

to have a smaller overall effect.

𝑇p,avg = (0.3731 · 𝑇top + 21.834) (6.53)

Membrane Transfer Coefficient: Writing the mass transfer across the membrane
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in terms of the Δ𝑇m rather than as a function of the vapor pressure difference, using

the exponential approximation of 𝑝vap(𝑇 ) = 1054.8 exp 0.0479 * 𝑇 , where 𝑇 is in ∘C:

MTcoeff = 0.0479 · 1054.8 · exp (0.0479 · 𝑇p,avg) ·
(︂
1− BPE

Δ𝑇m,resistance

)︂
(6.54)

The membrane resistance to heat and mass transfer are considered to be in parallel

ℎeff,m = MTcoeff ·𝐵 · ℎfg +𝐾cond (6.55)

Overall Transfer Coefficient

𝑈 =
1

1/ℎt,f + 1/ℎeff,m + 1/ℎt,c + 𝑑gap/𝑘gap
(6.56)

Δ𝑇m as a function of overall (terminal temperature difference) TTD - as a function

of the relative resistances in various parts of the module

TTD

1/𝑈
=

Δ𝑇m,resistance

1/ℎeff,m

(6.57)

hfg(𝑇 = 25 ∘C) is used. GOR reported is for

ℎfg = 2.442× 106 [J/kg] (6.58)

Using heat exchanger NTU (number of transfer units) - 𝜖 (exchanger effectiveness)

theory

NTU = 𝑈 · 𝐴/𝐶̇1 (6.59)

𝜖 = HX
(︁
‘counterflow’ , NTU, 𝐶̇1, 𝐶̇2, ‘epsilon’

)︁
(6.60)

Final Results

Overall terminal temperature difference

TTD = (1− 𝜖) ·Δ𝑇 total (6.61)
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Thermal efficiency - fraction of energy transfer across the membrane through mass

transfer, rather than as heat conduction loss

𝜂 =
1[︁

1 +
(︁

𝐾cond

𝐵·ℎfg

)︁
·
(︁

1
MTcoeff

)︁]︁ (6.62)

GOR = 𝜂 · 𝜖

(1− 𝜖)
(6.63)

Heat input rate - [W]

𝑄𝑖𝑛 = 𝐶̇1 · TTD (6.64)

Rate of pure water produciton - [kg/s]

𝑚̇p = GOR ·𝑄in/ℎfg (6.65)

Water flux - [L/m2-hr] or [LMH]

𝐽 = 𝑚̇p · 3600/𝐴 (6.66)

Equations to evaluate the critical system size beyond which both GOR and flux start declining

Non-dimensional parameter Y3 compares membrane mass transfer resistance to

resistance in other parts of the system

𝑌3 = 𝐵 · ℎfg · 0.0479 · 1054.8 · exp (0.0479 · 𝑇p,avg) · (1/ℎt,f + 1/ℎt,c + 𝑑gap/𝑘gap) (6.67)

Compares membrane conduction resistance to resistance elsewhere in the module

- Low value is better. It is called 𝜑ch:m in the manuscript.

𝑌1 = 𝐾cond · (1/ℎt,f + 1/ℎt,c + 𝑑gap/𝑘gap) (6.68)

Compares membrane vapor conductance to heat conductance - A high value is
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better. It is called 𝜑c:v in the manuscript.

𝑌2 = 𝐵 · ℎfg · 0.0479 · 1054.8 ·
exp (0.0479 · 𝑇p,avg)

𝐾cond

(6.69)

Equations for various parameters at the critical system size - They are indicated

by the subscript ‘crit’

Δ𝑇𝑚,crit

BPE · 𝑌1

=

⎡⎣Δ𝑇 total + 𝑌2 (Δ𝑇 total + 𝑌1 · BPE) +
√︁

Δ𝑇 total(1+𝑌1)(Δ𝑇 total+𝑌2(Δ𝑇 total−BPE))
1+𝑌1(1+𝑌2)

(Δ𝑇 total + 𝑌1 · BPE) (1 + 𝑌1 (1 + 𝑌2))−Δ𝑇 total

⎤⎦
(6.70)

𝜂crit =
1

1 +

(︃
𝑌 −1
2 · 0.0479 · Δ𝑇m,crit−BPE(︂

1− BPE
Δ𝑇m,crit

)︂
·(exp (0.0479·(Δ𝑇m,crit−BPE))−1)

)︃ (6.71)

NTUcrit =
Δ𝑇 total(︂

Δ𝑇m,crit ·
(︂
1 + 𝑌1 + 𝑌3 ·

(︁
1− BPE

Δ𝑇m,crit

)︁
· exp (0.0479·(Δ𝑇m,crit−𝑏𝑝𝑒))−1

0.0479·(Δ𝑇m,crit−BPE)

)︂)︂ − 1

(6.72)

𝑀𝑇 coeff,crit = 0.0479 · 1054.8 · exp (0.0479 · 𝑇p,avg) ·
(︂
1− BPE

Δ𝑇m,crit

)︂
(6.73)

ℎeff,m,crit = MTcoeff,crit ·𝐵 · ℎfg +𝐾cond (6.74)

𝑈crit =
1

1/ℎt,f + 1/ℎeff,m,crit + 1/ℎt,c + 𝑑gap/𝑘gap
(6.75)

𝐴crit = NTUcrit · 𝐶̇1/𝑈crit (6.76)

𝐿crit = 𝐴crit/𝑤 (6.77)

GORcrit = 𝜂crit · NTUcrit (6.78)
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Table 6.1: List of system variables and non-dimensional parameters used to charac-
terize MD system critical size.

System variables Non-
dimensional
parameter

Summary

𝐿,𝑚̇f,in NTU Defines system size. 𝐿 is physical length of
the module in the flow direction. NTU =
𝑈×(𝐿𝑤)

𝑚̇𝑐p
. NTU is not a linear function of 𝐿

since 𝑈 = 𝑓(𝐿). Membrane mass transfer co-
efficient (ℎmass,m) is a function of Δ𝑇m, which
decreases at larger 𝐿. Experimentally NTU
can be inferred as NTU =

𝑇c,out−𝑇c,in

TTDMD
.

𝛿m, ℎf , ℎc, ℎgap 𝜑ch:m Ratio of combined resistance of non-
membrane sections to membrane conduction
resistance. 𝜑ch:m increases for a thinner mem-
brane or at higher channel heat transfer co-
efficients.

𝐵0, 𝑘eff,m, 𝑇p,avg 𝜑c:v Ratio of the membrane conductance resis-
tance to (size independent part of) mem-
brane mass transfer resistance. A higher
value is better. 𝜑c:v can be increased by in-
creasing 𝐵0 or reducing 𝑘eff,m.

BPE, 𝑠f,in - The boiling point elevation is a measure of
the vapor pressure depression of the saline
solution. It is a function feed salinity and
average temperature. For NaCl solutions, as
feed salinity increases up to saturation at 260
g/kg, BPE increases to around 6 ∘C.

Δ𝑇max = 𝑇f,in−𝑇c,in - This is fixed at 60 ∘C in this study: 𝑇f,in =
85 ∘C, 𝑇f,in = 25 ∘C. At lower top tempera-
ture, in addition to adjusting Δ𝑇max, the ef-
fect of lower temperature on 𝐵0 should also
be accounted for.
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Table 6.2: Baseline system parameters.

Parameter Symbol Value Units
Membrane permeability coefficient 𝐵0 1.5× 10−10 s
Membrane thickness 𝛿m 200 𝜇m
Membrane porosity 𝜑 0.8 -
Membrane material conductivity 𝑘m 0.2 W/m-K
Membrane width per unit flow rate 𝑤/𝑚̇f,in 12 m/(kg/s)
Top temperature 𝑇f,in 85 ∘C
Bottom temperature 𝑇c,in 25 ∘C
Channel height 𝑑ch 1 mm
Gap thickness 𝑑gap 1 mm
CGMD - gap conductivity 𝑘gap 10 W/m-K
PGMD - gap conductivity 𝑘gap 0.6 W/m-K
AGMD - gap porosity 𝜑gap 0.9 -
AGMD - gap spacer conductivity 𝑘gap,spacer 0.2 W/m-K
DCMD - HX Area ratio 𝐴HX/𝐴m 1 -
DCMD - HX heat transfer coefficient 𝑈HX 1300 W/m2-K
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Chapter 7

Comparing brine recirculation

methods for high recovery

Abstract

Thermal desalination processes such as membrane distillation (MD), humidification
dehumidification (HDH), and multi-stage flash (MSF) are restricted to low per-pass
pure water recovery ratio. A higher recovery can be achieved through brine recircu-
lation. In this study, we focus on the MD process to understand aspects of process
design and compare several recirculation strategies: batch, semibatch, continuous,
and multistage. The processes are ranked based on their flux and energy efficiency,
which together influence cost. Batch systems outperform semibatch and continuous
recirculation. A batch system spends more operating time treating lower salinity wa-
ter compared to semibatch and continuous recirculation for the same value of overall
recovery ratio. Multi-stage recirculation can approach batch-like performance only
with a large number of stages. An important operating principle for batch MD sys-
tems is to avoid counterproductive conditions characterized by the velocity 𝑣 being
below the critical velocity 𝑣crit. Over the course of the cycle-time as the feed becomes
more salty, critical feed velocity increases. It is recommended to increase the feed
flow rate, if necessary, to maintain 𝑣 > 𝑣crit. An optimal membrane thickness can be
identified for batch MD as a function of the relative cost of system area compared to
thermal energy, by plotting the GOR-flux performance curves for various values of
membrane thickness and choosing the upper limit curve.
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7.1 Introduction

Conventional seawater and brackish water reverse osmosis systems are not readily

applicable for further concentration of desalination brines, hydraulic fracturing pro-

duced water, or industrial effluents towards zero-liquid-discharge. Thermal technolo-

gies such as membrane distillation (MD) and humidification dehumidification (HDH)

are considered to be promising for such brine concentration applications. However,

these applications are characterized by a high recovery ratio requirement. Both HDH

and MD (except multi-effect designs which will be considered in the next chapter) are

restricted to a low value of per-pass recovery ratio, necessitating brine recirculation.

In this study, we

1. compare various methods of achieving high recovery (batch, semi-batch, con-

tinuous recirculation and multi-staging).

2. elucidate the value of additional control system to avoid counter-productive

operating conditions over the cycle time of the batch MD process.

3. develop a procedure to identify an ideal membrane thickness for batch MD

processes.

7.1.1 Motivation for high product recovery

MD systems without recirculation have low recovery ratio, which is the ratio of pure

water to feed water as defined in Eq. 7.1.

RR =
𝑀permeate

𝑀feed

(7.1)

where 𝑀perm is the final mass of permeate produced and 𝑀feed is the initial mass of

feed to be treated. Instantaneous recovery ratio or recovery ratio per-pass through

the MD system can be defined in terms of the instantaneous pure water production

rate (𝑚̇p) and feed inflow rate (𝑚̇f) as RRm = 𝑚̇p

𝑚̇f
. If the change in temperature

along the length of the cold channel is represented by Δ𝑇c, by energy conservation
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for the preheated feed stream, 𝑚̇f𝑐pΔ𝑇c = 𝑚̇pℎfg + 𝑄̇m,cond, where 𝑄̇m,cond is the heat

transfered by conduction across the membrane. Since 𝑄̇m,cond > 0,

RRm <
𝑐pΔ𝑇c

ℎfg

(7.2)

and Δ𝑇c < 𝑇f,in − 𝑇c,in. Both MD and HDH are operated at a top temperature

below 100 ∘C, often in combination with low temperature heat sources. If the ambient

temperature is 25 ∘C, RR < 13%. In practice the limit is lower, around 8% due to a

lower top temperature and heat conduction from the feed stream.

In contrast, in order to achieve zero-liquid-discharge, the desalination process

would have to concentrate the salt solution up to saturation concentration (260 g/kg

for NaCl), at which point, the solution can be passed to a crystallizer. In this study, we

will focus on desalinating a 70 g/kg feed solution up to 260 g/kg. The corresponding

required recovery ratio is 1 − 70/260 = 72.1%, much higher than the limiting value

for a single stage system. In order to implement such a high recovery ratio in a

hypothetical single pass MD process, the feed stream would have to be heated up to

500 ∘C, after being pressurized to prevent boiling.

7.1.2 Options for high recovery with MD

The following operation strategies enable high overall pure water recovery employing

a low-recovery single stage process:

1. batch recirculation

2. semi-batch recirculation

3. continuous recirculation

4. continuous multi-stage

Figure 7-1 shows a schematic representation of these alternatives. The first two

options are discontinuous/unsteady processes. Over each process cycle time (𝜏cycle)

permeate is removed from the feed until a brine stream at the desired high salinity is
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produced. At this point, the brine is flushed out and the system volume is refilled with

new feed-water and the cycle is repeated. In batch recirculation, higher salinity brine

exiting the MD module is added back into the tank. Volume of the tank reduces and

solution concentration increases over time, until finally reaching the concentration

reaches 𝑠b,out (in our case 260 g/kg). At this point, brine is discharged and the tank

is refilled with feed, as indicated by the dotted lines. The rate of permeate production

(𝑚̇p) can vary over the cycle time, as the feed to the MD module gets more salty.

Duong et al. have implemented MD in batch mode both for small scale systems [28]

and pilot scale modules [27] to reduce energy consumption.

heating

(c) Continuous Recirculation

heating

cooling

(b) Semi-batch Recirculation
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Figure 7-1: Schematic representation of batch, semibatch, continuous and multistage
recirculation MD systems. These designs can be used to operate single-stage MD at
an overall high recovery.
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In the semi-batch process, the feed solution whose salinity increases over time is

recirculated in a closed loop. Since the volume of the piping system is constant (𝑉0),

to account for the mass lost into the permeate stream, feed water at 𝑠f,in is added

into the loop. Since the rate of permeate production can vary with time, the amount

of feed water added into the semi-bath recirculation loop (𝑉̇f,in) is also time varying.

Eventually the salinity of water in the system would reach 𝑠b,out. At this point, brine

is flushed out by opening a valve and replaced by feed water.

A semi-batch recirculation version of RO has been commercially implemented

[94]. More recently, “full-batch" or batch recirculation RO has also been proposed as

a more energy efficient alternative [123, 125]. Note that unlike MD, a single-pass RO

process can reach high recovery ratios by increasing the feed pressure even without

recirculation. The batch design has to therefore outperform single stage RO in order

to be competitive. On the other hand, here comparisons are made amongst other

recirculation options listed in Fig. 7-1.

In the MD literature, continuous recirculation has also been used for achieving

high recovery because it is a steady-state process and easier to implement [20, 54].

Continuous recirculation is operates such that the brine leaving the MD module is

at the required final brine salinity. In order to maintain this brine salinity, the inlet

salinity to the desalination process has to be a little lower: 𝑠h,in = 𝑠b,out×(1−RRm) =

𝑠f,in × 1−RRm

1−RR
. The brine stream is mixed with incoming feed make-up water such

that the required inlet feed salinity (𝑠h,in) is reached. We will show that the main

disadvantage of continuous recirculation is that the desalination system always treats

water close to the final brine salinity, even though feed salinity could be much lower

for much of the water recovery process.

The multi-stage recirculation process illustrated in Fig. 7-1 combines several single

stage recirculation systems in series. The first system would produce water a brine at

a low salinity which becomes the make-up feed for the second stage and so on. The

system parameters can be adjusted such that the final stage brine concentration is

𝑠b,out. A continuous DCMD process for 70% overall recovery is studied by [6]. The

system design is similar to the multi-stage recirculation process, except that, a new
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permeate cold water stream is employed for each stage.

7.1.3 Economic basis for comparison of high-recovery systems

In this chapter, we compare the various recirculation MD systems on the basis of

their average GOR and water flux (𝐽). In the context of brine concentration, the

goal is not pure water production, but water volume reduction. In this case too, the

same two parameters (GOR and 𝐽) would influence the net cost of the process. We

have previously shown that the specific cost of water production can be expressed as

𝑐w = 𝐶heating/GOR + 𝐶flux/𝐽 . For brine concentration systems at fixed RR, if the

cost is expressed per unit of incoming feed water, 𝑐f = 𝑐pw × RR.

All the recirculation systems include additional cooling of the brine. Since the

brine is recirculated into the MD process on the preheating side, without additional

cooling, the system temperature would reach a higher value. Also, the flux in the pro-

cess would continuously decline as the driving temperature difference decreases when

warm water is introduced on the preheating side. The cooling load is proportional

to the MD system’s TTD. In fact, the cooling load is quite close to the heating load

since the TTD of a balanced MD system is close at the two ends of the exchanger

and 𝑐p is not a strong function of temperature. As a result, the additional specific

cost of brine concentration can be expressed similar to the thermal energy OpEx

term as 𝐶cooling/GOR, where where 𝐶cooling is a scaled cost of providing cooling for

unit cooling load of the system. Practically the cost of cooling may be related to

the pump energy consumption to supply coolant. The overall specific cost of brine

concentration with MD can be written as:

𝑐f =
𝐶flux

𝐽
+

𝐶heating + 𝐶cooling

GOR
(7.3)

7.1.4 Chapter overview

In Section 7.2, the numerical methods used to evaluate the performances of the four

recirculation systems is described. Batch, semi-batch and continuous recirculation are
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compared in Section 7.3 to show that batch always performs better than semibatch

which is in turn better than continuous recirculation. This is because the batch

system spends a larger fraction of its cycle time at lower salinity.

Aspects of high salinity MD system design developed in the previous chapter are

also particularly important to the design and operation of these recirculation systems.

The critical specific feed flow rate (below which both GOR and flux decrease) changes

over the cycle time as the MD inlet salinity increases. Active control of flow rate is

needed to prevent counterproductive operating regimes where both GOR and flux

are diminished (Section 7.4). Just as in single-pass operation, an optimal membrane

thickness can be determined for each average flux at which we would like to operate

the system. This is described in Section 7.5 along with the development of the upper-

limit batch performance curve when allowing membrane thickness to be changed as

an additional variable.

In Section 7.6 we compare the multi-stage recirculation system with a batch system

to show that their overall performances are similar only when multi-stage employs a

large number of stages. In essence, the multi-stage process with many stages treats

water over the entire salinity range, in space, whereas the batch recirculation process

does the same over time.

Finally in Section 7.7, some specific aspects of unsteady operating conditions such

as the reset time (𝜏reset) are considered.

7.2 Methodology

Since the goal of this chapter is to compare various recirculation methods, we con-

sider only the conductive gap MD configuration (CGMD) throughout. The results

developed here will hold independently for air-gap MD or for a thicker more porous

membrane used in CGMD mode as well. In all the comparisons, the same membrane,

channel heat transfer coefficients, and gap conditions are prescribed.

The overall performance of the unsteady recirculation processes is obtained as a

weighted average of the flux and specific thermal energy consumption over the en-
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tire range of salinity conditions. Each batch system performance evaluation entails

multiple calculations using the single stage MD model at a range of salinity values.

Here we use the heat exchanger (HX) analogy model for evaluating single-stage MD

performance. The deviation in GOR and flux predicted by the simplified HX model

compared to the full discretized model predictions is within 20% over the entire range

of salinity considered, and the deviation is higher at high salinity. The average devi-

ation is only about 4% for the conditions considered.

The simplified HX model captures the key aspects of high salinity operation such

as the critical feed flow rate, which are important for the design of recirculation

system operation. For the batch and semi-batch system comparison, this simplified

HX model is used.

7.2.1 Continuous Recirculation

The GOR and flux of continuous recirculation is the easiest to analyze since it operates

under steady state. The salinity at the MD module inlet is fixed in time such that

𝑠in/(1−RRmodule) = 𝑠b,out. At the steady state condition, the feed salinity at the MD

module inlet is close to the brine salinity because of MD’s low recovery. For example,

concentrating from 70 g/kg to 260 g/kg requires 𝑠f,in ≈ 245–250 g/kg. Effectively,

the MD system is operating with feed inlet salinity of 𝑠f ≈ 245 g/kg even though the

actual feed (denoted as makeup) salinity is 𝑠mu = 70 g/kg. Another disadvantage of

continuous recirculation system from a thermodynamic perspective is the mixing of

makeup stream (e.g., 70 g/kg) and recirculated brine stream (e.g., 260 g/kg) to form

the feed stream (e.g., 245 g/kg). This irreversible mixing generates entropy, resulting

in lowered energy efficiency.

7.2.2 Batch

For batch operation, we consider the case of a large external tank compared to the

feed channel volume. As a result, the average salinity of the feed liquid is close to the

tank salinity, which is in turn equal to the concentration at the feed channel inlet.
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In a batch system, mass and salt mass conservation (with no salt passage through

the MD membrane) imply

𝑑𝑀

𝑑𝑡
= −𝐽𝐴 (7.4)

𝑀(𝑡)𝑠(𝑡) = 𝑀f𝑠f (7.5)

𝑑(𝑀𝑠)

𝑑𝑡
= 𝑀

𝑑𝑠

𝑑𝑡
+ 𝑠

𝑑𝑀

𝑑𝑡
(7.6)

The time required to accomplish a unit change of salinity as a function of salinity

can be obtained by rearranging the above equations.

𝑑𝑡batch =
𝑀i𝑠i

𝑠2𝐽(𝑠)𝐴m

𝑑𝑠 (7.7)

Observe that a greater time is required as the feed salinity increases.

7.2.3 Semibatch

In semibatch MD, the volume of the recirculation loop (𝑉0) is conserved. As pure

permeate is produced, fresh feed water is mixed into the loop to maintain the volume.

This mixing of two streams at different salinities results in entropy generation, and

this is why semi-batch operation performs worse compared to batch operation.

𝑑(𝜌𝑉0)

𝑑𝑡
= 𝑉0

𝑑𝜌

𝑑𝑡
= 𝑚̇f − 𝐽𝐴 (7.8)

𝑑(𝜌𝑉0𝑠)

𝑑𝑡
= 𝑉0𝑠

𝑑𝜌

𝑑𝑡
+ 𝑉0𝜌

𝑑𝑠

𝑑𝑡
= 𝑚̇f𝑠f (7.9)

Approximating density as a linear function of salinity for NaCl solutions, 𝜌(𝑠) =

𝜌pw + 𝛼𝑠, where 𝑠 is in g/kg, 𝛼 = 0.7261 (kg/m3)/(g/kg), we can rearrange the

equations to get

𝑑𝑡sb =
𝑉0(𝜌pw + 2𝛼𝑠− 𝛼𝑠f)

𝐽(𝑠)𝐴𝑠f
(7.10)

7.2.4 Integration over cycle time

Over the cycle time of the batch and semibatch processes, the feed salinity being

treated by the system increases from 𝑠f to 𝑠b. At each instantaneous feed salinity, the
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system flux and heat consumption 𝑄̇h are evaluated using the steady state model.

The average flux and energy consumption over the cycle time can be obtained as:

𝐽 =

∫︀ 𝜏

0
𝐽(𝑡) 𝑑𝑡∫︀ 𝜏

0
𝑑𝑡

(7.11)

GOR = ℎfg

∫︀ 𝜏

0
𝐽(𝑡)𝐴𝑑𝑡∫︀ 𝜏

0
𝑄̇h(𝑡) 𝑑𝑡

(7.12)

For batch and semibatch modes, the corresponding variable transformations from

𝑑𝑡 to 𝑑𝑠 are made using Eqs. 7.7 and 7.10, and the integrals are evaluated numerically.

7.2.5 Continuous multistage recirculation

Multistage recirculation is a an adaption of single stage continuous recirculation MD.

Here, many continuous recirculation systems are connected in series.

The overall recovery ratio of continuous recirculation system can be understood

by drawing a control volume around the system. To model this configuration, the

continuous recirculation model is run at a certain make-up feed flow rate, for the first

stage of the multistage recirculation system. The output from this first stage model

is used to set the makeup feed flow rate and salinity of the second stage. This process

is repeated until the final stage. Based on the final output salinity, the initial makeup

feed water flow rate is updated until the outlet brine at the final stage reaches the

design value.

7.3 Comparison of batch and semibatch single-stage

MD

Just as in single stage MD, recirculation systems can also be designed to operate

either at high flux and low energy efficiency or low flux and high energy efficiency.

The relative value of these designs and the ideal combination of GOR and flux from

among the possible values is a function of the relative cost of system area (CapEx)

and heating and cooling OpEx. In order to compare systems, without having to

172



consider specific values of costs, the performance curves in a GOR vs. flux graph are

compared.

Figure 7-2 shows the GOR-flux performance curves of batch and semibatch MD.

Batch significantly outperforms semibatch MD over the entire range of system sizes

considered. GOR increases, along with a decrease in flux when the system specific area

is increased. Here, we represent system size through a specific velocity = 𝑣/𝐿 (since

𝑤 and 𝑑ch are held constant, and feed velocity could be easier to control in a physical

system compared to mass flow rate 𝑚̇, since feed density changes with salinity).

Since fully developed laminar flow is considered in the feed and cold channels, the

heat transfer coefficient is independent of velocity. As a result, the same GOR and

flux would be obtained with a 12 m module length and 16 cm/s feed inlet velocity

as with a 6 m module length and 8 cm/s feed velocity. In reality, a system would be

scaled up keeping velocity and length constant and increasing the channel width, so

as to not affect channel heat transfer and pressure drop. Here, since we characterize

the design space in terms of 𝑣 and 𝐿 it is important to note that for laminar flow

regime in the channels, the system performance is dictated by 𝑣/𝐿 rather than by the

two values independently.

For a given physical system in operation, 𝐿 is fixed. The system specific area can

be adjusted by changing 𝑣. In Fig. 7-2, 𝑣/𝐿 varies in over the range of 6–20 cm/s-m.

At each value of 𝑣/𝐿, one of the points on the GOR-flux performance curve is realized

as the time-averaged performance evaluated using Eqs. 7.11, 7.12.

Note that just as in single stage MD without recirculation, there exists a critical

specific size beyond which both GOR and flux decrease. We will revisit this issue in

Section 7.4. For now, we focus on the fact that batch clearly outperforms semi-batch.

7.3.1 Batch spends more time at lower salinities

Figure 7-3 shows the instantaneous flux and heat input rate as a function of feed

salinity at the MD module inlet for the batch system. As the inlet salinity increases,

the resistance to vapor transport within the MD module rises, and correspondingly,

both instantaneous flux and GOR reduce (and 𝑄̇h increases).
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Figure 7-2: Batch performs better than semibatch MD. 𝛿m = 200 𝜇m, 𝐿 = 6 m,
𝑣 = 6–20 cm/s. Equivalently, 𝑣/𝐿 = 1–3.33 cm/s-m.
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Figure 7-3: Flux and heat supply as a function of inlet salinity. 𝑣in = 0.2 m/s, 𝐿 = 6
m, 𝛿m = 200 𝜇m, 𝑇in = 85 ∘C.
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While both batch and semibatch MD systems go through same salinity range

from 70 g/kg to 260 g/kg, the relative amount of time in each cycle that the two

systems spend at various salinities is different. Figure 7-4 shows 𝐽 and 𝑄̇h in the

batch, semi-batch and continuous recirculation systems over non-dimensional cycle

time (𝑡/𝜏cycle). For continuous recirculation, which is a steady-state process, both 𝐽

and 𝑄̇h are constant and close to the value at the end of the cycle time for the batch

and semibatch processes. Note that since batch spends relatively larger fraction

of time at lower salinity, its time-averaged flux is higher than those of the other

configurations and averaged heat input rate is lower.
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Figure 7-4: Flux and heat supply over the cycle times of the processes. Continuous
recirculation, which is a steady process is also shown for contrast.

7.4 Operational constraint: Avoid operating at feed

flow rate less than the critical flow rate

In the previous chapter, a practically relevant critical system size or flow rate was

identified for high salinity MD systems. System operation was to be restricted to

above the critical feed flow rate in order to avoid operating conditions with both low

flux and GOR.
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The batch recirculation system has an additional degree of freedom wherein, the

feed inlet flow rate into the module can be changed with time by adjusting the feed

pump. Since the inlet salinity to the MD module increases with time, the critical feed

flow rate or critical feed velocity also rises with time. As a result, it is insufficient to

just avoid counterproductive operating regime at the beginning of the process, but in

fact throughout the process cycle time it should be ensured that 𝑣 > 𝑣crit. In other

words, batch MD should run with a variable speed pump.

Figure 7-5 shows GOR as a function of specific area of the MD system. The

critical specific area of the system, beyond which GOR decreases (along with flux

which always decreases with an increase in specific area) is indicated by the red

dots. Note that the critical specific area decreases significantly as inlet feed salinity

increases.
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Figure 7-5: Avoid operating at specific area > critical specific area as the system
salinity increases. 𝛿m = 200 𝜇m.

For a fixed area MD system, the inverse of specific area, the feed flow per unit

area, is the relevant variable. In this case, MD system operating should ensure that

the feed flow per unit area is always higher than the critical feed flow per unit area.

Over the course of the cycle, if the feed velocity is kept constant, it is possible to

move from an allowable operating condition (i.e., to the left of the red dots) to the

restricted areas (to the right of the red dots) of the GOR-specific area curve, such as

in the case of the red arrow shown in Fig. 7-5.
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One such operating condition is (for 𝛿m = 200 𝜇m, 𝐿 = 6 m) 𝑣 being held constant

at 8 cm/s. In this case, the overall GOR is 4.78 and flux is 2.34. The corresponding

flux and 𝑄̇h profiles as a function of time are shown in Fig. 7-6. The operating

condition transitions to the counterproductive regime starting at 𝑠 = 190 g/kg.
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Figure 7-6: Flux and heat supply over the cycle times of the processes: Non optimal
condition - 𝑣 < 𝑣crit for 𝑠 > 190 g/kg. 𝛿m = 200 𝜇m, 𝑣/𝐿 = 1.33 cm/s-m.

Beyond 𝑠 = 190 g/kg, the feed velocity can be increased to match 𝑣crit as shown

by the green arrow in Fig. 7-5. This would lead to an improvement in both GOR

and flux to 4.96 and 2.61 LMH. The corresponding 𝐽 and 𝑄̇h profiles over the cycle

time are shown in Fig. 7-7. Note the discontinuity in the flux and heat input rate.

Even though the heat input rate increases significantly, the flux is also prevented

from decreasing to a very low value, and hence the overall specific thermal energy

consumption is actually lower in this case, compared to the previous case where a

constant velocity was maintained.

The corresponding 𝑣 profile over the cycle time is shown in Fig. 7-8. During real-

time operation, the feed salinity in the tank can be measured. The feed velocity can

be controlled by by using a variable frequency drive or valve. The equations presented

in the last chapter can be used to calculate 𝑣crit as a function of system parameters

and the feed instantaneous salinity in the control system. An equivalent method

based on NTU would involve measuring the temperatures at the inlets and outlets
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Figure 7-7: Flux and heat supply over the cycle times of the processes: Non optimal
condition is avoided by adjusting 𝑣 s.t. 𝑣(𝑡) > 𝑣crit(𝑠(𝑡)).

of the MD module to calculate NTU, compare against NTUcrit and adjust flowrate if

necessary. Note that the present study assumes constant top temperature. If the top

temperature were to change over the cycle time, this too should be considered when

calculating 𝑣crit.
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Figure 7-8: Velocity profile over the cycle time to ensure 𝑣 > 𝑣crit.

Figure 7-9 shows the advantage of ensuring instantaneous NTU is always main-

tained below the critical value of NTU. The dotted lines are reproduced from Fig. 7-2,

whereas the solid lines represent the new improved performance. The left-most point

of the solid lines is the limiting case where NTU = NTUcrit throughout the cycle time.

Since GOR is maximized throughout the cycle time, for the given membrane thick-
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ness, this is the maximum GOR possible for concentrating 70 g/kg to 260 g/kg. Other

points close to this limit have equality of NTU and NTUcrit for some time (towards

the end of the cycle at high feed salinity), whereas at very high flux, NTU < NTUcrit

throughout the cycle time.
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Figure 7-9: Advantage of ensuring NTU ≤ NTUcrit. Significantly higher GOR can be
obtained by avoiding counterproductive conditions.

7.5 Optimal membrane thickness and comparison with

continuous recirculation

7.5.1 Optimal membrane thickness for batch MD as a function

of flux

All the previous analysis was performed at one value of 𝛿m = 200 𝜇m. Here, we relax

this membrane thickness condition. For thicker membranes, since 𝜂 is higher, GOR is

higher, but at the expense of low flux. Overall, the GOR-flux performance curves for

all the membrane thicknesses can be plotted together and the upper limit profile can

be identified as the best case GOR-flux operating condition for the given membrane

𝐵0/𝑘eff,m and ℎch.

The GOR-flux curves for multiple thicknesses, along with the blue solid line show-

ing an approximate upper limit performance curve of batch (allowing 𝛿m to change as
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a design variable) is shown in Fig. 7-10. The specific flow rates used at each thickness

are:

Table 7.1: Specific flow rate range in Fig. 7-10 for each membrane thickness

Thickness (𝛿m) [𝜇m] 𝑣/𝐿 [cm/s-m]
140 2 – 6.66
200 0.33 – 3.75
400 0.2 – 2
600 0.12 – 1.5
1000 0.08 – 1.42

For a thinner membrane, the effective membrane size is small and the effective

membrane size increases as the membrane thickness increases.

GOR of batch is 2–3 times higher than that of continuous recirculation system

with an optimized membrane thickness (𝛿m) at each value of flux.
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Figure 7-10: Effect of membrane thickness on batch MD performance, and comparison
with continuous recirculation system with optimized membrane thickness.

7.5.2 Comparing with AGMD

Based on the discussion in the previous chapter, we understand AGMD performance

as corresponding to a thicker, more permeable and less conductive effective membrane

A thicker effective membrane is advantageous at high salinity, but disadvantageous

at lower salinity. From Fig. 7-10, we can identify the range of flux values at which a

1 mm membrane becomes preferable. If economics drives us to operate under such
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conditions (very high GOR and low flow), it would be preferable to use AGMD. Under

other conditions as well, AGMD (with its higher 𝐵0/𝑘eff,m) is advantageous, but the

required membrane thickness is lower, which may be a challenge to implement in

AGMD without flooding. Within CGMD, any membrane with a higher 𝐵0/𝑘eff,m will

also certainly be preferable.

7.6 Multistage recirculation

Figure 7-11 compares the GOR and flux of multistage recirculation with continuous

recirculation and batch recirculation. For each 𝑁stages the area is split equally among

all the stages in this analysis. This is not the ideal design, and for example, for

two stages, the ideal area of the first stage is about 66% of the total area. Both

GOR and flux of multistage recirculation approaches that of a batch system as the

number of stages increases. Multistage recirculation performs in space what a batch

system does in time. While it is a steady state process, it is likely that the number of

heat-exchangers required would make it unattractive compared to batch recirculation.
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Figure 7-11: GOR and flux vs. 𝑁stages for multi-stage recirculation.
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7.7 Additional Operational Considerations

7.7.1 Batch vs. continuous recirculation contrast more pro-

nounced at high salinity

The relative comparison between batch semi-batch and continuous recirculation is a

function of the range of feed salinities that are handled by the system. For the same

value of overall recovery ratio, the range of salinity treated is much larger when the

feed salinity is higher. The performance of each of these systems is a weighted average

of the performance over the sanity range. For a 72% recovery process from 5 g/kg

– 18 g/kg, the change in GOR and flux over this salinity range is so small that all

three designs perform essentially the same. At higher salinity though, the difference

is more significant (Fig. 7-12).

Similarly, for AGMD or a thick CGMD membrane system, the change in perfor-

mance with changes in feed salinity is small. As a result, once again, the difference

between batch, semi-batch and continuous recircualtion would be small, and for sim-

plicity, a continuous recirculation system may be preferable.
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Figure 7-12: At higher absolute salinity, the motivation towards operating in batch
is higher. 𝛿m = 200 𝜇m.
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7.7.2 Improve average GOR by operating at constant flux,

under some conditions

It is possible to improve overall performance by operating at constant flux over the

cycle time of the batch process [51], by allowing feed inlet temperature or feed velocity

to change, rather than by operating at constant feed velocity and temperature. The

savings in GOR by this approach are small (around 1%), and may not be worth the

additional control system required to implement this (Fig. 7-13).
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Figure 7-13: Operating at constant flux throughout the cycle time leads to marginal
improvement over operating at fixed top temperature or fixed velocity, when the
baseline condition is away from the counterproductive conditions.

Cycle reset time

When comparing batch/semibatch unsteady processes with continuous/steady pro-

cesses, it is important to consider the lower availability factor of the unsteady systems.

If the cycle time is 𝜏cycle and the time taken for emptying the final brine and refilling

the system with fresh feed for restarting the next cycle is 𝜏change, the fraction of useful

(permeate producing time) for the system can be written as 𝜏frac =
𝜏cycle

𝜏cycle+𝜏change
.

When designing unsteady processes it is important to maximize 𝜏frac by reducing

𝜏change or by increasing 𝜏cycle. In the design we have considered, 𝜏cycle can be increased

by increasing the size of the tank. The reset time can still kept small, if the feed is

refilled into the module continuously from the storage tank while the main batch tank
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is also being filled (so that the reset time corresponds only to the module filling time,

rather than also the large-tank refilling time) as shown in Fig. 7-14. For enabling

a fair comparison of the unsteady process with a steady process, the flux of the

unsteady process should be scaled by 𝜏frac. We have assumed a high value of 𝜏frac in

the foregoing comparisons.

heating

cooling

Batch Recirculation 
refilling process

refilling 
the tank

direct feeding to 
MD module while 
tank is being refilled

feed storage 
tank

Figure 7-14: Simultaneous feed refilling and feeding to MD module to decrease 𝜏change
and increase 𝜏frac.

7.8 Conclusions

1. For recirculation based higher recovery systems, cooling energy is also required

in addition to feed heating, and as a result, the relative importance of GOR

increases.

2. Batch operation is better than semibatch and continuous recirculation since in

batch the system stays at lower feed salinity levels for a larger fraction of the

cycle time.

3. It is important to ensure that the system NTU is maintained lower than or

equal to the instantaneous critical value of NTUcrit which is a function of the
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instantaneous inlet feed salinity entering the MD module, as well as module

heat transfer properties and system top temperature.

4. As with single stage MD at high salinity, there exists an optimal thickness for

batch operation as well, as a function of the relative cost of thermal energy and

system area. A thicker membrane is optimal at low flux and high GOR.

5. Overall, batch MD can achieve up to 2–3 times higher GOR, at the same value

of flux, compared to a continuous recirculation system.

6. The change-over time should be minimized for unsteady processes, and the flux

should ideally be scaled by 𝜏frac before comparing against continuous systems.
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Chapter 8

Multi-effect membrane distillation for

high recovery

Abstract

Multi-effect membrane distillation (MEMD) is a configuration of MD that is analo-
gous to large scale multi-effect distillation (MED) process. Condensation of the vapor
produced in one effect is used to transfer heat into a feed stream at a subsequent effect
to further evaporate water from the feed. This is in contrast to the more common
single stage MD process, as well as multi-stage vacuum MD, wherein vapor condensa-
tion preheats the incoming feed water. As a result, MEMD has a unique advantage of
enabling high per-pass pure water recovery. In this chapter, we develop a numerical
model of multi-effect membrane distillation (MEMD) to delineate the design param-
eters that control its energy efficiency, flux, and recovery ratio. The number of effects
controls energy efficiency and flux of MEMD, and is analogous to specific area of a
single stage device. The specific area of MEMD on the other hand, provides another
degree of freedom to control the process recovery ratio. The proposed model enables
choice of optimal membrane thickness along with the choice of number of effects to
maximize GOR for each desired flux. If heat is recovered from both the brine and
permeate streams in the interstage heat exchangers, MEMD can perform better than
batch recirculation.

8.1 Introduction

Multi-Effect MD (MEMD) can achieve high recovery ratio per pass because it recovers

condensation energy from vapor produced in one effect back into the feed stream in
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a subsequent effect, to further evaporate water out of the feed stream. MEMD is

analogous to and can be designed based on the MED process, which is commonly

used to treat water up to saturation concentrations.

Compared to MED, MEMD could require a lower capital cost and smaller foot-

print. For example, polymers have been used in MEMD structures and vapor spaces

are generally smaller. MEMD can differ from MED in two ways. First, MEMD al-

ways has a membrane separating the vapor phase from the feed stream. This way,

the feed stream itself is not flashed to a lower vacuum level at each effect, and the

feed can remain at ambient pressure throughout. Secondly, a vacuum need not nec-

essarily be applied in MEMD. For example, in this study, we consider multi-effect

conductive gap and air-gap MD systems stacked together to form an MEMD system.

Vacuum MEMD (V-MEMD) [129, 134] is a popular version of MEMD that can result

in higher energy efficiency (due to lack of heat conduction loses through the mem-

brane) and flux. The MEMD designs without vacuum pumps considered in this study

would require lower operating expenditure and lesser maintenance costs. A partially

evacuated air-gap could also result in improved performance and could be analyzed

using the current framework by adjusting the membrane permeability and thermal

conductivity appropriately.

The key distinguishing feature of MEMD compared to single stage configurations

and multi-stage flash type MS-VMD is that it includes simultaneous evaporation and

condensation. Energy from the condensing vapor is recovered within the MD module

into the feed stream from which additional water is evaporated. As in multi-effect

distillation and mechanical vapor compression, reusing the latent heat from vapor

condensation for additional vapor production results in the possibility of high per

pass recovery ratio (RR). Other MD configurations where vapor condensation is used

to preheat the incoming feed water are restricted to RR < 110%.

Figure 8-1 shows a schematic diagram of a conductive gap MEMD process [108].

The feed enters at a low temperature at the final effect as a coolant. The additional

coolant is discharged, and 𝑚̇f portion is passed into a series of interstage heat ex-

changers where the feed recovers sensible heat energy from the brine and permeate
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streams. The preheated feed may additionally be heated up to the top effect’s tem-

perature using the external heater (𝑄̇ext). The hot feed water is then introduces into

the first effect.

In the first effect, heat energy (𝑄̇direct) is added and permeate is collected in

the gap. The brine leaving the first effect is cooled down in the interstage HX and

introduced into the second effect as feed. Here, the feed stream receives energy from

the first effect and additional permeate is produced.

Figure 8-1: Multi-effect conductive gap MD process with brine stream being used
for feed preheating. Ideal MEMD will additionally recover energy from the warm
permeate leaving each effect to preheat the feed stream.

Another method of obtaining high recovery ratio with MD is through brine re-

circulation. It has been shown previously that among various recirculation methods

(batch, semi-batch, continuous recirculation and multi-stage recirculation), a batch

system is the best. A batch process is unsteady, wherein feed starts off at low salin-

ity and as pure water is extracted from the feed stream, its salinity increases. The

process continues until the final brine salinity is reached. Since batch is a relatively

simple method of operating a single stage MD system at high overall RR, in this
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study MEMD performance (GOR and flux) will be compared against that of a batch

system.

In this study, we will consider the following research questions:

1. What are the design considerations of an MEMD system - for achieving high

GOR, high flux, and high pure water recovery?

2. For the same overall recovery ratio, is MEMD better compared to single-stage

batch recirculation in terms of GOR and flux?

8.2 Methodology: Modeling of MEMD performance

In a ‘full’ numerical model of the MEMD process, the feed channel in each effect is

discretized along the length. The mass flow rate, salinity and temperature variations

in the feed channel are evaluated based on mass and energy conservation applied to

each computational cell. Condensation of vapor from a previous effect, along with

heat conduction losses from the previous effect act as heat sources. The energy loss

from the feed channel is mediated by evaporation and heat conduction through the

membrane.

For a single effect system, it can be shown that the feed stream would reach an

equilibrium temperature if the heat flux into the feed channel and the temperature of

the condensing wall are held constant. This is because, the rate of vapor transfer out

through the membrane is a function of the feed temperature. If the feed enters at low

temperature, it would initially get heated up as the flux from the wall exceeds heat

transfer through the membrane. As the temperature of the feed increases, the rate

of heat transfer through the membrane increases. At very high feed temperature, the

rate of heat loss across the membrane may exceed the incoming flux from the wall.

The temperature change along the feed flow direction can be written as:

𝑚̇f𝑐p
𝑑𝑇

𝑑𝑥
= 𝑞in − 𝐽 [ℎvap(𝑇m)− ℎl(𝑇, 𝑠)]− 𝑞m (8.1)

where 𝐽 and 𝑞m are a function of the feed temperature and increase with feed tem-
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perature. There exists a value of feed temperature 𝑇 such that the right hand side of

Eq. 8.1 is zero and hence 𝑑𝑇/𝑑𝑥 = 0.

When modeling the MEMD process, the system top and bottom temperatures

are considered to be fixed, based on the heat source and sink temperatures available.

In this study, the wall across which 𝑄̇direct is supplied into the first effect is set at

𝑇 1
w = 85 ∘C, and the average temperature of the coolant node is set at 𝑇c = 25 ∘C.

In reality, the coolant may enter at 20 ∘C and be heated up to 30 ∘C to result in this

average temperature at the coolant node. Based on these set temperatures at the

extremities, an equilibrium 𝑇 can be evaluated within the system as a function of the

thermal resistances.

A simpler model of MEMD without length-wise discretization can therefore be

implemented where the feed temperature of each effect remains constant along the

flow direction. Figure 8-2 shows the equivalent resistance network for this model,

along with the key equations connecting the heat fluxes within this system.

Repeated for each 
of the N effects

Figure 8-2: Resistance network model of MEMD

By appropriately designing the interstage HX size, the feed at each effect may

be introduced close to its equilibrium value. This way, all the heat flux is used for

evaporation rather than for sensible heating of the feed and brine is used to preheat
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the feed water. If an infinite area HX is used to recover energy from both the brine

and permeate stream at each stage, 𝑄̇ext → 0. With realistic heat transfer area,

a TTD of 3 ∘C is often used to characterize the feed preheating HXs in this study.

Additionally, system performance when no energy is recovered as well as when only

the brine stream is used for feed preheating are also considered.

At each effect, the incoming feed is concentrated and a permeate stream at a

lower temperature is produced. As a result, 𝑞𝑖+1 can be slightly different from 𝑞𝑖 as

shown in Fig. 8-2. At each effect, the average of inlet and outlet salinities is used to

determine feed vapor pressure.

The full set of equations that are solved for the equilibrium multi-effect MD model

is included in 8.7. The modeling results are presented for the case of concentrating

sodium chloride solution from 70 g/kg to 260 g/kg.

8.2.1 Performance metrics

As in the previous chapters, GOR and flux can together be used to characterize the

performance of the MEMD system. The specific cost of feed concentration for a given

recovery ratio (RR), can be represented as 𝑐f = 𝐶flux/𝐽 + (𝐶heating + 𝐶cooling) /GOR.

Just as in the case of batch-recirculation, a lower GOR results in a higher heating as

well as cooling load.

8.3 Results: Major design parameters

8.3.1 Number of effects

GOR is proportional to the number of times the supplied heat energy is reused for

evaporation, i.e., the number of effects. The GOR of an ideal MEMD system without

losses is therefore ≈ 𝑁 (number of effects), like the GOR of MED. With heat conduc-

tion loses through the membrane, even with perfect heat recovery for feed preheating,

GOR is reduced to 𝜂𝑁 .

The number of effects therefore plays a crucial role in deciding the performance of
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MEMD. The equivalent parameter for a single stage system is the membrane area. At

larger length in single stage MD enables better heat recovery and higher GOR, but

also results in a reduced driving force for pure water production and hence lower flux.

Similarly, in MEMD, when the number of effects is raised, the interstage temperature

difference (which is the driving force for vapor flux) drops and therefore leads to lower

flux.

Figure 8-3 shows the impact of 𝑁 on the GOR and flux for a fixed value of

membrane thickness. The size of each stage is adjusted to achieve the same overall

recovery ratio.
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Figure 8-3: GOR-flux values as a function of the number of effects in the MEMD
system. 𝛿m = 200 𝜇m, feed is concentrated from 70 to 260 g/kg.

8.3.2 Per stage area

As described previously, the specific membrane area relative to feed flow rate deter-

mines the GOR and flux performance of single stage MD configurations. In MEMD,

specific membrane area does not affect GOR or flux directly, as GOR and flux are

determined directly by 𝑁 . The area of each stage is an important second degree of

freedom in MEMD that helps tune the overall recovery ratio of the process. Figure 8-

4a shows that RR increases with the membrane area. The sub-linear trend is a result

of heat condution losses which increase at higher RR (higher salinity). The higher

salinity also has a small negative influence on GOR and flux, as shown in Fig. 8-4b.
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At fixed TTDHX the GOR initially increases before decreasing, but the trend in the

case of perfect heat recovery is similar to that of flux: a continuous small decline, due

to the increased salinity of the feed stream at higher RR, which is a result of higher

area leading to higher salinity.
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(a) Effect of stage area on recovery ratio. The
recovery ratio increases almost linearly with
an increase in total membrane area. Width is
held constant at 12 m, for 𝑚̇f = 1 kg/s.

0

1

2

3

4

5

6

7

8

9

0 2 4 6 8 10
F

lu
x
 [

L
M

H
],

 G
O

R
[-

]
Stage length [m]

Perfect HX

HX TTD=3 °C

(b) GOR and flux decrease due to an increase
in average salinity of the feed stream, as a re-
sult of increased total area, which leads to a
larger recovery ratio.

Figure 8-4: Effect of membrane area.

In the numerical model, length is allowed to vary to obtain the required overall

pure water recovery ratio.

8.4 Results: Additional design considerations

8.4.1 Coolant flow rate at the final effect

The amount of coolant fluid used in the final stage is an important parameter for

MEMD. This parameter will influence the final node’s temperature in the resistance

network model. The coolant fluid flow rate needs to be large enough such that the

condensation of vapor in the final stage doesn’t lead to a significant increase in the

coolant temperature.

The effect of coolant flow rate on MEMD GOR and flux is evaluated using the

length-wise discretized MEMD model and presented in Fig. 8-5. At larger coolant
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mass flow rate, the flux is higher since overall temperature difference between the top

and bottom temperatures is larger. On the other hand, with a lower coolant flow

rate, the extent of preheating of the feed in the coolant channel is higher, leading to

a higher GOR.
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Figure 8-5: Effect of coolant flow rate on GOR and flux.

8.4.2 Feed salinity

Figure 8-6 shows the effect of feed salinity on GOR and flux. Higher feed salinity has

a detrimental effect on both GOR and flux, by increasing the mass transfer resistances

(1/ℎ𝑖
mass) while leaving the heat transfer resistance of the membrane unchanged.

As in the case of single stage MD configurations, a higher temperature difference

across the membrane Δ𝑇m leads to greater resilience to high salinity operation. This

can be obtained by reducing the resistance of the non-membrane portions relative to

the membranes.

𝑓ME
ch:m =

2𝑁+1
ℎf

+ 2
ℎgap∑︀ 𝛿𝑖m

𝑘eff,m

(8.2)

A well designed MD system will attempt to reduce the resistances in these flow

channels and the gaps as much as possible. Another way to design for high salinity

is to increase membrane thickness, and choosing AGMD, or partial vacuum AGMD

designs (with higher 𝐵0/𝑘).
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RR= 73%, 𝛿m = 200 𝜇m, and 𝑁effects = 10.

0

1

2

3

4

5

0 20 40 60 80

F
lu

x
 L

M
H

]

Inlet salinity [g/kg]

(b) Effect of inlet salinity on flux constant
RR= 73%, 𝛿m = 200 𝜇m, and 𝑁effects = 10.

Figure 8-6: Effect of feed inlet salinity on system performance at constant overall
recovery ratio.

8.4.3 Membrane thicknesses

Figure 8-7 shows the effect of membrane thickness variation at 𝑁effects = 12. As the

membrane thickness is decreased, flux increases (due to higher 𝐵 = 𝐵0/𝛿m), whereas

GO decreases (due to lower 𝜂). Beyond a certain membrane thickness, both GOR

and flux start to decrease, since the rate of decrease in 𝜂 dominates.
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Figure 8-7: Effect of first stage membrane thickness on GOR-flux performance of
ME-CGMD. As 𝛿1m decreases, increasing the thickness of final effects helps prevent
decline in both GOR and flux.

In MEMD, the thickness of the membrane at each effect can be set independently.
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Figure 8-8: A thicker membrane is chosen at the final effects based on numerical
optimization. The thickness in a later effect is constrained to be at least as thick as
an earlier effect since the salinity at later effects is higher and temperature is lower.

The advantage of choosing thicker membranes is shown in Fig. 8-7. By allowing the

membranes to be thicker at the final effects (as shown in Fig. 8-8), a larger value of

flux can be achieved at the same GOR.

For each of the 𝑁effects considered in Fig. 8-3, the membrane thickness (held con-

stant across all the effects) can be allowed to vary, as an additional degree of freedom

in system design. Figure 8-9 shows the set of all accessible points by allowing both

number of effects and membrane thickness to vary. The upper limit envelope of this

set of curves (that maximizes GOR at a given flux, or maximizes flux for give GOR)

can then be extracted as the upper limit performance of MEMD for a given membrane

𝑓c:v ∝ 𝐵0/𝑘eff,m and channel heat transfer coefficents (ℎf , ℎgap).

Note that at larger 𝑁 , the left hand side portion of the curves constitutes the

upper limit, whereas the right hand side portion constitutes the upper limit envelope

at lower 𝑁 . This refers to the fact that at larger 𝑁 where the goal is to achieve

higher GOR, thicker membranes are optimal, whereas at smaller 𝑁 , where flux is

higher, thin membranes are preferred. This is consistent with the observed trend for

the optimal membrane thickness for single-stage and batch recirculation systems.
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Figure 8-9: Effect of 𝛿m at each 𝑁 . Membrane thickness provides a second degree
of freedom to control GOR-Flux performance of ME-CGMD. Thicker membrane is
optimal at larger 𝑁 .

8.5 Comparing with other MD configurations

8.5.1 Single stage MD

In Figure 8-10, the upper limit performance of ME-CGMD is compared to that of

batch CGMD. In both cases, the optimal 𝛿m to maximize GOR at a given flux is

used. With heat recovery only from the brine stream, ME-CGMD performs worse

than single stage batch recirculation. If the feed preheating in the external HXs uses

both the permeate stream and the brine stream from each stage, ME-CGMD reaches

higher GOR compared to a single stage batch recirculation system and is therefore

better.

The reason for the better energy efficiency of the MEMD system at the same over-

all pure water production and membrane area is perhaps related to the temperature

profiles established within the two processes. In MEMD, temperature at each effect

is held constant even as salinity changes, before jumping down to a lower value of

temperature at the subsequent effect. The temperature profiles in single stage MD

vary more smoothly.

For balanced single stage MD, the Δ𝑇 between the hot and cold bulk streams

is relatively uniform across the length of the module. The membrane mass transfer

resistance is higher at lower absolute temperature and higher feed salinity. As a result,
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Figure 8-10: Comparison of MECGMD (with brine heat recovery as well as brine and
permeate energy recovery for feed preheating) with batch recirculation.

at the lower temperature end of the module the heat flux and pure water flux across

the membrane are significantly lower. Δ𝑇m is higher at this end due to the larger

fractional resistance of the membrane.

In the case of MEMD, at the final effects (corresponding to the lower temperature

end of single stage system), the total heat flux is still approximately the same as the

initial effects. The temperature drop increases at the later effects as a result of their

larger resistance. Within each effect since temperature is held relatively constant by

simultaneous heating of the feed, the variation in flux along the length at a given

effect is only due to changes in feed salinity.

The rate of entropy generation can be decreased by equipartition of flux in space

and time for simple systems with uniform resistance [113]. For a heat exchange pro-

cess with variable resistance, Johannessen et al. [51] showed that while the equiparti-

tion of entropy generation is the ideal solution for entropy generation minimization,

equipartition of flux is still a good approximation for the solution.

The performance of an upper-limit batch and upper-limit MEMD system are

compared. The batch system operates with 𝛿m = 100 𝜇m, at 𝑣/𝐿 = 2.45 cm/s-m.

The GOR and flux of the batch system are 3.32 and 4.54 L/m2-hr. The optimal

MECGMD system operating at approximately the same flux of 4.5 L/m2-hr consists

of 7 effects and has a membrane thickness of 100 𝜇m. The GOR of the MEMD

199



system is higher at 4.32. The pure water flux in batch MD and MEMD are shown in

Fig. 8-11.
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Figure 8-11: Distribution of pure water flux over the system area (and over time in
the case of batch). For the same overall flux, the variability in flux is lower in the
MEMD system compared to the batch recirculation system.

Visually we can see that the flux distribution is more uniform in the case of MEMD

as a result of its constant temperature difference driving force across the stages. This

observation could help explain the numerically predicted improved performance of

MEMD compared to batch.

8.5.2 Multi-stage Vacuum MD - MSVMD

MSVMD process [20] is also restricted to a low per-pass recovery similar to single

stage MD necessitating the use of recirculation for higher overall recovery ratio. In

vacuum MD systems, the heat conduction losses are quite small and hence 𝜂 = 1.

Under this condition, GOR = Δ𝑇total/Δ𝑇TTD. The terminal temperature difference

of the MS-VMD exchanger is a function of the BPE of the feed, number of stages

and condenser TTD. As with DCMD systems, the energy efficiency of MS-VMD

can be significantly improved only with the use of very large external condensers.

The performance of MS-VMD can be analyzed analogous to single stage systems, by

setting 𝑓c:v = ∞ (corresponding to 𝜂 = 1) and evaluating 𝑓ch:m as a function of the
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membrane permeability under vacuum and the 𝑈𝐴 of the external condenser.

8.5.3 Additional considerations

The GOR and flux of MEMD with heat recovery can be better than that of single-

stage batch recirculation MD. Here we consider some additional factors for comparing

the two systems.

The MEMD process is a steady state process whereas batch recirculation is un-

steady. As a result, the flux has to be compared after adjusting for the active fraction

of the cycle time of the batch process. This can further decrease 𝐽 of batch, though

we believe that batch MD can be designed with large tanks to ensure high useful

fraction of cycle time.

When comparing a MEMD and batch recirculation at the same flux and equal

pure water productivity, the cost of membrane and condensing surface area are equal.

The difference in cost of cooling is captured by the GOR. A higher GOR results in

lower effective cooling energy requirement; in single stage MD this results from lower

exchanger TTD and in MEMD, and a lower 𝑄̇direct that needs to be removed at

the final effect. An efficient MEMD requires several interstage HXs to preheat the

incoming feed water. This would add an additional CapEx term compared to batch

recirculation. The area of external HX required is much smaller than the area of

membrane and condenser surface used within MEMD. Nevertheless, system design is

more complex as a result of these heat exchangers being required. The size of each

HX may also have to be optimized to provide the ideal level of brine cooling before

it is introduced into a subsequent effect.

The pumping power requirement may also be different for the MEMD compared

to batch recirculation. Since the feed stream acts as the coolant as well, the relative

pumping power requirement for MEMD can be lower if the channels correspond to

the major pressure drop in these systems.
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8.6 Concluding Remarks

Multi-effect membrane distillation (MEMD) is unique among MD configurations in

its ability to achieve high pure water recovery in a single pass of feed under steady

state operating conditions. For the same overall recovery ratio, the number of effects

(𝑁) of MEMD affects both GOR and flux, wheras the specific area at fixed number of

stages affects the overall recovery ratio. For each 𝑁 , the membrane thickness provides

another degree of freedom to operate at high-GOR and low flux or vice versa.

The upper limit performance of MEMD is better than that of batch recirculation

if both the brine and permeate streams are used to preheat the incoming feed water.

As a result of maintaining constant temperature at each effect, and because the

temperature drop is larger at the final effects, the overall flux distribution in MEMD is

more uniform compared to batch MD and this could help explain the better energetic

performance at the same system size and pure wate production rate.

8.7 Chapter Appendix 1: Model equations for MEMD

function 𝐵0,MD (𝑃, 𝑇avg,K, 𝜑m, 𝜏m)

MWw := 0.018 [kg/mol] (8.3)

𝑇avg := ConvertTemp(K, ∘C, 𝑇avg,K) (8.4)

𝑅 := 8.314 (8.5)

𝐷OMD := 1.87 · 10−10 · 𝑇 2.072
avg,K (8.6)

𝑝vap,avg := Psat (SteamIAPWS, T = 𝑇avg) (8.7)

𝑝air,avg := 𝑃 − 𝑝vap,avg (8.8)

𝐵0,MD := 𝜑m · 𝑃 ·𝐷OMD · MWw

𝑝air,avg · 𝜏m ·𝑅 · 𝑇avg,K

(8.9)

end
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function 𝑔𝑒𝑡ℎ,NaCl(𝑠, 𝑇 )

MWs := 58.44 [g/mol] (8.10)

𝑚 :=

𝑠
1− 𝑠

1000 [g/kg]

MWs

(8.11)

𝑔𝑒𝑡ℎ,NaCl := 1054−553.6·𝑚+4169·𝑇−292.6·𝑚2−249.1·𝑚·𝑇−0.8948·𝑚3+16.25·𝑚2·𝑇

(8.12)

end

function 𝑔𝑒𝑡𝑘,NaCl(𝑠, 𝑇 )

MWs := 58.44 [g/mol] (8.13)

𝑚 :=

𝑠
1− 𝑠

1000 [g/kg]

MWs

(8.14)

𝑔𝑒𝑡𝑘,NaCl := 0.5548− 0.006107 ·𝑚+ 0.00228 · 𝑇 + 0.000465 ·𝑚2 − 1.66× 10−5 ·𝑚 · 𝑇

−1.112× 10−5 ·𝑚2 − 1.125× 10−5 ·𝑚2 · 𝑇 + 4.009× 10−7 ·𝑚 · 𝑇 2

+5.934× 10−22 · 𝑇 3 (8.15)

end

function 𝑔𝑒𝑡𝜌,NaCl(𝑠, 𝑇 )

MWs := 58.44 [g/mol] (8.16)

𝑚 :=

𝑠
1− 𝑠

1000 [g/kg]

MWs

(8.17)

𝑔𝑒𝑡𝜌,NaCl := 1007+39.14·𝑚−0.2912·𝑇−1.043·𝑚2−0.0166·𝑚·𝑇−0.00184·𝑇 2 (8.18)

end

function 𝑔𝑒𝑡𝛾 (𝑥𝑓,𝑚)

If(𝑥f,m ≤ 90) then 𝑔𝑒𝑡𝛾 := 1 (8.19)
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If(𝑥f,m > 90) then 𝑔𝑒𝑡𝛾 := −2.448× 10−6 ·
(︀
𝑥2
f,m

)︀
+ (0.0004262 · 𝑥f,m) + 0.9809

(8.20)

end

MWNaCl = 58.44 [g/mol] (8.21)

MWwater = 18 [g/mol] (8.22)

TTDHX = 3 [ ∘C] (8.23)

𝑚̇in,1 = 1 [kg/s] (8.24)

𝑠in = 70 [g/kg] (8.25)

𝑘eff,m = 0.056 [W/m ·K] (8.26)

ℎeff,gap = 1× 104
[︀
W/m2 ·K

]︀
(8.27)

𝑃f = 101325 [Pa] (8.28)

𝑁 = 10 (8.29)

𝑑stage1 = 0.0002 [m] (8.30)

duplicate 𝑗 = 1, 𝑁 − 1

diff𝑑,𝑚,𝑗 = 0 (8.31)

end

duplicate 𝑑𝑠 = 1, 𝑁 − 1

𝑑m,𝑑𝑠+1 − 𝑑m,𝑑𝑠 = 𝑑𝑖𝑓𝑓𝑑,m,𝑑𝑠 · 1× 10−6 (8.32)

end

𝑑𝑚,1 = 𝑑stage1 (8.33)
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𝑤 = 12 [m] (8.34)

𝐴stage = 𝐿 · 𝑤 (8.35)

ℎch = 2450
[︀
W/m2 ·K

]︀
(8.36)

𝑘ch = 2× 10−2
[︀
kg/m2 ·s

]︀
(8.37)

𝑇𝑤,1 = 85 [ ∘C] (8.38)

𝑈brineHX = 1000
[︀
W/m2 · ∘C

]︀
(8.39)

duplicate 𝑖 = 1, 𝑁

𝐵0,𝑖 = 0.6 ·𝐵0,MD

(︂
𝑃f , ConvertTemp

(︂
∘C, 𝐾,

𝑇fm,i + 𝑇gm,i

2

)︂
, 1, 1

)︂
(8.40)

𝑇w,𝑖 − 𝑇f,𝑖 =
𝑞𝑖
ℎch

(8.41)

𝑇f,𝑖 − 𝑇fm,𝑖 =
𝑞𝑖
ℎch

(8.42)

𝑠𝑖 =
𝑚̇in,1 · 𝑠in
𝑚̇in,𝑖

(8.43)

𝑠avg,𝑖 =
𝑠𝑖 + 𝑠𝑖+1

2
(8.44)

𝑠𝑚𝑖 = 𝑠avg,𝑖 · exp
(︂

𝐽𝑖
𝑘ch

)︂
(8.45)

ℎfg,𝑖 = h (SteamIAPWS, T = 𝑇fm,𝑖, x = 1)− 𝑔𝑒𝑡ℎ,NaCl(𝑠𝑖, 𝑇fm,𝑖) (8.46)(︂
𝑘eff,m
𝑑m,𝑖

)︂
· (𝑇f𝑚,𝑖 − 𝑇gm,𝑖) = 𝑞cond,𝑖 (8.47)

𝑚fm,𝑖 =

𝑠𝑚𝑖

1− 𝑠𝑚𝑖
1000 [g/kg]

MWNaCl

(8.48)

𝛾w,m,𝑖 = 𝑔𝑒𝑡𝛾 (𝑠𝑚𝑖) (8.49)
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𝑝vap,fm,𝑖 = Psat (SteamIAPWS, T = 𝑇fm,𝑖)×⎛⎝1−

⎛⎝ 2 · 𝑠𝑚𝑖

MWNaCl(︁
2 · 𝑠𝑚𝑖

MWNaCl

)︁
+
(︁

1000 [g/kg]−𝑠𝑚𝑖

MWwater

)︁
⎞⎠⎞⎠ · (𝛾w,m,𝑖) (8.50)

𝑝vap,gm,𝑖 = Psat (SteamIAPWS, T = 𝑇gm,𝑖) (8.51)

𝐽𝑖 =

(︂
𝐵0,𝑖

𝑑m,𝑖

)︂
· (𝑝vap,fm,𝑖 − 𝑝vap,gm,𝑖) (8.52)

𝑞mass,𝑖 = 𝐽𝑖 · ℎfg,𝑖 (8.53)

𝑞mass,𝑖 + 𝑞cond,𝑖 = 𝑞𝑖 (8.54)

𝜂𝑖 =
𝑞mass,𝑖

𝑞𝑖
(8.55)

𝑞𝑖 = ℎeff,gap · (𝑇gm,𝑖 − 𝑇w,𝑖+1) (8.56)

𝑚̇pure,𝑖 = 𝐽𝑖 · 𝐴stage (8.57)

𝑚̇in,𝑖+1 = 𝑚̇in,𝑖 − 𝑚̇pure,𝑖 (8.58)

𝑞𝑖+1 = 𝑞𝑖 + 𝐽𝑖 ·
(︂
𝑔𝑒𝑡ℎ,NaCl(𝑠𝑖, 𝑇𝑓,𝑖)− 𝑔𝑒𝑡ℎ,NaCl

(︂
0.001,

𝑇gm,𝑖 + 𝑇w,𝑖+1

2

)︂)︂
+𝑚̇in,𝑖+1 ·

𝑔𝑒𝑡ℎ,NaCl(𝑠𝑖, 𝑇f,𝑖)− 𝑔𝑒𝑡ℎ,NaCl(𝑠𝑖+1, 𝑇f,𝑖)

𝐴stage

(8.59)

𝑄̇brine,ph,𝑖 = 𝑚̇in,𝑖+1 · (𝑔𝑒𝑡ℎ,NaCl(𝑠𝑖+1, 𝑇f,𝑖)− 𝑔𝑒𝑡ℎ,NaCl(𝑠𝑖+1, 𝑇f,𝑖+1)) (8.60)

𝑔𝑒𝑡ℎ,NaCl(𝑠in, 𝑇fph,𝑖) = 𝑔𝑒𝑡ℎ,NaCl(𝑠in, 𝑇fph,𝑖+1) +
𝑄̇brine,ph,𝑖

𝑚̇in,1

(8.61)

LMTDbrineHX,𝑖 =
(𝑇f,𝑖 − 𝑇fph,𝑖)− (𝑇f,𝑖+1 − 𝑇fph,𝑖+1)

ln
(︁

𝑇f,𝑖−𝑇fph,𝑖

𝑇f,𝑖+1−𝑇fph,𝑖+1

)︁ (8.62)

𝐴brineHX,𝑖 =
𝑄̇brine,ph,𝑖

𝑈brineHX · LMTDbrineHX,𝑖

(8.63)

Δ𝑃 vap,𝑖 = 𝑝vap,fm,𝑖 − 𝑝vap,gm,𝑖 (8.64)

end
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𝑇fph,𝑁+1 = 𝑇c (8.65)

𝑇f,𝑁+1 = 𝑇f,𝑁 − 0.1 [ ∘C] (8.66)

𝑠𝑁+1 = 𝑚̇in,1 ·
𝑠in

𝑚̇in,𝑁+1

(8.67)

𝑠out = 𝑠𝑁+1 (8.68)

𝑇w,𝑁+1 − 𝑇c =
𝑞𝑁+1

ℎch

(8.69)

𝑇c = 25 [ ∘C] (8.70)

𝑄̇direct = 𝑞1 · 𝐴stage (8.71)

𝑚̇pure,total = Sum(𝑚̇pure, 1..𝑁) (8.72)

𝜂avg = Average(𝜂1..𝑁) (8.73)

RR =
𝑚̇pure,total

𝑚̇in,1

(8.74)

ℎfg = h (SteamIAPWS, T = 25 [ ∘C] , x = 1)− h (SteamIAPWS, T = 25 [ ∘C] , x = 0)

(8.75)

GORperfectHX = 𝑚̇pure,total · ℎfg/𝑄̇direct (8.76)

𝐽avg =
𝑚̇pure,total

𝑁 · 𝐴stage

(8.77)

𝑓𝑙𝑢𝑥avg = 𝐽avg · 3600 [s/hr] (8.78)

𝑄̇external,brineHX = 𝑄̇external,noHX − Sum
(︁
𝑄̇brine,ph,1..𝑁

)︁
(8.79)

GORbrineHX = 𝑚̇pure,total ·
ℎfg

𝑄̇direct + 𝑄̇external,brineHX

(8.80)

𝑄̇realHX = 𝑄̇direct + 𝑚̇in,1 · (𝑔𝑒𝑡ℎ,NaCl(𝑠in, 𝑇f,1)− 𝑔𝑒𝑡ℎ,NaCl(𝑠in, 𝑇f,1 − TTDHX)) (8.81)

GORrealHX = 𝑚̇pure,total · ℎfg/𝑄̇realHX (8.82)

𝑄̇external,noHX = 𝑚̇in,1 · (𝑔𝑒𝑡ℎ,NaCl(𝑠in, 𝑇f,1)− 𝑔𝑒𝑡ℎ,NaCl(𝑠in, 𝑇c)) (8.83)
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GORnoHX = 𝑚̇pure,total ·
ℎfg

𝑄̇direct + 𝑄̇external,noHX

(8.84)

𝑠𝑝c,w = 𝐶GOR/GORbrineHX + 𝐶flux/𝑓𝑙𝑢𝑥avg (8.85)

𝐶GOR = 5
[︀
$/m3

]︀
(8.86)

𝐶flux = 1
[︀
$/m3 ·

(︀
kg/m2 ·hr

)︀]︀
(8.87)
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Chapter 9

Concluding Remarks

Membrane distillation has been applied for off-grid desalination of seawater or brack-

ish water, producing distilled water for industrial use and brine concentration up to

and beyond saturation for waste management. In the literature various configura-

tions of MD have been under development simultaneously. Some of the trade-offs

associated with the choice of configuration (air gap, direct contact, permeate gap)

and design variables (such as membrane thickness, channel heights, feed flow rate,

top temperature, membrane area etc.) as a function of the feed salinity and de-

sign objectives (high energy efficiency or high pure water productivity) have been

demonstrated. While many of these effects are well-described independently, a clear

hierarchy is lacking among the designs which might enable future researchers to focus

on the most promising versions. In this thesis, we developed a comprehensive analysis

framework to rank various single stage MD designs in terms of overall performance.

The complex design space spread across several MD configurations is reduced to three

dimensionless variables (two resistance ratios and system size) that affect overall en-

ergy efficiency for a given application (defined by feed salinity and top temperature).

The unified framework is based on developing an analogy between MD systems

and heat exchangers (HX). As a first step in bringing various configurations together,

we considered each separately and optimized its performance through balancing. Bal-

anced counterflow MD exchangers can all be described by a resistance network model

using parameters from HX analysis. A general MD design is then understood and
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ranked based on a few such parameters.

9.1 Balancing each MD configuration for optimal en-

ergy efficiency

MD achieves higher energy efficiency than simple distillation by using the conden-

sation of pure water to preheat the feed stream. Single stage MD configurations

differ based on design of the condensation and energy recovery components. The

warm evaporating feed stream and the cold preheating feed stream are designed in

counterflow orientation to maximize the potential for energy recovery.

The entropy generation rate in a counterflow heat exchanger of fixed area, inlet

temperatures and total heat transfer rate is minimized when the heat capacity rates

of the two streams are balanced, i.e., 𝑚̇𝑐𝑝 of the two streams are equal. Since lowering

entropy generation is necessary for lowering specific energy consumption towards the

thermodynamic lower limit, we first developed techniques to balance MD exchangers

in Chapters 2 and 3.

9.1.1 Gap MD systems

In the case of gap MD systems such as air gap or permeate gap MD (AGMD, PGMD),

balancing is related to the flow direction of the pure water in the gap between the

membrane and condensing surface, relative to the flow directions of the warm evap-

orating feed and the cold feed preheating streams. Since the feed-preheating stream

mass flow rate remains constant, the feed and the pure water streams can be con-

sidered together. To match the constant flow rate of the feed-preheating stream, the

pure water stream should be made to flow in the same direction as the hot stream,

or counter-current to the cold preheating-feed stream. This is better than having

the permeate stream leave perpendicular to the other streams or parallel to the cold

preheating feed stream.

Intuitively, this can be understood in terms of the temperature at which the pure
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water is extracted from the MD system. By flowing counter-current to the cold

preheating feed stream, permeate is removed at the cold end of the module, rather

than at warmer temperatures as in the other cases, leading to lower energy discharge

to ambient and better energy efficiency.

9.1.2 Direct contact MD

In direct contact MD (DCMD), the inlet flow rate of the cold pure water into the MD

module is independent of the inlet flow rate of the feed. Here, the heat capacity rates

of the two inlet streams should not be matched since unlike a simple HX, DCMD is

primarily a mass exchanger, resulting in a changing mass flow rate along the length.

Since all the mass lost by the hot feed is gained by the cold pure water stream, a closer

approximation to a balanced system is to match the heat capacity rates of the two

streams at one end of the exchanger. This results in nearly balanced heat capacity

rates everywhere along the length of the MD module as well as in the external HX,

and correspondingly better energy efficiency.

9.2 Overall MD performance: GOR and flux

The overall specific cost of pure water production from MD is a sum the contributions

of the capital and operating expenditures. If the capital expenditure is assumed to be

proportional to the membrane area, cost of the thermal energy is the main contributor

to operating expenditure, the overall specific cost of pure water production can be

expressed as:

𝑐w =
𝐶GOR

GOR
+

𝑐flux
𝐽

(9.1)

where GOR is a dimensionless measure of energy efficiency, defined as the ratio of

enthalpy of vaporization to specific thermal energy consumption, and 𝐽 is the water

production per unit time and membrane area, or flux. 𝑐GOR and 𝑐flux are proportional

to the specific cost of thermal energy and amortized specific cost of system area

respectively. An improvement in GOR or flux both lead to a lower specific cost of
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desalination, and the relative importance of the two is a function of the relative cost

of thermal energy to system area: 𝐶R = 𝑐GOR

𝑐flux
.

Irrespective of MD configuration, a larger area system at the same feed flow rate

can result in a higher GOR at the expense of lower flux. As a result, for each

configuration and choice of other parameters, a range of GOR, flux combinations

(represented by a line in GOR-flux space) are obtained as a function of changing

system area. When comparing different configurations, GOR must be evaluated at

the same value of flux, or flux at equal GOR (assuming that 𝑐GOR is equal for a

given application, based on the source of thermal energy, and 𝑐flux is equal across

configurations - for example if the membrane constitutes the major capital cost, and

system parameters unique to each design are chosen such that their costs are similar).

If 𝑐flux is different, GOR should be compared at equal 𝑐flux/𝐽 . In other words, a

configuration is better if its performance curve lies to the top-right of the GOR-flux

space.

9.3 MD performance metrics: 𝜂 and 𝜀

Thermal efficiency (𝜂) is a commonly used metric to characterize the extent of heat

conduction losses in MD, relative to the heat transfer mediated through evaporation

and condensation (pure water production). A high value of 𝜂 closer to 1 indicates a

low fraction of heat conduction losses. While AGMD is known to achieve the highest

𝜂, at low salinity, other configurations such as PGMD and DCMD achieve better

overall energy efficiency or GOR, at the same flux. Another parameter from HX

analysis, the effectiveness (𝜀) is introduced to understand this trend in GOR among

various MD systems. 𝜀 is defined as the ratio of actual heat transfer to the maximum

possible heat transfer for given inlet temperatures and flow rates of the two streams.

GOR is expressed as 𝜂 × 𝜀/(1− 𝜀). At low salinity, while AGMD has a higher 𝜂,

the extent of heat recovery (𝜀) is low due to the large resistance offered by the air

gap. As a result, DCMD outperforms AGMD under this condition. At high salinity, 𝜂

drops significantly for PGMD and DCMD, which overcompensates for any advantage
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in terms of 𝜀 leading to lower GOR compared to AGMD under this condition.

9.4 Resistance network model of MD

Based on the analogy between balanced counterflow MD designs and balanced coun-

terflow HX, the exchanged effectiveness (𝜀) can be expressed in terms of the number of

transfer units NTU as 𝜀 = NTU
1+NTU

. NTU is a non-dimensional measure of system size,

defined as NTU = 𝑈𝐴
𝑚̇𝑐𝑝

, where 𝑈 is the overall heat transfer coefficient between hot

evaporating feed stream to the cold preheating feed stream. This means that GOR

can rewritten as GOR = 𝜂NTU.To understand this overall heat transfer coefficient,

we can represent the various thermal resistances within the MD system as shown in

Fig. 9-1.

NonAdimensionalAresistanceAratios:

feedAchannel

membraneAzPGMD,DCMD)
effectiveAmembraneA=AmembraneA+AairAgapAzAGMD)

GapAzPGMD)
ExternalAHXAzDCMD)
Cond.AfilmAzAGMD) coldAchannel

where,

hotAevaporatingA
feedAstream

coldApreheatingA
feedAstream

overallAheatAtransferAcoefficient

dependsAonA
systemAsizeAzAAAAAAA)A
andAfeedAsalinityA

independentAofAfeedA
salinityAandAsystemAsize

Figure 9-1: Resistance network.

The performance of DCMD is limited by the external HX, whereas that of the

PGMD system is limited by the resistance of the gap region. The effective resistance

due to using a balanced external HX is simply 1/𝑈HX𝐴HX. For AGMD, the region

between the evaporating and condensing interfaces is defined as the effective mem-

brane, including both the membrane and the air gap region. This means that for the
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same membrane and gap width, the effective membrane in AGMD is much thicker.

Additionally, the overall effective heat conductivity (𝑘eff,m) and vapor permeability

coefficient (𝐵0) of this effective membrane in AGMD are also redefined as a function

of the properties of the physical membrane as well as the air gap. The thin condensate

film is an additional resistance, and corresponds to that of the gap and external HX.

Several conclusions can be drawn based on the HX analogy and resistance network

representation of single stage MD systems developed above. Since GOR = 𝜂NTU,

GOR can be improved by increasing 𝑈 . 𝜂 is primarily a function of the membrane

properties as well as fluid conditions in contact with the membrane on either side.

A change in thermal resistance of a non-membrane region only indirectly affects 𝜂.

GOR can be increased by decreasing the thermal resistances so as to increase 𝑈 .

It is well known that increasing ℎf,ch or ℎc,ch leads to an improvement in overall

MD performance. These flow channels are therefore designed to be thin to attempt

to increase the heat transfer coefficients of the channels while preventing significant

pressure drop.

9.4.1 Comparing PGMD vs. DCMD, and introducing conduc-

tive gap MD

Decreasing 𝑅gap also leads to an improvement in MD performance. The relative

performance of PGMD and DCMD can be decided by simply comparing their cor-

responding 𝑅gap values, with the lower value being better. Based on this result, we

prose that a high rather than low thermal conductance of the gap region is ideal. We

proposed a novel configuration of MD referred to as conductive gap MD (CGMD).

The conductance of the gap can be increased by reducing the gap thickness, replacing

the plastic spacer with a metal spacer, adding fins to the condensation surface, etc.

Since the gap resistance is lower, CGMD outperforms PGMD and DCMD, irrespec-

tive of the system top temperature or salinity. CGMD represents the practical upper

limit performance of PGMD and DCMD - corresponding to an infinitesimally small

gap region in the case of PGMD and a very large external HX in the case of PGMD.
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9.4.2 Optimal membrane thickness, comparing AGMD vs. CGMD

Unlike a simple HX, both heat and mass are transferred across the membrane in MD.

In addition to a high 𝑈 , a high 𝜂 is essential to ensure better energy efficiency. At high

feed salinity, and for large system size, the flux-driving temperature difference across

the membrane (Δ𝑇m) may be small enough to be comparable to the feed stream’s

boiling point elevation (BPE). This would lead to a low 𝜂 and hence low GOR. One

way to avoid this outcome is to make the membrane thicker so that a larger fraction

of the overall temperature drop occurs across the membrane. For higher feed salinity

and larger membrane area, a thicker membrane results in better GOR. This explains

why AGMD with a thicker effective membrane outperforms other MD configurations

under these conditions.

For every pair of feed salinity and operating flux, an optimal membrane thickness

for CGMD at which GOR is maximized can be evaluated. As a result, based on 𝐶R,

for a given feed salinity, the ideal operating flux-maximum GOR operating point can

be chosen along with the corresponding choice of optimal membrane thickness. The

optimal membrane becomes thicker for low operating flux (larger membrane area)

as well as at high feed salinity. An AGMD system with the same effective mem-

brane thickness would marginally outperform CGMD because of the effective AGMD

membrane’s larger 𝐵0 and lower 𝑘eff,m. Unfortunately, AGMD is sensitive to par-

tial gap flooding when a very small air gap between the membrane and condensing

surfaces is maintained by the spacer. With gap flooding, the effective membrane

thickness decreases and the resistance of the film increases leading to a major decline

in performance. On the other hand, CGMD with a thick membrane eliminates any

potential performance decline associated with gap flooding. An ultraporous mem-

brane in CGMD that increases 𝐵0 and reduces 𝑘eff,m also leads to closer performance

of CGMD to non-flooded AGMD with a simple film condensation, with optimal ef-

fective membrane thickness.

215



9.5 Dimensional analysis

Based on inspection of the resistance network in Fig. 9-1, the overall performance is

not dependent on the individual values of 𝑅f,ch, 𝑅c,ch or 𝑅gap, but only on the sum of

these resistances. Similarly, the fraction of heat transfer across the membrane due to

heat conduction losses, quantified as 𝜂 is a function of the ratio of resistances for the

two modes of heat transfer across the membrane. The overall resistance network can

be defined in terms of three resistances: membrane vapor transfer resistance, mem-

brane heat conduction resistance and the sum of non-membrane resistances. The

non-dimensional energy efficiency of the process is not dependent on these three re-

sistances, but instead only depends on two dimensionless ratios of thermal resistances

(𝜑c:v, 𝜑ch:m) as defined in Fig. 9-1.

9.5.1 Optimal system design: decrease 𝜑ch:m

System design should ensure a low value of 𝜑ch:m ideally by reducing the non-membrane

resistances such as by implementing conductive gap MD. A less preferred, but some-

times necessary means of increasing 𝜑ch:m is to increase the membrane thickness (for

fixed non-membrane resistance) required at high salinity and low flux.

9.5.2 Optimal membrane design: increase 𝜑c:v

Note that attempting to increase the vapor permeability by reducing the membrane

thickness results in a corresponding decrease in heat conduction resistance also. 𝜑c:v is

defined to be independent of membrane thickness and membrane area. It is therefore

simply a non-dimensional ratio of membrane vapor permeability coefficient to overall

heat transfer coefficient - 𝐵0/𝑘eff,m. An ideal membrane manufacturing process would

try to increase this ratio by increasing membrane porosity and pore size, reducing

tortuosity, or choosing less conductive materials for membrane fabrication. At the

same time, it is crucial to ensure a high liquid entry pressure to prevent membrane

wetting.
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9.5.3 Critical system size

For a given application, defined by feed salinity or BPE, and system top and bottom

temperatures, GOR is a function of the two dimensionless resistance ratios and di-

mensionless system size or NTU. For fixed values of the two dimensionless thermal

resistance ratios, such as for a real MD system in operation, there exists a critical

system size relative to feed flow rate (expressed as NTUcrit), beyond which GOR also

begins to decrease rather than increase. This operating condition (NTU > NTUcrit)

is referred to as a counterproductive operating condition irrespective of the value of

𝐶R since operating at NTU = NTUcrit results in both better flux and better GOR.

Using the simplified HX resistance network model, a closed form expression was

derived for NTUcrit (𝜑c:v, 𝜑ch:m,BPE). During operation NTU can be inferred by sim-

ply measuring the temperatures at the inlets and outlets of the module to then ensure

the specific area is less than or equal to the critical specific area by increasing the

feed flow rate or feed velocity as required.

9.6 Brine recirculation for high overall pure water

recovery

Among brine recirculation designs, full-batch mode results in the best GOR and flux

performance. This process is an unsteady process where a tank of solution is slowly

concentrated by recirculating only the brine from the MD module back into the tank.

The process continues until the tank salinity increases to the required level, at which

point the final brine is discharged, the tank is refilled with feed and the process is

repeated.

Again, an optimal value of membrane thickness can be identified as a function

of the salinity range over which the concentration process operates and the overall

flux at which the process is to be operated. For a given membrane thickness, during

operation, the feed velocity should be adjusted to avoid counterproductive operating

conditions characterized by NTU > NTUcrit.
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9.7 Multi-effect MD: high overall recovery in a steady

state, single pass

Another method to achieve high overall recovery is through a multi-effect MD system.

Here, a high recovery ratio is achieved in a single pass of the feed stream through

the MD module, thereby eliminating the need for brine recirculation. As a result,

multi-effect MD is a steady state process, perhaps therefore requiring fewer process

control systems. In this study, we analyzed a conductive gap version of MEMD. The

number of effects controls the overall flux and GOR of multi-effect MD, along with

membrane thickness. The total specific area controls the overall recovery ratio of the

MEMD process.

For the same feed and brine salinity levels, and similar membrane (characterized

by 𝜑c:v), it was shown that multi-effect MD achieves a higher GOR at the same value

of flux compared to a batch recirculation system. This is a result of the MEMD

design which automatically results in a larger driving temperature difference at the

later effects, when the resistance of the membrane increases due to lower temperature

and higher salinity. As a result, the flux is observed to be better equipartitioned in

space, compared to the flux distribution in space and time in the case of the batch

recirculation operation of a single stage MD system.

9.8 Overall conclusions

Future research on membrane design should focus on increasing 𝜑c:v and system design

should ensure balanced operation and focus on implementing conductive gap MD to

decrease 𝜑ch:m. The optimal membrane is thicker for high salinity and low flux.

AGMD is a promising configuration for such applications only if gap flooding can be

avoided. For brine concentration applications, single stage batch recirculation and

multi-effect MD are promising unsteady and steady-state alternatives. A closed form

expression for critical system size of MD was derived and a control system is proposed

based on this, to prevent counterproductive operation.
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Appendix A

Mechanical Vapor Compression –

Membrane Distillation Hybrids for

Reduced Specific Energy

Consumption

Abstract

The energy efficiency of membrane distillation (MD) systems is low when compared
to other thermal desalination systems. This leads to high water production costs
when conventional fuels such as natural gas are used. In MD, separation of pure
product water from feed water is driven by differences in vapor pressure between the
streams. Thus, the process can occur at low temperature and ambient pressure. As a
result, MD is most frequently paired with waste or renewable sources of low temper-
ature heat energy that can be economically more feasible. MD systems with internal
heat regeneration have been compared to and modeled similar to counter-flow heat
exchangers. In this study, MD is used to replace the preheater heat exchanger used
for thermal energy recovery from the brine stream in Mechanical Vapor Compression
(MVC). Using MD in place of the heat exchanger results not only in effectively free
thermal energy for MD, but also subsidized cost of capital, since the MD module
is replacing expensive heat exchanger equipment. The MVC-MD hybrid system can
lead to about 9% decrease in cost of water, compared to a stand-alone MVC system.
The savings increase with an increase in MVC operating temperature, a decrease in
MVC recovery ratio and with a decrease in MD capital cost. The conductive gap
configuration of MD leads to maximum savings, followed by air gap and permeate
gap systems, over a range of operating conditions, assuming equal specific cost of
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capital for these configurations.

The contents of this chapter are adapted from [109].

A.1 Introduction

A.1.1 Mechanical Vapor Compression

Mechanical vapor compression (MVC) desalination is a work driven desalination

process. MVC has been modeled in detail and analyzed by various researchers

[13, 31, 33, 74, 119]. Mistry et al. [74] analyzed the entropy generation in various

seawater desalination technologies and found that after reverse osmosis (RO), MVC

had the highest second law efficiency.

An MVC system primarily consists of preheater heat exchangers, a mechanical

vapor compressor and an evaporator/condenser unit. Figure A-1 shows a schematic

diagram of a single-effect MVC process where work input to the mechanical compres-

sor causes vapor from the evaporator/condenser unit to be compressed. The com-

pression increases the saturation temperature of the vapor stream and also raises the

vapor temperature to a superheated state. The evaporator/condenser unit typically

consists of a falling film shell-and-tube heat exchanger where feed seawater is sprayed

over the outside of the tubes. Hot compressed vapor from the compressor flows within

the tubes while the cooler feed seawater flows outside the tubes. Heat transfer from

the vapor to the feed seawater causes vapor to condense inside the tube and form

pure water, and also causes some of the feed seawater to evaporate. The vapor is

then removed and compressed by the compressor and passed back inside the tubes.

Both the pure product water and brine streams exiting the evaporator/condenser

unit leave at temperatures much higher than the ambient temperature. The thermal

energy in these streams is recovered within the MVC process by using heat exchang-

ers to preheat the incoming feed stream. The incoming feed stream is split into two

parts corresponding to the flow rates of the pure water and brine and passed through

the heat exchangers. The preheated streams are then mixed together before being
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Figure A-1: Schematic diagram of MVC process

introduced into evaporator vessel.

A.1.2 Proposed concept: MVC-MD hybrid

In this paper, we propose the concept of hybridizing MVC with MD for desalination

of seawater. Instead of using a conventional heat exchanger for recovering thermal

energy from the brine stream and preheating the feed seawater stream, we propose

using MD. Figure A-2 shows a schematic diagram of the proposed MVC-MD hybrid

system. Only the brine-feed heat exchanger is replaced with the MD module. Since

the distillate stream is already pure water, a simple heat exchanger is sufficient to

recover energy from this stream. The main motivation for hybridizing MD and MVC is

to achieve additional desalination and pure water production, in addition to effecting

heat transfer between the two streams. The thermal energy for the MD section of

the hybrid system is truly “free”. This is in contrast to other “waste-heat” sources for

MD, where additional capital cost is associated with introducing heat exchangers to

harness this waste heat. In addition to the fact that the thermal energy is free, the

cost of capital for the MD system is also offset by the cost of the heat exchanger that

the MD module is replacing. If the marginal cost of the additional water produced

in the MD section is lower than the specific cost of water from MVC, an overall net

cost benefit results from using an MVC-MD hybrid system.
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Figure A-2: MVC-MD hybrid system with MD replacing the reject brine regenerator.

A.2 Methodology

A.2.1 Numerical Modeling

The numerical modeling is carried out using a simultaneous equation solver, Engi-

neering Equation Solver [53].

Mechanical Vapor Compression

An analytical model originally developed by El-Dessouky and Ettouney [31] was used

for simulating MVC. Key design inputs were also taken from other references [13, 74,

117]. The inputs to the model are given in Table 1.

Table A.1: Summary of inputs to MVC model

Feed salinity 35 ppt
MVC recovery ratio (RRMVC) 0.5-0.9
Product salinity 0 ppt
Feed inlet temperature (𝑇f) 25 ∘C
Top brine temperature (𝑇MVC) 50–90 ∘C
Evaporator terminal temperature difference (TTD) 3 K
Isentropic compressor efficiency (𝜂comp) 0.7

The key assumptions in the model are:

1. Brine and product water exit the pre-heaters into the environment at the same
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temperature, T out

2. Rejected brine is assumed to leave at the boiling point of the feed in the evap-

orator

3. Specific heat capacity of seawater is approximated by that of aqueous sodium

chloride.

4. Boiling point elevation (BPE) is calculated using a correlation for sodium chlo-

ride solutions as a function of salinity and temperature [114].

5. The mass flow rate of the feed is split between each heat exchanger in the pre-

heater such that each heat exchanger is balanced (i.e. the driving temperature

difference is constant along the length of the heat exchanger). The split feed

streams recombine after the preheater such that the average temperature is T ph.

6. Complete condensation is assumed in the condenser so that fluid leaving the

condenser is a saturated liquid at temperature T d.

7. Vapor entering the compressor is assumed to be saturated.

The recovery ratio of the MVC system relates the mass flow rates of the feed (𝑚̇f)

to that of the product water (𝑚̇p) as:

RRMVC =
𝑚̇p

𝑚̇f

(A.1)

The “top brine temperature” (TMVC), as the name suggests, is the highest tem-

perature attained by the brine in the system. This is equivalent to the boiling point

of the feed in the evaporator (𝑇evap) and the temperature of the brine leaving the

evaporator (T b), and it is an input to the model. The temperature at which vapor

from the compressor condenses is given by

𝑇cond = 𝑇evap + TTD (A.2)
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where TTD is the terminal temperature difference in the evaporator; TTD is also an

input to the model. The corresponding pressures in the evaporator and condenser

are given by

𝑃evap = 𝑃sat,w(𝑇 evap
− BPE) (A.3)

𝑃cond = 𝑃sat,w(𝑇 cond
) (A.4)

where 𝑃sat,w is the saturation vapor pressure of pure water.

The energy balance in the evaporator/condenser unit is given by:

𝑄̇evap = 𝑚̇f𝑐𝑝,f (𝑇evap − 𝑇ph) + 𝑚̇𝑑ℎfg, evap (A.5)

𝑄̇cond = 𝑚̇d(ℎfg,cond + 𝑐𝑃,𝑣Δ𝑇suph) (A.6)

𝑄̇evap = 𝑄̇cond (A.7)

where 𝑄̇evap is the rate of heat transfer in the evaporator, 𝑚̇f is the mass flow rate

of the feed, 𝑐P,f is the specific heat capacity of the saline feed, 𝑇ph is the tempera-

ture of the preheated feed coming in to the evaporator, 𝑚̇d is the mass flow rate of

the distillate produced in the condenser (from mass conservation, equivalent to the

vapor produced in the evaporator and compressed by the compressor), ℎfg, evap is the

latent heat of vaporization in the evaporator, 𝑄̇cond is the rate of heat transfer in

the condenser, ℎfg,cond is the latent heat of vaporization in the condenser, 𝑐𝑃,𝑣 is the

specific heat capacity of water vapor and Δ𝑇sup is the amount to which vapor in the

compressor gets superheated. The latter is given by:

Δ𝑇sup = 𝑇 out
v − 𝑇cond (A.8)

Solving the foregoing equations gives the temperature of the preheated feed (𝑇ph)

before it enters the evaporator. 𝑇 out
𝑣 is calculated from the known values for the

compressor’s isentropic efficiency and the pressures in the evaporator and condenser.

The energy balance on the preheaters is given by

𝑄̇ph = 𝑚̇f𝑐𝑃,f (𝑇ph − 𝑇f) = 𝑚̇b𝑐𝑃,b (𝑇b − 𝑇out) + 𝑚̇p𝑐𝑃,w (𝑇d − 𝑇out) (A.9)

224



Where: 𝑄̇ph is the total heat transfer rate in the preheater; 𝑐𝑃,f , 𝑐𝑃,b and 𝑐𝑃,w are

the specific heat capacities of the saline feed, brine and that of pure water respectively;

𝑚̇f , 𝑚̇b and 𝑚̇p are the mass flow rates of the feed, brine and product water (i.e.,

distillate); 𝑇b and 𝑇d are the temperature at which the brine and the product water

respectively leave the evaporator/condenser unit while 𝑇out is the temperature at

which the brine and the product water exits the preheater into the environment.

Solving the above energy balance gives the value of 𝑇out.

The log mean temperature difference in each of the balanced heat exchangers in

the preheater is given by:

LMTDph = 𝑇out − 𝑇f (A.10)

Equations for the heat transfer coefficient in the evaporator and for the compressor

work are given in El-Dessouky and Ettouney [31]. The overall heat transfer coefficient

in the preheater (Uph) was assumed to be 1.185 kW/m2-K. This value was chosen to

be consistent with the heat transfer coefficient within the MD module channels. The

heat exchanger areas in the evaporator (Aevap) and the preheater (Aph) are then

obtained by dividing the respective heat transfer rates with the corresponding heat

transfer coefficients.

Widely cited correlations from literature were used to calculate equipment costs

based on heat exchanger areas and compressor conditions [32, 77]. These are:

Costevap = $430× (0.582 𝑈evap𝐴evap
𝑃𝑡

−0.01𝑃𝑠
−0.1) (A.11)

Costph = $1000× (12.86 + 𝐴ph
0.8) (A.12)

Costcomp = $7364 × ṁ𝑑
𝑃cond

𝑃evap

(︂
𝜂comp

1− 𝜂comp

)︂0.7

(A.13)

where, Costevap, Costph and Costcomp are the costs of the evaporator/condenser,

preheater and compressor in units of US dollars, 𝑈evap is the overall heat transfer

coefficient in the evaporator in units of kW/m2-K, 𝐴evap and 𝐴ph are the total areas

of the evaporator and the preheat respectively in units of m2, ṁ𝑑 is the mass flow

rate of the vapor in the compressor in kg/s, 𝑃t and 𝑃s are the pressure drops on the
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tube and shell side of the evaporator/condenser in kPa. These correlations are not

corrected for inflation or variations in raw material costs and are therefore used to

obtain a rough estimate of the cost and understand the trends. The pressure drops

are conservatively assumed to be 100 kPa. 𝑃cond is the pressure in the condensing

tubes while 𝑃evap is the pressure in the evaporator and 𝜂comp is the isentropic efficiency

of the compressor.

A.2.2 Performance Metrics

In order to compare various MVC-MD hybrid systems, the overall cost savings by

hybridization compared to using a stand-alone MVC system are evaluated.

The overall cost of water from the MVC-MD hybrid system is given by

𝑐w =
𝑐
′
w,MVC𝑚̇p,MVC + 𝑐w,MD 𝑚̇p,MD

𝑚̇p,total

(A.14)

where 𝑐
′
w,MVC is the specific cost of water from the stand-alone MVC system per

unit pure water production without including the cost of the brine-feed heat ex-

changer, in $/m3.

The overall transfer coefficient of the MD exchanger is lower than that of the

heat exchanger due to the existence of the additional membrane resistance and gap

thermal resistance. As a result, the area of MD required to achieve the same level of

feed preheating is larger than the area of heat exchanger. The cost of water from MD

(𝑐𝑤,MD) is therefore defined as the sum of the amortized cost of the exchanger area

(𝐴MD), cost of electricity for additional pumping, cost of maintenance (0.5% p.a. of

total CapEx) and the cost of membrane replacement at 10% per year. Amortization

in both the MVC and MD cost models is based on a 20 year plant-life at 8% rate of

interest (𝑘𝑖 = 1%), and the calculations assume a 96% availability factor [87]. The

baseline specific capital cost of the MD system (𝑐MD) is taken to be $40/m2.

The percentage of extra product produced by the hybrid system is given by

𝑚̇p,MD

𝑚̇p,MVC
× 100. The percentage cost savings using the hybrid system is given by

𝑐w,MVC−𝑐w
𝑐w,MVC

× 100. 𝑐w,MVC is higher than 𝑐
′
w,MVC since the cost of the brine-feed heat
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exchanger is also included.

The effect of several operating conditions on the cost of water from the hybrid

system are then analyzed, including recovery ratio in the MVC stage, membrane

permeability (B), MVC brine temperature, and 𝑐MD.

A.3 Results and Discussion

A.3.1 Overview of performance of proposed MVC-MD hybrid

The MVC-MD hybrid system proposed in this paper provides better performance

than a conventional MVC system whenever the MD part of the system can cost-

effectively produce extra product water. For a given MD system, more water can be

produced if the vapor flux within the system is increased. Vapor flux in the MD is

driven by the vapor pressure difference between the hot and cold streams; the larger

the difference, the greater is the flux and the water produced. The vapor pressure

difference itself depends on three factors: the mean temperature difference between

the two streams (equivalent to LMTDph), the absolute temperature of the streams

and the salinity of the streams. The vapor pressure difference between hot and cold

streams in MD:

a. Increases with an increase in LMTDph,

b. Increases with the absolute temperature of the streams, since vapor pressure is

an exponential function of temperature, and,

c. Decreases with an increase in the salinity of the streams, since the vapor pressure

of a saline fluid decreases with increasing salinity.

In the MVC-MD hybrid, variation in MD capital costs and the MD membrane

permeability directly affect the MD system with little coupling with the MVC system

performance. The former affects the cost effectiveness of the water produced directly

and the latter allows for a higher water production given the same temperature dif-

ferences between hot and cold streams. However, there is a strong coupling of the
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three factors described previously as well as between the MVC and MD systems,

when the MVC parameters such as MVC recovery ratio (RRMVC) and the MVC top

brine temperature (TMVC; but TMVC = T b= T evap) are varied. When RRMVC is

increased (keeping other inputs constant), by definition, the product water or distil-

late produced per unit feed increases while the amount of brine produced per unit

feed decreases. The reduction in the brine mass flow rates thus reduces the amount

of heat transfer possible in the MD component of the MVC-MD hybrid and largely

reduces 𝑚̇p,MD and the cost benefits of the MVC-MD hybrid. The reduction in the

amount of heat transfer possible largely dominates over variations in other MD sys-

tem parameters such as LMTDph. When TMVC is increased, two competing effects

occur: the LMTDph decreases, whereas the absolute temperature of brine entering

the preheater, T b, increases. The former occurs because a higher TMVC forces an

increase in the effectiveness of heat transfer in the preheater, bringing T out closer to

the incoming feed temperature, T f . For the ranges of TMVC considered, the increase

in T b was found to dominate over the decrease in LMTDph leading to a greater water

production in the MD unit, 𝑚̇𝑝,𝑀𝐷. A more detailed analysis of the effects introduced

above is discussed in the sections below.

A.3.2 Effect of MVC recovery ratio

Figure A-3a shows the effect of the recovery ratio of the MVC system on the cost sav-

ings for CGMD, PGMD, and AGMD based hybrid systems. Since we are considering

the desalination of standard seawater, the recovery ratio in the MVC system would

fully determine the salinity of the brine discharged to the MD unit. At a RRMVC=0.5,

the cost savings with a CGMD hybrid system is about 8%. For much higher recovery

ratios in the MVC section, the savings from the hybrid drop for all the configurations.

This is a result of lower relative water production from the MD module compared to

the MVC. At very high 𝑅𝑅MVC, the AGMD hybrid outperforms the CGMD hybrid,

due to its higher 𝜂. At larger RRMVC, the salinity of the brine leaving the evaporator

is higher. As a result, 𝜂 is significantly reduced for CGMD and PGMD, whereas, in

the case of AGMD, the effect on 𝜂 is lower.
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Figure A-3b shows that the amount of extra product produced in the case of

AGMD is higher than in the case of CGMD. This is a direct result of its higher 𝜂

and lower conduction heat loss. Note that the total heat transfer in all three systems

is equal, since the MD system area is allowed to vary to achieve the same extent of

preheating that was achieved by the heat exchanger.
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Figure A-3: Effect of MVC recovery ratio on hybrid system performance.

Figure A-4a shows the break-up of the total water cost which is a weighted sum

of the cost of water from MVC and MD systems (Eq. 18). The amount of water

produced from MD is lower than 10% of the water produced in MVC, and hence the

total cost is skewed closer to the specific cost of water for the MVC system. The

cost of water from the MD part is a function of the specific membrane area. As

RRMVC increases, the salinity of water flowing into the MD system increases, but the

expected temperature of the preheated feed reduces, leading to a larger driving force

within the MD system. As a result, the specific MD area required decreases, before

increasing due to salinity. Even though 𝐶𝑤,MD is lower at higher RRMVC, the relative

savings are higher at lower RRMVC due to the lower relative productivity of the MD

section of the hybrid system at higher RRMVC (as seen in Fig. A-3b).

Figure A-4b shows a breakdown of the total cost of water for an AGMD hybrid

system. The lower cost saving observed at low RRMVC in the case of AGMD (Fig. A-
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3a) is a result of the higher cost of water from MD that results from the higher specific

membrane area requirement. This is a result of the lower LMTDph requirement from

the MD system at lower RRMVC.
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Figure A-4: Effect of MVC recovery ratio on individual contributions to total specific
cost of water.

A.3.3 Effect of MVC top brine temperature

The effect of MVC top brine temperature is shown in Figure A-5a. The savings

from the hybrid system reach a maximum value before declining again at very high

temperatures. Once again, the CGMD system outperforms other configurations due

to its higher overall heat transfer coefficient and hence lower MD area requirement.

Figure A-5b shows the breakdown of the total cost of water for a MVC-CGMD

hybrid system. At higher MVC operating temperature, the specific cost of water

from MVC decreases. The recovery ratio is held constant (RRMVC =0.5) while the

top temperature increases. At higher temperatures, the MVC model leads to a higher

value of 𝑇ph, with the value of 𝑇MVC − 𝑇ph or LMTDph decreasing. This results in a

larger area requirement. At the same time, pure water production in the MD section

increases at higher temperatures, leading to the total cost of water being pulled

closer to the cost of MD (Eq. 18). The overall effect of these two effects in the case of
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CGMD, over the temperature range considered in this study, is that the percentage

savings increases with increase in TMVC, and reaching a maximum at around 7% at

TMVC = 85 ∘C. In the case of AGMD and PGMD, a maximum is reached at a lower

value of TMVC.
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Figure A-5: Effect of MVC temperature.

A.3.4 Effect of MD capital costs

The previous results are reported keeping the specific cost of MD area constant at

$40/m2, irrespective of MD configuration type. Figure A-6 shows the effect of specific

cost of MD system area on savings with a hybrid system. Since AGMD and PGMD

require larger membrane area, at larger specific system cost, these systems result in

no cost savings. At a very low cost of the MD system, the fact that AGMD needs

larger area is offset by the higher water productivity of AGMD compared to CGMD,

leading to more savings in the case of AGMD compared to CGMD.

A.4 Conclusions

∙ Membrane distillation modules can be used in the place of heat exchangers to

produce additional pure water while achieving preheating of the feed stream
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Figure A-6: Effect of MD specific cost on cost savings with various MD configurations.

using the brine.

∙ Keeping the mechanical vapor compression system operating conditions con-

stant, the cost of water production can be reduced up to 6% by hybridizing

MVC and CGMD.

∙ Conductive gap MD has maximum overall heat transfer coefficient, U, leading

to lower area requirements and higher savings than for other systems over a

wide range of operating conditions. At very high salinities, or low cost of MD

system, air gap MD outperforms CGMD in due to its lower heat loss.

∙ If the specific cost of the MD system is lower than about US$40/m2, a cost sav-

ings of about 4-6% can be achieved with either AGMD or CGMD hybridization

for a 50% recovery seawater MVC system operating at 70 ∘C.
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Appendix B

Nanofiltration for high permeability

textile dyeing effluent desalination

Abstract

Desalination is used in textile dyeing effluent recycling in order to separate a concen-
trated salt solution, which is reused in the dyebath, from relatively pure water, which
is recycled in the other baths. The dyebath solution salinity is maintained at a salt
concentration of about 30-100 g/kg, depending on the shade of color, but the overall
effluent is diluted by water from the remaining baths to a final TDS of around 7 g/kg.
Reverse osmosis (RO) followed by multi-effect evaporation (MEE) is the most com-
mon combination for achieving zero liquid discharge of dyeing wastewater in south
India. RO is used to concentrate water up to a salinity of about 50 g/kg, correspond-
ing to a recovery ratio of more than 80%. Unlike seawater and brackish ground water,
industrial effluents can be designed by choosing appropriate chemicals in the process-
ing steps, such that the energy consumption for desalination and recycling is lower. In
textile dyeing, this can be achieved by replacing the NaCl in the dye bath by Na2SO4.
For the same molality of Na+ ions in solution, Na2SO4 solution has a 50% lower os-
motic pressure than NaCl solution. The thermodynamic least work of desalination
to concentrate sodium sulfate solution to 120 g/kg is around 40% lower compared
to concentrating a sodium chloride solution to 74 g/kg, for reuse in the dyebath. In
addition to the thermodynamic advantage of redesigning the effluent composition,
a solution without monovalent anions can be desalinated with nanofiltration mem-
branes. The capability of Dow NF90 and NF270 membranes to concentrate sodium
sulfate solution to a final concentration of 120 g/kg while operating at feed pressures
below 70 bar and achieving >97% salt rejection is experimentally verified. Since the
permeability of NF membranes is 2-4 times higher than that of RO membranes, both
capital and operating expenditure can be reduced by switching from NaCl to Na2SO4

and from RO to NF for the concentration of textile dyeing effluent water.
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The contents of this chapter are adapted from [110].

B.1 Introduction

B.1.1 Industrial effluent recycling

Increasing water shortages and environmental impacts of industrial water use are

pushing regulators around the world to enforce stricter discharge regulations. In Tamil

Nadu in south India for example, textile dyeing is now categorized as a red-category

industry by the state pollution control board, and all dyeing units are required to

achieve zero-liquid-discharge (ZLD). As industries adapt to these regulatory frame-

works, their goal is to recover and reuse as much of the water as possible, along with

other components in the water. Primary and secondary treatment involving chem-

ical precipitation, sedimentation and biological treatment are capable of removing

microbes and larger organic molecules from the water. Desalination technologies are

then necessary to separate any dissolved components.

Reverse osmosis (RO) is used to concentrate the effluent to a salinity of about

40-70 g/kg. Thermal desalination systems such as multiple effect evaporators (MEE)

or, occasionally, high-pressure RO systems are used to further concentrate and in

some cases eventually crystallize salt out of the concentrated effluent. A solar pond

is also typically used to further dry the solid wastes generated.

The cost of water recycling in an industrial setting can be reduced by choosing

appropriate chemicals in the processing steps and controlling the effluent composition.

Mistry et al. [72] showed that the least energy of desalination is a strong function of

the ions present in water, even for the same overall salinity or ionic strength. Unlike

naturally occurring seawater or brackish ground water, industrial solutions can be

designed such that the energy consumption for desalination of effluents is lower. In

addition to the thermodynamic benefit of changing the feed water chemistry, practical

advantages such as the use of higher-permeability membranes for desalination, leading

to lower energy and capital costs, are also possible.
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In this study, we investigate the recovery of pure water from textile effluent for

reuse. Replacing sodium chloride with sodium sulfate in the dye bath solution is

investigated as a method to reduce the cost of water recycling by replacing reverse

osmosis membranes with nanofiltration (NF) membranes that have a higher perme-

ability and which may lessen membrane area or reduce operating pressure and energy

consumption.

B.1.2 Textile dyeing process: Water and chemical usage

Industrial textile dyeing of both yarn and woven or knitted fabric is performed in

machines that subject the fiber to multiple baths or processing steps. In each of the

ten or more baths, about 6-10 L of water per kg of cloth is used.

The dyebath is the most important among these steps. The most commonly used

class of dye molecule for cotton dyeing is reactive dye, where the dye molecule is bound

to the fabric through a chemical reaction leading to superior color fastness compared

to physical adhesion. In addition to the dye chemicals, salt is added to enable dye

exhaustion. Since both dye and cloth are negatively charged in water, the cations in

the added electrolyte stabilize these charges and enable the dye to approach the cloth

for the reaction. The amount of salt required is a function of the shade, with more

saturated colors requiring more salt (up to 80-110 g/kg) than lighter shades (about

20-30 g/kg). While plants commonly use sodium chloride for the dye bath solution,

some also use sodium sulfate.

Other chemicals added in various baths before and after the dyebath include

wetting agents, lubricating agents, sodium carbonate, sodium hydroxide, sodium per-

oxide, acetic acid, ethelyne glycol, lubricants, fixing agents and detergents. When the

dyebath solution is mixed with water from the remaining baths, the final salinity of

the effluent is about 7 g/kg. The color of the effluent at this stage is usually black

due to the mixing of various dyes.
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B.1.3 Conventional effluent treatment and recycling for zero-

liquid-discharge

The goal of the effluent treatment plant at a textile dyeing unit is to treat the effluent

to meet environmental regulations for disposal. With the introduction of zero liquid

discharge (ZLD) regulations, the goal of the recycling system is to produce fresh water

for reuse in the various baths as well as a concentrated salt solution for recycling in

the dye-bath step. Since multiple shades of color may be dyed on any given day, the

typical strategy is to concentrate water to 80-110 g/kg so that it can be used for the

darkest shades. For lighter shades, the brine is diluted appropriately before use in

the dyebath.

Figure B-1 shows a schematic overview of the effluent treatment processes. The

primary and secondary treatment steps reduce color, chemical oxygen demand and

biological oxygen demand by a combination of chemical, physical, and microbial meth-

ods. The dissolved components such as ions in the stream remain relatively constant

through this section of the treatment train. Thereafter, desalination systems such

as RO and MEE are used to obtain a concentrated brine stream and pure water for

reuse in the dyebath and other baths respectively.

Reverse osmosis (RO) is usually used to concentrate the effluent to a salinity

of around 50 g/kg. Although RO is at present the most energy efficient desalination

technology [74], conventional RO modules and membranes are limited to a pressure of

70 bar. Following RO, mechanical vapor compression or MEE is used to concentrate

water further to about 100-120 g/kg. At this salinity, the brine can be reused in the

dyebath solution.

If NaCl is the salt used in the dyebath solution, nanofiltration (NF) may be used

to polish the brine solution by separating NaCl from other divalent ions and other

compounds. Plants using sodium sulfate cannot use NF to polish the brine before

reuse, but may reuse the brine after softening using ion exchange resins.

Excess effluent is concentrated in the forced convection evaporators of the MEE

to a supersaturated state. The resulting slurry is then transferred to a centrifuge and
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Figure B-1: Typical textile effluent recycling system.

solar evaporation pond to obtain salts and other solid wastes.

RO accounts for over 80% of the total water recovery. Since the thermal systems

are less energy-efficient, there is a trend toward increasing the water recovery of the

RO stage by designing high pressure RO modules [114]. An improvement in the

RO section capital or operating costs can lead to significant cost savings for water

recycling.

B.2 Proposed solution

Zero liquid discharge regulations necessitate the use of desalination systems. While

desalination is typically viewed as an add-on system, considering the dyeing unit

processes along with the desalination system design can result in lower overall cost

of the textile dyeing plant. The energy requirement and cost of desalination vary

significantly with the solute composition of the effluent. The goal of this work is to

identify choices in the dyeing process that enable cheaper desalination, focusing on

the choice of salt used in the dyebath solution. The salt used in the dyebath stream

constitutes greater than 90% of all the dissolved species in the effluent.
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Using sodium sulfate in the dye bath solution can result in lower energy consump-

tion for desalination. Mistry et al. [72] modeled electrolyte solutions using the Pitzer

model and found that the least work for desalination of Na2SO4 is lower than that

of NaCl at constant feed inlet salinity, molality or molal ionic strength. MgSO4 and

ZnSO4 solutions have even lower energy of separation than Na2SO4. In addition to

the thermodynamic advantage, there can be practical advantages such as enabling

the use of higher permeability membranes, associated with using particular salts in

the dyebath.

Ultrapermeable RO membrane development is an exciting field of research in de-

salination. However, the performance of a real desalination system is affected by

other practical constraints, such as concentration polarization, in addition to mem-

brane permeability. Cohen-Tanugi et al. [22] quantified the cost savings attainable

with the availability of more permeable membranes. For low fed salinities (around

3 g/kg), a three times more permeable membrane could lead to a 46% reduction in

energy cost at fixed membrane area, or 63% reduction in membrane area at con-

stant energy consumption or a combination of these benefits, for 65% water recovery.

These gains drop rapidly with rising feed salinity, to less than 15% energy savings for

SWRO; and, further McGovern and Lienhard [69] have recently shown that concen-

tration polarization will produce an asymptotic limit on the achievable flux that is

only about 4 times the average flux of today’s SWRO membranes. In additional, most

ultrapermeable membranes (UPMs) proposed for RO in the literature are manufac-

tured only on a lab scale and are far from being produced at commercially meaningful

sizes. On the other hand, membranes with larger pore size and higher permeability -

such as nanofiltration (NF), ultrafiltration and microfiltration membranes - are avail-

able today. While NF membranes allow smaller solutes such as chloride ions to pass

through, they can achieve excellent sodium sulfate rejection of 95-99%, while being

2-4 times more permeable than RO membranes [24, 71].

Conventionally, NF is not used for desalination, but is used as a pretreatment or

for targeted removal of the larger solutes since sodium chloride constitutes the major

solute in most natural water bodies. Most NF membranes are negatively charged
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and achieve high rejection of divalent anions such as sulfate due to a combination of

size and charge-based rejection mechanisms. Avoiding the use of monovalent anions

(such as chloride) in the processing steps in industry, by using alternate salts such as

sulfates, can lead to an effluent stream that can be desalinated using an NF mem-

brane, instead of an RO membrane. As a result, in addition to the thermodynamic

advantage, savings are possible in both and capital and operating costs compared to

a conventional RO system due to the higher permeability of NF membranes.

B.3 Thermodynamic advantage

The thermodynamic comparison between various solutions involves comparing the

least work of desalination for concentration of a feed solution at approximately 7

g/kg inlet salinity up to a brine concentration that can be reused in the dyebath for

the darkest shades. In industry, the highest salinity requirement can be as high as

120 g/kg for Na2SO4 and as low as 80 g/kg for NaCl. The energy of separation is

a function of the osmotic pressure of the solution, with solutions of higher osmotic

pressure requiring higher applied pressure and more energy consumption. The follow-

ing osmotic pressure and least work of separation calculations are performed using

a Pitzer electrolyte solution model [47] that has previously been validated against

experimental data [112].

Figure B-2 shows the osmotic pressure of pure salt solutions of sodium chloride

and sodium sulfate as a function of salinity and solution ionic strength. Since the

cation is responsible for ensuring good dye exhaustion, the comparison is performed at

constant cation molality rather than salt molality. While other salt solutions such as

ZnSO4 and MgSO4 have even lower osmotic pressure, they are not considered in this

analysis since they cause water hardness, which would adversely affect the chemical

processes in several baths.

The thermodynamic least work of separation can be evaluated by considering the

desalination system as a black box, applying the first and second laws of thermody-

namics and setting the entropy generation to zero [114]. The least work of desalination
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Figure B-2: Osmotic pressure comparison between sodium chloride and sodium sulfate
solutions.

0

0.1

0.2

0.3

0.4

0.5

5 5.5 6 6.5 7

L
e

a
s
t 
W

o
rk

 [
k
W

h
/m

3
]

Feed Salinity [g/kg]

NaCl

Na2SO4

Figure B-3: Least work of desalination of NaCl and Na2SO4 solutions as a function
of feed salinity. The concentrate salinity is set at 90 g/kg.

is 40% lower for Na2SO4 relative to NaCl. For the analysis in Fig. B-3, the feed salin-

ity corresponding to the inlet salinity in the mixed effluent is varied from 5.5-8.5 g/kg.

The brine salinity is set at 90 g/kg. The least energy of separation for the sodium

sulfate solution is about half than that of the sodium chloride solution at similar inlet

feed salinity, across the range of salinity values considered. The permeate stream

is considered to be pure in this analysis, and the least work would reduce with an

impure product stream.
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B.4 Practical Advantage

Dow Filmtec nanofiltration membranes NF90 and NF270 were tested for their ability

to desalinate sodium sulfate solution up to a salinity of 110 g/kg or 1.75 mol Na+/kg-

w. The tests were performed using a Sterlitech stirred cell apparatus capable of

withstanding pressures up to 172 bar. The stirrer speed was set at approximately

300 RPM and kept constant throughout the various experiments. In order to test the

membrane flux and rejection under realistic conditions over a wide range of salinity

values, the permeate flux was maintained within a range of 15-20 LMH (as shown

in Fig. B-4), by increasing the feed pressure as the feed salinity inside the dead-end

apparatus increases with time.

Figure B-5a shows the required pressure to achieve a flux between 15-20 LMH at

the feed salinity of interest. The osmotic pressure of Na2SO4 is plotted for compar-

ison. Even with low mixing at a stirrer speed of 300 RPM, the solution could be

concentrated up to the required final concentration of about 110 g/kg, with a feed

pressure of less than 70 bar. In practice, the flux at the end of a spiral-wound module

would be lower than the average flux (e.g, 15 LMH), and the driving pressure would

be even closer to the brine osmotic pressure. These results demonstrate that, by us-

ing Na2SO4 in the dyebath and using NF membranes (which exhibited 2- 9 LMH/bar

permeability, with a reduction at higher pressure due to compaction, leading to diver-
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gence between the required pressure and the osmotic pressure curves in Fig. B-5a),

the entire desalination process for generating reusable brine can be achieved using

conventional spiral wound membranes and pressure vessels, therefore eliminating the

need for high-pressure RO or thermal desalination systems to achieve ZLD textile

dyeing effluent reuse.

0

20

40

60

80

100

0 30 60 90 120

P
re

ss
u

re
o[b

ar
]

FeedoSalinityo[g/kg]

OsmoticoPressure

SW30HR

NF90

NF270

(a) Applied pressure.

0.9
0.91
0.92
0.93
0.94
0.95
0.96
0.97
0.98
0.99

1

0 30 60 90 120

A
ve

ra
ge

dS
a

ltd
R

e
je

ct
io

n
d[-

]

FeeddSalinityd[g/kg]

SW30HR

NF90

NF270

(b) Salt rejection.

Figure B-5: Dead-end experimental comparison of membranes for partial desalination
of Na2SO4 solution up to 110 g/kg.

Figure B-5b shows that over the range of feed salinity tested, the salt rejection,

which is a measure of the product quality is found to be greater than 98% for NF90

and around 97% for NF270. The rejection was lower at the beginning of the trial and

each time the experiment was restarted, as the membrane took some time to reach a

steady state performance. This is consistent with findings in the literature that NF90

has smaller pores, and hence higher rejection, but lower permeability than NF270

[130].

B.5 Discussion

The reusability of NF product water in various baths of the dyeing process needs

to be modeled and experimentally verified. The DSPM-DE model [41] can be used

to predict NF membrane performance in terms of flux and ion rejection. Roy et

al. [85] extended this model to predict the performance of full-scale spiral wound
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modules. By fitting appropriate membrane properties from the dead-end apparatus

experimental results, this model can be used to infer full-scale membrane performance

and is a useful tool for designing systems. In case some chloride exists in the effluent,

methods such as ion exchange resins could be used to replace the chloride with sulfate

before desalination with NF membranes [89].

B.6 Conclusions

A method to reduce overall cost of water recycling in the textile dyeing industry has

been proposed based on existing materials, by substituting sodium sulfate for sodium

chloride in the dyebath solution. For the same molality of sodium ions in solution,

sodium sulfate has a 50% lower osmotic pressure compared to sodium chloride. As a

result, the least work of separation for desalinating a sodium sulfate solution is 40%

lower than that of sodium chloride in order to produce a concentrate stream that can

be reused in the dyebath for the darkest shades. While previous analysis has shown

the potential for energy and capital cost savings with more permeable membranes, the

use of nanofiltration membranes enables high-permeability desalination of engineered

textile effluent devoid of monovalent anions. Both NF90 and NF270 are found to be

capable of concentrating sodium sulfate solution to the target concentration of 110

g/kg while operating below 70 bar pressure, thus showing promise for replacing the

standard RO+MEE system with NF alone.
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Appendix C

Effect of practical losses on optimal

design of batch RO systems

Abstract

Batch reverse osmosis (BRO) systems may enable a significant reduction in energy
consumption for desalination and water reuse. BRO systems operate with variable
pressure, by applying only slightly more pressure than is needed to overcome the
osmotic pressure and produce reverse water flux. This study explains, quantifies,
and optimizes the energy-saving performance of realistic batch designs implemented
using pressure exchangers and unpressurized tanks. The effects of additional design
parameters such as feed tank volume at the end of the cycle, volume of water in the
pipes, per-pass recovery, cycle operating time, and cycle reset time on the perfor-
mance of BRO are captured. Loss mechanisms including hydraulic pressure drop and
concentration polarization as well as friction and mixing in the energy recovery de-
vices are considered. At low cycle-reset time (10% of productive time) and low piping
volumes (12% of volume inside membrane elements), about 13% energy savings is
possible compared to a continuous system operating at the same overall pure water
productivity. Under these conditions, we also show that the ideal per-pass recovery
is close to 50%, similar to single-stage RO. This recovery reduces the need for system
redesign with additional pressure vessels in parallel, contrary to predictions in the
literature. The projected savings in terms of the overall cost of water is around 3%.
Additionally, advanced ultra-permeable membranes, such as those based on graphene
or graphene oxide, are expected to lead to more significant energy savings in BRO
than in single-stage RO.

Emily W. Tow, Richard L. Stover, David M. Warsinger, and John H. Lienhard V

contributed to this chapter.
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C.1 Introduction

The energy required for seawater desalination has been reduced by a factor of four

in the last three decades through advances in energy recovery devices and membrane

designs. As the energy required has moved closer to the thermodynamic minimum

energy for conventional continuous reverse osmosis (RO) processes, many authors

have concluded that further research and development could only yield incremental

reductions. However, by changing the process configuration, batch RO systems have

demonstrated the potential to provide major additional reductions in energy con-

sumption. Batch RO (BRO) systems operate with variable pressure, applying only

enough to overcome the osmotic pressure barrier and maintain water flux. The aver-

age applied pressure in BRO weighted by the rate of permeate production over the

cycle operating time is lower than that required in conventional continuous single-

stage RO systems which operate at constant pressure [120].

BRO can be implemented in one of two ways: using a pressurized feed container or

an unpressurized feed container with a pressure exchanger. In this study, we consider

BRO implemented with an unpressurized feed tank in combination with a pressure

exchanger (PX), as shown in Figure C-1. This design may not be optimal in terms

of energy efficiency compared to use of a pressurized feed container, but it is easier

to implement since all necessary components are readily available in the market and

are widely utilized in the desalination industry.

While the relative advantage of batch RO over conventional single stage systems

is likely to be higher for brackish water desalination at high recovery [122], in this

study, we focus on seawater RO (SWRO) to understand the potential for energy and

cost savings. The goal of this study is to identify practical energy loss mechanisms in

batch RO and quantify their effect on the energy consumption. The effects of various

design variables that are unique to BRO systems are considered in detail to lay out

a framework for the design and evaluation of BRO systems.
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Figure C-1: Batch RO implemented with an atmospheric pressure tank and pressure
exchanger.

C.2 Methodology

Energy consumption is evaluated using numerical models for SWRO and SWBRO.

The models build on the simpler model for batch systems presented by Warsinger et

al. [122] and additionally include membrane physical variables such as water and salt

permeability, channel mass transfer coefficients, and friction factors, giving a more

realistic accounting of concentration polarization, salt passage, and pressure drop in

the channels. The one-dimensional convection equation is solved in the feed channels

in space and time. A central difference scheme is used for evaluating derivatives in

space, and an explicit method is used to evolve the batch system in time. For batch

processes, the inlet boundary condition is linked to the outlet concentration through

a well-mixed tank and pipes connecting the inlet and outlet to the tank. The pressure

applied at any point in time can be controlled to produce a required average flux from

the module. Empirical equations for pump and energy recovery device efficiencies are

incorporated.

Werber et al. [125] also present a detailed numerical model of the batch RO pro-

cess, accounting for physical parameters such as membrane permeability and channel
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mass-transfer coefficients. The present model is compared to the results reported

in [125] at similar operating conditions and pump and PX efficiencies as a validation

exercise in Section C.3.

A large external tank was assumed in Ref. [125]. However, a large external tank is

inimical to overall energy consumption as will be shown in Section C.4.2. Warsinger

et al. used a collapsing tank whose volume would approach zero at the end of the

cycle, which results in the best possible energy efficiency. Figure C-2 shows the BRO

system at the end of one cycle of pure water production. In this study, the volume of

fluid in the pipes connecting the tank to the RO modules (𝑉piping,in, 𝑉piping,out relative

to 𝑉elements, which is the volume of the feed channels of the membrane elements) is

explicitly considered. A lower limit on piping volume is enforced, and the effect of

changing the piping volume and volume of the feed tank at the end of the cycle

(𝑉tank) on energy efficiency and process cycle time are evaluated. The volume of fluid

remaining outside the membrane elements at the end of each cycle is a key parameter

influencing the ideal per-pass recovery, specific energy consumption, and cycle time

of the batch process (as shown in Section C.4.2), and motivating detailed modeling

including this parameter as is done in the present study.

The present model has several other unique features:

1. A detailed model of PX performance accounts for various internal loss mecha-

nisms

2. Pressure drop along the length of the elements is explicitly considered and taken

into account, as are pressure drops in the piping outside of the RO module

3. Salt passage is allowed across the membrane

The osmotic pressure, density, and viscosity of the feed solution are approximated

using properties of a pure NaCl solution, and a constant recovery ratio of 50% is

considered in all cases.

The modeled batch system operates in cycles. First, the system is filled with feed

water. Then the feed is circulated and pressure is applied until 50% of the original feed
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Figure C-2: Distribution of water volume in a BRO system towards the end of its
operating cycle (not to scale). The effect of 𝑉piping,in, 𝑉piping,out and 𝑉tank relative to
𝑉elements is investigated in this study.
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mass is recovered as pure product. At this point, the remaining brine is discharged

as new feed re-enters the system. The model simulation only accounts for the pure-

water producing portion of the cycle time. This time is referred to as 𝑡productive. The

amount of time required to expel high salinity brine and refill the system with the

required quantity of feedwater before the high pressure pump resumes operation is

referred to as the cycle-reset time (𝑡reset). The overall cycle time of the batch process

𝑡cycle is 𝑡productive + 𝑡reset.

C.2.1 Baseline system properties

The feed solution salinity is 35 g/kg and recovery ratio is 50%. Overall permeate

production of 1633 m3/day (300 GPM) is considered. Membrane geometry is based

on a DOW SW30ULE-440i element [23]. The baseline system properties are listed in

Table 1.

C.2.2 Modeling the isobaric energy recovery device (ERD)

The isobaric ERD is modeled by considering three loss mechanisms: [95]

1. Pressure drop from the inlet to the outlet of both the high- and low-pressure

streams through the ERD,

2. Leakage reducing the high pressure flow and increasing the low pressure flow

exiting the ERD, and

3. Mixing increasing the salinity of the high pressure stream exiting the ERD.

C.3 Validation

The present model was compared with a previous implementation of SWBRO with

a PX [10]. The following parameters and assumptions were adapted from [125]:

𝐴membrane = 3 kg/m2-hr-bar, 𝐵membrane = 0 kg/m2-hr, 𝐽 = 15 LMH, 𝑣 = 0.2 m/s,

𝜂HPP = 𝜂CP = 0.8, 𝜂PX = 98%, and Δ𝑃piping = 0.1 bar. The two model predictions
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Table C.1: Baseline RO system properties

Parameter Symbol Value

Area per element 𝐴element 41 m2

Length 𝐿element 1.016 m
Channel height 𝑑ch 0.71 mm
Channel porosity 𝜑 0.9 [2]
Inlet bulk velocity 𝑣 0.18 m/s
Average flux 𝐽 14.5 L/m2-hr (LMH)
Water permeability 𝐴membrane 2 kg/m2-hr-bar
Salt permeability 𝐵membrane 0.1 kg/m2-hr
Number of elements in
series per pressure ves-
sel

𝑁elements 8

Number of pressure ves-
sels

𝑁parallel 15

Width 𝑤 = 𝑁parallel𝐴element/2𝐿 302.7 m
Volume of feed fluid per
element

𝑉element ≈ 𝜑𝐴element𝑑ch 13.13 L

Volume of feed fluid in-
side RO elements

𝑉elements = 𝑁elements𝑁parallel𝑉element 1575.5 L

Pumps, ERD
Efficiency of pumps
at high pressure (high
pressure pump, circula-
tion pump)

𝜂HP, 𝜂CP 0.75

Efficiency of source
pump

𝜂SP 0.8

Mixing in PX 6%
Properties relevant to batch system

Inlet piping min. vol-
ume

𝑉piping,in,min 33 L

Outlet piping min. vol-
ume

𝑉piping,out,min 60 L

Pressure drop in the
piping

Δ𝑃piping,in, Δ𝑃piping,out 0.1 bar, 0.05 bar

Diffusivity of NaCl 𝐷NaCl 1.5×10−9 m2/s
Tank volume at end of
cycle

𝑉tank,final 0 L

Cycle reset time 𝑡reset 10 s
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Figure C-3: The ideal per-pass recovery for SWRO is around 18%, close to the result
in Werber et al. [10]. 𝑉tank,final = 12700 L is about 8 times larger than 𝑉elements.

for optimal per-pass recovery ratio as well as specific energy consumption were close.

The difference could be a result of different correlations used for osmotic pressure as

a function of salinity, channel friction factor and channel mass transfer coefficient.

A large external tank was considered in [125]. As a result, for this comparison, the

tank volume at the end of the cycle was taken to be around 8 times larger than the

volume of fluid inside the membrane elements. Going forward, such a large external

volume will not be assumed, and hence the optimal per-pass recovery ratio obtained

in this study is quite different. A detailed discussion on optimal per-pass recovery is

included in Section 4.3.

C.4 Results

In this section, several aspects of BRO system design are considered in order to

optimize BRO operation before comparing with single-stage continuous SWRO. In

Section C.4.1, the performance of continuous SWRO under the baseline conditions

is reported. All subsequent results for SWBRO are compared as a function of these

metrics. The effect of external volume on specific energy consumption and cycle time
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is evaluated in Section C.4.2. An ideal system should have lowest possible values

of external volume 𝑉external = 𝑉piping + 𝑉tank,final. The ideal per-pass recovery ratio

and the resulting ideal number of elements in series are evaluated in Section C.4.3.

Unlike previous studies [125], we find that for SWBRO, the ideal per-pass recovery

ratio is about 50% (or optimal 𝑁elements ≈ 8, the same as the baseline continuous RO

system). The implications of this result for BRO system design and capital cost are

briefly discussed. The effect of the reset time ratio 𝑡reset/𝑡productive on the comparative

performance of BRO to continuous RO is considered in Section C.4.4. Reset time

𝑡reset is a very important variable that impacts the predicted savings associated with

BRO. In Section C.4.5, the effect on overall cost of water from BRO is estimated in

terms of both CapEx and OpEx. Finally, in Section C.4.6, the effect of ultrapermeable

membranes on specific energy consumption is compared between SWBRO and SWRO

systems. Ultrapermeable membranes result in larger energy savings in the case of

BRO compared to continuous RO.

C.4.1 Baseline case: single stage SWRO with isobaric ERD

The batch RO model is used to simulate continuous RO by fixing the tank salinity at

35 g/kg. The overall specific energy consumption of SWRO is 2.32 kWh/m3 in the

base case. The average flux over the entire length of the RO elements is 14.5 LMH,

and the maximum flux at the lead element (at the entrance) is 52 LMH.

C.4.2 Effect of 𝑉external (volume outside the module at the end

of the cycle time)

The total external volume at the end of the batch process cycle is represented as

𝑉external. Figure C-4 shows the effect of 𝑉external on the specific energy consumption

and cycle time of the BRO process. A larger external volume at the end of the cycle

leads to a higher specific energy consumption.

The total external volume (𝑉external) is the sum of the volume in the piping (𝑉piping)

and the final tank volume (𝑉tank,final). For the same final external volume, having the
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volume in the piping system is better than having it in the tank. The cycle time is

almost identical in these two cases, but the specific energy consumption is higher for

the case where 𝑉tank,final increases, compared to when 𝑉piping increases. This is because

the tank is well mixed, whereas the pipes hold a range of salinity levels. At the end

of the cycle, the fluid in the pipe from the module outlet to the tank has a higher

salinity than the tank itself, and the tank has a higher salinity than the inlet to the

feed tank. On the other hand, when low piping volume and high tank volume are

considered, the salinity of the tank tends towards the highest salinity and the module

inlet is also exposed to high feed salinity, leading to higher pressures and therefore

higher energy requirements. As an extension of this analysis, we can also expect that

it is better to design the outlet piping to be longer than the inlet piping so that some

of the highest salinity brine remains unmixed with the tank at the end of the cycle.

This was numerically verified, although the corresponding savings are low at least for

low overall 𝑉external. An design ramification of this result would be to locate the tank

near the module inlet and have a longer pipe from the module outlet back into the

tank.

While 𝑉tank,final ≈ 0 may be achieved by designing the outlet from the tank and

the source pump system appropriately, some volume in the piping is unavoidable. An

attempt to decrease the volume of fluid in the piping by reducing the pipe diameters

would lead to an increase in frictional pressure drop. A minimum piping volume of

93 L (33 L in the inlet section and 60 L in the outlet) is obtained by considering large

enough pipes to reduce pressure drop and estimating lengths for these pipe networks.

93 L corresponds to about 6% of the volume of fluid inside the module elements, and

is the lower limit considered in this study (cf. Fig. C-7). Including the volumes in the

heads of the pressure vessels and in the pumps, etc., results in an external volume of

186 L (corresponding to about 12% of the element volume).

At 𝑉external = 0.12𝑉elements and 𝑉tank,final = 0, the specific energy consumption is

around 2.01 kWh/m3. The cycle time of the process is around 96 s. This corresponds

to a 13.4% reduction in specific energy consumption compared to the continuous RO

system. In the subsequent sections, this analysis is expanded upon to consider the
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Figure C-4: Effect of brine volume outside the membrane elements at the end of the
cycle time.

overall performance of BRO compared to continuous SWRO. The costs of BRO and

continuous SWRO are also compared.

A lower final brine volume implies a correspondingly lower volume of initial feed

(since recovery ratio is constant). Since flux and membrane area are constant in the

present comparisons, cases where the final brine volume is lower have a lower operating

cycle time (𝑡productive). This explains the linear relationship between 𝑡productive and final

external volume in Fig. C-4b. This has been highlighted as a reason for choosing zero

final tank volume by Warsinger et al. [122].

In order to understand the influence of final external volume on specific energy

consumption, the salinity profiles within the membrane module are plotted as they

evolve with time in Fig. C-5. Figure C-5a shows the salinity profiles for low 𝑉external

and Fig. C-5b shows the salinity profile evolution with time for high 𝑉external.

Note that for the low external volume case, the highest salinity observed within

the module is around 70 g/kg, whereas it is around 80 g/kg for the case with higher

external volume. In both cases, the average salinity of all the remaining brine in

the system at the end of the productive part of the cycle is 70 g/kg. If the mass

255



0 2 4 6 8
30

40

50

60

70

80

Position [m]

S
al

in
ity

 [g
/k

g]

(a) 𝑉out = 6%𝑉elements (limiting case).

0 2 4 6 8
30

40

50

60

70

80

Position [m]

S
al

in
ity

 [g
/k

g]
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Figure C-5: Effect of 𝑉out on the salinity profiles within the RO module in BRO over
the process cycle-time.

outside the elements is negligible, this implies that the average salinity within the

RO elements is also around 70 g/kg. If significant brine exists outside the module in

the tank, in order to increase the tank salinity close to 70 g/kg, the RO membranes

themselves have to concentrate water to an even greater salinity, leading to a higher

average pressure and higher energy requirements.

More curves in Fig. C-5a are relatively flat at the beginning of the cycle time

compared to in Fig. C-5b. In both cases, equal time is required for the initial low

salinity feed water inside the module to be displaced completely by inflow of feed.

Since the total cycle time is lower for the low external volume case, the time to displace

the flat salinity profile within the system constitutes a larger fraction of the total time

in this case compared to the system with large 𝑉external. When the external volume is

low, the salinity vs. position curves flatten towards the end of the productive part of

the cycle time as well, further reducing energy consumption. The local minimum in

salinity at the end of a cycle with low external volume occurs due to the rapid return

of concentrate exiting the module to the beginning of the module, as discussed in

Ref. [122].
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C.4.3 Ideal per-pass recovery or number of elements in series

per pressure vessel

In Section C.3, we noted that the per-pass recovery is lower than overall recovery of

50% for systems with large external volume. In Section C.4.2, we demonstrated that

a large value of 𝑉external is counterproductive from an energy efficiency stand-point.

As a result, in this section, we evaluate the optimal per-pass recovery for systems

with more practically relevant lower external feed volumes at the end of each cycle.

In this study, the module feed inlet velocity is kept constant at 0.18 m/s. Per-

pass recovery ratio (RRpass) is defined as the fraction of the incoming mass flow rate

that is being recovered as pure permeate at any given time. While feed inlet velocity

can be changed, the range of values over which the velocity can be varied is limited

considering the maximum and minimum flow rates recommended by membrane man-

ufacturers. On the other hand, by maintaining the feed inlet velocity at 0.18 m/s, the

range of velocities within the system can be maintained within the allowable range

of values.

While holding the feed inlet velocity constant, RRpass can be adjusted in the

design stage by choosing the number of membrane elements in series in each pressure

vessel appropriately. Since the overall flux is also fixed along with inlet velocity,

RRpass increases linearly with number of elements in series in each pressure vessel.

As a result, while the original arrangement of membrane elements may be similar to

what is shown in Fig. C-6a, in order to reduce the per-pass recovery ratio to half the

original value (in the continuous RO system), 𝑁elements would have to be reduced to

half its original value, as shown in Fig. C-6b. In order to keep the overall permeate

productivity constant, the number of pressure vessels in parallel would have to be

increased.

Figure C-7 shows the effect of number of elements in series and correspondingly,

the per-pass recovery ratio on the specific energy consumption for various values of

𝑉external. At larger 𝑉external, such as 500% of the element volume, the ideal value of

number of elements and per-pass recovery ratio is about half of what is used in the
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Figure C-6: Example of reverse osmosis modules and elements with different arrange-
ments to implement different RRpass: (a) 8 elements per module and 4 modules in
parallel (higher RRpass). (b) 4 elements and 8 parallel modules (lower RRpass).

continuous system (cf. Section 3). On the other hand, at more practically relevant,

lower values of 𝑉external = 6− 12%𝑉elements, the ideal number of elements is around 8.

The ideal number of elements is greater than 8 for very low 𝑉elements, but the

difference in performance is small and so 𝑁elements = 8 is used for all the values of

𝑉external considered in this study.

In the absence of any loss mechanisms such as pump and PX inefficiencies or

frictional pressure drops, the ideal per-pass recovery ratio is zero, corresponding to

an infinitesimally small membrane area. This way, the applied pressure can almost

perfectly follow the osmotic pressure evolution of the system without spatial variations

in flux, leading to the best energy efficiency possible [113]. At zero system area,

the feed has to be recirculated through the system an infinite number of times to

achieve desired concentrations, resulting in significant energy loss in the circulation

pump and pressure exchanger. As 𝑁elements is reduced, the flowrate through the

circulation pump and pressure exchanger increases. The number (or capacity) of

required circulation pumps and pressure exchangers and the total energy consumption

increase correspondingly. With a large number of elements, a large salinity gradient

arises within the RO module, resulting in higher pressure requirements than what is

dictated by the osmotic pressure of the inlet feed stream. The optimal number of

elements represents a balance of these competing mechanisms.

One implication of the ideal number of elements being close to eight for an SWBRO

system is that no additional pressure vessels, PXs, or pumps are required compared
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Figure C-7: Identifying the optimal number of elements (and correspondingly per
pass recovery) as a function of external volume.

to a continuous SWRO system of the same production capacity. The only additional

cost of capital for SWBRO is related to the tank and control system for draining and

refilling the BRO system at the end of the cycle. The next section deals with the

effect of this reset time on energy consumption.

C.4.4 Cycle-reset time

A BRO process does not produce pure water continuously; it produces pure water

during the productive time and not while it is emptying the high salinity brine and

refilling feed water into the membrane system and tank. A separate pump system is

required for this cycle-reset process. The volumetric flow rate during normal operation

at the inlet of the RO module is around 37.8 L/s. In order to refill the entire volume

of the RO elements (1575.5 L) at this flow rate, it would take about 41.7 s. Recall

that the total productive time of the process (in each cycle) is only around 96 s.

The effective flux in a batch RO process can be represented as:

𝐽eff = 𝐽 × 𝑡productive
𝑡productive + 𝑡reset

(C.1)

Because of the reset time, a batch system requires a higher flux or more membrane

elements to produce the same permeate flow rate as a continuous RO system.
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Figure C-8 shows the specific energy consumption and 𝑡productive as a function

of operating flux over the process cycle time. As operating flux is increased, the

required pressure increases, corresponding to higher energy consumption. Simultane-

ously, 𝑡productive also decreases with increasing flux since permeate is produced faster.

The effect of piping volume on both specific energy consumption and cycle time is

similar to what was observed in Section 4.2.

15 20 25
2

2.05

2.1

2.15

2.2

2.25

2.3

2.35

2.4

2.45

2.5

Fluxk[LMH]

S
pe

ci
fic

ke
ne

rg
yk

co
ns

um
pt

io
nk

[k
W

h/
m

3 ] V
piping

≈ 606kV
elements

V
piping

≈ 306kV
elements

V
piping

≈ 126kV
elements

V
piping

≈ 66kV
elements

(a) Specific energy consumption

15 20 25
50

60

70

80

90

100

110

120

130

140

Fluxg[LMH]

C
yc

le
gT

im
eg

[s
]

V
piping

≈ 60%gV
elements

V
piping

≈ 30%gV
elements

V
piping

≈ 12%gV
elements

V
piping

≈ 6%gV
elements

(b) Productive cycle time.

Figure C-8: Specific energy consumption and productive cycle-time as a function of
operating flux. At higher operating flux, the specific energy consumption increases,
and the process cycle time decreases.

Figure C-9 compares energy consumption to effective flux for two values of 𝑡reset.

Performance is again calculated for a range of values of external volume. At an

effective flux of 14.5 LMH, and 𝑉piping = 0.12𝑉elements, specific energy consumption

increases from 2.03 kWh/m3 for 𝑡reset = 10 s to 2.14 kWh/m3 for 𝑡reset = 30 s. Note

that in spite of the increase, specific energy consumption of SWBRO is still lower

than for continuous SWRO, which was 2.32 kWh/m3.

Additional concerns associated with operating at higher flux are related to mem-

brane fouling and exceeding maximum flux recommendations. Batch RO systems

have exhibited greater fouling and scaling resistance compared to continuous sys-

tems due to unsteady operation and the associated decrease in the amount of time

that supersaturated salt solutions spend within the RO modules [90]. While specific
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Figure C-9: Specific energy consumption of BRO as a function of effective flux for
two values of cycle reset time = 10 s and 30 s.

manufacturer recommendations for maximum flux per element are not considered,

the maximum flux during the operation of the batch process can be compared with

the maximum flux at the inlet of the module observed in the continuous system (52

LMH). When operating at effective flux of 14.5 LMH, the maximum flux in SWBRO

is 40 LMH for 𝑡reset = 10 s and it increases to 55 LMH for 𝑡reset = 30 s.

By comparing the specific energy consumption at equal effective flux, we observe

a 12.7% lower energy consumption for SWBRO (if 𝑡reset = 10 s), whereas the energy

saving is only 7.8% when 𝑡reset = 30 s. In addition, there may be practical constraints

with respect to operating at higher flux to achieve the same effective flux, especially

for the cases with larger fraction of cycle-reset time.

C.4.5 Cost comparison

One way to overcome the limitations highlighted in the previous section with respect

to comparing batch and continuous SWRO processes is to keep the same operating

flux in batch, but relax the condition of keeping membrane area the same across the

two systems. Since the batch system has a lower effective flux, the membrane area in

the batch system is increased in order to produce the same overall permeate quantity

per unit time. The SWBRO system with 𝑉piping = 12% of 𝑉elements, 𝑁elements = 8, 𝐽 =
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Figure C-10: Specific cost of water production as a function of 𝑡reset. This shows that
SWBRO is cheaper only if cycle reset time can be much lower than 16 s (for a cycle
productive time of 96 s)

14.5 LMH is considered and the corresponding energy consumption and productive

time were previously evaluated as 2.01 kWh/m3 and around 96 s respectively.

The additional membrane area required for the SWBRO system to produce the

same amount of permeate water as the continuous system is given by: 𝐴continuous ×

(𝑡productive + 𝑡reset)/𝑡productive. The cost of capital can be considered to linearly vary

with system size, and hence the cost of capital linearly increases with 𝑡reset. Assuming

a capital cost of $608K, plant life of 20 years and interest rate of 8% for a 300 GPM

desalination plant, the total amortized cost of capital is 0.12/m3. The energy cost at

2.32 kWh/m3 is $0.23/m3 assuming an electricity cost of $0.10/kWh.

For a SWBRO system, the energy cost is reduced to $0.20/m3. The baseline capi-

tal of SWBRO including the additional tank and pump is $655K. Depending on 𝑡reset,

the capital cost is higher than $0.12/m3. Based on the linear relationship between

CapEx and 𝑡reset, Fig. C-10 shows the overall specific cost of water (considering cost of

capital and electricity consumption), considering both electricity cost and amortized

cost of capital as a function of 𝑡reset.

For a system with 𝑡reset = 10 s, while the energy saving was predicted to be about

12%, the overall cost saving considering both CapEx and OpEx is about 2.6%. Batch

RO systems will need to be designed to rapidly refill the tank and eject brine from

the membrane module to minimize the reset time.
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Figure C-11: Effect of water permeability on BRO energy consumption.

C.4.6 Effect of membrane permeability

The impact of ultra-permeable membranes on the energy consumption and perfor-

mance of continuous RO desalination systems has already been considered by Cohen-

Tanugi et al. [22] who showed that some energy savings are possible in brackish water

and seawater desalination. McGovern and Lienhard [69] showed the asymptotic flux

limits with ultra-permeable membranes due to limitations imposed by concentration

polarization. However, the effect of introducing ultra-permeable membranes into

batch RO has not been studied.

Figure 11 shows the effect of increasing membrane permeability on the energy

consumption of SWBRO. The specific energy consumption drops by about 10% (0.2

kWh/m3) with an increase in permeability from 2 LMH/bar to 10 LMH/bar. On the

other hand, our model shows that the continuous SWRO system energy consump-

tion would decrease only by about 0.11 kWh/m3. SWBRO is likely to benefit more

from the development of novel ultra-permeable membranes such as graphene- and

aquaporin-based membranes.
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C.5 Conclusion

Batch RO implemented with an atmospheric pressure tank and pressure exchanger

has the potential to reduce the energy consumption and overall cost of seawater

desalination compared to conventional single-stage RO.

1. The volume of fluid outside the membrane elements at the end of the productive

part of the cycle time should be small - less than around 20% of the volume

inside the membrane elements. The tank volume should ideally tend towards

zero at the end of the cycle.

2. For the component efficiencies used here, the ideal number of elements in

SWBRO is close to what is used in continuous SWRO and ideal per-pass recov-

ery ratio is around 50%.

3. The reset time is a key variable controlling overall performance of BRO.

(a) BRO can be operated at higher flux or with higher area to match the pure

water productivity of continuous RO.

(b) When BRO is operated at higher flux, if the reset time is small (around

10% of the total time), 10% energy savings are possible compared to con-

ventional RO.

4. Compared to conventional RO, the cost of water is around 2.6% lower with

BRO (for 𝑡reset = 10 s) if BRO is operated at the same flux, but with additional

membrane area to maintain same overall productivity. The cost of BRO can

be higher than continuous RO if the reset time is larger than about 15% of the

total time.

5. Ultrapermeable membranes are likely to yield significantly higher energy savings

when coupled with SWBRO than when used in SWRO.
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