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ABSTRACT

The problems in animal cell bioreactors have been low surface-to-volume ratio of
anchorage-dependent animal cell systems, oxygen transfer limitations, and shear sensitivity
of the animal cells. The objectives of this thesis are to enhance bioreactor productivity
through a better engineering design and to overcome some of the problems which are
presently faced.

A new bioreactor for animal cell cultivation has been developed for both anchorage-
dependent and anchorage-independent cells. This design is based on a modificd
configuration of the airlift bioreactor. The cells are retained in the annulus section of the
airlift bioreactor which is packed with sub-micron glass fibers. Air is introduced from the
base of the draft tube and oxygenates the medium in the draft tube, and bubbles disengage at
the upper fluid surface. The hydrostatic pressure difference between the aerated fluid in the
draft tube and the bubble-free fluid in the annular fiber-bed results in the global circulation
of the medium in the bioreactor. The design provides an efficient oxygen supply in situ
and minimizes the detrimental effects of gas-liquid interfacial forces and hydrodynamic
forces. Additional advantages of the bioreactor include its simple construction, high surface-
to-volume ratio, convective nutrient supply, avoidance of mechanical agitation, ability for
continuous/perfusion operation, and high scaleup potential.

A hydrodynamic model was developed to characterize the bioreactor. By applying
the model, liquid flow rates and volumetric mass transfer coefficients can be predicted and
are shown to be in agreement with experimental data. Oxygen transfer in this react~r,
calcuiated based on liquid flow rate and mass transfer coefficient, can be improved by
optimizing the ratio of draft tube diameter (Di) to bioreactor diameter (Do). Effects of
permeability of the fiber bed on oxygen transfer and optimal Di/Do ratio of the reactor have
been studied. Desired permeability can be obtained by selecting appropriate void fraction,
fiber diameter and fiber arrangement in the fiber bed. It was found that permeability is also
affected by the accumulation of cells in the fiber bed. A model of multilayer cell growth in
the fiber bed was developed to describe the effect of cell growth on permeability. The
information is useful for choosing the correct Di/Do ratio to achieve high oxygen transfer
rate at high cell densities.

The operation and technical feasibility of the bioreactor were successtully
demonstrated by the cell cultivation experiments conducted in a 4-liter prototype reactor. In
these continuous/perfusion cultivations, recombinant Chinese Hamster Ovary cells were
used as model system for anchorage-dependent cell line and hybridoma ATCC-CRL.-1606
for anchorage-independent cell line. Experimental results showed that high cell density,



high oxygen transfer rate, sustained production of desired product, and high productivity
corresponding to high product concentration were achieved for both types of cells. This
bioreactor is able to maintain the necessary conditions for stable operation at high cell
density with continuous product synthesis for a long period of time. Channeling in the high-
density fiber bed was studied by observations of the cell distribution in the fiber bed, change
in channel radius due to cell growth and residence time distribution of the fiber bed before
and arter cell cultivation.

Theoretical scaleup potential of the airlift fiber-bed bioreactor has been considered
for volumes ranging from 2.5 to 1000 liters. The optimal geornetry and achievable oxygen
transfer rate at various cell densities are presented.

Thesis Supervisor:  Dr. Daniel [.C. Wang
Title: Professor of Chemical Engineering
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I. INTRODUCTION, BACKGROUND, AND PROPOSED
BIOREACTOR DESIGN

Animal cell culture has attracted great interest because procaryotic cells are currently
incapable of correctly accomplishing post-translational modifications of proteins, such as
glycosylation, protein cleavage, disulfide bond formation, amidation, carboxylation, and
phosphorylation. However, the correct glycosylation, conformation, and proteolytic
processing of protein products have been shown to be essential to have maximal specific
activity, be nonimmunogenic, and have appropriate blood clearance rates (Cumming 1991).
Therefore, animal cells are important for the production of various diagnostic and
therapeutic proteins such as monoclonal antibodies, interferons, blood f~ctors, vaccines, and

growth hormones.

The demand for those therapeutic and diagnostic protein products has motivated
recent efforts to develop large scale systems of animal cell culture. The major barriers for
the economics and technical feasibilities of scaleup (Glacken er al, 1983; Nilsson, 1987)
have been the requirement of surface faor anchorage-dependent cells, the sensitivity of animal

cells to shear forces, and the high demand for oxygen.

In some instances, cell lines either will not grow in suspension, or have a
significantly low productivity, or express proteins with altered properties when they grow in
suspension (Spier and Clarke, 1980). Due to the dependence of a surface for attachment
and subsequent growth of these cells, anchorage-dependent culture systems have been

widely used. High surface-to-volume ratios of these systems are desired to achieve high

20



cell number per u..it reactor volume and high volumetric productivity.

Animal cells are shear-sensitive because they lack protective cell walls and their sizes
are relatively large (10 to 20 um). Thus, anchorage-dependent cells are very susceptible 1o
shear forces caused by agitation and aeration because they cannot reduce fluid forces and
torques by rotation when attached te a support. Therefore, an important consideration in
the reactor design for animal cell culture is the ability to operate in a reduced shear
environment. Based on the studies of the shear effect on cell attachment and cell
metabolism, it is generally assumed that shear stress from the environment has to be less
than some critical shear stress, which happens to be the highest shear stress cells can
tolerate, in order to obtain normal cell growth (Mohandas, 1976; Dewey er al, 1981; Sprague
et al, 1987, Croughan etal., 1987). This critical shear stress will govern the reactor design

and place constraints on the reactor operation.

Due to its low solubility in the medium (7 mg/1 at air saturation), oxygen is usually a
limiting nutrient in high density cell cultures. Unlike most other nutrients which can be
added in large amounts at a time, oxygen has to be supplied continuously. It has been
reported that the dissolved oxygen level has critical effects on cell metabolism (Green er al,
1958; Brosemer and Rutter, 1961; Danes et al, 1963; Kilburn and Webb, 1968; Taylor et al,
1978). Although the respiration rate of animal cells is lower than that of procaryotic cells, at
high cell density sufficient oxygen must be supplied and this represents a problem when
vigorous agitation and aeration are employed due to the shear sensitivity of animal cells.
These problems have led to the design of various cell culture systems and oxygenation

methods, and these are briefly described below.
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1. Systems for Cultivating Anchorage-Dependent Cells

In order to meet the surface requirement for cell attachment and cell growth, a
number of cultivating systerns have been developed. These systems can be classified
according to whether the cells grow on a two dimensional surface (surface propagation) or

in a three dimensional matrix (volume propagation).

Surface propagatcrs include plate systems, suspension systems and fixed bed
systems. T-flasks, roller bottles, multiplate propagators, spiral film, and gyrogen (a
bioreactor with multiple tubes) are examples of plate systems. Anchorage-dependent cells
have traditionally been produced in stationary T-flasks or rolier bottles. Plates, trays, spiral
films and gyrogen have also been used to introduce additional surface area to the reactor.
These relatively small units have the advantages of being reliable, simple, and easy to
operate. In case of contamination, only one unit out of a batch would be lost. However,
their low surface-to-volume ratios result in low attainable cell density (Glacken et al, 1983).
In addition, scaleup of the production process can only be achicved by increasing the
number of cultivation units. These factors render the process labor intensive, less

controllable and high demands of space.

Microcarrier is a classical example of cultivating anchorage-dependent cells
suspended in an agitated reactor system. This was first introduced by van Wezel (1967).
This system provides the following advantages: high surface-to-volume ratio, capability of
operating in stirred vessels, non-diffusion limited transport, achievable continuous/perfusion
operation, scaleable and controllable system, and reusable microcarriers. However,
microcarrier systems have some disadvantages. The cells on the microcarriers are exposed

to fluctuating shear fields resulting from agitation and rising gas bubbles in sparged
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systems (Croughan,1988); this limits the agitation speed and hence the oxygen transfer
capacity (Hirtenstein and Clark, 1980). Collisions among microcarriers can result from
high microcarrier loading and this increases susceptibility to cell damage. Finally,
microcarriers may clump during expended culture times, leading to poor suspension and

adversed environment to the cells.

Fixed beds, such as packed bed of spheres, are frequently used as surtace
propagation systems. There are several beneficial features of the fixed bed systems.
Physical damage to cells caused by stirring can be avoided. Continuous perfusion can be
achieved. The medium-to-cell ratio can easily be changed. Products can easily be separated
from the cells. The most common support material in the packed bed bioreactors has been a
matrix of 3 mm glass beads (Wohler et al, 1972; Spier and Whiteside, 1976; Burbidge,
1979; Whiteside and Spier, 1981). The main criticisms to these systems include the
inability to monitor the cells directly and the potential nutrient and pressure gradients within

the reactor.

The structural features of three-dimensional lattices, such as hollow fibers, ceramics,
and porous collagen microcarriers, provide a high surface area and facilitate the supply of
nutrients and removal of wastes (Jensen, 1981; Tharakan er al, 1988). Cells entrapped in
these systems can be protected from shear stresses. Hollow fibers and ceramics are usually
used as matrices or beds and porous collagen microcarriers such as VeraxR beads are

operated in a fluidized bed system.

For matrices and packed beds, possible drawbacks are the low transport of nutrients,
the presence of undesirable nutrient gradients due to the axial pressure gradient,

inhomogeneous inoculation, and different microenvironments for cells. In addition, as with
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packed beds, the cell growth in these configurations is usually monitored indirectly.
However, Tharakan and Chau (1986 a) showed that nutrient cross flow diminishes the
problems with pressure and nutrient gradients, and the transport is not limited by diffusion
in this configuration. Additionally, the selective permeability property of ultrafiltration

hollow fibers allows reduction in serum usage and preliminary product separation.

Porous microcarriers when employed in suspended state are controllable and
scaleable, and provide a homogeneous external environment. In addition, the porous
collagen provides a natural growth surface for cell growth. However, the mechanical
property of porous microcarriers, diffusion-limited transport in the inner volume of the
beads, and aggregation of beads over a long period of time are among the disadvantages of

these systems.

2. Systems for Cultivating Anchorage-Independent Cells

There is a wide variety of bioreactors available for cultivating anchorage-independent
cells. They can be classified into those in which cells are growing freely suspended, and

those in which cells are entrapped or immobilized.

Freely suspended cell culture has been achieved in traditional stirred-tank reactors,
and airlift fermentors. They are commonly operated at commercial scale (Birch et al, 1985;
Backer et al, 1988). The advantages for these reactors include a homogeneous environment,
ease of scaleup, low space utilization, convenience in monitoring and control, and ability to
directly sample cells. However, there are concerns about cell damage resulting from high

agitation rates (Dodge and Hu, 1986; Kunas and Papoutsakis, 1990) and vigorous sparging
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(Handa er al, 1987 ab) in suspension culture systems. In addition, the typical final cell
concentrations obtained in stirrer-tank reactors are only 2-5x106 cells/ml. In order to
achieve higher cell concentrations and productivities, various cell retention devices have been
designed and used in suspension culture systems. Spin filter is a commoua example for
internal cell retention (Himmelfarb et al, 1969; Griffiths, 1988). However, it was found that
depending on the mesh size and screen material, the clogging of the filter has been
encountered during operation (Esclade er al, 1991). The ratio of screen surface area to
reactor volume also restricts its scaleability. Cell separation by external centrifugation
(Shimazaki er al, 1986), internal dialysis membrane (Comer et al, 1990), or gravity
sedimentation (Takazawa et al, 1988; Batt et al, 1990) provides another alternative means for

cell retention and further increase in the cell density.

Suspension cells can be immobilized through microencapsulation and physical
entrapment. Microencapsulation through alginate or agarose polymers have been
successfully used to entrap and culture suspension cells (Nilsson et al, 1983; Duff, 1985
Wohlpart er al, 1991). High cell densities were achieved within the capsules (over 1x108
cells/ml), but the logistical and technical complexities limit its scaleability. Examples for
physical entrapment in matrices or beds are the use of hollow fibers (Belfort, 1989),
ceramic, polyurethane foams (Murdin et al 1987 a; Lazar et al 1988) and glass beads
(Ramirez and Mutharasan, 1989). Similar to anchorage-dependent cells, these matrices can
protect cells from shear stress, but concentration gradients within the matrix and difficulty

involved in monitoring cell density are the major drawbacks.

A useful candidate for a packed bed system would be supports which anchorage-
dependent cells can grow externally on the support, or can physically entrap anchorage-

independent cells within its porous structure. In these instances, the cells can be exposed to
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convective nutrient ficw. Packed beds of spheres have been used for such cell cultu.e
systems (Wohle: et al, 1972; Spier and Whiteside,1976; Bucbidge, 1979; Whiteside and
Spier, 1981; Ramirez and Mutharasan, 1989). However, in order to provide high surface
area for anchorage-dependent cells, the bead diameter must be small. As the radius of the
support becomes smaller, the cell anchorage becomes more difficult. For example, the
threshold diameter of glass beads for cell growth was reported to be 50 um (Maroudas,
1972). This problem can be overcome by the use of fibrous supports. Perry and Wang
(1989) have successfully grown y—CHO cells on 80 pum glass fibers. It has been
speculated that since cytoskeletal elements can align along the fiber axis (Dunn and Heath,
1976; Fisher and Tickle, 1981), it may be possible to obtain better cell growth on equal
radius fibers than on spheres. Moreover, Osawa has shown that the pressure drop through

beds with equal external surface area favors the use of fibers over spheres (Osawa, 1992).

3. Comparison between Oxygenation Methods

Several oxygenation methods have been used (Pollard and Khosrovi, 1978; Spier
and Griffiths, 1982; Nelson, 1988 b) for animal cell culture and these include surface
aeration, membrane oxygenation, saturation of medium by an external device, electrolysis of

water, addition of oxygen-bearing chemicals, and direct sparging (including airlift).

Surface aeration, which is accompanied by low shear, is only adequate for the
oxygen requirement at small scale. As volume increases, the available surface area per unit
volume decreases rapidly, and reduces the effectiveness of surface aeration in large-scale
bioreactors. In such cases, oxygen transfer can be enhanced by increasing the oxygen

content in the headspace, or raising the back pressure of the culture reactor (Mizrahi et al,
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1972), as long as the problem of oxygen toxicity does not occur.

Membranes with high oxygen permeability and autoclavability such as silicon
tubing are widely used for oxygenation in various scales of animal cell cultures
(Miltenburger and David, 1980; Fleischaker and Sinskey, 1981). They provide efficient
oxygen transfer without gas interfaces. For scaleup at constant power per unit volumc in
membrane oxygenation system, the loss of interfacial area per unit volume greatly affects
the mass transfer rate achievable in the reactor. Aunins et al (1986) thoroughly investigated
the scale up of in situ membrane-oxygenated reactors, and concluded that the most likely
solutions are improvements related to the interfacial area and driving force for

transfer.

Saturating the medium externally has the advantage that the oxygenation system and
other harsh environmental conditions such as sparging and agitation can be carried out in a
cell free chamber and thus does not interfere with cell growth. However, on a large scale, a
very high medium flow rate or a high pressure will be required to maintain oxygen

concentration, and these may be detrimental to cells.

Among the different proposed methods, sparging has been proven to be a simple,
efficient, and scaleable method for aerating microbial cultures. Successful airlift reactor
operation has been reported recently for a variety of animal, insect and plant cell lines
(Katinger etal, 1979). It has not been used successfully in attached cell culture due io two
factors. These are physical damage to cells on surfaces exposed to gas bubbles (Tramper et
al, 1986; Handa 1987 ab), and degradation of medium components (Donaldson et al, 1980,
Aunins et al, 1986). It can be a simple, scaleable, in situ method of providing aeration for

anchorage dependent cells once these effects are overcome. A reactor configuration which
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separates the cells from the bubbles can avoid exposing the cells to damaging sparging.
This has been done previously in the form of "caged aeration” of microcarriers (Whiteside
et al, 1985), and has recently been incorporated into commercial sdrred tank reactors by
New Brunswick Scientific (Celligen), and by Chemap (Chemcell). Sparged aeration has not

been conducted in a fixed bed system.

4. Thesis Objective and Specific Aims

The overall objective of this thesis is to enhance the productivity of animal cell
culture in both anchorage-dependent and anchorage-independent cell systems through a
novel bioreacter design. In the proposed bioreactor, glass fibers are packed into a bed to
immobilize animal cells within its structure. Oxygen transfer is achieved without

detrimental effects to the cells from turbulence and gas interfaces.

The specific aims of this research are the following (as outlined in Figure I.1):

1. To examine unique problems associated with fiber glass in airlift bioreactors:
fiber glass diameter and antifoam addition on cell growth and product formation.

2. To develop a rational and systematic method for reactor design.

3. To construct and characterize the proposed bioreactor with respect to transport
phenomena.

4. To apply the results toward an optimal bioreactor geometry.

5. To investigate the performance of the reactor for cultivating anchorage-dependent
cells and suspension cells, and experimentally verify the rationale of the bioreactor
design.

6. To analyze the scaleup potential of the designed bioreactor.
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Figure 1.1 Outline of the research
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S. Proposed Bioreactor

A concen:-ic cvlinder airlift reactor, whose annulus is a packed bed of fibers, has
been designed and investigated in this *liesis. The cenfiguration cf the reactor is illustrated
in Figure 1.2. The sparging of air through the inner draft tube causes a liquid flow through
the outer fiber bed which provides both oxygenation and convection for nutrient transport.
The cells immobilized in the annular region do not come in contact with the bubbles, and
thus avoids any detrimental effects from gas bubbles. The reactor design is simple and no
mechanical agitation or external pump is required. This simple construction and the
avoidance of moving parts prevent cell damage by local high-shear regions and also
decreases the risk of contamination. Since the cells are immobilized, they can be easily
separated from the product. Additionally, the reactor can be operated in a

continuous/perfusion mode.
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II.Literature Review

1. Cell Damage from Sparging and Agitation

Traditionally, the cultivation of animal cells is primarily carried out with roller
bottles, stirred tanks with suspension cells or microcarrier culture, and airlift reactors.
These cultivating systems have been described in Section I. The scale-up of these systems
for suspension cells has been rclatively successful, and systems operating at 8000- 10000
liters for stirred tank (Nelson, 1988 a) and 2000 liters for airlift reactors (Pullen er al., 1985,
Bliem er al., 1991) are currently in commercial operation. For anchorage-dependent cells,
microcarrier cultivation has also been scaled up and operated at scales of 1200-4000 liters
(Montagnon er al., 1984). However, it is perceived that cell damage by direct sparging and
hydrodynamic effects resulting from agitation are potential problems using these
technologies. These problems stem from the shear sensitivity of animal cells. Therefore,
current trends in bioreactor design are concerned with elucidating the mechanisms of cell
death by direct sparging and agitation to overcome these problems. The investigations on
cell damage due to direct sparging and hydrodynamic effects resulting from agitation are

reviewed below.

1.1. Effects of Sparging
Although being simple, efficient and scaleable for oxygenation, direct sparging

results in interfacial contact between cells and gas bubbles and subsequent cell damage.

Many researchers have studied the effects of physical forces on cell damage (van Wezel,
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1982; Tramper et al., 1987, Murhammer and Goochee, 1990). It appears that cell damage
is associated with gas-liquid interfacial effects at the region of bubble disengagement and
not with shear stresses occurring during bubble rise in the column or during bubble
injection at the orifice (Katinger et al., 1979; Handa et al., 1987 a; Orton and Wang, 1990).
Tramper et al. (1987) modeled cell death due to sparging based on a hypothetical killing
volume, but this may be related to the liquid entrainment volume as a bubble bursts (Orton

and Wang, 1990).

It is therefore suggested that a combination of altered medium formulations and
altered sparger and bioreactor design should be considered to minimize bubble breakup at
the free surface. Examples of preventing such damage include decreasing the culture
surface to culture volume ratio, sparging with very small (micron-sized) bubbles, adding
surface active agents such as Pluronic F-68 (Emery et al, 1987; Handa et al, 1987 b;
Murhammer and Goochee, 1990) or high serum and protein concentrations which can
result in more stable foams at the culture surface (Handa-Corrigan, 1990), or adding an oil
layer on the top of the fluid to eliminate the bubble bursting zone (Wudtke, 1988).
Alternative reactor configurations including Caged aeration, Celligen, Chemcell and an
integrated module bioreactor (Reiter et al., 1991) which separate the cells from sparging

regions are also effectively employed.

1.2. Effects of Agitation

Suspension and microcarrier cultures are commonly agitated in order to increase
oxygen transfer and provide a homogeneous environment for cell growth. However, due

to the shear sensitivity of animal cells, cell death and detachment from microcarriers are
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often observed in conjunction with vigorous agitation (Dodge and Hu, 1986; Backer et al,,
1988; Cherry and Papoutsakis, 1990). Therefore, understanding the bioreactor
hydrodynamics and the mechanisms of cell injury in agitated bioreactors is escential for

reactor engineering and design.

Significant progress towards elucidating the hydrodynamic effects on animal cells
in microcarrier bioreactors has been made (Croughan and Wang, 1991; Papoutsakis, 1991).
For dilute microcarrier cultures under high agitation, cell damage primarily results from
forces generated by the interaction of the microcarrier with small turbulent eddies
(Croughan and Wang, 1989). Only under rare circumstances does cell damage result from
time-average flow fields. For concentrated cultures under high agitation, cell death might

also occur through hydrodynamic interactions between microcarriers (Papoutsakis, 1991).

Cell death in microcarrier culture is dependent on eddy size, where eddies smalier
than the microcarriers cause the greatest damage. The size of the smallest eddies is in the
viscous dissipation regime and depends on the Kolmogorov length scale. This length scale
increases with the kinematic viscosity and decreases with power input. Larger eddies do
not generally cause damage as they entrain the entire microcarrier so that it is not subject to
large velocity gradient. Additionally, if the time-averaged velocity components vary
considerably over a small length scale, strong hydrodynamic forces could result and cells
could be killed. Although it is mentioned earlier that cell damage is rarely a result of time-
averaged flow fields, these may be important when there is a jet region off the impeller or
when there is a close clearance between the impeller and the vessel wall. In microcarrier
cultures, two neighboring microcarriers might collide with each other due to the action of

turbulent eddies and this interaction causes cell damage.

34



Based on the understanding of the cell damage mechanisms, reactor design can be
altered so as to reduce shear stress without compromising fluid mixing. Factors important
in the design include liquid-height-to-vessel-diameter ratio, bottom shape, clearance between
the impeller and vessel, and impeller shape and size. The other potential method to reduce
hydrodynamic death from turbulence is the use of viscoelastic polymers (Quraishi ez al.,
1977; Croughan and Wang, 1991). The polymers should have a characteristic relaxation
time equivalent to the burst duration for the smallest eddies so that they do not strongly

interfere witl: mass transfer.

For suspension cells, it is expected that cell damage in agitated bioreactors occurs at
high agitation rates where the Kolmogorov eddy length begins to approach the size of a
single cell. However, it has been reported that cell damage starts at agitation rates of 150-
350 rpm (Kunas and Papoutsakis, 1989; Backer et al., 1988; Murhammer and Goochee,
1988; Dodge ar< Hu, 1986). As discussed by Papoutsakis (1991), the Kolmogorov-eddy
size under these conditions can be calculated to be at least 6-10 times higher than the typical
sizes of animal cells. Therefore, for suspension cells, damage is unlikely to result from cell-
to-cell, or cell-to-solid-surface interactions. Papoutsakis (1991) concluded that suspension
cell damage in agitated bioreactors usually results from air entrainment with subsequent
bubble breakup or fast-draining liquid films around rearranging gas-liquid interfaces.
Qualitatively, the mechanisms for cell damage of suspension cells resulting from agitation
are similar to those resulting from air sparging. Therefore, modified reactor design which
can eliminate bubble entrainment should minimize cell damage even at high agitation rates

for suspension cell culture.
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2. High Cell Density Configurations

One major concern has been the relatively low cell cencentrations attainable in
traditional cell cultivating systems. As a result, the typical cell densities of less than 1x107
cells/ml are usually obtained. In order to reduce the bioreactor size for large facilities, high
cell concentration systems are ravored. Moreover, high cell concentration reactors
operating in a perfusion mcde can lead to high unit productivity. Thus, much effort has
been direcied towards the development of high cell density processes (e.g. > 5x107

cells/ml).

High cell density culture are commonly operated in a perfusion mode. In perfusion,
cells are immobilized or physically retained by some mechanical means, so that continuous
medium feed and spent medium removal are achieved without any decrease of the cell
density. Perfusion systems require the separation of medium and cells to avoid cell wash-
out. Anchorage-dependent cells, attached to a substrate, are naturally amenable to perfusion
operation. Suspension cells are more difficult to immobilize, and many systems based on
immurement (e.g. hollow fibers, gel encapsulation, and membranes) and entrapment (e.g.

textured ceramic surfaces, porous beads, and sponges) have been devised (Griffiths, 1988).

‘The high cell density configurations include reactors employing cell retention
devices, hollow fibers, ceramic matrices, macroporous microcarriers, fixed beds, and gel

entrapment or microencapsulation. A detailed comparison is reviewed below.

2.1. Cell Retention Devices
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One commonly used cell retention device is the spin-filter system. First introduced
by Himmelfarb et al. (1969), various configurations of this system have been developed.
For the interested reader, these are reviewed by Griffiths (1988). Usually, the spin filter
consists of a cylindrical wire cage attached to the rotating impeller shaft. Under certain
operating conditions, cell concentration outside the wire cage is lower than that inside the
cage. Due to cell retention, cell densities of 1-5x107 cells/ml can be achieved. Oxygenation
for the spin-filter systems is usually achieved by silicone tubing, direct sparging or using
perfluorocarbon as an oxygen carrier (Tokashiki, 1991). In order to demonstrate its
capacity in cultivating anchorage-dependent cells, the spin filter system has also been
effectively used for aggregates or microcarrier culture (Avgerinos et al., 1990). The
mechanism for retention of aggregates or microcarrier culture is understood to be
centrifugation, although the mechanism for suspension cell retention is not yet fully
understood. Once the optima! operating conditions are defined, the spin-filter system could

be a very effective means for large scale cell cultivation (Hu and Peshwa, 1991).

Filtration systems have also been commonly used to increase suspension cell
concentrations (Shiloach er al., 1986 ; Brennan er al., 1987; Jager et al., 1989; Maiorella et
al., 1991). The filtration process can take place externally or internally. In external
filtration, cells and spent medium containing product are continuously pumped through an
external loop to a fiber cartridge and the cells are returned to the reactor. In internal
filtration, medium perfuses through the fibers located in the reactor. The external filtration
method has the advantage of continuous harvest of the product and increasing cell density
due to cell recycle. However, continuous pumping may impart mechanical stresses on the
cells and decrease the cell viability, especially at high pumping rate. The loss of
environmental control in the tubing when cells are circulating in the loop may be another

potential problem. As for internal filtration systems, Comer et al., (1990) used membrane
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filters immersed in the culture fluid within the vessel for the cultivation of hybridoma cells.
This not only obviates the need for external pumping but also simplifies the sterilization
procedures during start-up operations. However, membrane fouling due to protein
deposition and eventual membrane clogging still remain problematic (Hu and Peshwa,

1991).

Additional methods which have been used for cell retention include sedimentation
by gravity in specially designed sedimenters (Tokashiki and Arai, 1989; Batt er al,, 1990),
and external centrifugation ( Shimazaki er al., 1986; Tokashiki et al., 199(").

2.2. Hollow Fibers

Knazek et al., (1972) first recognized the potential of using hollow fiber devices for
high-density animal cell culture. The objective of the system is to immobilize suspension
cells or anchorage-dependent cells in a fixed-volume compartment. Medium is then
perfused through the filter material, which also retains the cells at densities exceeding 108
cells/ml (Heifetz et al., 1989; Gammon et al., 1990). This cylindrical cartridge with bundles
of thin ultrafiltration fibers provides a large surface area for perfusion of nutrients into the
extracapillary space. Since diffusion is the main mode of nutrient transport, these systems
suffer from problems with increased pressure drop and concentration gradients along the
length of the cartridge (reviewed by Tharakan et al., 1988; Tharakan and Chau, 1986 a).
Hence, the scaleup of the system is limited. However, various modifications such as cross
flow convection of nutrients (Ku er al., 1981), flat bed systems to reduce the nutrient path
length (Ku et al., 1981), radial convective flow (Tharakan and Chau, 1986 a), and the

Acusyst system (Tyo, et al., 1988) have been developed to overcome this limitation. The
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Acusyst uses cyclical pressure pulses to circulate the medium alternatively into and out of
the capillary fibers and is currently a very successful technique for hollow fiber reactors.
Ultrafiltration-type fibers are commonly used since the product can also be retained
depending on the molecular weight cutoff of the fibers. In this way partial product
concentration is affected. However, filtration-type fibers cause less problems with blockage
and gradients since a higher flux rate is permitted (Brown er al., 1985). Scholz and Hu
(1990) used mixtures of fiber types to achieve separation of product molecules from spent

feed or waste metabolites.

Although hollow fibers provide high surface-to-volume ratio, its application to
anchorage-dependent cell culture has been limited mainly because the original hollow
fibers, which are made of cellulose acetate, are not appropriate for cell attachment.
Nevertheless, studies using polypropylene fibers (Ku er al., 1981) or coating the fibers with
poly-D-lysine (Tharakan and Chau, 1986 b; Tyo er al., 1988) have shown that the
attachment efficiency for these cells can be enhanced. Modifications of this type of
technology such as the In Vitron static maintenance reactor {Tolbert et al., 1985) and the
membroferm (Scheirer, 1988) have been used for the commercial production of animal cell-

derived products.

2.3. Ceramic Matrices

The ceramic system is a cylinder of porous ceramic monolith with square channels
crossing through the cylinder. Cells inoculated into the channels either adhere to the
surface or are entrapped in the pores of the monolith (Lydersen, 1987). Cell

immobilization protects cells from hydrodynamic forces and facilitates separation of the
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medium from the cells. Medium is passed through the channels to provide nutrients and to
remove the metabolites. The ceramic matrices are low-cost, inert, and suitable for cultivating
both anchorage-dependent and suspension cells. A small scale ceramic matrix bed
bioreactor was reported by Marcipar er al., (1983) for the entrapment of hybridomas. A
commercial form of the ceramic matrix for cell cultivation, known as Opticell bioreactor, is
currently available (Lydersen er al., 1985 ab; Berg and Bodeker, 1988). Recently, the cell

growth and oxygen transport processes in such ceramic matrices bioreactor have been

characterized (Applegate, 1991).

2.4. Fluidized Macroporous Microcarriers

The macroporous microcarrier fluidized-bed culture operating at a continuous mode
has been developed to produce pharmaceutical proteins from animal cells (Hayman er al.,
1987; Runstadler and Cemnek, 1988; Nilsson ef al, 1991; Vournakis and Runstadler, 1991).
These cells have been cultivated in a fluidized bed configuration by immobilizing them
inside weighted, porous macroporous microcarriers. The efficient oxygen supply and
carbon dioxide removal are achieved by the efficient mass transfer characteristics of the
fluidized bed and of the gas exchanger in a recycle loop. The fluid velocities in the
bioreactor are sufficient to suspend the cell-containing macroporous microcarriers in the
culture fluid, and yet do not render damage to the fragile animal cells. The macroporous
microcarriers have the advantages of immobilizing cells in a tissue-like three dimensional
structure. Other advantageous properties include achievable high cell density (greater than
108 cells/ml of bead volume), potential scaleability, operable for both attached and
suspension cells, suitable for long-term continuous processes, and efficient nutrient

transport into the microcarrier (Nilsson er al., 1986). The materials used for porous
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microcarriers have been collagen (Hayman et al., 1987; Vournakis and Runstadler, 1991;
Ray et al.,1991), gelatin (Reiter et al., 1990; Nilsson er al., 1991), porous glass ( Looby and
Griffiths,1988; Griffiths, 1990) or mixtures of appropriate polymers (Spier, 1991). These
macroporous microcarriers can be specially tailored to various specifications. For example,
the collagen beads can be made into sizes ranging from 100 to 1000 pm and pore openings
ranging from 5 to 100 um. The specific gravity can be varied from 1.05 to 3.0 by changing

the number, size, and composition of the weighting particles.

2.5. Fixed Beds

Various packing materials such as glass spheres, cellophane, glass helices, glass
rings, glass tubing, glass rods, polystyrene spirals, plastic films, and stainless steel springs
can provide a supporting substratum for animal cell cultures (Griffith,1990). The reason
that they have not been widely used for commercial production processes is mainly the
intrinsic problems with nutrient and pressure gradients and low unit productivity, and the
limited value for suspension cells (Griffiths and Looby,1991) Porous packing materials
have drawn great attention due to the higher surface-to-volume ratio (consequently, higher
cell concentration), three-dimensional structure, working equally well for suspension and
anchorage-dependent cells, and efficient nutrient transport. However, due to their
mechanical properties, not all the macroporous microcarriers are suitable for fixed bed
operation. Successful examples for cell culture include the utilization of polyurethane foam
(Murdin er al., 1987 a b; Lazar, 1988), ceramic beads (Stephanopoulos ez al., 1989), and
porous glass (I.ooby and Griffiths,1988; Griffiths, 1990).
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2.6. Gel Entrapment and Microencapsulation

Gel entrapment is another potential technique to achieve high cell density culture.
Because of their mild gelation reaction and biocompatibility, calcium alginate and agarose
have been popularly used and well-described for immobilizing of animal cells (Nilsson er
al., 1983; Duff, 1985; Wohlpart et al., 1991). However, gel particles can be easily damaged
by mechanical stress, and, in some cases, the use of stirred tank and packed-bed reactors are
not practical. An expanded bed configuration was adopted for continuous production of
monoclonal antibody (Shirai et al., 1987). Without destruction of gel particles, a fluidized
bed reactor with stable long term cell cultivation was achieved by coating alginate gel with

urethane polymer (lijima et al., 1988; Yoshida et al., 1989).

Microcapsules can act as microculture vessels and allow high cell densities to be
achieved inside the capsule (Lim, 1988). The enclosing membrane which encapsulates cells
is semipermeable to allow the transfer of nutrients and metabolites. Using an appropriate
pore size cutoff, contaminating immunoglobulins or viruses can be excluded, and desired
products can accumulate inside the capsule. Thus, downstream processing can be
simplified. Alginate-polyamino acid pair has been proved to be able to form the required
permeable membrane (Lim, 1988). Controlled membrane molecular weight cutoff of the
alginate-poly-L-lysine microcapsule system has been demonstrated by varying viscosity

average molecular weight of the alginate-poly-L-lysine (King et al., 1987).

Most of the high cell density configurations discussed above provide a
heterogeneous environment, and the possible existence of nutrients and/or metabolite
gradients may result in uneven distribution of cell viability, metabolic activity and growth

rate in the reactors. To achieve better reactor performance, these have to be eliminated
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using proper bioreactor design, process optimization, and better monitoring and control of

the reactors.

3. Liquid Circulation Velocity in Concentric Airlift Reactors

Since bubble columns and airlift loop reactors do not require mechanical agitation,
and their oxygen transfer and mixing can be achieved by air sparging with a minimal
energy input, various modifications of these reactors are commonly used for aerobic
fermentations. Due to the random motion of flow in the bubble columns, sieve tray,
packings, or multishaft are commonly installed to redisperse the gas and to prevent unstable
flow conditions (Weiland and Onken, 1981). In contrast, airlift loop reactors have a stable
and directed well defined circulation flow. The flow behavior is distinct due to predictive
circulation and, in some cases, geometric similarity of the flow cross-sections in the up-and
down-flow portions of the reactor. Basically, airlift loop reactors can be classified into
internal and external loops. The liquid circulations in both bubble columns (Schugerl er al.,
1977, Shah, et al., 1982) and airlift reactors (Blenke, 1979; Blenke, 1985 Chisti and Moo-
Young, 1987; Joshi, et al., 1990) have been reviewed. Due to its geometric similarity 1o our
reactor design, only the one in the concentric draft tube intemal loop reactor is considered

in this section.

Lamont (1958) is one of the earliest researchers who studied the concentric airlift
reactors. He predicted the liquid circulation rates in puchuca tanks using airlift pump
theory. In his semi-empirical model, the energy transferred as the air expands in rising
through the vessel is corrected for energy dissipation due to bubble “slip” and the

remainder gives rise to velocity heads associated with liquid flow in the vessel.
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De Nevers (1968) showed that the mechanism for bubble driven fluid circulations is
quite similar to the mechanism of natural convection bul wiiii much fager dniving forces.,
Bubble driven fluid circulations are caused by the density difference between regions richer
and poorer in bubbles. These circulations are stable in baffled bubble columns and

concentric draft tube airlift reactors, but are chaotic in unbaffled bubble columns.

Based on minimum entropy generation and a momentum balance, Rietema and
Ottengraf (1970) presented a theoretical model to predict the diameter of the “bubble
street”” and laminar liquid circulation velocities in a gas sparged column filled with glycerol.
Freedman and Davidson (1969) also modeled the liquid circulation in a concentric airlift

reactors based on an energy balance and measured gas holdup at low gas velocities.

Later on, many other researchers employed similar approaches based on momentum
balances with empirical gas holdup and two-phase pressure drop correlations to predict the
liquid circulation velocities in airlift reactors (Chakravarty,er al., 1974; Kubota, eral., 1978;
Blenke, 1979; Hsu and Dudukovic, 1980; Bello, 1981; Merchuk and Siein, 1981; Weiland
and Onken, 1981, Koide, et al., 1984; Jones, 1985; Miyahara er al., 1986, Verlaan er al.,
1986 b; Chisti and Moo-Young, 1988; Koide, et al., 1988). The principle is that at steady
state, the driving force for circulation resulting from the hydrostatic pressure difference
(due to gas holdup differences between the riser and the downcomer) is balanced by the
total pressure drop in the circulation path due to friction, valves, bends, flow area changes
and internals. Most theories have been reviewed by Blenke (1979), Rietema (1982), and

Chisti and Moo-Young (1987).

It has been found that liquid circulation in airlift systems is determined by the
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superficial gas velocity (Onken and Weiland, 1983; Bello, et al., 1984; Merchuk, 1986)

and the relationship can be shown to be in the following form:
(IL1)
Uy = aUEg
where a is a function of reactor geometry and of the properties of the liquid, and 3 depends

on the flow regime as well as reactor geometry (Onken and Weiland, 1983). Merchuk

(1986) and Onken and Weiland (1980) found the exponent B in Equationll.1) to be

approximately 0.4 for water or water-like solutions in different external lovp i1cacions.
Bello er al. (1984) investigated water and salt solution in several external and concentric

internal loop reactors and showed that B was 1/3 and o depended on the reactor type and

geometry as follows:

A (I1.2)
=

where a was 1.55 and 0.66 for the external and internal loop reactors respectively, m had
the respective values of 0.74 + 0.04 and 0.78 $0.08, and Ay/A,is the cross-sectional area

ratio of the downcomer to the riser.

Bello et al. (1984) also conducted further investigations in non-Newtonian CMC
solutions and found decreasing liquid circulation with fluid viscosity according to the

equation given below:

A410.794
U|=aU§’g322(—£} 1395
(ms-1) (ms-1) (Pas) (I1.3)
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where o is 0.052 and 0.0204 for bubble- and slug-flow regimes respectively. Other
researchers (Chakravarty,ef al., 1974; Weiland, 1984; Jones, 1985) have observed that

increasing liquid viscosity leads to a decrease in liquid circulation rates.

Fields and co-workers (1984) found that liquid circulation in solutions containing
small amounts of a drag reducing polymer such as xantham gum was greater than that in
water. They also found that increased viscosity at higher polymer concentration decreased
the liquid circulation even in these fluids. Verlaan and coworkers (1986 a) reported that the
increase in the loading of relatively large solids (particle diameter = 2.7 mm) dispersed in
water in an external loop device would reduce liquid circulation. Chisti and Moo-Young
(1987) observed similar results for mycelia-like solids in external and internal loop

reactors.

The liquid circulation velocity in the concentric airlift reactors was found to be
strongly dependent on the area ratio of the downcomer to the riser (Ag/A,). A variety of
optimum ratio of draft tube diameter to reactor diameter for maximum liquid circulation
rates has been reported in the literature. Largest liquid circulation rates were obtained when
the ratio of draft tube diameter to reactor diameter was 0.59 (Weiland, 1984; Koide er al.,
1984), approximately 0.5 (Jones,1985), or 0.64 (Blenke, 1985) in various cases. Rousseau
and Bu’lock (1980) found a minimal mixing time when the ratio of draft tube diameter to
the reactor diameter is between 0.6 and 1.0, and they suggested equal riser and downcomer
cross-sectional areas (i.e. the ratio of draft tube diameter to reactor diameteris 1 : V2) 10

achieve highest liquid circulation rate.

In addition, since liquid circulation is very sensitive to the gas holdup difference

between the riser and the downcomer of an airlift vessel, incorporation of high efficiency
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gas-liquid separators (Siegel, et al., 1986) or a gas deflector (Blenke, 1985) in the

headspace would enhance circulation in airlift reactors.

4. Permeability of Fibrous Porous Media

Although most of the porous media are granular, some of them are composed of
very long particles and can be described as fibrous. A significant characteristic of fibrous
porous media is that the fraction of solid material is often much lower than that for a
granular material. For a fibrous media, the solid volume fraction can be as low as 0.01 to
form a structure; however, for granular media, the grains generaliy occupy about 60% to

70% of the total volume because they are inherently compact (Jackson and James, 1986).

Hydrodynamic permeability is the property of porous media which characterizes the
ease of a fluid to flow through the media resulting from an applied pressure gradient. In
other words, permeability is the fluid conductvity of the porous media (Collins,1961;
Greenkorn, 1983). Darcy (1856) first demonstrated that a parameter characterizing the
fluid conductivity of a porous material can be meaningfully defined. The equation which is

called Darcy’s law defines permeability in terms of measurable quantities:

Q
ksz

’ALE‘ (IL5)

where Q is the volumetric flow rate through a cross-section of area A, p is the fluid

viscosity, and AP is the pressure drop over a length L. This widely used equation is valid

for Newtonian fluids at low flow rates, that is, at low Reynolds numbers where fluid inertial

effects are negligible.
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From the definition of Equation ILS, it is observed that k, the permeability, has the
dimension of length squared. k is roughly a measure of the mean square of the pore
diameter in the material (Bejan, 1984). Since the square root of the hydrodynamic
permeability is a characteristic length scale of channel diameter, if the channel diameter

changes by a factor of x, the permeability will change by a factor of x2 (Chen, 1991).

Fibrous media have been studied less extensively because they are not as common
as granular materials. However, a few comparisons on the basis of hydrodynamic
permeability have been made. Jackson and James (1986) performed a thorough review of
experiments and theories related to low-Reynolds-number flow through fibrous porous
media. Since the permeability of a fibrous medium depends on the size, concentration and
arrangement of fibers, parameters such as the radius, r, and the volume fraction of solid
material, ¢, have to be selected to characterize fiber size and concentration respectively. The

permeability is then a function of r, ¢, and fiber arrangement. In non-dimensional terms, the

relaton is:

k/r2 = f(9) (IL.6)

for a particular fiber arrangement.

In Jackson and James’ review (1986), experimental data of a wide variety of

fibrous media from polymer chains to fiberglass were found. Most of the data are plotted in

Figure I1.1. The graph shows that permeability data for diverse fibrous materials correlate

reasonably well when the coordinates k/r2 and ¢ are used. The scatter is caused by
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Figure [I.1 Non-dimensional permeability as a function of fiber volume fraction for various
porous media (from Jackson and James, 1986).
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inhomogeneity and by variations in fiber shape and arrangement. Even with the scatter, the
graph is useful for an order of magnitude estimate of flow resistance when fiber size and

volume fraction of a porous material are known.

As for theoretical predictions, the general approach taken by theoreticians has been
to idealize the porous medium as a matrix of rods and then to solve Stokes equation, or a
similar equation, for a particular configuration. Based on the structure of the matrix and on
the flow direction, the theories can be divided into three groups: (1) flow parallel to an array
of parallel rods, (2) flow normal to an array of parallel rods, and (3) flow through three
dimensional arrays. Accurate solutions of the Stokes equation for regular arrays of parallel
rods, either aligned with the flow or normal to the flow, have been reported widely in the
literature (Langmuir, 1942; Happel, 1959; Sparrow and Loeffler, 1959; Kuwabara, 1959;
Hasimoto, 1959; Spielman and Goren,1968; Yu and Soong,1975; Sangani and Acrivos,
1982; Drummond and Tahir, 1984). For irregular arrays and three-dimensional media,
some flow models are available to calculate approximate permeabilities (Spielman and
Goren, 1968; Jackson and James, 1982, and 1986). Jackson and James (1986) analyzed the
experimental data and theories and found that the data agree reasonably well with the

predictions by the models.

5. Channeling in a Packed Bed
Channeling causes inhomogeneity of the liquid velocity in porous material. The

inhomogeneity is likely to affect processes occurring in packed bed columns. Very often, it

should be considered in the design of such equipments.
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Few studies were performed on the flow patterns in a fibrous packed bed.
However, flow patterns in granular bed structure have been the subject of many
investigations (Morales et al., 1951; Schwartz and Smith, 1953; Bayer, 1960); Huyten eral.,
1960; Lipmaa and Luiga, 1966; Aerov et al., 1979; Klawiter er al. 1982; Kaminsky er al.
1982; LaVan and Vermeulen, 1984; Volkov et al. 1986 a,b). When these packed beds are

analyzed, plug flow through the bed and constant void fraction, €, over the bed cross-section

are usually assumed. The existence of a non-uniform, parabolic velocity profile in the bed
cross-section was, however, discovered, with a maximal rate near the wall (Bayer, 1960;
Huyten et al., 1960 ) and near the axis (Lipmaa and Luiga, 1966; Hupe er al. 1969; Volkov

et al. 1972 ) of the column.

The “wall effect ““ is a major source of the channeling (Arthur et al.,1950; Schwartz
and Smith, 1953; Stanek and Szekely, 1972). Some researchers have found areas with
accelerated gas flow rates at a distance of half to one particle diameter from the wall
(Morales er al., 1951; Schwartz and Smith, 1953; Aerov er al., 1979), and others have
reported that this area was much wider (Abaev er al., 1981; Struminsky and Pavilikhina,
1981). LaVan and Vermeulen (1984) analyzed channeling combined with radial and axial
dispersion in a fixed-bed adsorber both theoretically and experimentally, and they found
that this low hydraulic resistance near the wall can be reduced by choosing a high ratio of
bed diameter to particle diameter. Using Doppler laser anemometry, Volkov and co-
workers (1986 a,b) studied the velocity field at the bed outlet for various parameters in
order to find a relation between the non-uniformity of bed packing and the bed parameters.
They also found that increasing the column diameter generally reduces the non-uniformity

in large-scale velocity field, although this dependence is unclear.

The method of packing a bed can induce channeling by particle size segregation
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(Volkov et al., 1986 a,b). Precautions were taken by LaVan and Vermeulen (1984) to
disperse the particles uniformly over the cross sections of the beds and to settle them

gradually to prevent particle size segregation.

Particle size and shape can also be a major source of channeling. Significant
deviations from the axial dispersion coefficient for small particles at low Reynolds number
were measured by Edwards and Richardson (1968). Perkins and Johnston (1963) found
that packings of small particles became increasingly non-uniform as the particle diameter
decreased to below 1 mm. They also noted that substantially non-spherical particles lead to
greater dispersion than packings of equal size spheres. LaVan and Vermeulen (1984)
obtained results consistent with these observations. Furthermore, Volkov and co-workers
(1986 a) found that wider particle size distribution leads to both larger aggregate sizes and

larger velocity variations.

The velocity field measured at the packed bed outlet makes it possible to
characterize the local velocity variations quantitatively. By measuring the velocity field at
the bed outlet, the granular bed structure and the flow through the bed can be investigated
indirectly. Based on this reasoning, Volkov and co-workers (1979) employed Doppler
laser anemometry and found that the velocity varied widely from point to point in the cross-
section of the apparatus. Similar results were later obtained by thermal anemometry
(Struminsky and Pavilikhina, 1981). Liquid velocity profiles have also been investigated by
Klawiter er al. (1982) and Kaminsky er al. (1982).

The above description pertains mainly to studies in granular packed bed, and
minimal attention has been paid to beds packed with fibrous materials. It is hoped that this

thesis work will shed some light on channeling effects in fibrous packed bed.
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ITI. THEORETICAL ANALYSIS

In order to provide cells with an optimal environment and especially to avoid oxygen
depletion, sufficient circulation of the oxygenated medium is necessary. Both medium
circulation and oxygenation are dependent on the air sparging. Therefore, liquid flow rate
and mass transfer coefficient are determined individually as a function of air flow rate.
Oxygen transfer rate is then estimated incorporating these physical parameters. A
hydrodynamic model is proposed to outline the pertinent variables necessary to quantify the

transport processes.

1 Liquid Flow Rate

Liquid velocity can be estimated by equating the driving force resulting from the
hydrostatic pressure difference against the hydraulic resistance of the draft tube and the
annular packed bed through an overall momentum balance. Introducing air from the base
of the draft tube into the bioreactor leads to gas holdup and an increase in liquid height. In
addition, the hydrostatic pressure difference between the two-phase fluid in the draft tube
and the liquid in the annular region provides the driving force for the circulation of liquid
upwards in the draft tube (upriser) and down through the annular region (downcomer). A
force balance of this system is shown below with all of the nomenclature for the equations

presented at the end of this thesis.

gELi(p1-pg) = (Driving force from hydrostatic pressure difference)
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(IIL1)

Among the parameters in Equation 1.1, gas holdup, &g, is the most important value

in determining the driving force for liquid flow. Many equations for the prediction of gas
holdup in traditional air-lift bioreactors have been reported (Zuber and Findlay, 1965;
Turner, 1966; de Nevers, 1968; Hach, 1973; Hsu and Dudukovic, 1980; Jones, 1985; Bello
etal., 1985 ab; Verlaan et al., 1986 b; Chisti and Moo-Young, 1987; Siegel et al., 1988). In
the packed-bed portion of the bioreactor, the glass fibers cause a much greater hydraulic
resistance in the annulus and consequently reduce the liquid flow rate considerably. This
added complexity does not readily allow one to directly apply the empirical equations
developed for traditional air-lift reactors. One of the applicable and physically meaningful
expressions for gas holdup is the draft flux model of Zuber and Findlay (1965) and is

(I1L.2)




Distribution parameter, C, in Equation II1.2 varies from 1 to 1.5 in accordance with
the flow profiles in the draft tube (Zuber and Findlay. 1965), but for a usual symmetrical
flow, a value of C=1.07 can be used (Verlaan er al., 1986 b).

Terminal rise velocity of a single bubble, Uy, .., can be expressed as :

d (p1- pg)8

Up =
b, 18 (I11.3)

The Lockhart-Martinelli correlation (Lockhart and Martinelli, 1949) is used to

calculate the two phase frictional loss in the draft tube.

4pr (PTP U%P) ‘ )TP _ ot (%

(111.4)
= f(X) (I11.5)
-2} e

AL)" \ALJg (111.6)

Contraction coefficient, K, is obtained from the following equation (Verlaan et al.,

1986 b) :
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By combining the Equations II1.2 to IIL.7 to the Equation III.1 and performing the

necessary iterative calculations, the liquid superficial velocity, Uy;, can be obtained.

The liquid flow rate, Q, is then given by :

- 217,
Q —Z{‘Dl Ugii (I11.8)

2 Mass Transfer Coefficient

Air sparging from the bottom of the draft tube not only leads to the liquid
circulation but also provides oxygenation of the medium inside the draft tube. In order to
evaluate the oxygen transfer with different reactor configurations, a mass transfer

coefficient, k;, and a specific gas-liquid interfacial area, a, are estimated individually.

According to the review by Shah et al. (1982), for a single bubble with Reynolds

number greater than 1, the Sherwood number is given by:

(I111.9)

sh=Xd _ 204+ 060Re!”25c1/3
do2

Assuming that surface oxygenation is negligible compared to sparging, the gas-
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liquid interfacial area per reactor liquid volume, a, can be expressed as the following

equation.

_3nDf Ligg
T 2Vid (1. 10)

From Equations II1.9 and III.10, the mass transfer coefficient, kj, and the specific

gas-liquid interfacial area, a, can be obtained and thus the volumetric mass transfer

coefficient, kja, can be calculated.

3 Oxygen Transfer Rate

Assuming that the specific oxygen consumption rate of the single cell is constant,
axial oxygen dispersion is negligible, and radial distribution of liquid velocity and dissolved
oxygen concentration are negligible, the following one dimensional mass balance equations

for stationary phase are obtained.

OTR = kla (C;n - Clb) - (C;ut a Clt)

In __.__(C"“ - C.ﬂ’.)_
(Cou - i (IL11)
3600 Qg
OTR= YR (PO POmul i)
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3600 Q
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oU Vi (Cie-Cov) (111.14)

OUR = 10° Yop X V¢
Vi (I1L.15)

At steady state, OUR = OTR (111.16)

By solving the Equations III.11 to IIL.16, the expression of Y(»X was obtained as

follows:
10°p1pO2in C
YoX = H Mo
103vf\y‘1+ 1
ekiaViy _1 (111.17)
1 [ 10°mRT
where 3600 \HMu20Qg Q (111.18)

Equations III.15 to ITI.18 show the dependence of the oxygen transfer rate on both

liquid flow rate, Q;, and volumetric mass transfer coefficient, kja.
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4 Permeability of Fibrous Bed

The theoretical value of permeability for various mat geometries without cells can be
calculated via Spielman and Goren’s model (1968). For cells growing in the fiber bed, a
model of multlayer cell growth is proposed to obtain the relationship between permeability

and cell density. The analyses for the fiber bed with and without cells are presented below.
4.1 Fibrous Bed without Cells

Spielman and Goren (1968) considered the drag and the vi<ns1:XMLFault xmlns:ns1="http://cxf.apache.org/bindings/xformat"><ns1:faultstring xmlns:ns1="http://cxf.apache.org/bindings/xformat">java.lang.OutOfMemoryError: Java heap space</ns1:faultstring></ns1:XMLFault>