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Abstract

Membrane distillation (MD) has shown potential as a means of desalination and water
purification. As a thermally driven membrane technology which runs at relatively low
pressure, which can withstand high salinity feed streams, and which is potentially
more resistant to fouling, MD could be used for desalination where reverse osmosis is
inadequate. The use of thermal energy, and the ease of construction at small scale,
makes this technology attractive for off-grid or renewable power applications as well.

However, most research on MD has focused on maximizing purified water output
per unit of membrane area as opposed to minimizing system energy consumption
and cost. Current MD systems suffer from poor energy efficiency, with reported
performance rarely exceeding that of a simple solar still.

This thesis explores means to optimize the design of MD for energy efficiency
to make it competitive with existing thermal desalination systems, with particular
focus on the Air Gap Membrane Distillation (AGMD) configuration. A detailed
1D numerical model to explore the effect of design parameters on energy efficiency
was developed. Means to enhance energy recovery from hot discharge brine without
additional brine concentration, and reduce diffusion resistance by means of reducing
pressure in the air gap were explored. A novel configuration delivering solar flux
directly to the membrane, and multi-stage, multi-pressure configurations comparable
to MSF were also developed. A parameter to relate the performance of a bench-
scale experiment with similar membrane and gap size to a production system was
developed and validated.

Small scale experiments were conducted to verify performance for the novel solar
powered configuration, reduced gap pressure, and capturing energy from hot dis-
charge brine. Experiments demonstrated the efficacy of a solar absorbing membrane
to provide heat to the cycle, and established a benefit of deforming the membrane
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into the gap under hydraulic pressure; reducing gap size and measurably improving
performance. Parametric studies have shown the effectiveness of using the model to
design larger, more practical, competitive systems; establishing the importance of
long flow lengths, low mean membrane flux, and large membrane area in the design
of efficient MD systems.

Thesis Supervisor: John H. Lienhard V
Title: Collins Professor of Mechanical Engineering
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Chapter 1

Introduction

Currently many areas of the world suffer from a scarcity of fresh water. Despite the
fact that the world is over 2/3 water, the vast majority of it is too salty for human
consumption. According to the International Water Management Institute [1] many

areas of the world have severe physical water scarcity, as shown in Figure 1-1 [1].

. Physical water scarcity

Approaching ‘physical

water scarcity
. Economic walter scareity

. Little or no water scarcity

[j Not estimated

Figure 1-1: World map detailing physical and economic water scarcity in 2006 [1].

As the human population grows this problem is only going to be compounded.
Desalination can provide a means of expanding the world’s supply of fresh water.
However, desalination technologies run up against myriad technical and economic

challenges. The most common means of desalination, Reverse Osmosis [2] is gener-
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ally considered the most efficient, and works by mechanically forcing water through
salt-impermeable membranes against the osmotic pressure gradient. These systems,
however, suffer from high complexity, high capital cost, and a limitation on feed
stream salinity where feed streams generally do not exceed 45,000 ppm of dissolved
solids [3]. Thermal technologies, popular in the Middle East [2] where thermal energy
is more readily available can process a variety of brines, but suffer from fouling and
scaling limitations [4].

Therefore, there is a need to develop desalination systems that overcome these
barriers, but are also scalable in output and cost efficient, and can be deployed in a
variety of areas that do not necessarily have access to large municipal water distri-
bution infrastructure or the means to maintain a technically complex system. Tech-
nologies that can work in combination with existing desalination processes would also
make desalination more accessible to areas suffering from both economic and physical

water scarcity.

1.1 Membrane Distillation

Membrane Distillation (MD) is such a technology that could potentially increase the
use and accessibility of desalination.

Membrane distillation is a separation process in which a hot feed stream is passed
over a microporous hydrophobic membrane. The temperature difference between the
two sides of the membrane leads to a vapor pressure difference that causes water to
evaporate from the hot side and, pass through the pores to the cold side. The vapor is
pure water which can be condensed. This process has application to desalting water.
Compared to reverse osmosis, MD does not require a high pressure feed, and can
process very high salinity brines. Compared to other large thermal processes, it can
be easily scaled down. Demonstrated pilot plants have been used at a small scale (0.1
m?3/day), including stand-alone systems disconnected from municipal power or water
networks [5, 6, 7].

MD systems can be used in many configurations, depending on how liquid is col-
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lected from the permeate side. In direct contact MD (DCMD), the vapor is condensed
on a pure water stream that contacts the other side of the membrane. In air gap MD
(AGMD), an air gap separates the membrane from a cold condensing plate which
collects vapor that moves across the gap. In sweeping gas MD (SGMD), a carrier gas
is used to remove the vapor, which is condensed in a separate component. SGMD is
typically used for removing volatile vapors and is typically not used in desalination
[8]. In vacuum MD (VMD), the permeate side is kept at lower pressure to enhance the
pressure difference across the membrane, and condensation may occur in the module,
or in an external condenser. All the different configurations of MD can be applied to
seawater and brackish water desalination [8, 9]; however, those most commonly used

for desalination are DCMD, AGMD, and VMD.

Most research on MD desalination focuses on maximizing membrane flux, or vapor
produced per unit area of membrane. However some studies have examined energy
efficiency for experimental plants at the 0.1 m3®/day scale [5, 6]. Additionally, more
recent MD desalination studies have also examined energy efficiency [5, 10, 11, 12].
Using membrane flux as a proxy for thermal performance may not lead to the correct
conclusion about overall system performance, as fresh water output and energy con-
sumption can be highly dependent on system configuration, membrane area, system
top temperature, and heat recovery from hot brine and condensing vapor. In a com-
plete cycle, the highest flux may not lead the best use of energy, as it often requires
high heat inputs and the resulting high vapor flux can increase resistance to heat and

mass transfer, driving up energy use.

Few direct comparisons have been made between the different configurations of
MD: DCMD, AGMD, VMD. Studies that have compared different configurations
have focused on the processes in the MD module, instead of full thermal cycle per-
formance. Cerneaux et al. [13] compared heat and mass transfer processes and total
flux over ceramic MD membranes in DCMD, AGMD, and VMD. Alkalibi and Lior
compared flux over different MD configurations (including SGMD) [14] and expanded
their analysis to include heat and mass transfer characteristics [15]. Ding et al. [16]

examined the removal of ammonia from water using MD with a focus on flux and
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chemical concentrations. However, no studies have examined MD in the context of a
full desalination cycle, where energy recovery is highly important to the viability of
a desalination process. Therefore, evaluation of MD in this thesis will be focused on

energy efficiency.

1.1.1 Characteristics of MD

DCMD systems in desalination have been studied fairly extensively. While they have
good salt rejection, they suffer high trans-membrane heat loss, and consequently low
membrane flux. Typical DCMD systems, tested with NaCl solutions between 35,000
and 100,000 ppm, have achieved a membrane flux from 1-10 L/m?hr {17, 18, 19]. The
biggest disadvantage of these systems is that the cool water on the permeate side
results in large conductive heat losses through the thin membrane.

AGMD typically has slightly higher flux for similar temperature conditions, as
the air gap provides thermal insulation between the hot feed and cold condenser
water. However, resistance to mass flux is limited by diffusion across the air gap
and evaporation through the pores, which is also dependent on the pore size and the
resultant trans-membrane diffusion mechanism. Condensate film thickness is typically
10 times thinner than the air gap width [14]. Fluxes for AGMD systems operating
near 70 °C inlet feed temperature range have been reported from 10 L/m?hr [14, 6]
up to 65 L/m?hr [13]. This type of system is most commonly used in pilot-scale
desalination systems [20].

VMD has the best performance in terms of flux as a result of enhancement by
the mechanical pressure difference. One system operating at a high temperature of
85 °C [21] achieved a flux of 71 L/m?hr. A second system [13] was able to achieve
a consistent flux of 146 L/m?hr operating at 300 Pa on the permeate side and with
a 40 °C feed inlet temperature. A third system [22] made use of turbulent feed
flow and vacuum to enhance flux, achieving 40 L/m?hr. The applied vacuum on the
permeate side was roughly half an atmosphere, which can easily be achieved without
expensive pumps and pressure vessels. This indicates that a mechanically applied

pressure difference is more advantageous when using VMD systems. In cases where
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fouling is a concern, mechanical pressure enhancement can keep feed temperatures

low while still achieving high flux.

SGMD relies on a sweeping gas to entrain water vapor. It is typically not used in
desalination as the latent heat is not given up into the air stream, and adding moisture
to an air stream results in an increase in enthalpy without necessarily increasing the
bulk temperature. This makes it hard to recover energy from the permeate stream,
as the moist air sometimes exits close to, or below, the seawater inlet temperature,
requiring additional cooling to create the appropriate temperature gradient to transfer
heat into the feed stream. The requirement for external cooling has made this cycle
too complex and expensive to be realized for desalination, where energy recovery is

crucial.

1.1.2 Previous Work

Compared to real-world desalination processes, current MD desalination systems suf-
fer from poor energy efficiency. Energy efficiency in this paper will be measured by
the gained output ratio, or GOR, defined in Equation 1.1.

GOR = Mphse (1.1)

Qin

GOR is the ratio of the latent heat of evaporation of a unit mass of product water
to the amount of energy used by a desalination system to produce that unit mass of
product. The higher the GOR, the better the performance, as the energy used for
evaporation is recovered and recycled multiple times. Amongst thermal systems, a
solar still would have a a GOR on the order of 0.5 [23], whereas a good Multi-Effect
Distillation system may have a GOR of 12 [24]. Table 1.1 shows the GOR values of

existing experimentally tested MD systems with operating conditions when available.

GOR is directly proportional the recovery ratio (RR), or the amount fresh water
produced per unit feed that enters the system, Equation 1.2 describes the recovery

ratio:
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RR = (1.2)

Ty

Considering the heat input, Q;,, can be written as the temperature rise of the
feed as it passes through the heater, or AT}, and the capacity rate of the feed, the
GOR can then be written in terms of the recovery ratio and temperature rise required

through the heater:

heo 1
GOR = RR—%¢
Cp AThtr

(1.3)

In addition to increasing energy recovery in a system, improving GOR also involves
improving system recovery ratio by increasing water production or decreasing the

amount of feed flow rate required, thereby reducing load on the heater.

Table 1.1: GOR and operating conditions of existing single-stage MD desalination
systems. “SP” denotes solar powered systems. Operating conditions listed if given.

System Type GOR Operating Condition

Banat et al. (2007) AGMD (SP) 0.9  Clear sky, 40.11 kWh/day absorbed en-

7] ergy, 7 m? memb. area

Fath et al. (2008) AGMD (SP) 0.97 Clear sky, Tiop = 60-70 °C, 7 m? area,

[6] Teot = 40-50 °C, 0.14 kg/sec low rate,
Seawater

Guillen-Burrieza et AGMD (SP) 0.8  Tiop= 80 °C+, 20.1 L/min (0.33 kg/s)

al. (2011) [5) feed flow rate, 5.6 m? memb. area,
2 modules in series, 35,000 PPM feed
salinity

Criscuoli ~ (2008) VMD 0.57 40 cm® memb. area, 1 kPa permeate

[25] pressure

Wang et al. (2009) VMD (SP) 085

(26]

Criscuoli ~ (2008) DCMD 0.17 40 cm? memb. area

[25)

Lee et al. (2011) DCMD 4.1 0.5 L/min (0.008 kg/sec) feed flow rate,

[11] Tiop = 90 °C, 0.4 m? memb. area (per
stage), 8 stages in series

Zuo et al. (2011) DCMD 14  0.04 m/s Feed, 048 m/s permeate

[10] (hollow fiber, permeate on shell side},

Ti0p=90 °C, 10 m? area, Tpe= 25 °C,
30,000 PPM feed salinity
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Most experimental systems have achieved a GOR of around 1. Larger membrane
areas have achieved higher GOR values. With the limited amount of data on VMD
systems reported GORs remain rather low, below 1, when compared to tested DCMD
and AGMD designs. A wide range of GOR for each type of system shows the depen-
dence on configuration and operating conditions. The systems are all at prototype
scale, with an output of 0.1-1 m®/day. These results show the need for additional
insight on how the design of each type of MD configuration affects the thermal per-

formance, which would in turn affect water cost.

Renewable Powered Systems

Solar powered desalination has the potential to provide a solution for arid, water-
scarce regions that also benefit from sunny climates, but which are not connected
to municipal water and power distribution networks that are necessary for the most
common large-scale desalination systems. Solar energy is a natural way provide heat-
ing energy or electrical power to a small scale system that must run independent of
any other infrastructure.

The most common form of solar desalination is a solar still. Solar stills are simple
to build, but inherently do not recycle energy as water condenses on a surface that
rejects heat to the ambient environment [23]. Another option of this type is solar
powered reverse osmosis. While more energy efficient than any thermal based system,
it requires expensive components which are expensive to maintain. RO membranes
experience high pressures and can easily be damaged by substances commonly found
in seawater, therefore pretreatment is required. As a result, high cost and complexity
make these systems unattractive for off-grid or developing world applications.

However, renewable-powered MD systems which have been built currently have
poor energy efficiency. When measured by the gained output ratio (GOR) these
systems do not exceed the performance of a simple solar still, which typically has
a GOR of 0.5-1, as most solar stills do not usually employ energy recovery [27].
Systems with poor energy performance are generally costlier to run, especially if

there is a large capital cost associated with solar collection [28]. Table 1.1 lists the
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energy performance of existing renewable energy powered MD systems, denoted by

“SP)? .

1.2 AGMD: Advantages and Potential for Improve-
ment

Of all the systems commonly used for desalination, air gap membrane distillation
(AGMD) shows the strongest potential for improvement. GORs of current AGMD
systems tend to be lower than for other systems, and the insulation properties of
the air gap prevent direct thermal loss between hot and cold sides. The built in
condenser surface allows fluid to be condensed at the local saturation temperature
instead of being mixed and condensed at the mean saturation temperature as in a
VMD system. Creative design improvements and optimization could potentially make

AGMD competitive with more established thermal desalination systems.
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Chapter 2

Analytical Models of MD

2.1 Introduction

Detailed modeling of the transport processes in an MD module is the first step toward
complete cycle modeling, and allows for the identification of performance limiting
processes at different operating conditions.

Existing analytical models for MD systems were adapted to be solved numerically
(discretized) using a finite difference method. The membrane id divided along its
length, L, in the flow direction, into discrete cells of length dz and width w, which
multiplied make a differential area element, dA. Bulk flows serve as inputs and
outputs for neighboring cells. An example cell of differential length for the feed side
of any MD configuration with heat and mass flows illustrated is shown in Figure
2-1. In all cases a counter-flow configuration is used. A large system of equations,
describing the heat and mass transfer interactions at each cell are combined with
appropriate boundary conditions at the first and last cell and solved using Engineering
Equation Solver (EES) [29]. EES is a simultaneous equation solver which uses a
Newton iteration method to converge on the solution.

For AGMD, models by Liu et al. [30] and Rattner et al. [31] were used as a
basis to solve to heat and mass transfer interactions across the cell. For DCMD a
model by Bui et al. [32] was used. In the case of VMD, models that reflect steady-

state operation were used, in which all air and other non-condensible gases have
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been removed from the permeate side of the membrane module and the mole fraction
of water vapor is close to 1. These formulations are similar to those of Mericq et
al. [33] However instead of directly calculating membrane permeability, a constant
membrane distillation coefficient is used representing the average values from several
tested commercial membranes [34, 35, 36]. Properties for pure water [37] were used
and evaluated at the temperature and pressure of the bulk flows in each cell. The

models were validated with recent experimental data.

2.2 Common Model Elements

All MD configurations have a hydrophobic membrane which holds back the warm,

saline feed stream. A control volume of the feed side and membrane is shown in

Figure 2-1.
(Ihf cpr,b)lz
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Figure 2-1: The feed (hot) side of any MD configuration with heat and mass fluxes
labeled.

Mass transfer through the pores, J,,, is driven by a partial pressure difference
between the water vapor on both sides. The total flux through any part of the
membrane is defined by Equation 2.1:
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Jm = B(pw,f,m - pw,p,m) (21)

The vapor pressure of the water on the feed side at the membrane, py fm, is a
known function of the temperature of the feed at the membrane, T} ,,, and the mole

fraction of water in the feed at the membrane, z, ;m (assuming an ideal solution).

Puw,fim = Dsat,w(Lfm)Tw,fm (2.2)

The feed stream provides both the latent heat of evaporation, and any heat loss
through the membrane; therefore, the temperature near the membrane surface is
different from the bulk temperature due to the presence of a thermal boundary layer

associated with the convection resistance through the fluid.

An energy balance on the feed stream results in Equation 2.3:

(mghgp)leraz = (Mphpp)lz — (Tmho,fm + @m)dA (2.3)

A mass balance on the feed side leads to the mass flow rate of the feed as function
of length, which can vary appreciably over the total length of the module. However
due to the low recovery ratio found in MD (on the order of 5%), this reduction in mass
flow is small compared to the mass flow rate of the feed, but it is taken into account

as a change in mass flow rate between successive cells in the numerical calculation.

mf|z+dz = Thflz - deA (24&)

ding = —JmdA (2.4b)
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Expanding the equation and using mass conservation from Equation 2.4:

d'r’nfhf,b + 'r'nfdhf’b = —"(Jmhv,f,m + qm)dA (258,)

gdhsy = —(Jn(Po fm — Bpp) + Gm)dA (2.5b)

The vapor enthalpy, exiting the feed channel and passing into the membrane can be
written in terms of the latent heat of fusion and the local liquid enthalpy which is

equal to the saturated fluid enthalpy at that temperature:

hom = hwm + hgg(Ti) (2.6)

The vapor enthalpy (Equation 2.6) can be used substituted into the energy balance

to obtain the change in the enthalpy over a single cell.

’Ihfdh,f’b = — [Jm(hfg + hf,m - hf,b) + qm] dA (27)

where dhyy is the bulk enthalpy difference in the positive z direction of the feed
water, and g,, is the heat flux conducted through the membrane. The latent heat
hyq is evaluated at the local membrane temperature Ty,,. Convective heat transfer
to the membrane surface is dependent on the speed of the flow and geometry of the

flow channel. It can be evaluated with Equation 2.8:

Jn(hgg +Pem — hgp) + m = he s (Trp — Thm) (2.8)

in which T},,, and T}, are the temperatures of the membrane surface and bulk
respeqtively at length-wise distance 2. The convective heat transfer coefficient h;
can be determined by established correlations for Nusselt number for either laminar
or turbulent flow in any specific configuration and geometry [38].

Next, a control volume is taken around the membrane itself. Most of the energy

that passes through the membrane is that carried by the mass flow and latent heat
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of evaporation; however, heat is lost by conduction through the thin membrane.
Heat can be conducted through the solid membrane surface in the solid (non-porous)
portions, or through the water vapor in the pores as shown in Equation 2.9:

gm = [km(1 = &) + ku£] (Tym — Tpm) (2.9)

1
Om
No mass is added or removed inside the membrane and all vapor flows out. Addi-

tionally it is assumed no condensation occurs in the pores.

2.3 Direct Contact MD

The membrane module as a whole is a counterflow device with the inflows and out-
flows as shown in Figure 2-2. Pure liquid water runs along the opposite side of the

membrane, and provides a condensing surface for the vapor passing through the pores.

FRESH
BRINE WATER
INLET EXIT

| 1

Vo

—— FRESH
REJECT  VWATER
INLET

Figure 2-2: A simple counter flow DCMD module.
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Taking a control volume on each side of the membrane, and the membrane itself,
an energy and mass balance can be used to calculate all the necessary quantities.

Figure 2-3 shows a control volume for one cell of length dz.

(tscpTrp)| - (thecpTpp) | =
T/ ............... ¢. ,.T ................ /A
Z3y / /
% L PERMEATE ¥
/ ammngj
; FEED CHANNEL #
4 - 7

Y
-
-

(_

(g CpTep)| 2+ a (eCpTp,b)| z+dz

Figure 2-3: A control volume for a DCMD module cell.

The feed side, and membrane are modeled as described in the previous section,
and the permeate side is very similar, as it is a liquid. The vapor pressure is the
saturation pressure at the membrane temperature of the permeate stream. Since the

stream is pure, the mole fraction is 1, and the expression reduces to Equation 2.10:

Puw,pm = Psat,w (Tp.m) (2‘10)

The permeate stream provides the condensing surface and accepts the condensed

mass. An energy balance on the permeate stream results in Equation 2.11:

(mphp,b)lz = (mphp,b)lz+dz 5= (Jmhv,p,m e Qm)dA (2-11)

Since the condensate is absorbed into this stream, which flows counter to the feed,

a mass balance leads to mass flow rate of the permeate as function of length.

Mpls = 1f|ssas + Jmd A (2.12a)

34



dmy = —JndA (2.12b)

Utilizing the same substitutions as those for the feed stream, and general definition

of the vapor enthalpy:

mpdh,,,b = — [Jm(hfg +h m — hp,b) + qm] dA (2.13)

where dh,; is the enthalpy difference in the positive z direction of the permeate
stream. Similar to the feed side, convection to the membrane surface is dependent on
the speed of the flow and geometry of the flow channel. It can be determined with

Equation 2.14:

Jm(hfg + hpm — hpp) + @m = b p(Tpp — Tpm) (2.14)

in which T}, ,, and T, are the temperatures of the membrane surface and bulk re-

spectively at length-wise distance z.

2.4 Air Gap MD

In AGMD, the condensation process is also integrated in the module, but with an
air gap of thickness dgyq, on the order of 1 mm separating the coolant from the fresh
water. In this case, seawater is also used as the coolant providing regeneration. An
AGMD module with the inflows and outflows as shown in Figure 2-4.

Taking a control volume surrounding each side of the membrane, the membrane
itself, and the air gap/condensate channel, an energy and mass balance can be used
to calculate all the necessary quantities. Figure 2-5 shows a control volume for one

cell of length dz.
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Figure 2-4: An AGMD membrane module with an integrated condenser.
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Figure 2-5: A control volume of an AGMD module cell.
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The feed side and membrane are modeled as described the previous section. On the
permeate side (air gap side), the partial pressure is a function of the mole fraction of
water vapor present at the membrane surface and the total pressure on the permeate

side, F.

Pupm = Fpwpm (2.15)
In the case of the systems modeled here, P, is always atmospheric pressure. The mole

fraction can be related to the common humidity ratio by Equation 2.16 [39].

N Wp,m/[0.622
P 4 Wy [0.622

(2.16)

A control volume is taken around the air gap. Since the gap distance is very small
(dgap/Lm < 1 and dgop/wn, < 1) convective flow, in the form of natural circulation,
in the z direction is assumed to be negligible. The flow of permeate to the condenser
surface is governed by binary diffusion across the gap as described by Equation 2.17

[40]:

I Caloa (1 + 2" Tam “"""‘) (2.17)

In this formulation, it is assumed that no mass is transfered back through the mem-
brane so that the flow of water vapor through the membrane is one way. With the
temperatures of an MD process, it is unlikely that air will dissolve back into the water

of the feed stream.

The flow of mass is dependent on the molar concentration, ¢,, in the gap. This
is approximated by treating the vapor-air mixture as an ideal gas at the mean cell

temperature:
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C, = F
" R(Tym +Ti)/2

(2.18)

Energy flow into the air gap is limited by membrane conduction as described by
Equation 2.9. While there is some energy released by sensible cooling of the vapor
as it passes through the membrane and air gap, it is typically less than one percent
of the membrane conduction ¢, and a several orders of magnitude lower than the
latent heat carried by the vapor. Therefore it is approximated to be zero. In the air
gap, that energy is convected across the gap with the moving vapor, as described by
Equation 2.20. Thermal radiation across the gap was considered, but found to have
a negligible effect on flux and temperature, and was not included in this model. The
convective heat transfer is easily derived by solving the energy equation where the

convective velocity u is Jm/pmiz:

dT d*T
U— = O0— 2.19
dz _ Yda? (2.19)
where z in this case is the coordinate direction across the gap (not a mole fraction).
Applying boundary conditions at the air side of the membrane (temperature and heat

flux) and integrating twice the following equation is obtained:
am\ Op J
Tom — T = (—k-) = exp (= (dguy — ) ) 1 (2.20)

All fluid properties are for the air/vapor mixture at the specific temperature in each
cell.

The temperature of the condensate interface, 7; is determined by the partial pres-
sure of water in air by solving Equation 2.2 at the interface where the mole fraction
x; is the ratio of the partial pressure of water vapor to the gap pressure P,.

Upon entering the condensate layer the vapor gives up its latent heat, and the
mass contributes to the thickening of the condensate layer. In gravity driven conden-

sation, the layer thickness, §, resists heat flow and is related to the mass of permeate
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condensed by a simple laminar flow boundary layer equation [38]:

drin, = 9—(10‘3;—””)% [(6 + dd)® — 6% (2.21)

The heat conducted through the condensate layer is the sum of the heat conducted
through the membrane, ¢,,, and the latent heat given up through condensation, eval-

uated at the interface temperature, 7;.

Qe = qm + Imhyg (2.22a)
kuw
qc = 7(71@ - Twall) (222b)

The condensate collects at the bottom of the module and the heat goes into the
coolant stream. A boundary layer resistance in the coolant stream similar to that of
the feed stream limits heat flow as described by Equation and 2.8. However, the heat
that is absorbed into the condensate stream and passes through it’s boundary layer
is different, as no mass passes through the wall. The heat that enters the condensate
stream is the sum of the membrane conduction, latent heat, and some sensible cooling

of the liquid in the condensate layer.

Thedhpy = (Ge + Jm(huw,i = hwwan)] dA (2.23)

Boundary layer resistance is described by:

qc + Jm(hw,i - hw,wall) = _ht,c(Tc,b - Twall) (224)

The heat transfer coefficient in the coolant stream, h; ., is calculated in the same
way as that of the feed stream. The thermal resistances are comparable because of

comparable mass flow rate and flow channel size.
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2.5 Pumped Vacuum MD System

A pumped vacuum system is the most common type of VMD system. It consists of
vapor extraction driven by a vacuum pump. Figure 2-6 show the flows in and out of

a VMD module.

HEATED
FEED

@Pp

BRINE VAPORTO
REJECT CONDENSER

Figure 2-6: A VMD module where permeate is removed by a vacuum pump and
condensed.

Unlike the AGMD system, where the air does not exit the system and can be main-
tained at a constant pressure, the vapor flow is driven by a vacuum pump. The
pressure that the pump can achieve is inversely proportional to the flow rate of vapor
from the module. This is obtainable from a pump curve. Since the vacuum pressure of
the pump curve is a function of the total flow rate, integration of the permeate mass
flow through the entire module is needed to find the vacuum pressure. Therefore,
iteration is required to find the actual pressure.

During startup, the pump removes any air sitting in the module at a high rate,
and the pump reaches steady state operation. During steady state, mass conservation

dictates that only water vapor that enters through the membrane is removed (no air
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leaks in an ideal case). Figure 2-7 shows a schematic drawing of a startup transient.
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Figure 2-7: Schematic drawing of a startup curve showing the vacuum pressure and
mole fraction of vapor on the permeate side of the module.

This model assumes that the process is running at a steady state such that:

I = B(Pujm — B, (2.252)
mA'm
P=f (J . ) (2.25b)

From Pu:np Curve
The end result is that the flux is effectively dependent on the feed side temperature
and the power of the pump. Since there is only vapor at reduced pressure on the
permeate side, and the boundaries of the permeate chamber are adiabatic, no fogging
is expected.

The feed side heat and mass transfer are calculated as described in the first section.
However, on the permeate side there is no air at a lower temperature to conduct heat
from the membrane, only vapor at Ty,,. As a result T, = T¥, and g, = 0. This is
consistent with the very nearly isothermal expansion experienced by the water vapor
as it passes through the pores, as the membrane thickness (minimum length of the
pores) is about 1000 times the size of the nominal pore diameter. The heat flow that
keeps the vapor isothermal, g..p, is conducted though the solid parts of the membrane,

and it may be calculated from the change in vapor enthalpy, h,, using Equation 2.26:
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Qezp = Jm [h’f.m + hfy - hv(Pp:Tf,m)] = RTf,m In (T}U,ﬂ) (2-26)

U!f’m

This heat of expansion is subtracted from the heat removed from the feed side control

volume.

A boundary layer of moving vapor develops on the permeate side and the overall
enthalpy of the vapor stream increases with additional membrane flux. A control

volume representing this process is shown in Figure 2-8.
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Figure 2-8: Control volume of a VMD membrane module cell.

Since no species other than water vapor is present in the permeate channel in
steady state there, no concentration gradient is present to resist mass flow. Hence,

the enthalpies of the streams combine according to Equation 2.27:

(mphv,b)|z+dz = (mphv,b”z 2 Jmhv,mdA (2‘273)

mp|z+dz = mplz + JmdA (227b)
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2.6 Solution Method and Verification

The discretized numerical model was typically made up of several hundred cells with
a set of equations describing the interactions from the hot-side to the cold-side bulk
conditions at each cell. The resulting system can be upward of 10,000 equations
solved simultaneously. Each of the cells encompass a finite length, and mass and heat
flows are described by a single quantity for that length. A sufficient discretization
to accurately describe the membrane could be obtained by increasing the number of
cells (decreasing dz for given length) and observing a change in the output. For the
longest membrane length, or largest values of the differential dz, the solution did not

change in excess of 1/2% after the number of cells was increased to 260.

2.7 Model Validation

Models were evaluated numerically using parameters published in experimental stud-
ies of MD systems. The standard package Engineering Equation Solver [29] was
used for calculations. Properties for pure water [37] were used and evaluated at the

temperature and pressure of the bulk flows in each cell.

2.7.1 Direct Contact MD

Validation of the DCMD model was based on experiment done by Martinez-Diez and
Florido-Diaz [35]. Table 2.1 shows given parameters provided as inputs for the model.
The membrane distillation coefficient was not reported and was only implied by the
experimental results, however for the purposes of validation, a value of B for the same

type of membrane measured by Vazquez-Gonzalez and Martinez [36] was used.
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Table 2.1: Operating parameters from Martinez-Deiz [35]. Starred parameters are
compared with model for validation.

Given Parameter Value

Feed/Permeate Flow Rate Various

Feed Temp. (Inlet/Outlet Average) 45 °C

Permeate Temp. (Inlet/Outlet Average) 35 °C

Length 55 mm

Channel Width 7 mm

Channel Depth 0.4 mm

Membrane Type Gelman Inst. TF200 PTFE
Membrane Distillation Coeff. (Measured, [36]) 22 x 107 kg/m? Pa sec
Permeate Flux* Various

Experiments were conducted [35] at three mass flow rates through the channel:
1.65 x 1073 kg/s, 1.21 x 1073 kg/s, and 0.772 x 1073 kg/s. Table 2.2 shows the

experimental results compared to the model.

Table 2.2: Comparison between model presented here and an experiment by Martinez-
Deiz [35].

Run # Mass Flow Rate Permeate Permeate % Difference
Flux - Expt. Flux - Model From Experi-
ment

[y

1.65 x 1073 kg/s  10.08 kg/m?hr  16.28 kg/m2hr  61.5%
1.21 x 1073 kg/s  9.36 kg/m?hr  16.05 kg/m2hr  71.5%
3 0772 x 103 kg/s 8.64 kg/m?hr  15.79 kg/m?hr  82.7%

[ &

Given the simplicity of the DCMD system, presuming the accuracy of the module
geometry and mass flow rate, the results suggest that the value of B is different from
the one measured by Vazquez-Gonzalez and Martinez [36] (given in Table 2.1). If
only an error in the membrane distillation coefficient is presumed, better agreement
is obtained by reducing B to 13 x 10~7. Additionally the spread in results between
each mass flow rate is greater than predicted by the model, with closer agreement
at the higher mass flow rate. This suggests inconsistencies in the feed and permeate
channel flowrate or channel geometry, and as a result inconsistencies in the temper-
ature polarization, which can be a dominant resistance in DCMD, especially for low

Reynolds number feed flows such as the ones in this study. With a small membrane
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area, inconsistencies between runs could more dramatically affect the results and
the local membrane distillation coefficient could be significantly different in a small

membrane coupon vs. a large one due to manufacturing variability or fouling.

2.7.2 Air Gap MD

The Fath et al. [6] air gap system was a larger scale solar-heated installation. Its
parameters are shown in Table 2.3. Data was given for the operating conditions
and inlet/outlet temperatures over time. For the present comparison, a point in the

middle of the day was selected to avoid the effect of startup transients.

Table 2.3: Operating parameters from Fath et al. [6]. Outlet temperatures and mass
flow rates, denoted with an asterisk, are compared with the model for validation.

Known Parameters Value Approximated Value
Parameter

Feed Flow Rate 0.14 kg/s Membrane Distilla- 16 x 10~7 kg/m? Pa s
tion Coeff.

Feed Inlet Temp. 72 °C Air Gap Width 1 mm

Condenser Inlet Temp. 45 °C Flow Channel 4 mm
Width

Membrane Area 8 m?

Permeate Flowrate* 10 kg/hr

Feed Outlet Temp.* 50 °C

Condenser Outlet Temp.* 65 °C

Mean membrane distillation coefficient values for PTFE membranes were obtained
from external testing [17, 34, 35]. The value used here represents an average value for
commercially manufactured membranes. Measurements for the channel depth and
air gap were made from a photo of the cross-section of the module and outer module
dimensions [41]. With a mean condensate layer thickness 60 pm, the condensate
layer thickness did not exceed 1/10th of the air gap, which is consistent with prior
observation [14].

Table 2.4 shows the results of the simulation compared with the experiment. Er-
rors are deviations from the experimental value. For calculating error all temperatures

are temperature differences between the inlet and outlet.
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Table 2.4: Comparison between simulation and Fath et al. experiment [6].

Quantity Experimental Simulated % Difference from
Experiment

Permeate Flow Rate 10 kg/hr 9.38 kg/hr  6.2%

Feed Outlet Temp. 50 °C 49.3 °C 3.3%

Condenser Qutlet Temp. 65 °C 67.4 °C 12.0%

The simulation approximates the flux and temperatures well, slightly over-predicting
flux and temperature drop. The over-prediction of flux, which would lead to more en-
ergy being taken from the feed stream, may be explained by the lack of non-idealities
such as heat loss which would affect the channels on the outer-most surface of a
spiral-wound module such as this. Also the presence of non-condensible gases and
dissolved solids in the seawater would lower the partial pressure on both the feed and

air gap sides, resulting in lower flux.

2.7.3 Pumped Vacuum System

While there have been no pilot-scale VMD systems similar to the Fath et al. air gap
system, recent experiments have been conducted on smaller bench-top setups. One
such setup is a flat sheet system developed by Mericq et al. [42]. Several experiments
were conducted with varying salinity brines, including RO retentate. Table 2.5 shows
parameters from the lowest salinity experiment with a salt concentration of 38,000
ppm. Fluxes were measured initially and over time to account for fouling of the
membrane. The initial flux value is used for comparison as the model does not
account for fouling.

The heat transfer coeflicient has been calculated from the channel geometry and
known flow rate and Reynolds number.

The resultant lux was 10.43 kg/m?2hr, 3.2% greater than the initial value measured
in the experiment. Since the simulation used pure water properties, there will be
a difference of flux due to the reduction in partial pressure of the water vapor and
reduction in specific heat capacity [43]. However, an analysis of a VMD module based

on the pilot-scale dimensions in Table 2.3 using seawater properties and varying the
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Table 2.5: Operating parameters from Mericq et al. [42]. Parameters denoted with
an asterisk are compared with the model for validation.

Known Parameters Value
Feed Flow Rate 0.0366 kg/s
Feed Inlet Temp 53 °C
Permeate Side Pressure 7 kPa
Membrane Area 57.75 cm?
Channel Depth 1 mm

Membrane Distillation Coeff. ~ 4.37 x 10~7 kg/m? Pa s
Feed Side Heat Transfer Coeff. 7809 W/m?K
Permeate Flux* 10.1 kg/m? hr

salinity shows that the flux decreases 3% as the salinity increases by 45,000 ppm from

0, which is within the uncertainty in the experimental results.

2.7.4 Membrane Distillation Coefficient Data

The membrane distillation coeflicient has a large impact on the flux and, due to the

non-uniform nature of MD membranes, it is difficult to determine exactly.

The membrane distillation coefficient, B, is primarily a function of the membrane
material properties, the pore size, the vapor being passed through the membrane,
and a weak function of temperature. Flow is controlled by two diffusion processes,
Knudsen, and molecular diffusion, which depend on the pore size relative to the mean

free path of water molecules as given by Equation 2.28:

ksT
SR — (2.28)
V21 P02
The mean free path is dependent on pressure and temperature. F,, the sum of
the partial pressures, is the total pressure in the membrane pore, and is equal to

the pressure on the permeate side at all times and positions. Formulations for each

process {44] can be described using Equation 2.29:

2¢r (8My,\?
B =25 (2% ,
K37 (wRT) (2.29)
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Many studies have attempted to form simpler models for B. A formula incorpo-
rating both diffusion processes with a log-mean average [19] was formulated based on
average material properties. A simpler formulation [14] neglects Knudsen diffusion.
This is applicable for membranes with pores that are large relative to the mean free
path of water vapor molecules. It is also has the benefit of being independent of pore
size, which can vary widely in a membrane.

Given the connection between local conditions, such as mean temperature, and
local pore size and tortuosity, which is usually unknown, a lumped value for B is
used to represent the membrane permeability. Additionally, given the variability of
membranes and the focus on cycle performance and energy recovery in this thesis,
a constant value of B is used as determined from values previously obtained by
experiment. This reduces the dependence of the cycle performance on the properties
of a specific membrane.

Table 2.6 summarizes B values given in literature for PTFE (Teflon) membranes.
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Table 2.6: Experimentally tested membrane distillation coefficients for PTFE mem-
branes. Membranes were tested in DCMD configuration unless otherwise noted.

Source Manufacturer Nominal B [kg/m?Pa s] Notes
Pore Size
[34] Millipore 220 nm 16.2 x 1077 “Durapore” GVHP
type
Experimental 45-373 nm 54 %1077 - 54 x 1077 Manufactured with

increasing water
content in casting
solution 0-6% by

wt.
[35] Gelman Instru- 200 nm 21 x 1077 -27 x 1077 176 pm thick
ments
[42] Millipore 220 nm 437 x 1077 with range of 175 pm  thick,
3.6 x 1077- 5.2 x 1077 tested on VMD
process
[36] CGelman Instru- 450-200nm 12 x 1077 -24 x 1077 60 pm thick on PP
ments support layer

In a pumped vacuum system, the greatest resistance is diffusion through the mem-
brane, represented by the membrane distillation coeflicient. Therefore this parameter
would have the greatest effect on the flux in a VMD module. As shown in Table 2.6,
the parameter B can vary widely depending on the process used, with VMD resulting
in lower B values. Additionally, in smaller modules damage to the membrane has a
more pronounced effect on performance. The model cannot take into account local
membrane variations, which must be observed experimentally. Variation in B con-
tributes to difficulty in validating this model with published results, particularly for
the small DCMD system [35] compared above.
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Chapter 3

Novel MD Configurations

3.1 Solar Direct Heated Membrane AGMD

Membrane distillation has several advantages as a means for renewable-energy pow-
ered, off grid desalination and water purification. As a thermally driven membrane
technology which runs at relatively low pressure, which can withstand high salinity
feed streams, and which is potentially more resistant to fouling, MD could be used for
desalination where photovoltaic powered reverse osmosis is not a good option. The
use of thermal energy, rather than electrical energy make this technology attractive
for applications where input energy and water production would be inherently in-
termittent and large quantities of electricity (from photovoltaic cells) would be very
expensive. Easy scalability and a smaller footprint give it advantages over other large
thermal systems such as multi-stage flash and multi-effect distillation for small scale
production.

In the novel configuration proposed here, integration of the heat collection and
desalination steps is accomplished by using the MD membrane to absorb solar energy.
Instead of the fluid stream being heated and sent to the beginning of the MD module
at an elevated temperature, the saline fluid stream is heated directly at the point of
evaporation by solar energy absorbed by the MD membrane. Figure 3-1 shows the
heat and mass flows along a length of membrane.

This configuration has several distinct advantages over traditional MD systems.
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Figure 3-1: Schematic diagram of a radiatively heated MD module with energy and
mass flows.

First, since the fluid is being continuously heated while it distills instead of being
heated before being distilled, the temperature across the module remains higher, in-
creasing the vapor pressure and the resultant flux due to higher evaporation potential.
Secondly, since the heat of vaporization is being provided directly at the liquid-vapor
interface, but directly from the heat source, the resistance to heat flow through the
boundary layer or temperature polarization is substantially reduced. Lastly the entire
MD process is now integrated in one device and can take advantage of simple methods

of solar collection and concentration, such as the device shown in Figure 3-2.

Some aspects of this design have been investigated previously. Use of direct heat-
ing on the membrane to eliminate temperature polarization was experimentally tested
by Hengl et al. [45]. Heating was delivered using an electrically resistive metallic
membrane which would be impractical to use in a larger scale system. Energy effi-
ciency performance was not measured. Chen et al. [46] used uniform solar flux to
heat the feed stream by placing a solar absorbing surface above the feed stream. This
method still retained the temperature polarization effect, but captured the idea of

integrating solar collection and desalination into one unit.
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Figure 3-2: Side view of a possible solar direct-heated system configuration.

The feature that strongly distinguishes this system from others developed in the
past, is a solar absorbing membrane that sits below the water layer. The membrane
can be a dyed single sheet that absorbs solar energy near the MD pores, or a composite
membrane with a hydrophilic polymer such as polycarbonate or cellulose acetate,

layered on top of a standard MD membrane material, like Teflon (PTFE).

3.1.1 Modeling

The membrane distillation portion of the system was modeled using equations from
Chapter 2. However in a directly heated system, there is no external heat input
and the energy enters at the membrane surface. Since that surface is exposed to the
environment, there are also losses. A control volume of a differential portion of the
saline feed channel for this case in shown in Figure 3-3.

Without a solar radiation input, the energy and mass balance of the fluid flowing
through differential element remains the same as for any other MD system discussed
in Chapter 2. Previous work [47] assumes that the water acts as part of the cover

system, and therefore no energy is absorbed in the water layer. However, while solar
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Figure 3-3: The hot side of the MD membrane receiving heat flux, with heat and
mass fluxes labeled.

radiation is primarily absorbed at the membrane, the bulk feed stream does absorb
a non-negligible amount of solar radiation (approximately 18 % of total absorbed
radiation), denoted by the variable Sy. Equation 3.1 details the energy balance in

the feed stream and membrane:

SdA = —QfdA + [Jm(hfg + hf,m — hf‘b) -+ qm] dA (3.1&)

mygdhgy = [—qf + Sf] dA (3.1b)

Consolidating and collecting terms, Equation 3.1a shows that the solar input S is
distributed among sensible heating of the feed stream, gy; energy to evaporate the
liquid; and conductive losses through the membrane, respectively. Equation 3.1b
accounts for the absorption of solar radiation into the feed stream.

The temperature difference between the feed in the bulk stream and at the mem-
brane surface can be found using the heat transfer coefficient h;; between the bulk
and wall where heat flowing from the membrane to the bulk increases the temperature

of the bulk stream over the length of the module as described in Equation 3.2 where
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the bulk enthalpy is increased by heat from a hotter membrane:

- qfdA = ht,fdA(Tf,m b Tf,b) (3.2)

Solar Transmission

The quantities S and Sy are determined by the transmission characteristics of the
cover system. Since fluid flows over the absorber plate this fluid becomes an additional
material in the cover system, attenuating the energy that reaches the absorber.

A system of two covers was described by Duffie and Beckman [23] which would
account for incidental reflections between covers, however a good approximation for
most solar collectors is that transmission through to the next cover is a fraction of
what is transmitted through the previous cover [23]. This is described by Equation
3.3 with the entry angle of the light into the next cover is the exit angle of the previous

cover.

T = (1 = p2)(1 — az)m (3.3)

a and p are the fraction of energy lost by absorption and reflection respectively. 7 is
what is transmitted.

The water layer below the second cover acts as an additional cover. Reflection
through the water is a function of the entry angle of a beam of light that exits the

glass above it.

g1 SIN(0in) = Ty SIN(Bout) (3.4)

The perpendicular and parallel components of reflection are defined by Equation

3.5 and can be used to find the total reflectivity of the water layer in Equation 3.6

_— tan? (Oout — Oin)
1™ %an? (Bou + 0;0)

(3.5a)
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where p,, is fraction of beam light reflected from the surface of the water, and 7 and
r are the parallel and perpendicular components of reflectance respectively.

The loss due to absorptivity of the water layer is slightly more complicated. The
glass glazings have a relatively constant extinction coefficient in the visible and near
infrared where most solar radiation occurs. The extinction coeflicient is related to
the amount of radiant energy that gets absorbed per unit thickness and is a function
of wavelength as described by Equation 3.7:

(3.7)

a(\) =1—exp {_M}

cos(Hous)

For water, the extinction coefficient varies in the range of solar radiation wave-
lengths [48]. Figure 3-4 shows the transmissivity of water vs. wavelength [48] com-
pared to borosilicate glass, which is a common glazing material in solar collectors
[49].

While the extinction coeflicient is not related to power linearly, the absorptivity
due to the extinction coeflicient (Equation 3.7) is, as the total power attenuated
at a specific wavelength is the absorptivity multiplied by the input power. The
power-averaged absorptivity (Equation 3.8) is used directly in the model instead of
calculating it from a single extinction coefficient (as can be done for a glass glazing

panel using Equation 3.7).

22 a(A)L(A)dx

[ L(\)dA

Oy —

(3.8)

where I, is the irradiance in W/m? nm. The irradiance can be approximated by

using Planck’s Law of emission from a black body in a vacuum [48], where the sun is
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Figure 3-4: Transmissivity of solar collector glass compared to water in the visible
and near infrared spectra

approximated as a black body radiating at 5762 K [23].

2h,,c2 hpico -
) = 2258 [ (87) -1 o

air

This then allows for the calculation of the total transmissivity of the water layer.
Using Equation 3.3 the transmissivity of the full stack can be obtained and combined
with the solar absorptivity of the membrane to obtain the transmission-absorption
product. While the transmission-absorption product is a function of the reflectivity
of absorber, the vast majority of opaque absorber materials are minimally reflective

and obey the rule described in Equation 3.10 [23].

(TO‘) =1 'OlTstackaabs (3 10)

Using Equation 3.10 and breaking down 7eaer into its components for a collector
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with two glazings, ¢l and ¢2, the solar absorption of the system can be calculated.

S = 1.017 Teo T Qm (3.11a)

S¢ = 10174720, (3.11b)

For simplicity, all solar radiation is assumed to be beam radiation in this model.

Heat Loss From Top of The Module

As with any solar collector the heated surface is exposed to the environment in order
to collect solar energy. This results in a certain heat loss along the length. The heat
loss through a cover system has been described in detail [23] as well as in previous
work by the authors [50].

The loss through the top is a combination of heat transfer from the feed water
through the cover system and to the environment. Heat transfer modes are shown in

Figure 3-5.

ht,rad,:z-sT T hl.eonv,cl-b
OUTER COVER

ht,r-d,cl-cz VACUUM
INNER COVER
MEMBRANE

Figure 3-5: Loss modes through the solar collecting surface of the module.

The loss model further approximates the glass covers as opaque to thermal radia-
tion from low temperature sources, and all energy received from radiation is absorbed
and re-radiated at the temperature of the cover. Since the thermal radiation from the
top cover sees the sky, it is lost to a sky temperature of 4 °C, and the convective loss
is to an ambient air temperature of 25 °C. These conditions are typical of a desert
environment on a clear day [51]. Typically sky temperature is relatively unimportant

for calculating collector performance [23]. However this may become important as
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the module can run near 90 °C and radiative loss becomes a higher percentage the
total loss to the environment. Convective loss is determined by known correlations
for forced convection over a flat plate [40] and an ambient wind speed of 4 m/s. To
minimize loss to ambient air the characteristic length of flow over the collector can

be kept small by spacers that break up the wind along the length.

3.1.2 Cycle Configurations

A uniformly solar heated MD system can be used in different cycle configurations.
The simplest configuration is simply the module itself, which accepts cool saline
water at the coolant inlet, and produces fresh water and brine reject at an elevated

temperature. Figure 3-6 shows this configuration.

SOLAR

FEED |cAPR COOL
RADIATION e

v 1

BRINE SEAWATER
REJECT INLET

Figure 3-6: A basic desalination cycle using only the AGMD module.

If the temperature of the membrane was higher and more even over the length,
the potential for evaporation would be higher and performance should improve for
the same solar heat input. This is accomplished by using a recovery heat exchanger,
as shown in Figure 3-7.

With solar direct heating, the temperature over the module length is not neces-

sarily more flat, but higher overall. A schematic lengthwise temperature profile is
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Figure 3-7: An AGMD desalination unit with recovery heat exchanger at the bottom

of the cycle.

shown in Figure 3-8. The effect of overcoming heat transfer resistance through the

bulk feed stream is evident at the inlet as well.

This configuration shows promise for developing compact, single-unit, distillation

systems, which represent an improvement over current solar distillation technologies,

including solar stills and other solar-powered MD systems.
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Figure 3-8: Temperature profile of the feed side of the membrane along the collector
length for a solar direct heated system at an insolation of 850 W/m? compared with
a system conventionally heated to the same maximum membrane temperature.

3.2 Multi-Stage Vacuum MD

As demonstrated in prior work [52], the performance of single stage VMD systems
is inherently limited. A parametric study of the size and operating parameters of a
single stage VMD cycle, demonstrated that the fundamental performance limit of a

single-stage VMD systems is a GOR of 1.

This limit arises from the fact that energy recovery is limited by the saturation
temperature of the pressure in the condenser. Maximizing flux by increasing the
pressure difference between the saline feed and the condenser lowers the condensation
temperature in the condenser, which requires high mass flow rates of colder water to
condense the additional vapor when compared to a system with a smaller pressure
difference (higher saturation temperature) and lower water output. This trade-off

results in poor energy recovery.

One way to maximize energy recovery is to stage the MD modules in a similar
manner as that found in multi-stage flash (MSF) desalination. In MSF vapor is

produced by flashing heated liquid at subsequently lower pressures. The vapor is
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condensed at the reduced pressure in each stage pre-heating saline water, which acts
as a coolant. MSF systems can have upwards of 45 stages with a small pressure
difference between them. The simplest case is the once-through MSF system. This
system achieves a GOR of 3-7 depending on the season. In winter, lower feed water
temperatures reduce performance, as greater feed preheating is required [53]. Figure

3-9 shows a typical MSF desalination system.

—— HeatinputSection g Heat Recovery Section —_—

Heating
Steam

Figure 3-9: Process diagram for a once-through MSF system [53].

In the proposed configuration of VMD, the flash chambers of MSF are replaced
with membrane distillation modules. Optimal sizing of module features would maxi-
mize the amount of membrane area producing vapor, while to minimizing temperature

polarization and pressure drop. Figure 3-10 shows a multi-stage VMD system.
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Figure 3-10: Multi-Stage Vacuum MD (MS-VMD) process diagram.

This configuration has several distinct advantages over MSF. MD systems are more
easily scaled down. MSF systems are typically built into municipal water systems and
desalinate hundreds of thousands of cubic meters of water per day. Flash chambers
have to be large to accommodate the vapor and reduced pressure. Flash chambers
also require extra hardware to keep seawater mist from contaminating the condensed
vapor. MD modules can be built smaller to accommodate lower volume applications,
such as off-grid water purification. In MD, spaces where the pressure is reduced are
very small requiring a smaller amount of lower strength, and often cheaper, materials
to support the pressure difference. Lower temperatures in MD also mean that the
membrane and heat exchanger surfaces are less prone to fouling.

In cases where such a system may be used off-grid, reduced pressure can be gen-
erated from a mechanical vacuum pump powered by photovoltaics. For a larger scale
system a steam ejector can be used to maintain vacuum in each MD stage, as is done

in a multi-effect distillation (MED) system.

3.2.1 Modeling

A model for a multi-staged VMD system can be formed by repeatedly solving the

equations outlined in Chapter 2 for each membrane module, and then connecting the
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module to the other components in Figure 3-10. Each stage shown is then connected

with the neighboring stage by equating enthalpy and mass flow rates

The other components in the system (heat exchangers, condensers, and the feed
heater) are modeled based on “black box” control volume models. The condenser
and permeate cooler are both modeled with an effectiveness model and energy bal-
ance. Equations 3.12 - 3.13 detail the energy balance and effectiveness model for the

condenser.

mccmdcp (Tco'n.d,out - Tcand,in) = mp (hp,'v - hp,l) (312)

— (hp,v — hp,C)
(h'p,v - h’p,l,max)

(3.13a)

h mazx
—p,l, = chmd,in (313b)
Cp

where the subscript cond denotes the coolant passing through the condenser, which is
saline water being pre-heated, and p denotes permeate water passing from the vapor
state, v to a condensed liquid state, ¢. A perfectly effective condenser (¢ = 1) would
cool the liquid permeate to the coolant inlet temperature. A model for the permeate
chiller follows similarly, however instead of entering as a vapor the permeate would

enter the chiller carrying an enthalpy A, ..

As a means of comparison with an MSF system, the component performance can
be measured by the log-mean temperature difference (AT;,,). These are approxi-
mately 13 °C for the condenser and 10 °C for the permeate chiller. Similar or better
component effectiveness can be found in actual large-scale MSF systems [54]. These
log-mean temperature differences correspond to effectiveness, €, values of 0.98 and
0.96 for the condenser and permeate chiller respectively. Equation 3.14 defines the
log-mean temperature difference for the heat transfer components where the sub-
scripts ¢n and out represent the coolant stream and hot represents the inlet stream

of the fluid to be cooled or condensed.
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Tou - T',in
ATy, = —t = "in _ (3.14)
ln (Thog_Tg'n )
Thot—Tout

3.3 Novel Energy Recovery Enhancements

Several means of enhancing energy recovery in MD systems can be employed that
represent an improvement over traditional methods. They include recovering heat
from the hot brine without brine recirculation, and reducing the pressure in air gap

systems to improve diffusion of vapor across the gap.

3.3.1 Hot Brine Discharge Regeneration

A common method of recovering energy from hot brine reject is to mix the reject with
fresh brine, sending warmer, but more concentrated brine back into the desalination
system. While this method is simple, and avoids an extra heat exchange step, it is
limited in its effectiveness, and concentrated brine can severely scale a desalination
system. While MD systems are less prone to scaling and fouling, high brine concen-
trations can still block membrane pores and reduce hydrophobicity [55]. Recovering
the energy from brine reject while limiting feed concentration can easily be accom-
plished by adding another heat exchanger at the bottom of an MD cycle. Figure 3-11

shows a brine regeneration heat exchanger on an AGMD Cycle.

Modeling

The heat exchanger is a counterflow device modeled as a “black box” model with a
fixed terminal temperature difference (TTD). Equation 3.15 shows a simple energy

balance around the heat exchanger, assuming it is fully insulated.

mf,outcp (Tf,out - Tf,rej) = mf,incp (Tc,in - TSW,in) (315)
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Figure 3-11: Brine regeneration in AGMD

where T} 4, is the temperature of the brine exiting the MD module, T¥%,.; is the brine
reject exiting the heat exchanger, and T ;, is the temperature of the preheated feed
exiting the heat exchanger and entering the coolant side of the MD module. The
above equation has two unknowns, and to fix the one of the unknowns Equation 3.15
is used. The TTD is typically a fixed performance parameter; 3 K is a typical value

for most counterflow exchangers.

TTD = min [(Tf,rej - rI‘SW,in) ? (Tf,out - Tc,in)] (316)

Energy Efficiency Comparison

When applied to an AGMD process, recovering energy from the hot brine significantly
increases efficiency, allowing the cycle to reach its top temperature with a lower heat
input. For an AGMD system operating over the same temperature range, Figure
3-12 shows the difference in GOR, between both systems as a function of heat input

normalized to the heat input required to heat a system without energy recovery to
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a feed inlet temperature, Ty y, of 90 °C. The feed inlet temperature of both systems

sweeps from 38 °C to 90 °C as heat input increases.

No Regeneration
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Figure 3-12: Comparison of GOR for an AGMD system with and without regenera-
tion.

The effect of regeneration is immediately apparent as the same top temperature
(and thus comparable product flow rate) is achieved with a fraction of the heat input

for a system without regeneration.

3.3.2 Reduced Pressure Gap AGMD

Reducing the pressure in an Air Gap MD system has the effect of reducing the diffu-

sion resistance of water vapor through the gap.

Modeling

The effect of reduction of the diffusion resistance is clearly evident when considering

Equation 2.17, repeated here:

Jm CaDw—a (
= In

T; — Tam
= 14 === .1
My~ dy—3 + ) (3.17)

Tom — 1

The diffusion coeflicient of water in air D,,_, is defined as [38]:
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p o\!

Dy_o =197 x107° (P—“) (T /256)*-585 (3.18)
atm

where T is the mean gap temperature in kelvin. As gap pressure P, decreases, the

diffusion coefficient goes up. Not only does the diffusion coeflicient increase, the vapor

concentration increases, allowing more vapor in the gap for a given difference in mole

fraction. These effects allow an increase in flux without increasing the temperature

across the gap, and without increasing the heat input required. As a result, GOR

increases.

Comparison with Gap Reduction

When assessing the effect of pressure reduction on an AGMD system, it can be
thought of as effectively reducing the gap size. Conversely, reduced pressure can al-
low for the construction of a gap with larger dimensions and reduced dimensional
tolerances for a more easily built system. Figure 3-13 shows that reducing the pres-
sure in an AGMD system with a 4 mm gap width from 1 atmosphere is to 0.2 atm
results in a comparable improvement to reducing the gap size from 4 mm to 1 mm

at atmospheric pressure.
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Figure 3-13: Comparison of energy efficiency improvement resulting from reducing
the gap size and gap pressure in an AGMD system with 100 m? of membrane area.
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Chapter 4

Experimental Validation

To validate the model and test the novel principles described in the previous chapters,
a bench-top experiment was designed, subject to the limits of manufacturability, and
constraints on operational parameters such as mass flow rate and pressure drop. The
experiment was designed to be modular, and reconfigurable to test both conventional
and solar heated systems, as well as implement any improvements to the cycle such

as brine regeneration, or gap pressure reduction.

4.1 Experimental Scaling

To understand how the energy efficiency performance of a bench-top experimental
system relates to that of a large-scale production system of the same configuration
(i.e., AGMD), it is necessary to know how the system scales with input parameters
such as system size, feed mass flow rate, and operating temperature. The model for
an AGMD system consists of many equations and is highly nonlinear, depending in
large part on exponential functions of temperature and of the permeate flux itself
multiplied by the effects of system size. However, it can be simplified using some
order of magnitude estimates derived from the numerical solution to the detailed
system of equations outlined in Chapter 2.

In analyzing the results of the detailed model the following approximations can

be made:
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e Heat conduction through the membrane, g,,, is negligible. g,/ Jmhfé < 0.1.
Since the air in the gap has good insulating properties heat flux as a result
of conductive losses through the membrane are small compared to the energy

carried by the latent heat of the vapor.

e The thickness of the liquid condensate layer in the gap, 4, is negligible. 6/dq, <
0.15. This ratio is even lower at the top of the module where there is a small

amount of condensed vapor.

e The change in temperature across the gap along the length of the module is
small relative to the absolute temperature (in kelvin) of the vapor in the gap.
(Trp—Tep)/ Tgap < 0.05. For the purpose of calculating the vapor concentration
in the gap by means of the ideal gas law (Equation 2.18), the average absolute
temperature can be held constant. For this simplified model, it is fixed to

(thrp + Tbot)/Q-

e The diffusion coefficient of water vapor in air, D,,_,, is assumed to be constant

at a given gap pressure, as it is only a weak function of temperature.

To further simplify the model, the vapor pressure/dewpoint temperature equation,
also known as the Antoine Equation, can be simplified as an exponential function with
only two constants by fitting data obtained from the full Antoine Equation. For the
operational range of MD (25-95 °C) the following equation is obtained:

Pw = C1exp(C,T) (4.1)

where C; = 1134.8 Pa and Cy = 0.0473 1/°C with a R? value of 0.998. This makes
this a good approximation of the vapor pressure as a function of temperature for most
MD systems, and makes the model easier to simplify.

The flux across the module will be evaluated at the top of the module where the
bulk feed temperature is the top temperature of the cycle T;,,. Evaluating the flux

starts with the equation for flux permeating through a membrane:
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Jm = B(pw,f,m - xa,mPa) (42)

The vapor pressure on the feed side can be found in terms of feed membrane
temperature, Ty,,, and the simplified Antoine Equation, Equation 4.1, evaluated at
that temperature. This membrane temperature is lower than the bulk temperature
as a result of temperature polarization. This is estimated by the heat flow out of
the feed and heat transfer coefficient, h;. If location of the evaluation is the top, the

membrane temperature is:

Imhsg
hy

Ttm = Tiop — (4.3)

The sensible cooling of the liquid that becomes the permeate as it travels from the
bulk feed to the membrane is neglected, as this is typically less than 0.01J,h¢, in
solutions of the detailed model.

The vapor mass fraction on the gap side (denoted by the subscript a) of the
membrane is a function of the vapor fraction gradient, as described by Equation 2.17.
Since the thickness of the condensate layer is neglected and the concentration ¢, is

fixed at the constant average temperature Tga,, this becomes:

P Dw——a, Ti — Zam
I = e In 1+——’> 4.4
(R/Mw)Tgap dgap ( Tam — 1 (44)
which may be rearranged to solve for zom:
—Jm(R/M, w)Tgapdgap

Zam = 1+ exp [ (4.5)

i [CR)

The vapor fraction at the condensate layer interface, z;, can be determined using
Equation 4.1 by evaluating it at the interface temperature where z; = py(T3)/P..
This interface temperature is also the wall temperature of the condenser, since the
condensate layer has no thickness. Since the condenser wall is typically made of a
highly thermally conductive material, such as copper, it too has negligible resistance.

Therefore the interface temperature can be related to the coolant temperature by the
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heat transfer coefficient, which for a coolant channel of the same gebmetry as the feed

channel is also h;:

Imbisg

t

Ti=Tp+ (4.6)

To evaluate the flux across the top of the module, the temperature of the coolant
at the top of the module must be approximated. Since AGMD systems operate in
counterflow, as shown in Figure 2-4, the temperature at the exit of the coolant channel
is increased by the energy of condensation that is absorbed along the full length of
the membrane. A simple energy balance, shown in Equation 4.7, can be used to
approximate the coolant exit temperature. Since membrane flux varies along the
length, with flux at the bottom of the module approximately 1/3 of that at the top,
an average value of flux expressed as a fraction of flux at the top is used. This fraction
is approximately 2/5 and is determined by solving the detailed numerical model for a
variety of top temperatures, mass flow rates, and system sizes, and taking an average
of this ratio. Generally the ratio is a strong function of top temperature, owing to
the exponential dependence of the driving pressure on temperature, and a very weak

function of system size.

'r'nfcp(Tc,b — Tbot) = (2/5)Jmhngm (47&)
2/5)JnhseAm
T, = COVmlsohn | 1 (4.70)
mgCp

It is now possible to back substitute Equations 4.3 - 4.7 into each other and then

into Equation 4.2 to obtain an implicit expression for flux, as shown in Equation 4.8.

J,. = BP, [exp (~Jm(—"1A,§L)TZL;ﬂm) _ 1] n

BCl exp (Cthop - JmCL}Ziﬂ.) - (48)
BCy [exp (CaTho + Jon (Zpt2 — Clifelpties 1 QoD Anlsy ) )|
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Equations for heat input, GOR, and recovery ratio (RR) in terms of flux at the top

of the system can also be obtained:

Qin = 15y (Tiop — Tep) = 5y (Tiop — Thot) — (2/5)ImhsgAm (4.9a)

_ (2/8)ImhsoAm _ [15Cp (Tiop — Toot) -

R = @ik, 90
_ In(2/5)Am _ cp(Tiop = Thot) (1 -

RR = Y e cor 1 (4.9c)

First, a non-dimensional water production rate based on the driving evaporation
potential governed by difference between the top and bottom temperatures is found

in the formulation of Equation 4.8:

_ BCexp [C2AT) A,
= oy

Rp (4.10)

where AT is the temperature difference T;,, — Tpt. This captures the operating tem-
perature difference and membrane properties, in the form of B. It is non-dimensionalized
by the feed mass flow rate.

From Equation 4.8 several parameter combinations can be observed, which gov-
ern the energy recovery and energy effectively consumed to drive the evaporation

potential:

_ (B/My)Tgapdgap
Rp = =g (4.11a)
h
Ry = &2 (4.11b)
by
Rp = 02(2/_ 5)Amhyq (4.11c)
ey

To obtain the effect on the driving force, these ratios are multiplied by the total flux,
and thus the ratios have units of inverse flux, or s m?/kg.
The energy consumed to drive the evaporation goes with the mass transfer across

the gap (Rp), and temperature polarization in the feed and coolant channels (Rr).
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Rp goes with the system energy recovery. In a membrane distillation system, GOR
generally goes up with an increase in flux, driving potential, and energy recovery,
with energy recovery being the dominant contribution to GOR for systems of low flux
and large membrane size. The first two ratios relate to the resistance to vapor mass
transfer (in the form of reduced pressure driving force due to temperature polarization,
and mass transfer resistance through the gap). GOR would vary wiﬁh the inverse of
these ratios. The heat transfer coeflicient that appears in the temperature polarization
ratio is also a function of system size, most strongly the mass flow rate and cross
sectional area of the flow channel. Since the relation between system size and heat
transfer coefficient varies with the flow regime, a simplified relation between heat
transfer coefficient and system size cannot be obtained for all systems. Therefore, the
inlet parameters will remain expressed as h; and explicitly calculated based on the

fixed system size and constant fluid properties.

Given a non-dimensional driving force and several additional parameters relating
to the energy consumption and recovery, a non-dimensional parameter relating to the
system performance can be postulated by arranging each additional parameter (Rp,
Rr, and Rp) based on their relative impact on GOR in to a non-dimensional ratio

and multiplying that ratio by the non-dimensional driving force (Rp):

U =R RR . BCl exp [C2AT] Am (2/5)Amhfg
T PRy +Rp m . hsg | (R/Muw)Tyapdgap (412)
s mgCp ( he T " CiDu P )

The effect of each parameter can be seen on system performance. The system is more
energy efficient when the area is large relative to the feed mass flow rate, the gap is
small (reducing the length for vapor diffusion), the heat transfer coefficient is higher,
diffusion coeflicient is maximized, and the driving potential for evaporation is high.
Some parameter changes, such as providing a large membrane area (i.e., large channel
width and long length) can be at odds with increasing heat transfer coefficient (i.e.,
reducing channel width and increasing Reynolds number for a given feed mass flow

rate) and require optimizing the system parameters given cost and constructibility
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constraints. The trend of ¥ holds for systems of any size. For some small systems,
such as the experimental system described in this chapter, the effect of temperature
polarization and diffusion resistance (Rr + Rp) can be much larger than the energy
recovery, and as a result these systems perform substantially more poorly and ¥ is
small, or less than one.

To validate ¥ as a scaling parameter, it can be evaluated across a range of MD
systems for which GOR is determined using the validated detailed model from Chap-
ter 2. A set of test cases can be created by varying several design parameters one at
a time while keeping the remaining ones constant. The baseline parameters are listed
in Table 4.1. These systems represent all sizes and performance levels, and are not
necessarily optimized for GOR. The baseline systems is representative of a typical

production-scale system.

Table 4.1: Parameters of a baseline AGMD system from which test cases are gener-
ated.

Parameter Value
Mass Flow Rate [kg/s] 1

Inlet Temperature, Ty [°C] 20

Top Temperature, T;op [°C) 85

AT [°C] 57
Length [m] 145
Width [m] 0.7

Flow Channel Depth [mm] 4

Gap Size [mm] 1.55
Membrane Material PVDF
Membrane Dist. Coeflicient, B 16 x 1077
[kg/m?Pa s

Membrane Pore Size [pm] 0.2
Membrane Thickness [mm)] 0.2

Air Gap Spacer Open Area [-] 50%

Air Gap Spacer Material Polyproplyene

Each of the design parameters in ¥ are varied, and the resultant GOR and ¥ values
are plotted on the same graph. If ¥ is an appropriate non-dimensional parameter
describing the AGMD process, then all the points should fall essentially on the same
curve. There will be some inconsistencies arising from the approximations made to

obtain the simplified model and ¥. Figure 4-1 shows this relationship for 66 different
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AGMD systems as modeled with the detailed model described in Chapter 2.
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Figure 4-1: Non-Dimensional System Parameter ¥ vs. modeled GOR for 66 different
systems.

It can be seen that, for most of the design parameters varied, the relationship be-
tween GOR and ¥ for each collapse onto the same curve. There is some variation
from the model simplification, but most parameters behave with a similar polynomial
dependénce. The relationship predicted by varying the air gap size, however does not
fit, and results in a linear relationship between GOR and ¥. Varying B results in
a relationship that is of a higher order polynomial than the rest of the data. ¥ is
completely insensitive to the effects of gap pressure, because approximations made
in the simplified model result in the gap pressure dropping out in the term D,,_,P,.
Therefore ¥ cannot be used for comparisons across pressure, gap size, and membrane
properties.

For the purposes of comparing the experimental system designed in this Chapter
(Table 4.2) with production scale systems such as one described in Table 4.1, the
poor prediction of GOR using ¥ for systems of varying gap size and membrane
properties can be eliminated when assessing the overall relationship between GOR

and V. This is because production and bench scale systems can be built with similar
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(small) gap sizes and the same membrane, but a system with hundreds of square
meters of membrane area and multiple kilograms per second of feed mass flow rate
that cannot fit on a lab bench. As a result the test cases generated from Table 4.1
use the same gap size as the experimental system, 1.55 mm, as well as the same
membrane, B = 16 x 1077 kg/m? Pa s. When systems of varying gap size and
membrane properties are eliminated from calculating the relationship between ¥ and
GOR, Figure 4-2 shows the resulting relationship. The relationship is polynomial in
nature in the form of ¥ = AGOR™. A very good fit (R? = 0.995) is obtained for
A =173 and n = 2.9. The bench-scale experiment is shown for comparison, which is

very well predicted by the curve.
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Figure 4-2: Non-Dimensional System Parameter ¥ vs. GOR with best fit curve

Therefore, in comparing the performance of a bench scale experiment to a production
scale system with the same membrane and gap size, one would multiply the results
from the small system by the ratio (¥proq/ ‘Ilexpt)l/ 9,

Since ¥ is a non-dimensional parameter it can be used to relate other system out-
puts, if those outputs are expressed as a function of other non-dimensional parameters,

such as the gained output ratio where GOR = (¥/7.3)(1/29). A non-dimensional pa-

rameter for the permeate flow rate, expressed as the recovery ratio, can be derived
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by using the relationship in Equation 4.13.

_ cp(Tiop — Thot) 1 -1
Upp = hfg (\11/7.3)1/2'9 +1 (4.13)

The same method for determining the relationship between ¥ to GOR ca be used

to determine the relationship between ¥gp to recovery ratio. Figure 4-3 shows plots

for the same set of systems as in Figure 4-1.
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Figure 4-3: Relationship of ¥gp vs. recovery ratio with best fit curve.
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The resulting polynomial relationship in the form of ¥gpr = A RR" is nearly linear,
where A = 1.24 and n = 0.97. It too is a good fit, with an R? value of 0.977.

Using Equation 4.13 the recovery ratio result of a small system to that of a larger
system can be done multiplying the recovery ratio of the experimental system by
(YRR prod/ YU RR,cxpt) /"""

Due to the highly non-linear equations governing the AGMD process, the relation-
ship between ¥y, ge and ¥,y can only be an approximate means of scaling a system
of two different sizes provided they have the same gap size, membrane properties,
and gap pressure, as the coefficients of ¥ = AGOR"™ change significantly with the
change in those parameters. For all other design parameters, ¥ can provide a robust
description of the process across the parameter range, allowing prediction of the per-

formance of a system of larger size from an experiment with the same membrane, gap

size, and gap pressure.

4.2 Design and Construction

In order to further validate the modeling shown in Chapter 2, and to prove the novel
concepts shown in Chapter 3, a modular experiment was constructed which could
easily be reconfigured depending on the mode being tested. Figure 4-4 shows the

layout with all the components necessary to test the various different configurations.

4.2.1 Objectives

There were three primary goals of the experimental work:

e Validate models for conventional AGMD, hot brine stream energy recovery,

reduced pressure gap, and solar direct heated concepts.

e Establish the importance of solar absorbing membrane in the solar direct heated

concept.

e Demonstrate the energy efficiency (GOR) of various concepts.
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Figure 4-4: Flow sheet for the experimental setup with all possible configurations
shown.

4.2.2 Experimental Design

Due to lack of adequate sunlight in the northeastern United States, the system was
sized to be illuminated by a bench-top solar simulator for testing of the solar direct
heating concept. This constrained the illuminated channel to a 9 x 9 in (23 x 23 cm)
square. In order to achieve a long aspect ratio a serpentine channel was designed to
fit into the illuminated square as shown in Figure 4-5.

The resulting channel is nearly 1 m long, and 4.5 cm wide, and is completely
contained in the square window. This allows the entire channel to be uniformly
illuminated by the solar simulator.

The channels were milled into a 1 inch (2.54 cm) thick Delrin (Acetal) block.
The plastic provides thermal insulation of the hot feed and thermal mass to even out
temperature variations that result from short time scale changes in mass flow rate in

the system. The disadvantage of this design is that the system takes a long time to
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Figure 4-5: Serpentine flow channel in a square area.

warm up when adjusting the heat input.

The block containing the coolant channel contains features to access the air gap. A
copper plate, which serves as the condenser surface closes the serpentine channel, but
allows the permeate to pass into the coolant channel block and out of the back of the
system. The module is oriented vertically with a slight tilt backward allowing gravity
to assist the movement of condensate. The membrane spacer, which contains only
two-dimensional features, allowing for easy manufacturing, spans the area between
the vacuum port and condensate collection channel.

Both channel blocks, the condenser surface, and the gap spacers are sandwiched
between two aluminum plates. The plates contain fittings for connecting the feed
stream, extracting permeate, and reducing gap pressure. The front plate also contains
a opening to allow a window for solar collection. Figure 4-6 shows each component in
the experiment stack for the solar collecting system. For experiments without solar
collection, the glazing frame and thin feed channel are replaced by a 1 inch (2.54
cm) thick Delrin block similar to the coolant channel, but without the condensate
collection and vacuum port.

The primary membrane used was the a PVDF unsupported membrane made by

Millipore (Immobillon PSQ). It was approximately 170 pum thick and had a nominal
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Figure 4-6: Components of MD module “sandwich”.

pore size of 0.2 um. The membrane distillation coefficient of 16 x 10~7 kg/m? Pa s
was taken from prior work by Khayet et al. [34]. For the a reduced pressure test
at 0.4 atm, a polyester supported PTFE membrane made by Pall Life Sciences was
used. It too had a nominal pore size of 0.2 pm, but a thickness of 300 zm including
its support layer. The membrane distillation coefficient of this membrane was scaled
from comparison testing between it and the Millipore PVDF membrane in another

setup, and was found to be 23 x 1077 kg/m?-Pa-s.

Once the stack is bolted together, an electric heater is added in-line in the feed
flow stream between the coolant outlet and feed side inlet. Due to the area of the
heater and the resulting surface heat flux, the top temperature of the system was
limited to 70 °C to avoid boiling that occurrs on the surface of the heater at higher
temperatures. Temperature measurement were accomplished by several threaded T-
Type thermocouples from Omega (TC-T-NPT-G-72) using the standard calibration.

The probes had an error of +/- 1 K for the temperature range considered.

A tank containing 10-13 ppt sodium chloride solution provided the feedwater for
the experiments, and allowed conductivity to be used as a tracer measurement to

detect leaks. The feed was circulated by magnetic drive pump (Little Giant PE-1.5-
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MDI-SC). A second pump (Little Giant 3-MDX) circulated fluid through a fan coil
radiator to maintain a consistent temperature in the feed tank.

Flow rate was controlled by means of a needle valve placed on the outlet before the
brine reject returns to the tank. This valve captures most of the pressure drop in the
system, keeping hydraulic pressure consistent inside the feed and coolant channels.
The resulting positive hydraulic pressure kept the membrane flat in the channel,
preventing non-uniformity in the flow and membrane area. This high pressure also
made it easer to remove air that may be trapped in the serpentine channel. Feed
flow rate was measured by taking a ballistic measurement, which involved collecting
the output of the feed for 10 or 20 seconds and weighting the result on a balance
of 0.1 g accuracy. Condensate was also collected and weighted periodically on the
same balance to measure permeate flowrate. The completely assembled experiment

(conventional heating) is shown in Figure 4-7

Electric Heater

Condenser Inlet
(Saline Water In)

Condenser Outlet
Feed Inlet

Brine Reject

Condenser Channel
Air Gap
Feed Channel

Permeate Outlet
(Not Shown)

Figure 4-7: Assembled module configured to be heated at the top of the cycle.

During an experiment the whole setup was surrounded by 1 in (2.5 cm) thick

foam insulation, limiting loss heat transfer coefficient to less than 1 W/m?-K. The
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operating parameters of the experiment are shown in Table 4.2.

Table 4.2: Experiment attributes and operating parameters.

Parameter Value

Mass Flow Rate [kg/s] 0.0004-0.0024
Inlet Temperature, Tgw,n [°C] 26-30

Top Temperature, Tf;, [°C] 42-72

Heat Input, Q,, [W] 100-270
Length [m] 0.973

Width [m] 0.045

Flow Channel Depth [mm] 5

Gap Size [mm)] 1.55
Membrane Material PVDF or PTFE (0.4 atm gap pressure)
Membrane Dist. Coefficient, B 16 x 10~7
[kg/m?Pa s

Membrane Pore Size [pm] 0.2
Membrane Thickness [mm] 0.2

Spacer Open Area [-] 50%

Spacer Material Polyproplyene

4.2.3 Solar Direct Heated Experiment

For experiments conducted with a solar absorbing membrane, the large feed channel
block was replaced by a spacer comprising the flow channel and a frame holding two
polycarbonate glazing panels which was placed over the flow channel spacer. Feed
water passes between the inner glazing panel and membrane, bounded by the feed
channel spacer. Figure 4-8 shows the device being heated by solar energy from a solar

simulator.

Composite Membrane Design

To enable a conventional MD membrane to absorb solar energy, the highly reflective
hydrophobic membranes needed to be treated in such a way to absorb solar energy
or layered with another material that would provide the absorption while the MD
membrane provides hydrophobicity. Because of the hydrophobic nature of MD mem-
branes, using a liquid dye would be very difficult, so a composite membrane strategy

was employed instead.

86



Figure 4-8: Assembled module with a composite membrane being heated by solar
energy.

A variety of layering material were first selected for their black-colored appearance
and ability to pass liquid. A selection of these materials were then tested in a Perkin
Elmer Lambda 950 spectrophotometer for their absorptivity in the UV, visible, an
infrared. Figure 4-9 shows absorptivity as it varies with wavelength. A standard solar
spectrum is plotted for comparison.

As a result of this analysis, the Millipore HABP, a hydrophilic nitrocellulose based
membrane, was selected. It had consistently high absorptivity across the range, and
was highly hydrophilic, promoting the passage of water. Materials with higher ab-
sorptivity, such as the coated fiberglass or woven carbon fiber cloth, were far less
permeable to water, and would add to the mass transfer resistance. Other hydropho-
bic membranes such as the mixed cellulose esters (MCE) and polycarbonate track
etched (PCTE) membrane saw absorptivity drop sharply outside of the visible range

and would fail to capture a large portion of the solar spectrum.
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Figure 4-9: Absorptivity of several solar absorbing materials for a composite MD
membrane.

4.2.4 Spacer Experimentation

In the course of developing the experiment, it was necessary to develop membrane
spacers that could support the mechanical loads of large pressure differences (up to
0.6 atm). Several different spacer types were tested, with a mesh style proving to
be the superior choice. The first iteration of spacer utilized open areas to maximize
the area for vapor to pass through. Figure 4-10 shows the spacer in context of the
module. The wider solid portions directly correspond to the division between the

vertical parts of the serpentine flow channel.

However, these openings were too wide to maintain even a hydraulic pressure
difference over the membrane of 14 kPa without the membrane sagging and contacting
the condenser surface. This would limit the area available for vapor flow and lead

to a non-uniform gap. The thin ribs in the spacer also suffered from buckling as the
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Figure 4-10: Open spacer placed over the condenser plate.

module heated up creating even wider gaps between ribs.

The next iteration retained the ribs, but narrowed the ribs and narrowed the gap
between them to 3 mm. The bottom of the ribs were disconnected from the spacer
frame, eliminating buckling due to thermal expansion. The increased frequency of
ribs resulted in a spacer that was approximately 60% open. The spacer is shown in
Figure 4-11.

While the ribs decreased the amount of vapor that could be passed through by
masking off 40% of the membrane, it was able to stand up to the hydraulic pressure
on the membrane; however, when the gap pressure was reduced, the membrane failed
from being excessively stretched around the corners of the ribs.

Since mechanical support was highly important for the module to function at all,
the final design was similar to what is used in high pressure RO systems, and utilized
a woven mesh. A mesh was selected to be the same material and thickness as a
standard polypropylene sheet. A frame was cut using a water jet cutter and a mesh
was pressed into the frame. The resulting spacer was slightly less than 50% open, but
supported the membrane more uniformly and eliminated sharp corners that could
damage the membrane when strong differential pressure was applied. Figure 4-12

shows the spacer installed.
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Figure 4-11: Narrow rib spacer, with higher rib frequency.
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Figure 4-12: Screen spacer with support in both the horizontal and vertical directions.
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4.3 Results

4.3.1 Validation and Reduced Pressure Gap AGMD

The first set of experiments was conducted to validate the detailed MD model in
Chapter 2 and to test the improvement of GOR as the pressure in the gap was
reduced. Measurements were made at successive heat inputs ranging from 100 to 270
W, at a mass flow rate around 0.0024 kg/sec.

To reduce the pressure in the air gap, the gap was connected to a vacuum
pump and a two stage water column for pressure stabilization and measurement.
A schematic diagram of the water column is shown in Figure 4-13. The first stage of
the water column is capable of reducing the gap pressure to 0.7 atm, adding a second
stage doubles that and enables pressure reduction to 0.4 atm. Due to the relationship
between gap pressure and GOR, reductions below 0.7 atm have a greater impact, as

shown by Figure 3-13.

To Air Gap
To Vac Pump

STAGE 2 STAGE 1

Figure 4-13: Two stage water column to reduce gap pressure to as low as 0.4 atm.
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As the heat input was increased, top temperature and mass flow rate increased.
The top temperature of the system was limited by the heat flux of the electric im-
mersion heater, shown installed in a tube at the top of the experiment in Figure 4-7,
such that the feed fluid would not boil at the surface of the heater. This limited the
top temperature to 72 °C.

Figure 4-14 shows the variation of GOR with top temperature in the experimental

system. A comparable GOR for an optimized large scale system is shown on the right

hand axis.
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Figure 4-14: Comparison between experimental data and model for a conventionally
heated AGMD system at atmospheric pressure.

Gap Narrowing Through Membrane Deformation

The results shown in Figure 4-14 demonstrate a consistent under-prediction of GOR
by the model. For a system of a given membrane area and heat transfer coeflicient,
the analysis in the first part of this chapter suggests a strong effect of the gap size
on overall performance. Because the membrane is subjected to a hydraulic pressure
of up to 14 kPa gage, it will tend plastically deform and sag into the open spaces
in the mesh. This has the effect of reducing the gap size, which in turn decreases
diffusion resistance across the gap. The maximum amount of membrane depression

was measured, and approximating the stretching as uniform over an opening in the
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spacer, an average membrane depression value was calculated. The model was run
again with the gap size reduced by this value. Figure 4-15 compares the model with

membrane stretching to the one without.
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Figure 4-15: Comparison between experiment and models with and without stretching
of the membrane.

The model agrees significantly better with experimental data once membrane stretch-
ing is taken into account. However since this is may not be uniform for all runs or
membrane types, further model comparisons are made assuming the gap is at the full

designed size.

Air Gap Pressure Reduction

Since GOR changes only slightly with a change in pressure up to 0.7 atm, reducing
pressure in the gap only slightly will not have a large impact. This effect can be
seen in Figure 4-16, which shows how GOR varies with temperature at various gap

pressures.
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Figure 4-16: GOR vs. top temperature for various gap pressures.

Superimposing the experimental results at atmospheric pressure over Figure 4-16,
pressure reductions for 0.9 and 0.7 atm fall within the experimental error. Experi-
ments at slightly reduced pressure (0.9 atm) were attempted previously [56] and only

a small enhancement of mass transfer was reported.
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Figure 4-17: GOR vs. top temperature for various gap pressures compared to exper-
imental results at atmospheric pressure.

As a result, reduced pressure experiments were conducted at pressures below 0.7 atm.
Tests were done at an absolute pressure of 0.4 atm with the supported Pall PTFE

membrane. The experiments are plotted in Figure 4-18.
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Figure 4-18: GOR vs. top temperature for atmospheric and 0.4 atm gap pressures
compared to experiments.

Evident in these results are the differences between the membranes tested. The
supported membrane did not stretch into the open spaces in the mesh, but did exhibit
a constant leak rate under mechanical pressure. This leak rate was measured by
taking the exact flow conditions as a typical test, but with the heater turned off.
Verification by salinity measurements confirmed the collected fluid in these tests was
entirely undiluted feed. The leakage rate was subtracted to obtain the results shown.

The benefits of pressure reduction can be more easily seen by comparing the
recover ratio, or non-dimensional product flow rate, and reduced pressure. These
data are plotted in Figure 4-19. This plot shows a clear benefit for reducing pressure

in the gap as a means of enchaining energy recovery and increasing water output.
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Figure 4-19: Recovery ratio vs. top temperature for atmospheric and 0.4 atm gap
pressures compared to experiments.

4.3.2 Solar Direct Heated System

Tests of the novel directed heated concepts were performed on the bench-scale exper-
iment.

In this system, the top temperature has less of an effect on system performance
than the solar irradiation flux. As the heating is distributed, the top temperature does
not necessarily occur at the inlet or outlet of the feed channel, and does not occur in
the bulk fluid stream. As conventionally heated systems of any size operate at similar
top temperature, small and large solar heated systems, are operated at comparable
solar irradiation flux. The solar flux has a greater impact on temperature, and thus
permeate flux, at lower feed flow rates.

Given the coupling of membrane area and solar collector area, membrane flux,

Jm, is directly related to GOR:

1A, I

GOR = (4.14)

Systems with comparable membrane flux have comparable energy efficiency, as they

are only related by the constant factor k4, which is the same for a system of any area.
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Representing the result in terms of permeate flux is clearer, because it is a directly
measurable quantity and the experimental error is confined to the measurement error
in flux alone, instead of being combined in the uncertainty in I. This serves the
purpose of validating the models for direct heating of the membrane as well.

The solar simulator used (Newport 92190) provided a uniform (within 10%) solar
flux, I, up to 750 W/m? for a 9 x 9 in square. Tests were also done at 580 W/m?
using a lower lamp power supply setting.

Figure 4-20 shows tests conducted at both irradiation fluxes across a range of mass
flow rates. In all the subsequent plots, the mass flow rates are normalized to the mass
flow rate needed for the highest temperature in the system to be within 1 °C of the
scawater inlet temperature, effectively providing no driving potential for evaporation,

at the highest solar flux (750 W/m?).

0.4 ’ ; ; .
i 0 750 W/m®
0.35} A 580 W/m?
——Model - 750
0.3} - - - Model - 580

Permeate Flux [kg/m? hr]
=}
Y]

0.1 0.2 0.3 0.4 0.5 0.6
Normalized Inlet Mass Flow Rate

Figure 4-20: Flux performance of a solar direct heated system.

The experiments show broad agreement with the model. The narrow range of tests is

primarily owing to the small scale of the experiments. Higher temperatures require

lower mass flow rates, which are harder to control consistently with manually adjusted
valves. Higher mass flow rates cause the feed temperature to drop, approaching the

feed water inlet temperature, and eliminating the distinction between different solar
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fluxes and decreasing permeate flowrate. Using a higher irradiation by bringing the
simulator closer to the membrane would result in greater non-uniformity in flux,
heating the inner channels significantly more than the outer ones. Calibration of the
simulator for an average heat input of 1.8 kW/m? resulted in a the outer channels
being heated an average of 25% less than the inner ones. Further reducing solar flux
by reducing power to the simulator lamp would also the system lower temperatures
too close to the feed water inlet temperature, resulting in low permeate flowrate.
The range of operating parameters shown in Figure 4-20 can provide a basis of
comparison to demonstrate the importance of heating the feed at the point of evap-
oration. This model will be compared to several other solar heating configurations,

schematically shown in Figure 4-21.

VT T |

A (B) O

Figure 4-21: Various heating configurations tested for comparison: (A) a direct-
heated composite membrane, (B) a heated plate above the fluid stream, and (C) a
direct-heated plain MD membrane.

Figure 4-22 compares the performance of different heating schemes. From these
experiments it is clear that heating at the membrane surface is superior. When
compared to heating above the fluid stream (with a coated absorber plate), the effect
of eliminating the heat transfer resistance from the bulk fluid stream to the membrane
is clearly evident. There are also additional losses as the coated opaque absorber is
closer to the environment. The effect of a solar radiation absorbing surface on the
membrane is also apparent in this comparison. Since three times as much energy is
absorbed at a the surface of the composite membrane than in the bulk fluid stream,
a membrane without a solar radiation absorbing layer would reflect most incident

radiation resulting in low heating and poor performance.
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Figure 4-22: Comparison of different solar heating configurations.

4.3.3 Hot Brine Discharge Regeneration

The experimental apparatus can also be used to test the effect of recovering energy
from the heated brine without recirculation. To accomplish this, a simple plate-
frame counter flow heat exchanger is attached to the bottom of the module as shown
in Figure 4-4. The heat input at the electric heater is then varied at a constant mass
flow rate (approximately 0.0024 kg/sec) so that the system functions over a similar
range of top temperatures with and without regeneration. The results are shown in
Figure 4-23.

The data show the same trend, as exhibited in Figure 3-12, for a large optimized
system. A model for the experiment here is not compared because the GOR is highly
dependent on the terminal temperature difference of the heat exchanger. While this is
measured and is used as in input in the model, the experimental error in the terminal
temperature difference is large enough of significantly affect the model output, so a
comparison with the model for validation purposes here would have little meaning.
However, the increase in GOR is significant, which fits what would be expected for

larger systems.
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Figure 4-23: GOR vs. Heat Input for an conventionally heated system with and
without regeneration.
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Chapter 5

Applications

Using the detailed model in Chapter 2, a varicty of system sizes, configurations,
and operating parameters can be explored. This allows for the optimization of MD

systems for maximum energy recovery.

5.1 Parametric Study of MD Systems - Optimal

Configurations

For comparisons of energy efficiency, the models in Chapter 2 were coupled with basic
single stage cycle designs. The basis for the geometry of the module used for every
configuration was one the designed by the Fraunhofer Institute [41] and tested in
several real-world settings [6, 7]. This module is found in the majority of current
solar-powered membrane distillation systems [20]. The dimensions were used in a
simple flat plate module with the baseline attributes listed in Table 5.1.

In the system models, feed water is assumed to be extracted directly from the
sea at 27 °C. Operation is steady and no storage or recirculation of the feed is used.
Heat exchangers have no fixed size or heat transfer coefficient, but instead are taken
to operate at a fixed terminal temperature difference (TTD). TTD is the minimum
temperature difference between two streams in a heat exchanger, and a value of 3

degrees kelvin was assumed, which is common in practice. This ensures that the
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Table 5.1: Module attributes of a baseline MD module.

Feed Mass Flow Rate, 7if,in 1 kg/s

Membrane Material Teflon (PTFE)
Length, L 10 m

Width, w 0.7 m

Flow Channel Depth, d.; 4 mm

Porosity, £ 0.8

Thickness, &, 200 pm

Membrane Distillation Coeff., B 16 x 10”7 kg/m?Pa s
Thermal Conductivity, k,, 1.2 W/mK

GOR is not limited by the fixed size of a heat exchanger and the comparison is only

between the MD configurations. Figures 5-1-5-3 show the flowsheets for these cycles.
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Figure 5-1: DCMD system flowsheet.
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Figure 5-2: AGMD system flowsheet.
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Figure 5-3: VMD system flowsheets, (A) without and (B) with brine regeneration.
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Comparisons, shown in Figures 5-4 - 5-9, were made between the configurations
(DCMD, AGMD, and VMD without brine regeneration) across the range of operating
conditions (feed inlet temperature, seawater temperature, and mass flow rate), as
well as module geometry (effective membrane length, flow channel depth, and air
gap width). In VMD, the vacuum pressure is a dependent variable, changed to keep
the terminal temperature difference in the condenser constant at 3 degrees kelvin.
This pressure varied between 7 and 23 kPa. Convergence of the model could not be
obtained for effective lengths beyond 40 m. The following figures show how GOR

varies with respect to changes in these parameters.

5.1.1 Module Geometry

Figures 5-4, 5-5 and 5-6 show that module geometry and design can have a dramatic
effect on GOR, particularly when considering the effective length. Increasing the
length increases the area for heat and mass transfer. In DCMD and AGMD this
increases the amount of energy that can be recovered, as fixed channel geometry fixes
the heat transfer coefficient in the channel. With a shorter length, and thus a higher
mean membrane flux carrying the latent heat of evaporation and permeate mass,
the amount of energy passed through the membrane is very high requiring a larger
temperature difference between the streams for a fixed heat coefficient. A larger
temperature difference is also required to condense the larger amount of vapor. This
increases the temperature difference at the feed inlet and permeate outlet, requiring
more energy to be provided by the heater, and decreasing GOR. In DCMD and
AGMD increasing the length increases GOR over a wide range. In VMD, however, this
advantage is diminishing after a certain length, as the pressure difference, and flux,
approach zero due to the feed temperature approaching the saturation temperature at
the reduced permeate pressure. With no additional flux through the extra membrane,
GOR remains constant. In AGMD another important resistance is the mass transfer
across the air gap. This resistance drives up the temperature difference across the gap
exponentially, as the mass carries the latent heat of fusion to the condensate layer.

Narrowing the flow channel thickness increases the Reynolds number and convective

106



heat transfer coefficient, decreasing the heat transfer resistance in the channel.

—DCMD
- = :AGMD
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Figure 5-4: GOR as a function of flow channel height.
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Figure 5-5: GOR as a function of length in the flow direction.
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Figure 5-6: GOR as a function of air gap size in an AGMD system.

5.1.2 Operating Conditions: Temperature and Mass Flow
Rate

GOR at varying operating temperatures is shown in Figures 5-7 and 5-8. Increasing
the top temperature increases GOR despite the increased demand on the heater, as
the greater flux is used to preheat the feed in DCMD and AGMD. The greater flux also
increases water production for a net increase on GOR. Lowering the seawater inlet
temperature creates more demand for heating without changing water production

significantly for a fixed top temperature, and therefore the GOR decreases.
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Figure 5-7: GOR as a function of top temperature, T¥;,.
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Figure 5-8: GOR as a function of bottom temperature, Tsw in.
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Figure 5-9 shows the effect of varying the mass flow rate. It shows that GOR
can be maximized when the flow rate is low and energy required to heat the feed is
minimized. For membranes 10 m long, mass flows under 0.2 kg/s yield relatively high
GOR. After a certain mass flow, rate GOR goes below 1 and decreases slowly. This
indicates that, for short membrane lengths, flow should be maintained in the laminar
regime despite the increased heat transfer resistance. In AGMD, however, GOR is
very high for a very low mass flow rate, as there is very little heat required to raise the
feed to its top temperature. Unfortunately, the water production is extremely small,
making this configuration impractical in the real world. Better results are obtained

by increasing the effective length for a higher mass flow rate.

9 T T

—DpCMD
8 - =-AGMD |
\ 1= =YMD

-— e k-

3F} « Laminar

1} Y Turbulent 4

4

0 0.5 1 1.5 2 2.5 3
Feed Mass Flow Rate [kg/s]

Figure 5-9: GOR as a function of mass flow rate. Gaps in lines indicates transition
flow region, where heat transfer coefficient is not defined.

VMD, however, does not follow this trend, as all the vapor is condensed externally,
not locally on a cool permeate stream or cooled condenser wall. Condensation in VMD
is limited by the bulk saturation temperature at the reduced pressure, instead of the
dew point temperature at the local water vapor partial pressure. Because DCMD and
AGMD operate at atmospheric pressure, the dewpoint temperature can vary and can
be locally higher than the mean saturation temperature, which corresponds to the
permeate-side pressures typically found in a VMD system. Therefore, as pressure is

reduced to increase flux in VMD, the amount of cooling water needed to condense the
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permeate vapor without exceeding the saturation temperature minus the condenser
terminal temperature difference becomes very large. Some of this incoming seawater
can be rejected as excess cooling water, which decreases the load on the heater, but
discards useful energy which otherwise could be returned to the feed. Thus, using
excess cooling water results in no net effect on GOR. It can alternatively be passed
through the heater, increasing the flux and water production; but in that configuration

the heating requirement outweighs the energy recovery resulting in a net decrease in

GOR.

5.1.3 Relationship Between Recovery Ratio and GOR

The proportional relationship between recovery ratio and GOR is demonstrated in
Figure 5-10. For DCMD and AGMD systems which show a large increase in GOR with
an increase in length, the recovery ratio increases as GOR increases. For very long
lengths of the membrane, total water production goes down as the feed temperature,
and evaporation potential decrease. However, the low membrane flux results in a very
low saturation temperature difference between the feed side membrane surface and
condensate-vapor interface in the gap to adequately condense, and the temperature
difference across the heater decreases as result. This effect results in a net increase

in GOR even as the recovery ratio levels off.
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Figure 5-10: Recovery ratio as a function of length for DCMD and AGMD systems.

5.1.4 Comparison of VMD: Use of Brine Energy Recovery

Since the brine reject in a single-stage system exits at an elevated temperature, it
would make sense to recover some of this energy and put it back in the feed. Ideally,
all the energy would be recycled by brine recirculation with the injection of make up
water to compensate for the fresh water generated. This is approximated in steady
state by an ideal regenerator (no terminal temperature difference) as shown in Figure
5-3B. Comparison between a normal single stage VMD system and one with brine
regeneration is shown in Figures 5-11 - 5-15.

These results demonstrate that, even with ideal brine energy recovery, the GOR
of a reduced pressure VMD system reaches a limit of 0.93, which is far below what is
expected to be needed for these systems to be economically viable [28]. This is because
the low saturation temperature prohibits high temperature rise in the seawater inlet
from energy recovery of the permeate vapor, which is essential for increasing GOR.

However, multi-staging may be able to overcome this limitation. Multi-staged
systems create a smaller amount of vapor in each stage at descending permeate pres-
sure. The cold seawater used to condense the vapor is passed in the opposite direc-
tion, gaining temperature as it heads to the first stage with the highest permeate

pressure. This arrangement allows similar flux as a large single stage VMD, but the
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Figure 5-11: GOR as a function of flow channel depth in VMD systems with and
without brine regeneration.

higher permeate pressures and corresponding higher saturation temperatures allow
heat transfer into the cold seawater at higher temperature, reducing the amount of
heating required. Recently, a system set up as a multi-effect distillation system which
uses membranes to produce vapor instead of direct boiling, achieved a GOR of around
3 in 5 stages [12]. However, similar performance might be achieved in single stage
AGMD and DCMD system, which may be less expensive to build, and would not

require additional energy for vacuum pumps.
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Figure 5-12: GOR as a function of effective length in the flow direction for VMD
systems with and without brine regeneration.
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Figure 5-13: GOR as a function of top temperature (T};,) for VMD systems with
and without brine regeneration.
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Figure 5-14: GOR as a function of bottom temperature (Tsw, ) for VMD systems
with and without brine regeneration.
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Figure 5-15: GOR as a function of mass flow rate in VMD systems with and without
brine regeneration

115



5.2 Large-Scale Solar Direct Heated AGMD

The model presented in Chapter 3 can be used to design large scale solar MD dis-
tillation systems, which can rival the performance of other means of solar-thermal
desalination.

Energy efficiency was tested by modeling the complete cycle for systems with and
without heat recovery from the brine (Shown in Figures 3-6 and 3-7 respectively.).
Lessons on optimal module designs from previous work [52] were applied to the base-
line design for modeling the current system. Table 5.2 shows baseline operating

conditions.

Table 5.2: Baseline Properties of a Solar Heated AGMD Module

Module Geometry Membrane
Effective Length, L 145 m Membrane Dist. Coeff., B 16 x 1077
kg/s m*Pa
Width, w 0.7 m Porosity 0.8
Channel Depth, d.p 4 mm Thickness 200 pym
Air Gap, 8gap 1 mm Conductivity 1.2 W/mK
Operational Parameters Solar Collection
Mass Flow, g, 1 kg/s Irradiation 850 W/m?
Seawater Temperature, Tswi, 20 °C Concentration Ratio 1
Glazing Separation 20 mm
Glazing Thickness 2 mm
Glazing Emissivity 0.8

Combined (7a) Product 0.8

Under these conditions, pressure drop in the flow direction is between 3.5-4 atm.
For comparison, the liquid entry pressure of a moderately hydrophobic membrane
with a contact angle of 120° and a pore diameter of 200 nm is around 6.6 atm, allowing
the membrane to withstand such hydraulic pressures even if it contains pores that
are larger than the mean pore diameter.

As this device relies on solar energy, the energy efficiency as measured by GOR
can be calculated in two ways: The heat input can be taken to be he incident solar
radiation, thereby accounting for all the losses in the solar collection step, which for
systems that use external solar collectors is captured by the collector efficiency. The

heat input can be taken to be the energy provided to the fluid, which excludes the
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collection inefficiency and heat loss from the device. Both versions of GOR are defined

in Equation 5.1:

Tphgg
GORy = =2 (5.12)
GOR, = Mphtsg (5.1b)

((S + Sf) - qwss)A

One sun represents 850 W/m?, the daily mean radiation for summertime in a
desert climate. The system was modeled at a variety of percentages of that amount.
When the heat input was taken to be the incident solar irradiation, GOR for this
system was on the order of 1, which is in line with existing solar desalination tech-
nologies. When the heat input is the heat that is absorbed by the fluid the GOR can
approach 3, which is competitive with commercial MD systems [12]. In this cycle,
the feed side membrane temperature varies a great deal and goes quite low, as the
coolant inlet is fixed at the cold seawater temperature. As a result, the potential
for evaporation is reduced and high concentration ratios are required to achieve good
performance as shown in Figure 5-16. However GOR improves significantly for a

given concentration by using a recovery heat exchanger.
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Figure 5-16: GOR as a function of degree of solar concentration with and without
brine regeneration.

Figure 5-16 shows how the energy efficiency of this system varies with heat input.
Overall the system with regeneration performs better for a given amount of energy
input, especially when the heat input to the fluid is used as a basis for GOR (GOR3).
This has the distinct advantage of eliminating the need for concentrating collectors,

and performing better during low solar insolation periods, such as dawn and dusk.

5.2.1 Comparison of GOR Between Different Solar Heating
Configurations: A Simple Direct Heated System

To better understand the energy efficiency behavior of a system where the solar
collection area is coupled to the distillation membrane area, two different methods
of solar collection are compared with conventional cycle heating. The conventional
cycle was heated with a separate 42% efficient solar collector array. The array was
composed of Xianke XKPH58-30 evacuated tube liquid heating collectors, one of the
best solar collectors for heating at high temperatures as rated by the Solar Rating
and Certification Corporation [57]. The efficiency figure of 42% assumes operation at

peak efficiency. Figure 5-17 shows results over a range of feed inlet temperatures. The
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MD module in this example has an extremely basic design, and does not make use of
very small air gaps, or vacuum between the glazings. The attributes and operating

conditions are shown in Table 5.3.

Table 5.3: Attributes and operating conditions of a simple one-piece solar MD desali-
nation system.

Parameter Value

Solar Flux 750 W /m?

Feed Inlet Mass Flow Rate 1 kg/s

Length 145 m

Width 0.7m

Flow Channel Depth 5 mm

Gap Size 1.5 mm

Spacer Open Area 50%

Glazings Double Glazed, Non-evacuated

Performance of direct heating is superior to external heating for all temperatures,
despite the fact that the membrane could be more throughly insulated if it was
decoupled from the solar collection. However, this is offset by the inefliciency of
the collector array itself, not including losses from the additional piping required to
deliver the hot fluid to the membrane module. For the opaque absorber over the fluid,
which is similar to a configuration studied by Chen and Ho [46], losses are greater
as a result of the absorbing surface being closer to the environment, and the driving

force for evaporation is reduced due to additional temperature polarization.
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Figure 5-17: GOR as a function of feed inlet temperature for two different solar direct
heating configurations and conventional heating.

These results suggest that direct heated membrane could be a viable alternative
to, and an improvement on, traditionally solar heated systems that are discussed at

the beginning of this thesis.

5.2.2 Conclusions

This device shows promise in improving solar powered desalination in a simple, effec-
tive single or two-piece device. It has the advantages of integrating solar collection
into a single device, and delivering heat directly to the source of evaporation, reduc-
ing temperature polarization, and increasing vapor flux. A simple liquid-liquid heat
exchanger can be added to improve performance, allowing the device to function well
during low insolation periods. This device has the potential to achieve performance
that exceeds both that of existing solar stills and that of more complex solar powered

MD systems by over 25%.
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5.3 MSF-Competitive Multi-Stage VMD System

A large scale multi-stage VMD system has the potential to be competitive with MSF,
but with all the advantages of MD as outlined in Chapter 3.

For the comparison, and in a compromise between summer and winter perfor-
mance, the seawater inlet temperature is set at 20 °C. The feed top temperature is
set At 95 °C, which is near the upper limit for MD systems. A once-through MSF
system with the same process flow shown in Figure 3-10 is used where the membrane
modules are replaced by an isenthalpic flashing process at the same pressure. The
decrease in vapor saturation temperature from stage to stage (called ATY}4,, in MSF
systems) is 3 °C. Saturation temperature determines the pressure in each module, P,

Optimal membrane sizing and flow rates were taken from results of the parametric
study of VMD systems in the first section of this chapter. The membrane module was
designed to produce the maximum amount of vapor at a given permeate pressure.
The maximum amount of vapor is produced when the feed temperature exiting the
module is reduced to the saturation temperature at the given module pressure, F,,
and the driving potential for evaporation is zero. As a result, membranes were short in
the flow direction with 400 sheets in parallel such that the feed reaches the saturation
temperature at the end of the module and no non-productive membrane is used. If
the difference in saturation pressure between each stage is equal then the optimal
module design for one stage should be close to optimal for all other stages. Feed flow
channel size was chosen to balance heat transfer coefficient (to minimize temperature
polarization) and pressure drop. A full list of system parameters for the two modeled

systems can be found in Table 5.4.
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Table 5.4: Parameters for MS-VMD system and MSF' equivalent

Operational Parameters Membrane Module
Inlet Mass Flow Rate 3 kg/s Length 2m
Top Temperature 95°C Width 0.15m
Seawater Inlet Tempera- 20°C Flow channel depth 2 mm
ture
Number of Stages 20 Membrane thickness 200 gm
ATjiasn 3°C Pore size 0.2 pm
Condenser Effectiveness 0.98 Number of parallel sheets 400
Cooler Effectiveness 0.96 Membrane distillation co- 16  x 1077
eff., B kg/m?s Pa

5.3.1 Energy Efficiency Comparison

Using GOR as a measure of overall system energy efficiency, MD and MSF system
performance show comparable performance for a membrane module that is optimally
designed to produce the largest amount of vapor possible. This makes the end states
of the evaporation process in MS-VMD similar to the end states of the evaporation
(flashing) process in MSF, with the resulting vapor produced in MS-VMD exiting the
module slightly superheated, as vapor near the feed inlet is produced at a temperature
slightly above the saturation temperature for that stage (Vapor at the feed inlet is
produced near the saturation temperature of the previous stage). For the operating
conditions given above and the same number of stages, multi-stage VMD has very
similar performance as measured by GOR as shown in Figure 5-18. Performance for a
non-optimal membrane module, which contains a quarter of the membrane area of an
optimized module, is also shown. Performance is significantly lower, demonstrating

the importance of module geometry in achieving superior system performance.
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Figure 5-18: GOR as a function of the number of stages in an MS-VMD process
compared with MSF and a MS-VMD system with a quarter of the optimal membrane
area.

As with MSF, performance is greatest for a large number of stages. The number of
stages is restricted by the top and bottom temperatures of the system, effectiveness
of the heat exchangers, and ATfqs. Decreasing AT}, allows a greater number
of stages and slightly higher thermal performance; however, equipment cost would
increase.

A similar trend in the recovery ratio is observed, as shown in Figure 5-19. The
results show a significant increase in recovery ratio, in line with those found in larger

thermal systems.

5.3.2 Irreversibility Comparison - Entropy Generation

Another way to evaluate the performance of the MS-VMD is to look at the rate of
entropy generation compared to similar components in MSF. Here a 20-stage system
for both MS-VMD and MSF with the parameters described in Table 5.4 will be used.
Specific entropy generation in a stage is defined as the total entropy generation divided
by the flowrate of fresh water permeate produced in that stage. Entropy generation

is defined as the difference between the flows, i, of specific entropy going in and out
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Figure 5-19: Recovery Ratio as a function of the number of stages in an MS-VMD pro-
cess compared with MSF and an MS-VMD system with 1/4 of the optimal membrane
area.

of the control volumes shown in Figure 5-20.
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Figure 5-21 shows a breakdown of specific entropy generation for each system. For
MS-VMD, the evaporation of water through an MD membrane replaces the vapor
flashing process in MSF. Despite the small pore sizes in an MD membrane, which
would lead to a great deal of mass transfer resistance, and thus high irreversibility, the
vapor flashing process is comparably irreversible. In fact, the production of vapor in
and MD process is less irreversible than a flashing process, but produces superheated
vapor. The difference between a MS-VMD system with an optimized module and
MSF arises from the fact that this superheated vapor, leads to additional entropy
generation in the condensation step, slightly lowering GOR. The greater source of
irreversibility overall comes from the condensation and cooling process, which could be
targeted for improvement; for example, by using a more effective condenser, or using

more stages and decreasing AT,s, to minimize the temperature gradient between
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Figure 5-20: Control volumes for comparison of entropy generation. (A) A MS-VMD
single stage, and (B) a MSF stage with the same components. Specific entropy is
evaluated at the inlets and outlets shown.

the vapor and condenser.
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Figure 5-21: Irreversibility comparison between a conventional once-through MSF
system and the MS-VMD process.

5.3.3 Conclusions

Analysis from both energy efficiency (GOR) and irreversibly (entropy generation)
perspectives clearly demonstrates the viability of MS-VMD for scalable, and poten-
tially reduced cost, water desalination. Using entropy generation analysis it can be
shown MD modules produce vapor more efficiently. However, due to the produc-
tion of slightly superheated vapor in an MS-VMD systems, the temperature gradient
between the vapor and condenser is larger, leading to more irreversibly in the con-
densation and cooling steps. This balances out the more efficient production of vapor
to produce a MS-VMD system that is overall very comparable in energy efficiency
to MSF, with the benefits of a more scalable system, the use of inexpensive polymer

materials, and the use of lower energy heat sources, such as solar energy.
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Chapter 6

Conclusions

This thesis has presented mathematical models for the commonly used configurations
of membrane distillation used in desalination: direct contact, air-gap and vacuum.
These models have been validated with available experimental data published in lit-
erature. Air gap membrane distillation was selected for its potential for improvement
and superior heat transfer qualities.

Several novel MD concepts aimed at enhancing the energy efficiency of the mem-
brane distillation process, including the use of solar energy to directly heat the point
of evaporation in an air gap MD system, and well as a multi-stage configuration to
enhance energy recovery in vacuum membrane distillation. Measures to enhance the
performance of an MD system were also evaluated; the use of an energy recovery heat
exchanger on the hot brine discharge to enhance efficiency while preventing brine
concentration, and reduction of pressure in the air gap to aid diffusion.

An experimental air gap membrane distillation apparatus was developed to test
both solar heated and conventionally heated systems, and to test the novel concepts

developed.

6.1 Modeling

The model provided a means of assessing the performance of a wide variety of systems.

When applied to the design of MD systems the following conclusions can be reached:
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Single stage VMD, utilizing a permeate stream of pure vapor, is inherently lim-
ited by the low temperature of condensation which results from reducing the
pressure. This makes it hard to heat the brine to a high temperature in the
condenser, and to recover heat efficiently. As a result, the GOR of single stage
VMD systems is limited to less than 1, even with ideal heat recovery /recircula-

tion of the brine reject.

AGMD and DCMD have the potential for high GOR if properly optimized.
Local condensation of vapor allows for heat transfer at high temperatures im-

proving heat recovery.

In these systems, GOR is raised by long effective lengths, and low flux, which

keep resistances to heat and mass transfer small.

In AGMD, the gap width has the greatest impact on GOR. This demonstrates
that diffusion across the gap is the limiting resistance that governs the perfor-

mance of most AGMD systems.

Reducing gap pressure can have a comparable effect to reducing gap size, and
can significantly enhance the performance of systems with small air gaps (on

the order of 1 mm)

Utilizing multi-staging in the style of an MSF system can overcome the perfor-

mance limitation of VMD, and offer comparable performance to MSF in a far more

compact size.

The model can be modified to guide the design of a solar-direct heated AGMD

system, which is has the potential for superior energy efliciency when compared to

current solar thermal heated desalination systems.

Given the superior heat delivery mechanism in a direct-heated system, a well

designed direct-heated system will outperform a system heated with a separate solar

collector array by over 1.25 times if the array has an efficiency as high as 42%, which

represents the most efficient high-temperature solar heaters available today.
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6.2 Experimentation

An experiment was used successfully to test the MD process over a variety of operating
temperatures and flow rates. Experiments for both a conventionally heated and solar

direct-heated AGMD system showed reasonable agreement with the model.

Relating the performance of systems with different membrane areas, operating
temperatures, mass flow rates, and heat transfer coefficients is easily accomplished
with a single non-dimensional parameter, ¥, derived from a simplified form of the
governing equations. A simple polynomial relationship relates performance with ¥
allowing a bench-scale experiment to predict the performance for a wide variety of
systems, optimized or otherwise, provided that experiment is tested with the same

membrane and gap size.

The experiment revealed important real-world limitations and features of the op-

eration of an MD system.

Due to the sensitivity of the AGMD system to the gap size, the spacer design had
a profound effect on performance. Spacers had a to support a membrane adequately
under the hydraulic pressure of the feed pressure and any reduced gap pressure with-
out tearing the membrane or causing it come into contact with the condenser surface.
However, despite the selection of a gird spacer with only 50% open area, there was
a slight amount of membrane deformation into the gap, which causes the model to
under-predict the performance of the experiment, which, as a result of the defor-
mation, has an effectively smaller gap size. Reducing the gap size in the model to
account for this deformation leads it to more accurately predict performance of the
experiment. This stretching could be a design feature; improving performance in
other systems provided the membrane is sufficiently strong to stretch without tearing

on the spacer.

Under reduced pressure membranes with an integrated support layer worked bet-
ter, as they did not stretch into the openings in the gap spacer, and agreement with
the model was generally better. Reduced gap pressure shows demonstrated superi-

ority in permeate mass flow rate, and thus energy efficiency in an air gap system.
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While reducing the pressure allows for the construction of larger gaps without sacri-
ficing energy efficiency, it is more suited to improve the performance of a system with
a small air gap. The additional cost of pressure reducing equipment has to be weighed
against the performance improvement from a gap pressure reduction, depending on

the overall design of the system.

Tests of the solar direct heated system proved the concept, and proved the use of
a composite membrane to absorb solar energy where a hydrophillic membrane which
absorbs solar radiation can be layered on top of a standard hydrophobic MD mem-
brane. The experimental results generally agreed with the model, and demonstrated
the importance of the novel element of absorbing solar energy at the membrane sur-

face as opposed to an opaque absorber placed above the feed flow channel.

6.2.1 Challenges of Small-Scale Experiments

When the experiment is configured for using solar collection, a unique set of challenges
arise. Since the system was designed to accept illumination from a solar simulator,
which has a uniform input over a small area, the amount of energy collected by the
device is limited. As a result mass flow rate must be lowered to increase the temper-
ature rise, and resultant permeate flow rate. However, at low flow rates temperature
polarization increases sharply, and the potential for high efficiency goes down, as
shown with a scaling analysis in Chapter 4. Additionally low flow-rates are hard to
maintain at a consistent operating condition. As flow rates increase, the low heat
input quickly drives the temperature rise in the feed to close to zero, eliminating the
potential for evaporation. Increasing the solar flux by moving the simulator aperture

closer to the experiment results in high non-uniformity in solar irradiation.

However, in the acceptable operating range, the experimental results nominally
match the model, and the model can be used to assess the performance of larger,

production scale systems.
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6.3 Future Work

While this thesis addresses important questions of energy efficiency in MD cycles,

additional work should be done to improve the use of MD processes for desalination.

Questions of practical constructibility can be further investigated, particularly
the effect of having a membrane that can intentionally stretch into the air gap under
hydraulic pressure to decrease effective gap size and improve performance. Spacer
designs optimized to take the greatest advantage of this effect without tearing the
membrane could be developed. This could serve as a substitute for moderate pressure
reduction in the gap, which would require additional expensive hardware.

Pilot plant design and testing of the solar direct-heated concept would provide
additional energy efficiency data at the appropriate scale and better define the cost
of a water from a production-scale system.

Further investigation into a pilot design and test of a multi-stage “MSF-type”
VMD system would provide additional insight into the cost and scale of those systems
as well.

Testing of the MD system with “challenge waters” or high-salinity, highly con-
taminated feeds would provide additional insight to niche applications for MD (such
as a brine concentration step at the end of an reverse osmosis or multi-stage flash
process, or use in treating water from unconventional oil and gas recovery). It would
also provide insight into how energy efficiency performance degrades over time due
to the scaling of the membrane or damage that leads to water breakthrough. Work
with high salinity brines or brines at high temperatures would lead to a better under-
standing of the reliability of MD membranes in desalination, and help further assess

the long term viability of MD as a production scale desalination process.

6.4 Contribution to Collaborative Works

The content of this thesis was used in collaborative works to model the performance

of a solar-powered AGMD system as design parameters vary [20], to assess changes
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in water cost as design parameters vary in DCMD, AGMD, and VMD systems [28],
and to assess changes in system performance with varying membrane properties [58].
The model in Chapter 2 was used to evaluate the sources of irreversibility in a DCMD

system [59].
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