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ABSTRACT

An investigation was made of the applicability of optimal control
theory to the design of control systems for nonlinear multivariable
chemical processes. A hypothetical fluid catalytic cracking process,
which is of great economic significance in the modern petroleum re-
finery, was selected as a typical representative of such a chemical
process and was used to test and evaluate alternative approaches to
the problem.

Mathematical models describing the dynamic behavior of the process
in varying degrees of detail were developed from unsteady-state heat
and material balances about the reactor and regenerator, The models
utilized semiempirical equations to describe the kinetics of the
cracking and carbon burning reactions. The kinetic equations were
based upon experimental work reported in the literature.

The dynamic models were used to simulate the process on a digital
computer. An extensive investigation was conducted to determine the
degree of detail in the mathematical models that would be required for
the optimal control studies, It was found that, for the purposes of
this work, each fluidized bed could be considered perfectly mixed
with respect to spent or regenerated catalyst and that the gas could be
assumed to move in plug flow through the bed with negligible time de-
lay. Although there is apparently no quantitative data publicly avail -
able describing the dynamic behavior of a commercial cracking unit,
the general dynamic characteristics of such units are well known and
qualitative descriptions are available. The simulations carried out
in this work predicted all of the important dynamic characteristics
that have been attributed to commercial units.

The major result from this thesis investigation was the development of
a new approach to the design of control systems for highly nonlinear
multivariable chemical processes based on optimal feedback control
theory. This approach involves obtaining explicit solutions numerically
for the open-loop control policy which restores the process from a
disturbed state to a steady state in an optimal fashion. These explicit
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solutions are obtained for a range of initial disturbed states and they
are then converted into implicit closed-loop control policies that can
be implemented as an optimal feedback control law. The new ap-
proach to control system design was demonstrated for the design of a
control system for the hypothetical fluid cracking process,

The objective function is based on an economic balance for the process
and incorporates penalties for exceeding safe temperature and oxygen
levels in the regenerator. The optimal control problem, with air rate
and catalyst rate as control variables, was formulated using the maxi-
mum principle of Pontryagin and the explicit numerical solutions for
the open-loop control policies were obtained by the method of steepest
ascent of the Hamiltonian (or gradient method in function space).

In the feedback control law which resulted from converting the ex-
plicit solutions into implicit solutions, the regenerator temperature
is controlled by the air rate and the oxygen level is controlled by the
catalyst rate. This control scheme is quite different from that which
is typically used in refinery operation where the reactor temperature
is controlled by the catalyst rate and the oxygen level is controlled
by the air rate. The performances of this new control scheme was
demonstrated by dynamic simulation to be significantly better at con-
trolling the hypothetical cracking process in the face of disturbances
than was the conventional control scheme.

The new design approach was found to have significant advantages
over conventional trial and error methods, because it is systematic,
and because it provides information to evaluate the desirability of
each design step, since the ultimate performance of the system is
known from the optimal control theory.

Thesis Supervisor: IL.eonard A. Gould

Title: Associate Professor of Electrical Engineering

Thesis Supervisor: Lawrence B. Evans

Title: Assistant Professor of Chemical Engineering
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CHAPTER I

SUMMARY

Introduction

Although recent advances in the theory of optimal control have
been remarkable, the application of the theory to the control of
chemical processes has been restricted largely to overly simplified
situations of limited practical significance. A major difficulty in
designing control systems for chemical processes is the compli-
cated nature of most processes. Chemical processes are generally
highly nonlinear, multivariable systems, and receive a wide range
of disturbances. Furthermore, the operating goal for most chemical
plants is not only the regulation of process variables, but also the
realization of maximum profit.

The purpose of this work is to investigate the applicability of
optimal control theory to the problem of control system design for
a typical example of multivariable, nonlinear chemical process. A
hypothetical fluid catalytic cracking unit was selected as the process
to be studied. It provides a challenging control problem, and also is
of great economic significance in a modern petroleum refinery.

Until the late 1950's fluid catalytic crackers were relatively
easy to operate, However, as refineries became more complex,
greater efficiency has been required. Removal of the catalyst-
deactivating influence of regenerator spray water has increased re-
generator temperatures 100-1500F, to above 1200°F . Afterburning
of CO to CO2 will occur readily at these temperatures, if there is any
significant content of oxygen in the flue gas. Afterburning results
in rapid and excessive temperature rises. All of these actions in-
fluence the carbon content of the circulating fluidized catalyst and

the heat balance in the unit to produce a potentially unstable operation.

-1-
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This can easily result in an upset condition, unless the control system

is properly designed or operators remain alert.32

Theoretical Background for a New Approach in Control System Design

In recent years great attention has been given to the theory of
optimal control.é’ 39,58, 60 The theory assumes a plant described by

a set of ordinary differential equations:
x = f(x,u) (1.1)

where x represents a vector of state variables (dependent variables)
and u represents a vector of control variables (independent variables).
An objective functional (or performance criterion), which may consist
of profit, cost, or other artificial measure of performance of operating

the plant from time t =0 to t=1t., is given by:

1
t

1
T (u) =f L(x, u)dt (1.2)
0

where 1. may be an arbitrary function. Optimal control theory asks
how u should be chosen as a function of t, 0 <t < tl’ to make the
objective functional J a maximum (or a minimum).

Once the problem is posed, the optimal control can be derived by
mathematical techniques, such as the calculus of variation, 38 or its
extension, the maximum principle of Pontryagin.58 If an explicit
result is needed, however, the computations are severe, Results
have been obtained thus far only for relatively simple functions of 1.,
and for plants defined by small sets of equa.’cions.60 Most of the work
in optimal control theory has been directed toward obtaining an explicit

solution, or an open-loop structure of the optimal system,

3
Superscripts refer to numbered items in the Literature Citations.
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In some cases, it is possible to obtain the structure of the optimal
control system without explicitly solving the equations for the optimal
control, u. For example, if the plant is operated continuously for
1 in Eq. 1.2 be-
comes so large that the optimal control u is effectively independent
of t.,. Then, u(t) for 0<t<t

1 1
dition (initial state) of the plant x(0). This can be simplified further

a sufficiently long period between shutdowns, then t
will depend only on the initial con-

by using the principle of optimality, namely--Whatever the previous
state and previous decision, the remaining decision must constitute
an optimal policy with respect to the state resulting from the previous
decision. Thus, in general, if tl is infinite the optimal functional

relation between u(t) and x(t) at any instance t is

u = 1;1_(}5) (1.3)

This relation, if it exists, is called a closed-loop structure of the
optimal control system, and may be considered an implicit solution
(or optimal control law).

This closed-loop structure essentially has the following advantages

over the open-loop structure:

1. A closed-loop structure does not require ex-
tensive on-line computations to implement it
in a real-time operation. According to
Egs. 1.1 and 1.3, the plant should obey the
differential equations:

£ = £(x b)) (1.4

and the resulting behavior corresponds toc optimal
operation, An open-loop structure requires

an optimizing computation for an operation with

a different initial condition.

2. Generally, real plant performance will be af-
fected less by disturbances and by errors in
the mathematical model when a closed-loop
structure is implemented than when an open-
loop structure is implemented,
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A result of this thesis investigation is a proposed new approach
to control system design based on the above closed-loop structure
of the optimal system. However, with this new approach the optimal
control system will not be implemented directly, but an alternative
closed-loop control system will be implemented which approximates
the resulting implicit solution (or optimal control law) by a simple re-
lation for practical use. And if the performance of this alternative
closed-loop control is tested for various disturbances with the use of
dynamic simulation, then the evaluation of this new approach is
possible.

An implicit solution, however, can not be obtained analytically

except certain idealized cases, 6,36

Therefore it is necessary first
to obtain an explicit solution and then to convert it into an implicit
solution. In order to obtain an explicit solution, there exist two
groups of computational algorithms. One group uses necessary con-
ditions for optimality derived from the calculus of variation or the
maximum principle and transforms a dynamic optimization problem
into a two-point boundary value problem, which is very difficult to
solve because a set of differential equations must be solved in a
direction in which their behavior is unstable.éo The other group es-
sentially uses a hill climbing approach. The method of steepest
ascent of the Hamiltonian (or gradient method in function space) be -
longs to this second group and has been used successfully.33’ 39,60

The method will be summarized briefly.

First, the problem of optimizing an objective functional, Eq.1.2,
while observing Eq. 1.1 as constraints, can be reduced to the problem
of optimizing the following L.agrangean functional with respect to x,

and u:

t

L wpw = dw+[ plew -1 a (1.5)
0
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where p represents a vector of costate variables (or Lagrange
multipliers). After certain mathematical manipulations, 0 it is

possible to state that if p. is chosen such that
p = -98H/dx with p(t;) =0 (1.6)

where H is referred to as the Hamiltonian function and defined by

H(x,p,u) = L{x,u) + p'f(x,u) (1.7)

and if Eq. 1.1 is satisfied with a certain initial condition, then the
variation of the Lagrangean functional with respect to u is expressed
by

B!

6,[_(5) =f (8H /5u)'sudt (1.8)
0

Equation 1.8 is the basis of the method of steepest ascent of the

Hamiltonian, since it is possible to insure positive 61 (u) by setting

su = e(dH/du) (1.9)

where e is a positive relaxation parameter, until 8H/8ui becomes
zero or u, is found on the boundary at which the free choice of u; is
limited,

A typical computing algorithm for this method is the following:

1. For a specified time t:1 of operation, choose
a nominal u(t) as a first approximation. This
u(t) will be nonoptimal.

2. Integrate Eq. 1.1 from 0 to t for the as-
sumed u(t).

3. Now integrate Eq. 1.6 from t; back to 0,

which is possible because the x are known
along the trajectory.
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4., In the course of (3) evaluate 8H/81_1_ as a
function of time.

5. Replace u(t) by 9_(t)+68H/83, and repeat
from (2).

It should be noticed that Egqs. 1.1 and 1.6 are each integrated in
the '"'matural'' direction, that is, the direction in which each is ex-
pected to be stable. This eliminates the problem of stability which is
encountered in a direct application of the variational method. There is,
on the other hand, a problem in choosing e. If e is too small,
progress will be slow. If it is too large, the iteration becomes un-
stable., The best method of selecting and varying e during the compu-

39

tations depends upon the particular problem.

Specific Objectives

As was stated earlier, the purpose of this work is to investigate
the applicability of optimal control theory to the problem of control
system design for a hypothetical fluid catalytic cracker as a typical ex-
ample of a multivariable nonlinear process. It is now possible to de-

scribe the specific goals of the work:

1. The first objective was to evaluate a new ap-
proach to control system design that was de-
veloped in the course of the thesis investi-
gation and which, as described earlier, is
based essentially on a closed-loop structure
of the optimal control law, The performances
of the resulting control system was tested
for various disturbances with the use of dy-
namic simulation.

Z. The second objective was to test a compu-
tational algorithm--the method of steepest
ascent of the Hamiltonian-~-for dynamic
optimization of a highly nonlinear multi-
variable process typified by a fluid catalytic
cracking unit. In the work, the applica-
bility of using penalty functions (artificial
measures of process performance
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under certain undesirable operating conditions
which should be avoided) was tested to obtain
an approximate solution for the problem of
dynamic optimization with the allowable ranges
of state variables restricted.

Control of Fluid Catalytic Cracking Processes

Catalytic cracking is a continuous process for converting high-
boiling, high-molecular-weight components of distilled crude oil into
lower -boiling, lower-molecular-weight materials such as gasoline.
This processing adds economic value to the oil. A catalyst is used to
effect the reaction, and in fluid catalytic cracking the catalyst is in a
fine powder form and is maintained in a fluidized state.

The diagram of the process is shown in Fig. 1.1. The catalyst
circuit consists of the reactor, stripper, spent catalyst slide valve,
air riser, regenerator, standpipe, regenerated catalyst slide valve,
oil riser and leads back into the reactor with the catalyst flowing in
the same order.

Fresh feed and recycle feed are vaporized on contacting the re-
generated catalyst at the base of the oil riser and lift the catalyst into
the reactor where disengagement is accomplished both by gravity and
with cyclone separators. The endothermic reaction commences at
the moment of contact and is completed in the reactor. The product
vapors pass overhead to the fractionator.

The catalyst, from the reactor, which has a layer of coke de-
posited on it as a result of the reaction, is stripped coutercurrently
with steam to remove entrained oil vapors. Air moves the spent
catalyst to the dense bed in the regenerator and burns off the carbon-
aceous deposit from the catalyst as HZO’ CO and COZ' This reaction
is exothermic, and the hot regenerated catalyst flows back into the
reactor and provides the necessary heat for the cracking reaction.

As is shown in the figure, there are five controls which the

operators may adjust: air blower adjustment, slide valve adjustment,
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Fig. 1.1 A Typical Fluid Catalytic Cracking Unit
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reactor level controller setting, fuel gas flow rate to the feed pre-
heater, and feed rate. The air blower is adjusted to supply necessary
air to the regenerator. The slide valve is adjusted to supply neces-
sary catalyst flow to the reactor. The reactor level controller setting
is adjusted to maintain a certain catalyst holdup. The fuel gas flow
rate to the feed preheater is adjusted to maintain a certain feed
temperature at the coil outlet, The feed rate is adjusted to maintain
a satisfactory condition depending on the regenerator capacity, pre-
heater capacity, etc.

The objective is to maintain a set of conditions which will result
in the satisfactory operation of the process. Some of the problems
involved in control of a fluid catalytic cracking unit may be explained
in terms of the idealized representation (referred to as mathematical
Model No. 1) shown in Fig. 1.2 . (Symbols are listed in Table 1.2.)~
There are five independent variables which can be varied at will plus
five dependent variables {of which only Trg’ Ofg and Tra are con-
tinuously measurable). The principal disturbance which affects the
operation of this process is the fluctuation of feed properties. This
results from the unavoidable necessity of processing several dif-
ferent crude-oil stocks during a relatively brief period. Another
aspect of the control problem is that Ofg and Trg must be maintained
below certain specified values to insure safe operation of the regener-
ator. Therefore the control problem is to manipulate some or all of
the independent variables in order to maintain satisfactory per-
formance in the face of disturbances, while restricting the variables
within allowable ranges.

The dynamic mathematical Model No. 1 for a hypothetical fluid
catalytic cracker with dense bed reactor was developed by isolating

the reactor and regenerator systems from the fractionator and the

feed preheater. The main assumptions were as follows:
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1. A fluidized bed is ''perfectly mixed' with respect
to spent and regenerated catalyst.

2. Gas passes through the bed in a plug-flow manner
with negligible time lag.

3. Constant pressure is maintained in both vessels,

4. The heat capacity (per unit mass) of reactants and
products are equal and constant in each vessel.
Catalyst heat capacity is also constant.

5. Activation energies, heats of reaction and heat of
vaporization of the feed are all constant,

The dynamic models of reactor and regenerator involve carbon
balances, heat balances, and reaction rate equations; they are shown
in Table 1.1. The equations are dimensional and their symbols are
listed in Table 1.2. Equation 1.10 is a reactor carbon balance
equation; accumulation equals carbon forming rate plus the dif-
ference between input and output due to catalyst circulation.
Equation 1.11 is a reactor heat balance equation; accumulation
equals the difference between input and output due to catalyst circu-
lation and reactant gas carry over minus the heats of vaporization
and cracking. Equations 1.12 and 1.13 were derived semiempirically
utilizing the results of experimental studies reported in the literature.
The basis for the derivation will be explained.

Gas oil is fed to the reactor, where it reacts to form product gas

while depositing coke on the catalyst,

catalytic cracking
Gas oil » Product gas + Coke (catalytic plus additive)

There are two mechanisms for depositing coke: as catalytic carbon
and as additive carbon. The catalytic carbon is produced in the
cracking reaction, while the additive carbon is present in most heavy

3,52

gas oils and deposits without catalytic reaction. Therefore

Eq. 1.13 allows for both mechanisms; the first term is for catalytic
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Table 1.1

Equations for Mathematical Model No. 1

a. Reactor Section

Carbon Balance Equation H__dC_ /dt = (50)R .+ (60)R_ (C_ -C )
ra scC ct rc' rc sc
(1.10)
Heat Balance Eqguation
ScHradTra/dt = (6O)SCRrC(Trg—Tra) - (.875)Sththf(Tra—Tfp)
—(.875)AHfVthRtf - (.S)AHchOC (1.11)
Cracking Rate Equation
Roc = (1.75)thRthtf (1.12)
( C K P
where tf - cr  ra
1-Coe Rtf: Hoa
) kcr AEcr
KCI‘ = exp ——"'(“T—-—m) with m=0.,15
ra
cat rc
|
Carbon Forming Rate Equation
Rcf = chpraHra + thRtf (1.13)
kcc AEcc
where KCC = o €XP —W) with n=0,06
cat " rc

Catalytic Carbon Balance Eguation

H

radccat/dt -

(50)K . P__H
cc ra ra

B (6O)chccat

(1.14)
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Table 1.1

Equations for Mathematical Model No. 1 (Contd.)

b. Regenerator Section

Carbon Balance Equation Hrgdcrc/dt = (60)RrC(CSC—CrC) —(SO)RCb

(1.15)

Heat Balance Equation

ScHrngrg/dt = (.3) AHr chb-(éo)Scch(Trg_Tra) -(. S)SaRai(Trg_Tai)

(1.16)
Carbon Burning Rate Equation
Rai
R, = g, (21 -Ofg)/(lOO) (1.17).
h [ 21 rg'lrg/Rai
where = exp < - =,
fg I/K_+(T00)/K__C__
2
1 Koa = C2Ry
AEor AEor
| Bor = ©3 **PyR(T560) " R(T, ,+460)
c. Control System
Reactor Temperature Controller
t
t
R_-R® = K(T_ -T° )+K f (T, -T5)dt (1.18)
rc " rc P ra ‘ra I ra r
0
Oxygen Controller ¢
s o s o s
Rai—Rai = Kp(ofg_ofg) + KII (Ofg'ofg)dt {1.19)

0

where superscript s represents steady-state (or equilibrium) value,
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Table 1.2

Symbols for Mathematical Model No. 1

C1 Stoichiometric coefficient (2. 0) 1b. oxygen/lb.coke
C, Coefficient for K_; (5.0 x 10_6) (M 1b. oxygen/hr.,
psia, ton cazt.)
(hr. /M 1b.)
C3 Coefficient for Kor {57.5) M 1b. Oxygen/hr. ,
psia, ton coke
Ccat Catalytic carbon on spent catalyst (0.9) wt. %
C.c Carbon on regenerated catalyst (0.6) wt. %
Ceoc Carbon (total) on spent catalyst (1.5) wt. %
th Conversion on total feed (0.5) vol. fract.
th Density of total feed (7.30) 1b. /gal.
Fg Coke formation factor of total feed (0. 0) (M 1b. carbon/hr.)/
(M bbl. /day)
ra Reactor catalyst holdup (60) ton
rg Regenerator catalyst holdup (200) ton
cc Velocity constant for catalytic carbon
formation
' Constant for K_
cc cc
Ker Velocity constant for catalytic cracking
Constant for K __
cr cr
X
kc was calculated by setting derivatives in Eqs. 1.10 and 1.15
¢ equal to zero, and solving simultaneously with Eqs. 1.13 and
1.17 at the assumed steady-state condition.
o kcr was calculated from Eq. 1.12 at the assumed steady-state con-

dition.
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Table 1.2

Symbols for Mathematical Model No. 1 (Contd.)

Integral gain for oxygen controller (-10)

Integral gain for temperature controller

(-0.1)

Oxygen diffusion coefficient

Oxygen reaction coefficient

Proportional gain for oxygen controller

(-40)

Proportional gain for temperature

controller (-0.2)

1,000

Oxygen in flue gas (0.2)
Reactor pressure (40)
Regenerator pressure (25)
Gas law constant (2)

Air rate {400)

Coke burning rate

Carbon (total) forming rate
Gas -o0il cracking rate
Catalyst circulation rate (40)
Total feed rate (100)
Specific heat of air (0.27)

Specific heat of catalyst (0.25)

(M 1b. air/hr.)/
mol 7% oxygen, hr.

(ton cat. /min.)/
°F, hr.

M 1b. oxygen/ton
cat., psia, hr,.

M 1b. oxygen/ton
cat., psia, hr,

(M 1b. air/hr.)/
mol %oxygen

(ton cat./min)/°F

mol %
psia

psia

" Btu. /1b.mole, °F

M 1b. /hr.
M 1b. /hr.
M 1b. /hr.
M 1b. /hr.
ton/min.
M bbl. /day
Btu. /1b., °F

Btu./lb., °F
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Table 1.2

Symbols for Mathematical Model No. 1 (Contd.)

Specific heat of feed (0.75)

Air inlet temperature (250)

Feed preheater temperature (700)
Reactor temperature (930)
Regenerator temperature (1, 160)
Time

Activation energy (intrinsic) of catalytic
carbon formation (18, 000)

Activation energy (intrinsic) of catalytic
cracking (27, 000)

Activation energy of oxygen reaction

(63, 000)
Heat of cracking (200)
Heat of feed vaporization (75)

Heat of regeneration (13, 000)

Btu
°F
°F
°F
°r

hr.

Btu
Btu

Btu

Btu.,

Btu.

Btu.

./1b., °F

./1b.mole
./1b. mole
./1b. mole

/1b.
/1b.
/1b.
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carbon. For the catalytic carbon, Voorhies 4 found that a velocity

constant for catalytic carbon (KCC) is approximately inversely pro-

portional to the catalytic carbon content on catalyst (CCa because of

)
its temporal catalyst deactivation, and it is shown in Eq% 1.13 where
a modification is made for the effect of residual carbon (Crc), which
is left unburned in the regenerator, and the effect of which is assumed
to be somewhat different f{rom that of Ccat'
Equation 1.12 was also derived by using the same assumptions
as in Eq. 1.13, except that the relation between a conversion on total
feed (th) and a velocity constant for catalytic cracking (Kcr) was
assumed to follow the relation, shown in Eq. 1.12, which was de-
rived by Blanding. 10 Effects of Crc in Egqs. 1.12 and 1.13 are
known as an effect on product selectivity and were determined from

the data reported by Oden, et al.SZ

Equation 1.14 is a catalytic carbon
balance equation; accumulation equals catalytic carbon forming rate
minus output due to catalyst circulation.

Equation 1.15 is a regenerator carbon balance equation; accumu-
lation is equal to the difference due to catalyst circulation minus
carbon burning rate. Equation 1.16 is a regenerator heat balance
equation; accumulation is equal to the heat of regeneration minus the
difference between input and output due to catalyst circulation and air
stream carry-over, In order to derive Eq. 1.17, a semiempirical
approach based upon data from the literature was used again. By
hypothesizing that the carbon burning reaction is controlled by a dif-
fusion mechanism from a bubble phase to an emulsion phase of the
fluidized bed and that the reaction rate is proportional to carbon con-
tent and oxygen partial pressure, Pansing56 derived the relation
shown in Eq. 1.17.

Thus far all equations necessary for dynamic simulation have been
described. In Fig. 1.2 a typical control scheme, where reactor
temperature is controlled by catalyst rate and oxygen level is con-

trolled by air rate, is shown by broken lines. Since this scheme is
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frequently found in the literature, 25,517

it will be referred to as the
"conventional control scheme' and is shown in Fig. 1.3. Controller
functions for this scheme are assumed to be '"proportional plus inte -
gral'' and their equations are given by Egs., 1.18 and 1.19 in Table 1.1.
The dynamic behavior of this catalytic cracker with the conventional
control scheme was illustrated by simulating the process and control
system on a digital computer (IBM 7094) with DYNAMO (a dynamic

>9 DYNAMO obtains a

solution to the differential equations by using Euler's method. Steady-

simulation-purpose computer program).

state operating conditions were chosen that satisfy all equations in
Table 1.1 with time derivatives set equal to zero. These values are
shown inside the parentheses of Table 1.2, The values of kc © and

c
k were adjusted to satisfy the assumed steady-state operating con-

cr

dition.
A dynamic simulation of this conventional control scheme, where

the initial carbon level is slightly higher than the steady-state level,
is shown in Fig. 1.4. The performance with the best controller
parameter tunings (selected by trial-and-error adjustment), which
are also listed in Table 1.2, is shown by solid lines. The performances
for different tunings are also shown by broken lines. For reduced con-
troller gains, as shown by symbols a and c, the response of the
control system becomes more sluggish, while for increased con-
troller gains, as shown by symbols b and d, the response of the
control system becomes more oscillatory or unstable. Figure 1.5
shows the case where the carbon production is suddenly increased by
a certain mechanism, which is due to feed composition variation; in
the computer model, F,

tf
namic behavior is explained by the following step-by-step analysis:

in Eq. 1.13 is suddenly raised. This dy-

1. The increased carbon production results in an
increased carbon content.

2. The increased carbon content tends to increase
the conversion of oxygen. Then, because of the
decreased cxygen level, the oxygen controller
raises the air rate.
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REACTOR TEMPERATURE OXYGEN CONTROLLER
CONTROLLER \

-+ < \ <} -

Fig. 1.3 Idealized Conventional Closed Loop Control Scheme of FCC
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The increased air rate, together with the in-
creased carbon level, results in higher re-
generator and reactor temperatures.,

Because of the increased reactor temperature,
the temperature controller reduces the
catalyst rate, and hence accelerates the re-
generator temperature increase.

The increased air rate, together with the high
regenerator temperature, tends to decrease
the carbon level which, in turn, tends to in-
crease the oxygen level.

The increased oxygen level reduces the air
rate and so on.

The disadvantages of this conventional control scheme are sum-

marized as follows:

1.

This control scheme can not eliminate the
relatively large variation in the regenerator
temperature and the oxygen level. These
phenomena are extremely undesirable When
the regenerator is operated at an allowable
maximum temperature.

This control scheme has a relatively small
damping ratio or small degree of stability
and the tunings of controllers are not trivial
but require great care.

The period of oscillation is relatively long;
in other words, the control system is very
sluggish, and a quick recovery from an upset
condition can not be achieved.

Thus far the general background and conventional means of con-

-trol of catalytic crackers has been described.

optimal control study will be discussed.

Results of the Optimal Control Study

Next, the results of the

An outline of the optimal control study for this hypothetical fluid

catalytic cracking unit is shown diagrammatically in Fig. 1.6.

First,
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the mathematical Model Nc. 1 is reduced to a simpler one, because
the computations for dynamic optimization are more time consuming
than those for dynamic simulation, and this simplified model is de-
noted Model No. 2. Figure 1.6a shows an open-loop optimal control
scheme where optimal air rate and catalyst rate will be determined as
two functions of time for a given initial condition and for a given ob-
jective function. Because of the essential disadvantages of this open-
loop structure, which were discussed before, it is desirable to con-
vert this open-loop structure into a closed-loop structure, as shown
in Fig. 1.6b. Optimal feedback control laws can be estimated from
a set of solutions for dynamic optimization with several initial con-
ditions. Finally, an alternative control scheme will be designed, as
shown in Fig. 1.6c, bv simplifying the resulting optimal feedback
control laws. The performance of this control scheme will be tested
by using the original mathematical Model No. 1 with disturbances.
Equations used for dynamic optimization are listed in Table 1.3,
They are dimensional equations and their symbols are listed in
Table 1.4, Equation 1.20 is an objective function to be maximized, the
integrand of which is an instantaneous gross profit rate minus two
penalty functions for regenerator temperature and oxygen in flue gas
which are restricted for reasons of safety, Equation 1.21 is an in-
stantaneous gross profit rate and its derivation will be described.
Gas oil is fed to the reactor, where it is partially cracked to form
gasoline, gas, and coke with an unconverted part remaining as cycle

oil,

Gas oil — Gasoline + Gas + Coke, + Cycle oil

Conrrerted Unconverted
By defining a product value as the sum of the flow rates of all of the
product streams multiplied by their respective unit values, with the
corresponding value of the plant feed subtracted from the sum,

Eq. 1.21 is derived. The derivation of gasoline yield (Yt

gﬂ) as a
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Table 1.3

Equations for Dynamic Optimization

B3

Objective Function J —_-f L dt where L = pi
0

-P_,-P (1.20)

g 1 " el

Instantaneous Gross Profit Rate

Rig t ¢ t )
P, = 25 (49D g Pog + Yo Poy ¥ Yo Py - Ptf} (1.21)

- ¥ y I ’
where ¢ - —8L Ji1-c )8 S (1-c_)} = gasoline yield
gt 1-1g2 tf tf
£ . .
Yco = 1 - th = cycle oil yield
) t
Y. = (.571)Rcf/Rthtf = coke yield
vt - 1-v'p /p.-Y" D /D -Y' = gas yield
_ gs gl gt Tt co “co’ Ttf ck = &

where superscript t represents a total feed base.

Penalty Function for Regenerator Temperature

m

1.
P (T, ) = Gl{T -(T.) } if T. >(T )

rg rg’max rg rg’'max

0 if Trgi(Trg)max (1.22)

where G1 is a positive constant and m, is an integer.

Penalty Function for Oxygen in Flue Gas

m
2 .
PeZ(Ofg) - {GZ{OEg —(Ofg)ma_x} i Ofg > (Ofg)max

0 i Op S (Op) oy (1:23)

where GZ is a positive constant and m, is an integer.
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Table 1.3

Equations for Dynamic Optimization (Contd.)

State Equations

d Trg/dt = fZ(Trg, C.or R, R (1.24)
d Crc/dt = f4(Trg Cocr R .. R.) (1.25)
Hamiltonian Function
H(Trg’ Crc’ Py» Py Rai’ ch) = L+ p2f2+ p4f4 {1.26)
where L=PrP -P.-P = I(T , C , R., R )
ig ei e’ rg’ “rc ai’ "rc
Costate Equations
b, = -aH/ax2 where x, = Trg (1.27)
Py = -8H/8x4 where x, = C__ (1.28)
Steepest Ascent of the Hamiltonian
u,—u, + ey aH/au1 where u, = R, (1.29)
u, =u, + e, 8H/8u2 where u, = R__ (1.30)
Modifications for Relaxation Parameters
©; T %% H Jew” Jola
i=1,2 (1.31)
e, it 71 <13

4 71 new old
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Table 1.4

Symbols for Dynamic Optimization

Density of cycle oil (7.38)
Density of gasoline (6.40)

Gasoline yield factor (1.0)

Gasoline recracking intensity (0.9)
Constant (5 x 1075

Constant (1.0)

Integer (2)

Integer (1)

Allowable maximum oxygen in
flue gas (0.2)

Price of cycle oil (3.42)

Penalty function for regenerator tem-
perature

Penalty function for oxygen in flue gas
Price of gasoline (4.59)

Price of gas (0.0112)

Instantaneous gross profit rate

Price of total feed (3.15)

Allowable maximum regenerator
temperature (1, 160)

Coke yield on total feed
Cycle oil yield on total feed
Gasoline yield on total feed

Gas vyield on total feed

1b. /gal.
1b, /gal.

1b. gasoline /1b.
cracked

mol %

$/bbl.

M$/hr.

M$/hr.
$/bbl.
$/1b.
MS$/hr.
$/bbl.

oF

wt, fract.
vol. fract.
vol. fract.

wt., fract,
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function of conversion on total feed (th) is as follows. Gasoline,
cracked from gas oil, is still subjected to a further cracking (so called
recracking) into gas and coke. By assuming that the ratio of cracking
rate of gasoline divided by gasoline partial pressure and cracking

rate of gas oil divided by gas oil partial pressure is constant and de-
noted by '"gasoline recracking intensity" (Ig!)’ and that the yield of
gasoline in an elemental gas oil cracking is constant and denoted by
""gasoline yield factor" (Fgl)’ an integration of this relation for the
total bed (plug flow equivalent) results in a gasoline yield as a function
of conversion.

Equation 1.22 is a penalty function for regenerator temperature;
if Trg exceeds an allowable maximum limit (Trg)max’ then this
function penalizes the objective function in order to avoid such a
situation. Equation 1.23 is a penalty function for oxygen in flue gas
which avoids an excessively high oxygen content. This concludes the
description of the objective function for dynamic optimization.

The mathematical Model No. 1 was reduced to a simpler one
(Model No. 2) as follows. If the reactor catalyst holdup is considerably
smaller than the regenerator catalyst holdup, then the reactor equations
may be simplified by setting the unsteady parts of Eqs. 1.10, 1.11, and
1.14 to zero and letting the total dynamics be governed by Eqs. 1.15
and 1.16 in Table 1.1. Thus, solving Csc’ Tra’ and Ccat from simul -
tanecus algebraic equations, Egs. 1.10, 1.11 and 1. 14, and intro-
ducing them into Eqgqs. 1.15 and 1.16, state equations for Trg and Crc
are obtained as Eqs. 1.24 and 1.25 in Table 1.3, Equation 1.26 is the
Hamiltonian function derived from Eq. 1.7. Equations 1.27 and 1.28
are costate equations derived from Eq. 1.6, Equations 1.29 and 1,30
are procedures followed by the method of steepest ascent of the
Hamiltonian. Equation 1.31 is an iterative modification for relaxation
parameters adopted by Kurihara.39

A dynamic optimization of Model No. 2, where the initial carbon

level is slightly higher than the optimal steady-state level, is shown
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in Figs. 1.7, 1.8 and 1.9, In Fig. 1.7 solutions for the zero and
second iterations are plotted with broken lines, and a solution for the
eighth iteration is plotted with solid lines, while, chain lines show
optimal steady-state levels. For the zeroth iteration, Rai and ch
are set to optimal steady state values, resulting in a very slow re-
covery of Crc to an optimal steady state. As iterations proceed,

b

R( . and ch are changed so that the objective function is maximized
with the result that Crc recovers quickly, without an excessive Tr
rise. As shown in the figure, the process approximately reaches the
optimal steady-state condition at t = 1 (hr.) and starts to deviate at
t = 1.5 (hr.). The latter phenomenon is essentially the end effect of

dynamic optimization where the final time t. is arbitrarily trun-

cated at a certain finite time (2 hrs. for thislexample), for purposes
of computation, and should be neglected if the solution is understood
to be an approximate solution of dynamic optimization with an infinite
(or sufficiently large) final time.

In Fig. 1.8 supplemental data for the costate variables and
gradients of the Hamiltonian function with respect to the control

variables ul(:Rai) and u (:ch) are shown. As iteration proceeds,

gradients converge to zerozs for 0 <t <2, indicating that the ob-
jective function is almost maximized. Gross profit, which is an
integration of the instantaneous gross profit rate for 0 <t <2, and
relaxation parameters are also plotted against the iteration number.
At each iteration, the relaxation parameters were modified, so that
maximization is attained quickly. In Fig. 1.9, the solutions finally
obtained are plotted together with the corresponding Tra and Ofg
If one compares these solutions with the results of dynamic simu-
lation of the conventional control scheme, as shown in Fig. 1.4,
(considering the difference in time scale), then one can see that dy -
namic optimization results in considerably improved performance,

since Crc reaches the optimal steady-state condition very quickly

without causing any excessively high Tro
o
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This optimal control solution with initial condition No. 1 can be
plotted in the phase plane, Ofg Vs, Trg and Crc Vs, Trg’ as shown
in Fig. 1.10 by trajectories denoted by circles with the numeral 1
inside. Point S in the figure represents the optimal steady state.
Dynamic optimizations with different initial conditions were solved in
the same way and the solutions are plotted in Fig. 1.10 by trajectories
denoted by circles with the numerals 2,4,5,6, and 7 inside. Starting
from several initial conditions, the trajectories move to an optimal
steady state in an optimal manner (maximizing the objective function).
A trajectory starting from any initial condition never crosses a
trajectory starting from any other initial condition. In other words,
an optimal trajectory is unique and depends only on the initial condition.
This fact is known as the principle of optimality, as discussed before.

Now on this phase plane, it is possible to plot an o;—)timal solution
for Rai as a function of Ofg and Trg' For example, from Fig. 1.9
this functional relation at t = 0.1 is Rai =396 at Trg =1, 165 and
Ofg = 0.14. Thus, one data point (shown by a square) can be plotted
in Fig. 1.11. By plotting similar values at other times, one can

obtain a sufficiently clear picture of Rai as a function of Trd and

Ofg’ as shown by contour lines in the figure. In a plot of Trg Vs,
Ofg’ a mountain is apparently located in the southwest, and a sea in

the northeast, A plot of Tr vs. Crc is also shown for the purpose

of reference. A similar functional relation for the ch is shown in

fg’
located in the northeast and a sea in the southwest. These functional

Fig. 1.12. For a plot of Trg vs., O a mountain is apparently

relations between control variables and state variables are called
optimal feedback (or closed-loop) control laws,

Now we can design an alternative control scheme for this fluid
catalytic cracker. We know the optimal feedback control laws, at
ileast approximately. All that we have to do is to utilize the result of
this optimal control study. First, we linearize the optimal control

laws around the optimal steady state., This is done directly by
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measuring slopes around an optimal steady-state point of Figs. 1.11

and 1.12, to give

S S S

Ry; = By = 10T, -T2 - 1000, - ) (1.32)
S S

R -R_= O.S(TrgT:g) +50(0 - ) (1.33)

where a superscript s represents optimal steady state. Secondly,
we investigate the contribution of each term in Eqs. 1.10 and 1.11
to the overall performance of the optimal system by comparing the
performances with and without each term. By neglecting the second
term on the right side of Eq. 1.32 and the first term on the right
side of Eq. 1.33, the control scheme was developed. This is re-
ferred to as the ''alternative control scheme, ' shown in Fig., 1,13.

A dynamic simulation {with Model No. 1) of this alternative con-
trol scheme, where the initial carbon level is slightly higher than
the steady-state level, is shown in Fig., 1.14., If this performance is
compared with that of the conventional control scheme shown in
Fig. 1.4, considering the difference in time scale, then one can see
that the alternative control scheme results in a considerably better
performance, since Crc reaches an optimal steady-state condition
very quickly without causing any excessively high Trg' If this is
compared with the optimal control solution shown in Fig. 1.9, then
it can be seen that they are very similar,

Figure 1.15 shows the case where the carbon production is
suddenly increased by a certain mechanism, which is due to feed
composition variation. The resulting dynamic behavior will be ex-
plained by the following step-by-step analysis.

1. The increased carbon production causes the
carbon level to increase.

2. The increased carbon level causes the re-
generator temperature to increase and simul -
taneously decreases the oxygen level.
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3. The decreased oxygen level causes the catalyst
rate to decrease by action of the oxygen con-
troller, and simultaneously the increased re-
generator temperature decreases the air rate
by action of the temperature controller.

4. The decreased catalyst rate compensates for
the increased carbon production.
As shown in the figure, this scheme is practically insensitive to
this disturbance in carbon production. If this is compared with
Fig. 1.5, the superiority of this scheme over the conventional one

will be reconfirmed.

Conclusions

1. A new approach to the design of a control system for nonlinear
multivariable processes was developed in the course of this work.
The method was demonstrated for the design of a control system for
a hypothetical fluid catalytic cracking unit and resulted in an entirely
different control scheme from the one that is typically used in re-
finery operation. The performance of the new control scheme was
demonstrated by dynamic simulation to be significantly better than

the conventional system.

2. The new design approach was found to have significant ad-
vantages over conventional trial-and-error methods, because it is
systematic, and because it provides information to evaluate the de-
sirability of each design step, since the ultimate performance of the
system is known from the optimal control theory. With the con-
ventional trial-and-error method it is not possible to evaluate the
desirability of each trial efficiently since the ultimate performance is

unknown.

3. The method of steepest ascent of the Hamiltonian, with the utili-
zation of penalty functions, was demonstrated to be satisfactory as
a computing algorithm for the dynamic optimization of the fluid cata-

lytic cracking unit considered in this study. This method is therefore
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recommended for dynamic optimization studies of similar highly non-

linear and multivariable processes.

Supplementary Studies

In the course of the study, the following supplementary studies

were also conducted.

1. Signal flow graphs for the conventional control
scheme and the alternative control scheme of
fluid catalytic cracking processes were de-
veloped, and the dynamic behavior of each of
these, control schemes was analyzed from an
information feedback point of view. These
analyses gave insight into reasons why the
alternative control scheme was significantly
better than the conventional one.

2. Several control schemes different from the
conventional control scheme were also simu-
lated and compared with an analog computer
simulation studied by others. On the basis
of this comparison it was concluded that al -
though there are various kinds of fluid cata-
lytic cracking processes, the characteristics
of their dynamic behavior are quite similar,

3. An analysis was made of the optimal steady-
state operating conditions for fluid catalytic
cracking processes in order to gain insight
into optimal operation.



CHAPTER II

INTRODUCTION

2.1 PROBLEM BACKGROUND

The objective of this section is to provide basic information about
the idea of work. First, basic problems in chemical process control
will be discussed in order to realize the essential difficulties. Secondly,
the idea of profit optimal control will be introduced in order to unify
two essential considerations, namely dynamics and economics. Thirdly,
a typical fluid catalytic cracker (FCC), which, was used throughout the
study, will be described. Fourthly, incentives for improved FCC con-
trol systems, together with their essential difficulties, will be dis-

cussed.

Basic Problems in Chemical Process Control

Some aspects of the basic difficulties in the study of process con-

trol are summarized as follows:

1. Chemical processes are frequently found to be
multivariable (or multi-input and multi-output)
systems. Although the theory (i.e., optimal
tuning) of so-called "PID controller' has been
developed successfully for aunivariable system,
strictly speaking there does not exist any com-
pletely satisfactory method for the design of
multivariable control systems. Together with
the problem of selection of a control structure,
this multivariable characteristic of chemical
processes creates one of the most essential
difficulties in the control problem.

2. Chemical processes are frequently found to be
nonlinear. This fact gives us two vexing
problems. One is that any control theory,
based on the linear theory, is restricted to the
range where the assumption of linearization is
valid. The other is that it is impossible,
strictly speaking, to generalize the results ob-
tained for a particular condition of a nonlinear
system to any other conditions.

-43-
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3. Chemical processes are frequently found where
their final goal is not only the regulation of
process variables but also the realization of
maximum profitability. Therefore, for a
certain disturbance, the role of a control system
should not necessarily be to compensate or
suppress this disturbance, but to obtain an extra
profit from it.

Because of items 1 and 2, plant engineers tend to develop their
own ''art of engineering' by essentially ''trial and error' techniques.
Item 3 points out another direction of art, namely "optimizing (com-
puter) control.'' Although the recent developments in the area of
optimal control and nonlinear stability theory are remarkable, the
status of their application to process control is still limited to highly
simplified situations which have very limited use.

The objective of this work is, in short, to investigate the appli-
cability of optimal control theory to the problem of control system
design for a typical example of a multivariable, nonlinear chemical
process. A hypothetical fluid catalytic cracking unit was selected as
the process to be studied because, in addition to providing a chal -

lenging control problem, it is also of great economic significance in

a modern petroleum refinery.

The Basic Idea of Profit Optimal Control

The basic idea of optimal control assumes that control improve -
ment can be realized by optimizing a certain criterion. An ultimate
criterion will be a profit as far as the control of industrial process is
concerned. In fact, the conventional regulating control philosophy is
based on the assumption that either the optimum operating conditions
do not change much or the effect on profit resulting from the change
of the optimum is small. Here, the ultimate criterion was replaced
by a subcriterion (e.g., minimum deviation) for simplicity.

To achieve a desired operation, there are two considerations--

dynamics (e.g., accuracy and stability) and economics. Conventional
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feedback control engineering deals mainly with problems of system
accuracy and stability, but it bears little or no direct relationship with
the economy of overall process operation, except that it is considered
to be necessary for the operation of the process. On the other hand,
static optimization is concerned mainly with economics. In the last
decade, in fact, the importance of a steady-state optimization of
chemical processes has been increasing as the technology of computer
control improves. A steady-state optimization gives a set of operating
conditions of a hypothetical optimal steady state, but it does not say
how this optimal steady-state can be reached without serious runa-
ways nor how to keep this optimal steady-state satisfactory. The
implications of its extension to the dynamic situation, when the re-
sults of optimization are to be used to affect the control of the process
on a dynamic basis, have not been fully investigated, The profit
optimal control is concerned with both dynamics and economics. In
this sense the profit optimal control is a unified approach to achieve
a desired operation.

Of course, the profit optimal control study does not always
provide a means of control improvement that can be directly imple -
mented, but at least the study can provide a basis for evaluating the

desirability of any imaginative control strategy.

Description of Fluid Catalytic Crackers

Although there are various types of FCC (fluid catalytic cracker),
Fig. 1.1 shows one of the most common ones. The catalyst circuit
is the reactor, stripper, spent catalyst slide valve, air riser, re-
generator, standpipe, regenerated catalyst slide valve, and oil riser
leading back into the reactor, with the catalyst flowing in the same
order.

Fresh feed and recycle feed are vaporized on contacting re-
generated catalyst at the base of the oil riser and lift the catalyst into

the reactor where disengagement is accomplished both by gravity and
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with cyclones. The reaction commences at the moment of contact,
and is completed in the reactor.

Catalyst from the reactor is stripped countercurrently with
steam to remove entrained oil vapors. Air moves the spent catalyst
to the dense bed in the regenerator and removes the carbonaceous de-
posit from the catalyst as HZO’ CO, and COZ'

Reactor products flow into the base of the fractionator (which is
not shown in Fig. 1.1), where the products are fractionated into
various streams. ''Gasoline and lighter' is taken from overhead and
is pumped into a gas-concentration unit where it is further separated,
normally into three streams: a stabilized (partially debutanized)
gasoline, a C3 and C, fraction, and a gas composed principally
of "C2 and lighter.,"

Two side cut streams are produced from the fractionator, a
light cycle o0il which, in fact, is infrequently used as a recycle
stream, and a heavy cycle oil. This latter is the principal component
of the material recycled to the reactor. It is returned to the reactor

section at any desired rate up to that at which there is no net yield.

Open—Lc;op Control Systems of FCC

For illustration purposes, a typical open-loop control scheme
of FCC is shown in Fig. 2.1, The operator has at his disposal four
primary manipulated variables: blower adjustment (Rai), feed pre-
heat temperature (Tfp), reactor catalyst level or holdup (Hra)’ and
c) :

Although certain targets such as reactor temperature, fresh

regenerated catalyst slide valve position (Rr

feed, and recycle feed rate are set for the operator to hold, his most
vexing problem is maintaining carbon balance. The regenerator must
burn neither more nor less carbon than is produced in the reactor.
The operator has indirect indications of whether the carbon level is
rising, steady, or falling but no on-line measurement. He must

usually be satisfied to operate at the lower end of a range of carbon



47 -

IDEALIZED MEASURABLE VARIABLE

Q IDEALIZED CONTROL VARIABLE

gs

< < >

ra rg

<t

Fig. 2.1 An Idealized Open Loop Control Scheme of FCC



-48-

levels between a ''snowballing' carbon buildup, which means poor
selectivity for cracking on the high side and excessive afterburning

above the regenerator dense bed on the low side,

Incentives for Improved FCC Control Systems

Until the late 1950's, fluid catalytic crackers were relatively
easy to operate. Good cracking stocks, low cracking severity, non-
extinction operation, 1-2%oxygen in the regenerator flue gas, and the
use of regenerator lean phase spray water provided a high degree of
self-regulation within the unit and gave the operators many '"handles"
to adjust when necessary. 32

But as refineries have become more complex and greater ef-
ficiency has been required, one after another of these areas of
operating freedom and inefficiency has been compressed. The variety
of sources and types of cracking stocks has increased and the quality
has deteriorated significantly. Conversion has been increased
markedly, and heavy gas-oil production can no longer be tolerated
with minimal heavy fuel production.32

Removal of the catalyst-deactivating influence of regenerator
spray water (the use of spray water is undesirable because of potential
damage to the catalyst by sintering or breakage due to thermal shock57)
and higher severities have raised regenerator temperatures by about
100° to 150°F, to well above 1200°F. At these temperatures, after-
burning of CO to CO2 will readily occur if there is any significant
amount of oxygen in the flue gas, with rapid and excessive temperature
rises. For this reason the utilization of oxygen in the catalyst re-
generation must be as complete as possible.32

All of these moves influence the carbon content of the circulating
fluidized catalyst and the heat balance of the unit, creating a potenti-
ally unstable operation which can readily snowball into an upset con-

dition. 3
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It is commonly observed that although cracking units may be
designed for operation at equipment limits, operators tend to leave
a comfortable margin and fail to operate the unit at the limits; in
part this reflects their uncertainty about the process dynamics and
the present control systems .62

The major role played by catalytic cracking and its larger con-
tributions to overall refinery profitability, coupled with the necessity
for keeping operations carefully controlled at close to critical con-
ditions, has made catalytic cracking units prime candidates for any
method of improved control.* On-line computer control of the
process offers the promise of more efficient operation of the unit and
maximizing of product values, not only for the unit itself but also for

69

the integration of the unit into the overall refinery situation.

2.2 PREVIOUS INVESTIGATIONS

The objective of this section is to summarize the previous works
which are related to the study., First, several industrial efforts,
directed to the improved control of FCC, will be discussed. Secondly,
a short review of optimal control theory is introduced, and its open-
loop and close -loop structure will be discussed from the point of
view of control systems design. Thirdly, the profit optimal control
problem of continuous flow process will be discussed in order to

understand its significance and limitations.

Previous Control Studies of FCC

Because of the major role played by catalytic cracking and its
larger contributions to overall refinery profitability, coupled with the
necessity for keeping operations carefully controlled at close to

critical conditions, numerous control studies have been attempted

In fact, in the petroleum refining industry, the efficiency of the
catalytic cracking unit contributes significantly to the refinery's
competing capability.
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for fluid catalytic crackerszs’ 37,32, 57

and for a moving-bed cata-
lytic cracker. 5 Kane, et al. 37 and Gandsey25 reported that their
optimizing computer control systems improved their cat crackers
significantly provided that computers and operators work together.
This fact is very instructive, Since their optimizing systems con-
cern only static optimizations, dynamic aspects of the control systems
still require the operators' skill.

Pohlenz57 describes a control scheme in which the reactor
temperature is controlled by the catalyst rate and the oxygen level is
controlled by the air rate. We are calling this the '"conventional
control scheme' since this scheme is frequently found in the liter-
ature. Although Pohlenz did not report any critical evaluation of his
scheme, it is apparently satisfactory for certain limited situations.
This scheme is analyzed in Chapter IV.

Hicks, et ::11.32 reported on their analog computer simulation
study of several control schemes:

1. the reactor and the flue gas temperature con-
trol scheme where the reactor temperature is
controlled by the catalyst rate and where the

flue gas temperature is controlled by the air
rate, and

2. an alternative oxygen control scheme, where
the oxygen level is controlled by the catalyst
rate,
Although these schermes are apparently satisfactory for certain
limited situations, they are essentially "incomplete' in the sense that
they do not have any information feedback with respect to the oxygen
level for scheme (1) and with respect to the reactor or the regenerator
temperatures for scheme (2). However, their data as analog com-
puter solutions serve as a basis to support the ideas that
1. although there are various kinds of FCC, the
dynamic behavior of their controlled systems
have, to a great extent, common character-
istics which might be called the '""dynamic

similarities of FCC control systems, ' and
therefore
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2. the results obtained for an FCC can be generalized,
to a certain extent, for most of the FCC,
These dynamic similarities are described in Appendix D and
these incomplete control schemes are analyzed in Appendix E, These
simulations are primary sources to support the validity of the dy-

namic mathematical models which will be described in Chapter III.

Background of Optimal Control Theory

During the past five years, an intense amount of research has

6,36, 58

been carried out in the area of optimal control, The two main
theoretical approaches to the optimal control problem have been (1)
Bellman's dynamic programming method which is based on the princi-
ple of optimality, and (2) Pontryagin's maximum principle which can
be viewed as an extension and application of the classical calculus of
variations to the optimal control problem.

The dynamic programming method was originally developed for
discrete-time problems and later on it was applied to continuous-
time problems: in the latter form it is often referred to as the
Hamilton-Jacobi-Bellman theory. 6 Its major disadvantage lies at
the large computer memory requirements (the 'curse of dimension-
ality').

The maximum principle was originally developed for continuocus -
time problems and, recently, has been extended to discrete-time
problems. Its major disadvantage is that it provides, in general,
only local necessary conditions for optimality. Its computational re-
quirements. although nontrivial, are not as severe as those associated .
with dynamic programming.

The optimal control theory supposes that a plant can be described

by a set of ordinary differential equations
x = f(x, u) (2.1)

where x represents a vector of state variables and u represents a

vector of control variables. An objective functional of operating the
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plant from time t=0 to t=t., is given by

1’
t

1
J{u) = f L(x,u)dt (2.2)
0

where L may be an arbitrary function. Optimal control theory asks

how u should be chosen as a function of t, 0<t<t in order to make

the objective functional J a maximum (or a minim];Jm) .

Once the problem has been suitably posed, the optimal control
can be derived by mathematical techniques. If an explicit result is
needed, however, the computations are severe. The most work in
optimal control theory has been directed towards obtaining an explicit
solution or an open-loop structure of the optimal system.

In some cases it is possible to obtain the structure of the opti-
mal control system without explicitly solving the equations for the
optimal control u. For example if the plant is operated continu-
ously for a sufficiently long period between shut downs, then t1 in
Eq. 2.2 is so large that, in effect, the optimal control u is inde-

pendent of t In other words, u(t) for 0 <t<t., in effect, depends

only on the ill'.litial condition x(0). This situation c];m be further simpli-
fied by utilizing the principle of optimality (see Appendix H). Thus,

in general, if t1 is an infinity, there exists a certain optimal
functional relation between uf(t) and x(t) at any instance t, as

follows:
u = h(x) (2.3)

This relation, if it exists, is called a closed-loop structure of the
optimal control system, and may be considered as an implicit
solution (or optimal control law).

This closed-loop structure has the following essential ad-

vantages over the open-loop structure:
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1. A closed-loop structure does not require ex-
tensive on-line computations in order to imple -
ment in a real time operation, since, according

to Eqs. 2.1 and 2.3, the plant should obey the
differential equations:

% = £{x, h(x)) 2. 4)

and the resulting behavior corresponds to opti-
mal operation, while an open-loop structure re-
quires an optimizing computation for an oper-
ation, with a different initial condition.

2. It is generally expected that the effect on real
plant performance of disturbances and errors
in the mathematical model will be less when a
closed-loop structure is implemented than
when an open-loop structure is implemented.

One of the most powerful control system design techniques that
has been developed deals with the design of the optimal feedback
system for a linear, time-invarying plant with respect to a quadratic
performance index. The pioneering work in the area was done by
Ka.lrﬁan36 and resulted in the relation of Eq. 2.3. Details are in-
cluded in Appendix H for the purpose of reference.

Now, as a result of this investigation, a new approach to con-
trol system design is proposed which is based on the above closed-
loop structure of the optimal system. However, it should be empha-
sized that with this new approach the optimal control system will
not be implemented directly, but instead an alternative closed-loop
control system will be implemented, which approximates the re-
sulting implicit solution (or optimal control law) by a simple re-
lation for practical use. If the performance of this alternative closed-
loop control is tested for various disturbances with the use of dynamic

simulation, then the evaluation of this new approach is possible.
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Profit Optimal Control of Continuous Flow Process

A profit optimal control, where the objective function is es-
sentially the profitability of process operation, has important ad-
vantages over a steady-state optimization in the following area: batch
reactors, cyclic reactors, or semi-batch reactors; start-up, shut
down, and other unsteady operations (e.g., compensation of dis-

39

turbances) of flow reactors. Because of the nonlinearities in the
process itself and in the objective function, there does not exist any
analytical solution to these profit optimal control problems. Since
the optimal control problem is, in general, reduced to the 'two-point
boundary value problem, ' it is impossible to solve the problem di-
rectly like the ''initial value problem.'" Therefore, a ''trial and
error' method or, at best, an iterative computational algorithm is
nec:essa,ry.39

Among the batch reactor, cyclic reactor, and flow reactor, the
last one is most important because most of the large scale processes
are characterized by ''continuous flow process," Kipiniak38 initi-
ated the study of profit optimal control of continuous process by the
calculus of variation. His method is essentially a ''trial and error'
method and relatively inefficient,

39

Kurihara™ * formulated the profit optimal control problems of
continuous flow process by the maximum principle of Pontryagin, and
showed that the method of '"'steepest ascent of the Hamiltonian, "
which will be discussed in the next section, has a computational
superiority over other numerical iterative methods,

The advantages of the profit optimal control problem formu-

lation are as follows:
1. The process can be nonlinear
2. The objective function can be nonlinear
3. The control variables can be constrained

4. The steady-state optimal solution is auto-
matically given as a by-product,
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The limitations of the method are as follows:

1. The process is limited to the lumped parameter
systems against the distributed parameter systems,

2. The problem is limited to the deterministic problem
against the stochastic problem.

3. The method requires iteration.

Since most of the optimal control problems have these limi-
tations, the advantages of the profit on optimal control are quite signi-
ficant. This is the very reason why we use this method throughout
the study. Furthermore, one of the objectives of this study is to add
a fifth advantage to this method: (5) the state variables can be con-

strained practically by the use of appropriate penalty functions.

2.3 THE METHOD OF STEEPEST ASCENT OF THE HAMILTONIAN

The objective of this section is to describe the steepest ascent
method without involving the maximum principle in details. First,
the problem will be formulated. Secondly, the Hamiltonian function
will be introduced. Thirdly, the steepest ascent method is described

and its significance and limitations will be discussed.

Formulation of Optimal Control Problems

The profit optimal control problem is formulated in the form of
a ''fixed-time, free-end problem!' which will be described in Ap-
pendix G.

The problem is to determine the control u which maximize the

objective function

£
s =) Lemwa (2.5)
0

under the following conditions:
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1. The system equations are
x = f(x,u) (2.6)
2. u 1is constrained by
u . <u<u (2.7)
—min = — = —max
3. The initial condition is specified by
x(0) = x_ (2.8)
4. The end condition is free, or unspecified,

Hamiltonian Function and Costate Equations

A few definitions of terms are necessary to describe the method

of steepest ascent. The Hamiltonian function is defined by

n
Heopw = Lesw+ ) By 2.9
i=1
where pi‘s are costate variables associated with X The costate

equations are defined by

p. = - 8H/dx, i=l,...,n (2.10)

1

The end conditions for costate variables are

p(t;) = 0 (2.11)

If we recall the Lagrange's multiplier method to solve the optimization
problem with constrained equations, then the costate variables cor-
respond to L.agrange's multipliers. The costate equations, i,e.,

Eq. 2.10, are just a part of necessary conditions for optimality,

These points are described in Appendix G.
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Steepest Ascent of the Hamiltonian

The necessary conditions and optimal control laws derived from
the maximum principle are, in general, transformed into two-point
boundary value problems which are, in general, very difficult to
6,39,58

solve.

this difficulty,

The steepest ascent method practically eliminates
39,60 The method may be explained by the following

sequence of computations for one iteration:
1. Control variabie, u, is estimate for all t,

2. The system equations, Eq. 2.6, and the ob-
jective function, Eq. 2.5,are integrated with
the initial condition, Eq. 2.8,

3. The costate equations, Eq. 2.10, are inte-
grated with the end condition, Eq. 2.11,
backwards in time,

4. New control variables are estimated by

R e dH/du (2.12)

u
—new

provided that Eq. 2.7 is satisfied, where e 1is a suitable positive
relaxation parameter,

This iterative method is used until there is no further change in
the objective function, J. The value of e should be small enough so
that no instability will result, yet large enough so that the convergence
will not be too slow.

In order to speed up the convergence, the following modifications

Shew 2 Sold i Tnew ~ Jold
(2.13)

1 .
z 2o1d i Jnemv < jold

39

were found effective.
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The main limitations of the method are as follows:

1. Although the convergence with respect to J and
x 1is rapid, the convergence with respect to u
is relatively slow.

2. The speed of convergence depends on the choice
of e significantly, and it is nontrivial to choose
a satisfactory one.

However, this method is one of the most practically useful
methods for dynamic optimization, 39 and it will be used throughout

the study.

2.4 STATEMENT OF OBJECTIVES

As was stated earlier, the objective of this work was to investi-
gate the applicability of optimal control theory to the problem of con-
trol system design for a hypothetical fluid catalytic cracker as a
typical example of multivariable, nonlinear processes. It is now

possible to describe the specific goals of the work:

1. The first objective was to evaluate a new approach
to control system design that was developed in the
course of this investigation and which, as de-
scribed earlier, is based essentially on a closed-
loop structure of the optimal control law. The
performance of the resulting control system is
tested for various disturbances with the use of
dynamic simulation.

2. The second objective was to test a computational
algorithm--the method of steepest ascent of the
Hamiltonian--for dynamic optimization of a highly-
nonlinear, multivariable process typified by a
fluid catalytic cracking unit. In the work, the
applicability was tested by using penalty functions
(artificial measures of process performance
under certain undesirable operating conditions
which should be avoided) to obtain an approximate
solution for the problem of dynamic optimization
with the allowable ranges of state variables re-
stricted.
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The third objective is to analyze the dynamic be-
havior of a fluid catalytic cracker from an in-
formation feedback point of view. This is ex-
pected to provide basic information which can be
used to confirm the general conclusion, which
will be drawn in the study, from a different
aspect.

The fourth objective is to simulate and analyze
several different control schemes which have
appeared in the literature.

The fifth objective is to analyze optimal steady-
state operating conditions for fluid catalytic
cracking processes, in order to derive several
optimal operating criteria. These criteria

are used to implement an adaptive optimizing
control scheme which keeps the criteria auto-
matically in the face of unknown disturbances.
This is described in Appendix I.






CHAPTER III
COMPUTER PROGRAMS AND PROCEDURE

3.1 DYNAMIC SIMULATOR

The objective of this section is to derive a simplified set of

dynamic mathematical models of FCC Model No. 1. First, basic

dynamic models, which are derived in Appendix C in detail, will be

summarized. Secondly, basic kinetic models, which are derived

in Appendix A and B in detail, will be summarized. Thirdly, these

models will be further transformed into a simplified set which will

be used throughout the study. Fourthly, this simplified set of

models will be used for a comparison of the dynamic behavior of
the FCC control systems,

Basic Dynamic Models

There can be various kinds of dynamic mathematical models
of FCC from the highly sophisticated ones to the very simple ones
depending on the purpose for using them. For the objectives de-
scribed in Section 2.4, simplified dynamic models are adequate.
Simplified dynamic models can be obtained by isolating the reactor
and regenerator systems from the fractionator and the feed preheater.
Details in assumptions and derivations of models are described in
Appendix C. The principal assumptions are that a fluidized bed is
equivalent to a stirred tank with respect to catalysts, and that gas
passes through the bed in a plug-flow manner with no time lag.

Basic dynamic models consisted of reactor material balances
(catalyst, total carbon, catalytic carbon, and residual carbon), re-
actor heat balance, regenerator material balances (catalyst, carbon)

and regenerator heat balance., They are summarized, in the same

order as above, as follows

dHra/dt = (60) (ch - R (3.1)
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where H*a reactor catalyst holdup
Csc (total) carbon on spent catalyst
C catalytic carbon
cat
C residual carbon
res
T reactor temperature
ra
Hrg regenerator catalyst holdup
Crc carbon on regenerated catalyst
T regenerator temperature

H_ dCCat/dt = (50)R__H

. d Tra/dt =

dHrg/dt -
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Other nomencaltures are described in Appendix C.
The above eight equations consist of a basic structure of dynamic

models.

Basic Kinetic Models

Because of the complex nature of catalytic cracking and re-
generation, any kinetic models are, at best, of empirical approxi-
mations. Details in assumptions and derivations of models are de -
scribed in Appendices A and B. The principal assumptions are that
an instantaneous reaction rate depends on the amount of catalysts, the
condition of carbon deposition, and the temperature. Assuming that
gas passes through the uniform catalyst bed in a plug-flow manner with
no time lag, an instantaneous reaction rate is integrated for the total
bed to provide an overall reaction rate.

Basic kinetic models consisted of reactor kinetics (gas oil
cracking rate, total carbon forming rate, catalytic carbon forming
rate) and regenerator kinetics, They are summarized, in the same

order as above, as follows

Roc = (1.75)fo Rff Cff = gas oil cracking rate (3.9)
r
where Cff = th(l+Rr)
Gyt = A/(A+1)
K P
A - _cr_ra
< Rtf’ Hea
Ker AEcr
Ke= ——m= oxpi- R{T__+460) }
cat res
m = 0.15
.

Rcf = Rcc + thRtf = (total) carbon forming rate (3.10)
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R =K P _H__=catalytic carbon forming rate
cc cc ra ra (3.11)
cc cc
where KCC = —‘—"‘5—— exp {- m
cat "res a
n = 0.06
Rai
Ry = g, (21~Ofg)/(100) = carbon burning rate (3.12)
here ~ [ O 21 ex Prg Hrg/Rai
w = P < -
fg I/Kod + (100)/Kor Crc
2
J Koa = ©2 By
AE AE
K = C ex or - or
or 3 ©¥P Y R{1100 + 460) R(Trg T 460)
"

These equations are dimensional and other nomenclatures are de-~
scribed in Appendices A and B.
The above four equations represent the basic structure of

kinetic models.

Further Simplification of Models

It is generally observed that the reactor catalyst holdup is con-
siderably smaller than the regenerator catalyst holdup. Their ratio
is of the order of 1:4. If we recall that the effects of short-time
constants on the overall dynamics are relatively negligible and the
overall dynamic behavior of the system is controlled by a relatively
few number of elements which have relatively large time constants,
then it is expected that one can simplify the reactor dynamic models,

Egs. 3.1 through 3.5, without sacrificing the accuracy. However,
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as far as the control systems which are actuated by the measurements
of reactor variables are concerned, an accurate dynamic behavior of
the variables is of critical importance. Therefore we avoid simplify-
ing Eq. 3.5 with the consideration of the reactor temperature con-
troller. For Egs. 3.1, 3.3, and 3.4, the simplification of these
equations are of great importance, since it results in a further
simplified set of kinetic models, as follows. With the quasi-steady-

state approximation, Eqs. 3.1, 3.3, and 3.4 result in

R =z R (3.13)

rc - sc
ccHra v (1.2) Rsc ccat T (l'Z)chCcat (3.14)
Cres * Crc (3.15)

Eliminating R __ from Eqs. 3.11 and 3.14, and solving for Ccat’

Hraprakcc 1/2 AECC
Ceat 3 — °*P \~ R(T,_+460) (3.16)
rc rc

Introducing Eq. 3.16 into 3.9,

R_. = (1.75) Dy R, Cp (3.17)
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f —
where Cff = th(1+Rr)
Cy = A/(A+1)
(R_u _p P2
A - rc ra ra ox 1 _ 1 AE!
=4 ™, P | 4 R{900+460) ~ R(T__+460) cr
ra
R .C
tf “rc
m; =m - n/2
AE = AE _ - AE__/2
cr cr cc
A1 = constant parameter for total feed and catalyst

.

Introducing Eq. 3.16 into 3.10 or 3,11,

{R_H_P }1/2
R .= A rc ra ra exp 1 _ 1 AE'
cf 2 R(900+460) R(Tra+460) cc

n

c 1

rc
(3.18)

where n;, = n/2
AE' = AE /2
cc cc
A2 = constant parameter for total feed and catalyst

Therefore, Eqgs. 3.2, 3.5, 3.7, and 3.8 consist of a simplified
set of dynamic models, and Eqs. 3.17, 3.18, and 3.12 consist of a
simplified set of kinetic models. The overall model derived here will

be referred to as mathematical Model No. 1.

Dynamic Similarities of FCC Control Systems

The basic ideas of the simulation study of an idealized hypo-

thetical FCC are that although there are various kinds of FCC, the
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dynamic behavior of their controlled systems have, to a great extent,
common characteristics which might be called a '"dynamic similari-
ties of FCC control systems, '' and that therefore the results obtained
for an FCC can be generalized, to a certain extent, for most of the
FCC.

Although there are few published reports of dynamic behavior
of any FCC control system, fortunately Hicks, et al. 32 reported their
analog computer simulation study of an Atlantic's Orthoflow type FCC.
In spite of the differences in capacity, size, configuration, and
mechanism, between their FFCC and the hypothetical FCC, the com-
parison of the dynamic behavior of the two systems can provide a
basis to support the above ideas,

These comparisons are demonstrated in Appendix D, and showed
the great possibility of supporting the above ideas, while they partially
justified the adequacy of the models and the assumptions introduced
in the study. Although the generalization of this conclusion is diffi-
cult to justify from these examples, with no additional information

available this is the best that can be done now.

3.2 DYNAMIC OPTIMIZER

The objective of this section is to describe a basic structure of
a dynamic optimization program of FCC. First, an objective function
will be defined. Secondly, system equations will be derived (Model
No. 2). Thirdly, a Hamiltonian function, costate equations, and

gradients of the Hamiltonian function will be derived.

Objective Functions

In order to formulate an optimization problem of FCC, it is
necessary to define an objective function and several constraints on
dependent variables. Details in assumptions and derivations are de-
scribed in Appendix F. The principal assumptions are that maximum

profitability is synonymous with maximum product value, and that the
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capacity of the process is limited not by the downstream processing
capacity (e.g., gas compressor or alkylation unit, etc.) but by the
regenerator capacity (e.g., air blower capacity and regenerator
temperature).

Simplifying the product structure such that a fresh feed is con-
verted into gas, gasoline, cycle oil, and coke, the following economic

objective function is derived:

t
R
ff
Pgr _f 725} { (42)foYgSPgs + Ygng.e +Y P - Pff}dt (3.19)
0

where ’Ygl = (4+R) %{(1-(:&)1%1 -(1'th)} = gasoline yield
Y , = 1-Ci = cycle oil yield
1 Y = (.571) R_,/R D, = coke yield
\Ygs = l—YgIDgI/fo - YCODCO/fo - Y, = gas yield
where Pgr = gross profit

Constraints on dependent variables consist of the regenerator

safety models which are also described in Appendix F, and are ex-

pressed by
T <A(T_) = allowable maximum regenerator temperature
rg= Tgmax
<
O, = {(O,.) = allowable maximum oxygen level
fg fg max

Although there are, in general, no direct methods to solve this problem,
namely '""dynamic optimization with state variables constrained, "' one
of the most practically useful method is to use penalty functions

(artificial measures of process performance under certain undesirable
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operating conditions which should be avoided). Although there are

various kinds of penalty fu.nc:tions,38 the ones which we used are as

follows:
t
Py = f Fep(Tpghdt (3.20)
0
™
where Pel(Trg) Gl{Trg—(Tr )max} if Trg>(Trg)max
0 if T. < (T )
g = T8 max
t .
and PZ =f PeZ(Ofg)dt (3.21)
0
M
where PeZ(Ofg) = Gz{ofg-(ofg)max} if Ofg>(ofg)max
0 if O, < (O
g < fg)max

Parameters Gl’ m,, GZ’ and m,, govern the characteristics of

2,
penalty functions. Careful selections for these parameters are neceg-
sary in order to penalize the objective function efficiently and to avoid
undesirable situations.

Therefore, an apparent objective function can be expressed by

T=P,-P -P, (3.22)

System Equations

The system equations, in the dynamic optimization problem of

FCC, are essentially based on the dynamic mathematical models Whicﬂ
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were described in the previous section as a dynamic simulator. How-
ever, if we recall that the real role of any optimization study is rarely
to obtain the exact solution, which requires, in general, a great deal
of computing time, but more often to obtain a certain approximate
solution, then we must do our best to transform a set of dynamic
models into a simpler set of system equations,

Among four equations, Eqs. 3.2, 3.5, 3.7, and 3.8, which
Constitute a set of dynamic models, quasi steady-state approximations
will be made for Eqs. 3.2 and 3.5 with the expectation that these dy-
namic equations are less important than Eqs. 3.7 and 3.8, mainly be-
Cause of the smaller time constant of the reactor. This simplification
reduces active state variables to the regenerator temperature and the
amount of carbon on the regenerated catalyst., In fact, we compared
the models before and after this simplification by means of simulation
and found that, although the latter is less accurate than the former,
the latter is still useful, at least for the purpose of obtaining an
approximate optimal solution.

After this process of approximation, the reactor temperature
and the carbon on spent catalyst are expressed by the direct functions
of other variables, and the system equations are reduced to

H_ dCrc/dt = (60)R_ (C_ -C_ ) - (50)R (3.23)

g

SCHrngrg/dt = (.5)AHrchb - (60)SCRSC(Trg-Tra)

-(.5)S R (T, -T ;) (3.24)

where Csc and Tra are determined by the following simultaneous

equations:

1]
o

(right-hand side of Eq. 3.2) (3.25)

(right-hand side of Eq. 3.5)

1]
o

(3.26)
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The resulting simplified model will be referred to as mathematical

Model No. 2. The principal reasons why this simplification is neces-

sary are:

1. the smaller the number of state variables, then
the smaller are the number of costate variables to
be defined, and

2. the elimination of reactor dynamics which have a

smaller time constant allows us to use a large

time step for the numerical integration.
In fact, for the Euler's method of numerical integration, which is
used throughout the study, an optimal (with respect to accuracy and"
computer time requirement) time step is about a half of the smallest
time constant of the system equations.

Although there are five potential control variables, namely air
rate, catalyst rate, reactor holdup, preheater temperature, and feed
rate, we decided that our dynamic optimizer should include only two
control variables, namely air rate and catalyst rate. The principal
reasons for the above decision are

1. air rate and catalyst rate are common control
variables for most of the FCC,

2. the smaller the number of control variables,
then the faster is the convergence of the solution,
and,

3. we intend to design a control system as simple

as possible.

Hamiltonian Function and Costate Equations

In order to use the method of steepest ascent of the Hamiltonian,
one must construct a Hamiltonian function. In order to avoid a com-

plex mathematical manipulation, we discuss in an abstract form. Let

X T

1 ra

X

H

2 Trg
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X3 - Csc
*q = Crc
Y = Rai
Y2 < ch
U3 - Hra
U4 = Tfp
Us = Ry
U6 - er

where X, and x, are state variables, uy and u, are control

variables, X, and X3 are functions, and U3 through U6 are
parameters.
The integrand of the objective function, Eq. 3.22, in its com-
plete form is expressed by
L = L(X U U6) (3.27)

ls XZ) X47 u29 39 U5;

System equations Eqs. 3.23 and 3.24 are expressed by

5:2 = fZ(Xl, Xyy Xy Uy, U, U3) (3.28)
>'c4 = f4(x2, X3, Xy Uy, U, U3) (3.29)
Equations 3.25 and 3.26 can be reduced to
X1 :X](x2 Xygs Uy, U3, Uy, US’ Ué) (3.30)
X3 :XB(XI’ Xy uZ,U3, US' Ué) (3.31)

A Hamiltonian function is defined by

H(xp, x4, uy, uy, Us, Uy, U, Ug) = L+ pofy, +pyfy

(3.32)
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Costate equations are derived as follows:

PR D :3 s SO 9 I e s W
2 8x2 8X1 sz 8x2 2 8X1 Bx_2 8x2
o1, | 0f, 98X, 90X,

Py ax2 8%, B8X, 8x,
PR:): GRS - Sl O oL |, 2 N
47 "hx, T TVEX, %, 2 T,

o, ( L% o >+ o,

-p

4 BX3 8x4 8Xl 8x4 8x4

,._a

fo—

Gradients of the Hamiltonian function are derived as follows:

5H afz 8f

8u—p28u +p48u

9H _ J 8L . -
o, axl 5, 2 * o,

. af ax3+ 8%, 93X . ot
Py 9%, \3u, ' 3X] du, ou,

System equations Eqs. 3.28 and 3.29, costate equations Egs.

(3

(3

(3

.33)

.34)

.35)

.36)

3.33 and
3.34, and the above gradients Eqs. 3.35 and 3.36 consist of a set of

basic elements for a dynamic optimizer, Together with the iterative

procedure described in Section 2.3, this dynamic optimizer provides

optimal solutions as a set of functions of time, which lead a system

from any initial condition to a final optimal steady-state condition.

3.3 PROCEDURE

The procedure of this study includes the following steps:

1., Dynamic simulation of the conventional control
scheme is expected to disclose the principal
control difficulties,
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An information feedback analysis of the con-
ventional control scheme is expected to dis-
close the principal cause of control difficulties.

Dynamic optimization of FCC will provide the
ultimate performance and will evaluate the
desirability of the conventional control scheme.

The optimal control solution and the principle
of optimality provide optimal control laws as
nonlinear functions of state variables.

An alternative control scheme will be de-
termined by systematically approximating
these optimal control laws.

Dynamic simulation of this alternative con-
trol scheme is expected to show a signifi-
cant superiority over the conventional con-
trol scheme,

An information feedback analysis of this
scheme is expected to disclose the principal
cause of improvement,



CHAPTER IV

ANALYSIS OF THE CONVENTIONAL CONTROL SCHEME

4,1 DESCRIPTION OF THE CONVENTIONAL CONTROL SCHEME

The objective of this section is to describe a control scheme
which is one of the most typical (or conventional) closed-loop schemes
of FCC. First, as preparation, the pressure control scheme and
oxygen detection scheme will be discussed. Secondly, an essential
structure of this scheme is described in order to understand its signifi-

cance.

Pressure Control Schemes

There are three types of pressure cont-:rol schemes for FCC,
They are shown in Fig. 4.1. Each scheme has its own advantages and
disadvantages. In Scheme I and II, the top pressure in the reactor is
not controlled directly; rather, the suction pressure to the gas com-
pressor is controlled. The overhead gas in the reactor must flow
through the cyclones, the fractionator, and the overhead condenser
before it reaches the point of control. A considerable pressure drop,
on the order of 10 psi, will occur due to flow through this equipment,
Whenever a change occurs in the amount or nature of this overhead
gas, such as would be caused by a change in conversion, the pressure
drop, and hence reactor pressure, would also be expected to change,

In Scheme I, the regenerator top pressure is directly controlled
by a slide valve in the flue gas line. This scheme has an advantage
over other schemes; the regenerator pressure can be used to change
the air rate by changing the air blower discharge pressure without
changing the blower speed. However, this scheme has an essential
disadvantage; any change in reactor pressure or regenerator pressure
will affect catalyst circulation rate. In Scheme II, where the dif-

ferential pressure is controlled by a slide valve in the flue gas line,
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the above disadvantage does not exist. In fact, this scheme is one of
the most popular ones. 57 Scheme III, where the reactor pressure is
directly controlled by a slide valve in the product gas line, is the
simplest scheme and can be considered as an idealized, but rarely
practical, one.

The effect of the difference in the pressure control scheme on
the dynamic behavior of the total system is discussed in Appendix C,
In short, it is relatively unimportant if the catalyst rate is used to
control other operating variables (e.g., reactor temperature, etc.)

automatically.

Oxygen Detection Schemes

Although the oxygen level in regenerator lean phase or in flue .
gas is one of the most important variables to be controlled carefully,
it is impossible to measure it directly and accurately because of its
extremely low level (order of 0.2 7. Fortunately, regenerators are
operated at such a high temperature (this is one of the most signifi-
cant tendencies in the modern FCC operation) that an (approximately
adiabatic) temperature rise due to the ''afterburning'' of CO to CO2
can be used as a sensitive measure of oxygen level, although the
accuracy is limited. There are two oxygen detection schemes as
shown in Fig. 4.2.

In Scheme I, a lean phase differential temperature is measured. 27

In Scheme II, a cyclone differential temperature is rmeasured.32 The
relation between differential temperature and oxygen level mainly de-
pends on the residence time of gas, and will be described in Ap-

pendix B,

Structure of Conventional Control Scheme

Pohlen257 described his control systems of FCC, as follows:

1. The reactor temperature controls the regenerator
slide valve to provide sufficient catalyst flow to
maintain the reactor contents at the desired
temperature.
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2. The spent-catalyst slide valve is operated by a
catalyst level control in the reactor.

3. Reactor pressure is held constant by pressure
control of the main-column receiver.

4, The regenerator pressure is controlled, in
turn, by a pressure-difference instrument be -
tween reactor and regenerator vessels which
operates a double -acting slide valve in the
flue -gas line.

5. The air rate to the regenerator is adjusted to
provide air at a rate approximately 2% greater
than that required for coke burnoff, and the ex-
cess is vented or ''snorted' through a valve
controlled by the temperature difference be-
tween dense and dilute regenerator catalyst
phases, or between dense phase and flue gas.

6. The fresh feed and recycle streams operate on

flow control as do the net yields of light cycle

0il, heavy cycle oil, and clarified oil. With

this system of instrumentation it is important

to note that the catalyst circulation is not

subject to direct control.

The main significance of the above systems lies in items 1 and

5, namely, the reactor temperature control by the catalyst rate and
the oxygen control by the air rate. Since this scheme is one of the
most practically important ones and is frequently found in the

25, 57we denote it as a '"conventional control scheme'' which

literature,
is shown in Fig. 1.3. Pohlenz claimed that, with this practice of
controlling afterburning, the danger of temperature runaways is
practically eliminated. This fact is of great significance. In fact,
although Hicks, et al. 32 studied their control schemes, namely the
control of the reactor and flue gas temperature by catalyst rate and

air rate respectively, andthe control of oxygen by catalyst rate, their
control schemes are essentially ''incomplete' in the sense that they

can not prevent the runaway or extreme offset for regenerator tempera-

ture and oxygen level. These incomplete control schemes are analyzed

in Appendix E.
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Pohlenz explains, why the heat balance is automatic, as follows:
For a given situation, the catalyst rate is expected to be relatively low
if the regenerator temperature is high, and vice versa, because of the
reactor temperature control. The net result is a coke rate which
opposes the direction in which the regenerator temperature moves;
this is the ""flywheel' effect which stabilizes the regenerator tempera-
ture with respect to changes in charge stock and operating conditions.

The above fact obtained by Pohlenz is true at least for a long
run or steady-state aspect. However, in a short run or dynamic
aspect, it is frequently found that this conventional control scheme is
not satisfactory. In fact, Hicks, et al, 32 reported that this scheme
could not prevent upsets. Therefore, it is expected that there exists
an essential problem about the dynamics in this control scheme, and,
therefore, we decided to analyze the dynamic behavior of this con-
ventional control scheme, and to provide a basis for comparison

alternative improved control system.

4.2 DYNAMIC SIMULATION OF THE CONVENTIONAL

CONTROL SCHEME

The purpose of this section is to demonstrate the performances’
of the conventional control scheme from the dynamics point of view.
First, performances for unsteady-state initial conditions will be de -
scribed. Secondly, performances for forced disturbances will be de-
scribed. Thirdly, the performances of this control scheme will be

summarized in order to understand its advantages and disadvantages.

Performances for Unsteady-State Initial Conditions

By "unsteady-state initial condition,' we mean a set of de-
pendent operating variables which are different from the steady-state
conditions.

A dynamic simulation of the conventional control scheme, where

the initial carbon level is slightly higher than the steady-state level,
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is shown in Fig. 1.4. Figure 4.3 describes the case in which the
initial carbon level is slightly lower than the steady-state level. We
can observe that this carbon wave is dispersed by actuating the air
rate and the catalyst rate, and that it tends to reach the final steady
state. The best controller parameter tunings were selected by trial-
and-error adjustment. In Fig. 1.4, the performances for different
tunings are also shown by broken lines, For reduced controller gains,
as shown by symbols a and ¢, the response of the control system be-
comes more sluggish, while for increased controller gains, as shown
by symbols b and d, the response of the control system becomes

more oscillatory or unstable.

Performances for Forced Disturbances

By '"forced disturbance, '’ we mean a change which occurred in
the operatiné conditions in a step function manner. Since this forced
disturbance does not decay by itself, any control system moves the
process operating condition from one to another, while keeping a set
of operating variables constant.

A dynamic simulation of the conventional control scheme, when
the feed rate is suddenly reduced, is shown in Fig. 4.4. This dynamic
behavior will be explained by the following step by step analysis:

1. The reduced feed rate tends to increase the

reactor and regenerator temperatures because
of the reduced heat requirement.

2. The increased reactor temperature causes the
catalyst rate to decrease by means of the con-
troller, Simultaneously, the increased re-
generator temperature reduces the axygen level
which, in turn, increases the air rate by means
of the controller,

3. The reduced catalyst rate and the increased air rate
accelerates the regenerator temperature to increase,
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Because of the high regenerator temperature and
the high air rate, carbon level tends to decrease,
and hence the oxygen level starts to increase and
so on,

The increased oxygen level reduces the air rate
by means of the controller, and the regenerator
temperature starts to decrease; hence, the
carbon level starts to level off.

The resultant final steady-state condition is as follows:

I.

The reactor temperature and the oxygen level
are unchanged because of the essential role of
this control scheme.

The air rate is significantly reduced because of
the reduced heat requirement,

The catalyst rate is slightly reduced, and the re-
sultant decrease in the carbon forming rate cor-
responds to the decreased carbon burning rate.

The principal phenomena during the transient are summarized

as follows:

1.

Variations in the regenerator and flue gas tempera-
tures are extremely high.

The period of oscillation is relatively long (order
of three hours).

The damping ratio is relatively small; in other
words, the degree of stability is small,

Tunings of controllers were done in the follwing manner:

(1) tuning of PI (proportional plus integral) for the reactor tempera-

ture controller while cutting the oxygen controller open, and (2)

tuning of PI for the oxygen controller., The tuning was not trivial

but required great care, which partly reflects the practical limitation

of this control scheme. This is typical with interacting control

schemes in general.

Figure 1.5 describes the case in which the carbon production is

suddenly increased (by a certain probable mechanism such as the feed
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composition variations). This dynamic behavior will be explained in

the following step by step analysis:

1. The increased carbon production results in the
increased carbon content,

2. The increased carbon content results in the de-
creased oxygen level, which increases the air
rate by means of the controller.

3. The increased air rate, together with the in-
creased carbon level, results in the increased
regenerator and reactor temperatures,

4. The increased reactor temperature reduces the
catalyst rate by means of the controller, and
hence accelerates the regenerator temperature
to increase.

5. The increased air rate, together with the high
regenerator temperature, tends to decrease
the carbon level, which, in turn, tends to in-
crease the oxygen level.

6. The increased oxygen level reduces the air rate
and so on.

The resultant final steady-~state condition is as follows:
1. The reactor temperature and the oxygen level are
unchanged because of the essential role of this

control scheme.

2. The air rate is almost unchanged because the heat
requirement is unchanged.

3. The catalyst rate is slightly reduced, and the re-

sultant decrease in the carbon-forming rate
compensates the increased carbon production,

Summary of Performances

Advantages of this conventional control scheme are summarizec

as follows:
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1. This control scheme can compensate for the change
in the heat requirement at least for a long-run as-
pect, as was shown in Fig. 4.4,

2. This control scheme can compensate for the change
in the carbon production at least for a long-run
aspect, as was shown in Fig. 1.5,

Disadvantages of this control scheme are summarized as
follows:

1. This control scheme can not eliminate the relatively
large variations in the regenerator temperature and
the flue gas temperature, These phenomena are

extremely undesirable when the regenerator is
operated at an allowable maximum temperature.

2. This control scheme has a relatively small
damping ratio or small degree of stability, and
the tunings of controllers are not trivial but re-
quire great care,

3. The period of oscillation is relatively long, in other
words very sluggish as a control system, and the
quick recovery from the upset condition can not be
expected.
In fact, Hicks, et al. reported that they could not use this
scheme satisfactorily for their unit. It is expected that the disadvan-

tages listed above were too serious for them.

4.3 ANALYSIS OF THE CONVENTIONAL CONTROL STRUCTURE

The aim of this section is to analyze the conventional control
structure from an information feedback point of view. First, nega-tive
feedback loops will be discussed in order to understand the real role
of this control scheme., Secondly, positive feedback loops will be

discussed in order to understand the real limitation of this scheme€-

Negative Feedback Loops

As was claimed by Pohlenz, 7 this conventional control scheme

can stabilize the regenerator temperature with respect to changes in
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charge stock and operating conditions. From an information feed-
back point of view, this scheme must have negative feedback loops.

A simplified information feedback structure of this scheme is
shown in Fig. 4.5. There are two negative feedback loops, namely
A and B. The loop A is just a reactor temperature control loop
and will be explained by the following step by step analysis:

1. An increase in the reactor temperature causes the
catalyst rate to decrease by means of the controller,

2. The decreased catalyst rate causes the reactor
temperature to decrease.

Since the reactor temperature time constant with respect to
the catalyst rate is relatively small (e.g., order of one min.), the
response time of this loop is relatively short and it will be considered
as a short-run negative feedback loop.

L.oop B is essentially an oxygen control loop and will be ex-
plained by the following step-by-step analysis:

1. An increase in the oxygen level causes the air
rate to decrease by means of the controller,

2. The decreased air rate causes the carbon level
to increase since the carbon burning rate is
decreased,

3. The increased carbon level causes the oxygen

level to decrease since the conversion of oxygen

is increased.
Since the regenerator carbon time constant with respect to the carbon
removal rate (i.e., the time required for the carbon to shift to a
two-thirds position of new equilibrium level when the change in the
carbon removal rate occurs while tHe carbon production rate is kept
constant.) is relatively large (e.g., order of one hour), the response
time of this loop is relatively slow and it will be considered a long-

run negative feedback loop. This time constant can be estimated as

follows. Adding Eqs. 3.2 and 3.7 with the approximation of Eq, 3.13,
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Hradcsc/dt + I—Irg dCrc/dt = (50)(Rcf-RCb) (4. 1)

From Eq. 3.2, the time constant for Csc is essentially equal to the
reactor holdup divided by the catalyst rate and it is relatively small
(e.g., order of one min.). If one neglects the first term of Eq. 4. 1.
then
Hrg dCrC/dt : (50)(Rcf-RCb) (4.2)
Since R is more sensitive to C than R
cb rc C

£ is, a linearized
equation of Eq. 4.2 is

oR

. cb s
Hrg dCrc/dt z (50) a—c':_r; (CL. -C_J) (4.3)

where Cf_c is a steady-state value. Therefore the time constant for

aRc:b
Hrg/ P9 5c__
rc

Since aRcb/{)Crc is, in general, relatively small, the time constant

i i t
Crc is estimated by

for C__ is relatively large.

These long-run negative feedback loops are an essential
charactdristic of this conventional control scheme, and together with
several positive feedback loops which will be described next, this

characteristic will prove to be a serious limitation of this scheme.

Positive Feedback L.oops

As was shown in the previous section, this conventional control
scheme has several disadvantages which are of a dynamically poor
nature. From an information feedback point of view, this scheme
must have some poor structures. In fact there exist three positive
feedback loops, namely C, D. and E in Fig. 4.5.

The loop C 1is associated with the oxygen control loop, and

will be explained by the following step-by-step analysis:
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1. An increase in the oxygen level causes the air
rate to decrease by means of the controller.

2. The decreased air rate causes the regenerator
temperature to decrease because the heat re-
lease due to carbon burning is decreased.

3. The decreased regenerator temperature causes
the oxygen level to increase because the oxygen
conversion is reduced.
Since the regenerator temperature time constant is relatively small
(e.g.. order of five min.)s the response time of this loop is rela-
tively short and it will be considered a short-run positive feedback
loop.

Loop D is not directly associated with any control loop; in
other words, it is built in the process itself and will be explained by
the following step by step analysis:

1. An increase in the carbon level causes the re-

generator temperature to increase because the
heat release due to carbon burning is increased,.

2. The increased regenerator temperature causes
the reactor temperature to increase because the
differential temperature between two vessels is
increased,

3. The increased reactor temperature causes the
carbon level to increase because the carbon pro-
duction due to a high reactor temperature is
increased,

Since this loop passes through the carbon level, the response time
must be slow and it will be considered a long run positive feedback
loop.

Loop E is associated with the reactor temperature control
loop, and will be explained by the following step-by-step analysis:

1. An increase in the reactor temperature causes

the catalyst rate to decrease by means of the
controller,
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2. The decreased catalyst rate causes the regenerator
temperature to increase because the heat carry-
over from the regenerator is reduced.

3. The increased regenerator temperature causes
the reactor temperature to increase because the
differential temperature between two vessels
is increased,
Since the regenerator temperature time constant is relatively small,
the response time of this loop is relatively short and it will be

considered a short-run positive feedback loop.

Concluding Remarks

It has been described previously that this control scheme has
several short-run positive feedback loops. It is not accidental but
essential that the control scheme, which shows several dynamic
inferiorities (as demonstrated in the previous section), has several
positive feedback loops in its structure. (Although it is very difficult
to determine which positive feedback loop is the main source of
difficulty, it seems that all of them contribute to poor performance.)
Therefore one can conclude that, although this control scheme has
several important advantages, its dynamic disadvantages can not be
eliminated by any improved tuning of controllers.

Also one can note that since this control scheme is not always
satisfactory as was the case of Hicks, et al., there is a strong in-
centive for a better control scheme, not only from a practical point
of view but also from a point of view of control engineering and

science.






CHAPTER V

DESIGN OF ALTERNATIVE CONTROL SCHEME

An outline of the optimal control study for this hypothetical
fluid catalytic cracking unit is shown diagrammatically in Fig. 1.6,
First, the mathematical Model No, 1 is reduced to a simpler one
{Model No. 2), because the computations for dynamic optimization are
more time consuming than those for dynamic simulation. This pro-
cess of simplification was described before in Section 3.2. Figure 1. 6a
shows an open-loop optimal control scheme where optimal air rate
and catalyst rate will be determined as two functions of time for a
given initial condition and for a given objective function. Because of
the essential disadvantages of this open-loop structure, which were
discussed before, it is desirable to convert this open-loop structure
into a closed-loop structure, as shown in Fig. 1.6b. Optimal feed-
back control laws can be estimated from a set of solutions for dy-
namic optimization with several initial conditions. Finally, an
alternative control scheme will be designed, as shown in Fig. 1. 6c,
by simplifying the resulting optimal feedback control laws, The
performances of this control scheme will be tested by using the
original mathematical Model No. 1 with disturbances.

The purpose of this chapter is to design an alternative control
scheme, which is (hopefully) better than the conventional one. by an
optimal control study. First, dynamic optimization problems will
be formulated and solved. Secondly, optimal control laws will be
determined with the basic idea of the principle of optimality. Thirdly.
an alternative control scheme will be designed by the proposed design
approach and its performances will be demonstrated by the use of
dynamic simulation. Fourthly, this scheme will be examined from

an information feedback point of view.
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5.1 DYNAMIC OPTIMIZATION

The purpose of this section is to present the results of dynamic
optimization. First, necessary specifications for dynamic optimization
will be prepared. Secondly, the solutions for unsteady-state initial
conditions will be shown in order to understand their performance

and significance.

Preparation for Dynamic Optimization

A formulation of the dynamic optimization problem for FCC was

already described in Section 3.2. It is summarized as follows:
1. An objective function is Eq. 3.22.

2. The system equations are Eq. 3.23 and 3.24
or, in an abstract form, Eq. 3.28 and 3.29.

3. Initial conditions for system equations will
be specified later,

4. Operating time t
fied later.

1 in Eq. 2.5 will be speci-
A formulation for the method of steepest ascent of the Hamil -
tonian was already described in Section 3.,2. It is summarized as

follows:
1. A Hamiltonian function is Eq. 3.32,.
2, Costate equations are Eqs. 3,33 and 3.34.

3. End conditions for costate equations will
be specified later.

4, Gradients of the Hamiltonian function are
Eqgs. 3.35 and 3.36.

In the study presented in this section, the following specifi-
cations were made:
1. Operating time in two hours. The basis for this choice
is that operating time must be sufficiently long so

that the system can attain an optimal steady-state
condition.
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2. End conditions for costate equations are zeros,

3. Feed rate is kept constant; in other words, the
problem is essentially a dynamic optimization
with respect to two control variables, namely
air rate and catalyst rate.

4. Control variables are constrained by
< <
396 = ul(:Rai) = 400 (M lbs. per hour) (5.1)
38 S u(=R_ ) S 42 (¢ ' 5.2
= u,(=R_)) = (tons per min.) (5.2)

(The basis for these choices is that the convergence of the iterative
solution is relatively fast if the control variables are restricted in a
narrow range.) Operating conditions are described in Appendix A and
B. Other minor specifications regarding the relaxation parameters

and penalty functions will be discussed later.

Optimal Solutions for Unsteady-State Initial Conditions

A dynamic optimization of Model No. 2 with an initial condition
No. 1, where the initial carbon level is slightly higher than the
optimal steady-state level, is shown in Figs, 1.7, 1.8, and 1.9, In
Fig. 1.7, solutions for the zeroth and second iterations are plotted
with broken lines, and a solution for the eighth iteration is plotted
with solid lines, while chain lines show optimal steady-state levels,
For the zeroth iteration, Rai and ch are set to optimal steady-
state values, resulting in a very slow recovery of crc to an optimal
steady state., As iterations proceed, Rai and ch are changed so
that the objective function is maximized, resulting in a quick re-
covery of Crc while avoiding an excessive Tr rise. As shown in
the figure, the process approximately reaches the optimal steady-
state condition at t =1 (hr.) and starts to deviate att = 1.5 (hr.).

The latter phenomenon is essentially the end effect of dynamic
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optimization where the final time t., 1is arbitrarily truncated at a

certain finite time (two hours for t}llis example) for purposes of
computation and should be neglected if the solution is understood to
be an approximate solution of dynamic optimization with an infinite
(or sufficiently large) final time.

In Fig. 1.8, supplemental data for the costate variables and
gradients of the Hamiltonian function with respect to the control
variables ul(zRai) and uz(erc) are shown. As iteration proceeds,
gradients converge to zeros for 0<t <2, indicating that the objective
function is almost maximized. Gross profit, which is an integration
of the instantaneous gross profit rate for 0 <t < 2, and relaxation
parameters are also plotted against the iteration number. At each
iteration, the relaxation parameters were modified, resulting in a
quick attainment of maximization. In Fig. 1.9, the solutions finally
obtained are plotted together with the corresponding Tra and Ofg
Although the high carbon level means, in general, a loss in profit
because of its poor selectivity for gasoline, and a high regenerator
temperature runaway because of its high heat release unless it is
properly controlled, this optimal control solution shows that simul -
taneous reductions in air rate and catalyst rate avoid the regener-
ator temperature variation satisfactorily and guide the system to an
optimal steady state within a half hour.

Figure 5.1 shows the case (No. 2) where carbon level is
slightly lower. Although the low carbon level means, in general, a
low regenerator temperature runaway and a high oxygen runaway
(because of its low heat release unless it is properly controlled) a
simultaneous reduction in air rate and increase in catalyst rate pre-
vents variations in regenerator temperature and restores an optimal
condition within a half hour.

Figure 5.2 shows the case (No. 4) in which the regenerator
temperature is 20°F higher than an allowable limit, and an optimal

control regulates quickly. Figure 5.3 shows the case (No. 5) in
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which the regenerator temperature is higher and carbon level is lower,
Figure 5.4 shows the case (No. 6) in which the regenerator tempera-
ture is lower and carbon level is higher,

Figure 5.5 shows the case (No. 7) where regenerator temperature
and carbon levels are lower. This is a very critical condition, since
the low regenerator temperature and the low carbon level help each
other to cause a low regenerator temperature runaway and a high
oxygen runaway unless properly controlled. However, an optimal
control regulates quickly.

These excellent performances of the optimal control system
point out that the combination of control variables, namely air rate and
catalyst rate, is satisfactory in the sense that they are sufficient to
prevent any runaway and offset of operating variables at least when
the disturbances are in the form of unsteady-state initial condition.

Furthermore it suggests that there is a possibility for an al-

ternative control system that is better than the conventional one.

5.2 DETERMINATION OF OPTIMAL CONTROL LAWS

The purpose of this section is to determine optimal control laws
in order to prepare a basis to design an alternative control system,
First, phase plane frajectories of optimal control solutions will be
analyzed in order to understand the significance of the principle of
optimality. Secondly, the structure of an optimal closed-loop con-
trol system will be discussed from a theoretical point of view and a
practical point of view. Thirdly, optimal control laws will be expres -

sed with the use of contour lines,

Phase Plane Trajectories of Optimal Control Solutions

In order to provide another aspect of optimal control solutions
obtained in the previous section, they are plotted in two phase planes,
namely (1) regenerator temperature vs., oxygen level and (2) re-

generator temperature vs. carbon level in Fig. 1.10. These phase



-101-
REGEMN.TEMPR AND HIGH CARBON LEVEL)

i

(LOW INITIA

40
35

2
17
0

) L 11l & l L

! + + HH } yuwn et s $ e ™~

o | % B .I* [ 1 h_ 1 ! i 1 1

B M s + “ 13 + 13t T T

s u ! T +
L i Iy
t } + :
i +
+ - T i t :
+
1 3 i
1 1
; 1L
a1
;)
1
3 T I E
it i
3 » 11 ..wl [ -
H 1 + i i
t "
1 1 o1 t 1 ¥ b s 1 H
" L it " s
i 1 1 L 1 M
T = 1 TRETEE T : x

3 gais o 1 . 3 I

-+ HH AT i L
B : ! i
— 3. - 1 1 PHN N

t i
: H RN : i 1 . iy Lt : 2 t
oo : H ; : AP T T e i
1 T I3 T e i 1§ +
SERD t 1 : - "y -

) L HH 4 ».A n; - nn T e o H

i i Y L o i EEiyes: :

" 3 T . " T e i > —

T AR REEE : T -1
is | I : K 1
- T H R Hh it +
undin ekt e 11 : I " 2 i
I 1t ; o way) y o4
: & L NN AFApRpuS H | L Pe N L
1 au R N T [ n 1 o [
e T ANkl i 1 Foeb r R L ¥ H t i1 L
H b w L T ! P i T. T
1 N Vm . I ¥ \w 1 -
T HH F ¥ e ] ] : &
| (ﬂ 1 1 1T 1 s Lt Iy
» ! o i ey
n Ty |4 T
ER M e sandn A HEH 1] - . I r.ﬁ, Hor 4
411 § fapatatsis ’ T T
T N T I t 1  §

44 : i L 4 Lli i H L 44 . ’ i *WL.’» 4
dewupnait §i v ] T N uak aweY T
i I L I + t it

T Ly 1 + L
HiL N e ! [2E3 -3 44 4 H b 1 »\
fRENticasyl ARunuiin S . axsdligy 34 1f tad ¢ -
sxsasil) At + SEEItial & - t
¢
A | i n >
e T i : :
= 1 HI ’ CH o s 1 T T
I Ll sl 4 r.lLUII -4 T . i I L. bl + L hmﬁ | W
uya by (4T i3y 1 e gaRay dgyits
LLE: 2 INGRA iy}
B i3 . _ - 1 i1t
] I . ) s
[ : ” 1 FiX 5 1 ¥ {
s ; 2 : !
“ L ne _» o ] L 4 $u-1-4
1 SREE {1 i i
i HH AT S
T 1 e
1 1
" 1
! _ o
 Eww T ) + 1 H;i. e -
1 T T + 1 3 SR g A nad I+
+ + i + rreh d i
T + HH + ot sy et !
t 1 1 t + T 1 _ﬁ T ;_U i 10wl s I s T
jne ans + } } e 1 } Ht t a8 smunnxuneS A0t = t bt r
H T ! 3 i % ore EERENEQRERNpEULY YRS Hbtbee e e H prorrbbes +
o

AlR

400
Ra 395

RATE

CATALYST
RATE

Rrc
1160

REGEN
TEMP

T}G

REACTOR"
TEMP.

930
920+

CARZCN

OXYGEN
CONTENT

IN HOURS

TIME

Fig. 5.4 Optimal Control Solution for Initial Condition No. 6



-102 -

(LOW INITIAL REGEN.TEMP AND CARBON LEVEL)

t 1 +
7 1 ¥

,
AIR s

RATE 400 -4 Rl

T
T +-

¥ YAV SRQUR
: T

Q! 395 T

3
4

RAREY U%

CATALYST ;

RATE 45 Sp ' SR ' :

rc 40 &

B

REGEN T SEEisqseiates
TEMP SEESisamn i pax

1160 - iRt ;
Trg 1140 -3 3 ’ e '

REACTOR : _ :
TEMP it it i'
e 930 : e

Tra  gp0 - S

0
H

1 : T
o = : = 5
T T AgEE = -
3 ast Saosse! : } : 2 i
; ] =
i T s SeNANERuENan Ba% E:
CARBON i = T ] : g

; TH : T : 21 53
1 [ R e e O T T g + ] : X - :
cor R ! 3 P
CONTENT (o il i e : e gt
[ T i ] _t{ ;_4.4 - by » Ert et | 4_‘_4 !'
I T g +
il s ; ;.:. )
C st & 1T BNy & RE S
T
rc 0.5 : : i3 g i
e e H
2
1[. L T+ A 4 H wu &
H 1 T
4t T i
; : e e AREeatdanzabranpsyss
L I 3 o o 8 0 o oy Ay S H{ 7 e 1
jnd udla! 1 1 :
L -
rF 3 Eae T ] 13 % » 1
OXYGEN 04 T "‘. peangaannd : L 4
. T +F T g e 1Tt T
T HEH 1 14 - 1 T .y
CONTENT : f‘fi EREEEs e e e e e
- } ; H 1T SHHRR P A nSpRpRnE:
g : t Bup | RPN = 1 R Ao b &
{ i : reak
0.2 ] oo i T R mu s g - et
an) & RERRERGRTE -
Of R R R i SERisgEss
g D e SR e RS T R TR Eytajeant
mpanysinsny pakps jnnym gt ’ e u s iyt ES23RE
0 p T ¥ ¥ I T T

TIME IN HOURS

Fig. 5.5 Optimal Control Solution for Initial Condition No. 7



-103-

plane trajectories are equivalent in the sense that one trajectory can
be transformed into the other. Starting from several initial conditions,
they move to an optimal steady state (marked by S in the figure) in

an optimal manner. It is significant that a trajectory starting from
one initial condition never crosses a trajectory starting from any other
initial condition. In other words, an optimal trajectory is unique and
depends on only the initial condition. This fact is known as the
principle of optimality. This figure shows that initial conditions are
selected such that they surround an optimal steady state effectively

and it shows that their trajectories cover almost total phase planes.

The Structure of Optimal Closed-Loop Control System

From the principle of optimality, which is discussed in Ap-
pendix H, an optimal control law can be expressed by the relation be-
tween control variables and state variables. In other words, optimal
control variables are unique functions of state variables, namely
regenerator temperature and carbon level. Theoretically speaking
it is possible to design an optimal closed-loop control system where
air rate and catalyst rate are manipulated as functions of regenerator
temperature and carbon level, However, practically speaking, there
are two limitations to this scheme as follows:

1. Continuous, instantaneous, and accurate measure-
ment of carbon level is far beyond practicality.

2. There is no information feedback from the oxygen
level. Therefore, if the system receives disturb-
ances which shift an equilibrium point significantly,
there is a possibility of oxygen offset, which can
be dangerous.

Fortunately, the oxygen level is a function of carbon level and
regenerator temperature; the optimal control law expressed by re-
generator temperature and carbon level is equivalent to the one ex-

pressed by regenerator temperature and oxygen level. Theoretically
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speaking, both schemes are equivalent, but practically speaking,
there are two advantages to the latter scheme, as follows:
1. A continuous, instantaneous estimation of

oxygen level is practically possible by means
of temperature rise due to afterburning.

2. Since there is information feedback from the
oxygen level, there is less possibility of
oxygen offset than otherwise even if the system
is faced with some forced disturbances.
This control scheme is shown in Fig. 1, 6b where air rate and
catalyst rate are manipulated by the information feedback from re-

generator temperature and oxygen level.

Determination of Optimal Feedback Control Laws

Since the objective function and the system equations are highly
nonlinear, optimal feedback control laws are expected to be nonlinear
functions of two variables. Since they can not be expressed analytic-
ally, a three-dimensional diagram or a contour line method is neces-
sary. Figure 1.11 shows contour lines for air rate. Data points come
from the results obtained in the previous section. (For example,
from Fig. 1.9 this functional relation at t=0.1 is Ri*% 396 at
’I‘rg = 1,165 and ofg £ 0.14. Thus one data point (shown by a square)
can be plotted in Fig, 1.11.) Although these contour lines are not
very accurate because of the noise in the data, they are still satis-
factory because they provide a clear picture about the general charac-
teristics of optimal feedback law. For a phase plane of regenerator
temperature vs, oxygen level, a mountain is apparently located in the
southwest and a sea is located in the northeast. A phase plane for re-
generator temperature vs. carbon level is also shown for reference
purposes,

Figure 1.12 shows contour lines for catalyst rate. For a phase
plane of regenerator temperature vs. oxygen level, a mountain is

apparently located in the northeast, and a sea is located in the southwest,
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5.3 DYNAMIC SIMULATION OF AN ALTERNATIVE

CONTROL SCHEME

The objectives of this section are to design and simulate an
alternative control scheme and to show its superiority over the con-
ventional control scheme. First, an alternative control scheme will
be determined from the analysis of optimal feedback control structures.
Secondly, the performance of this scheme for unsteady-state initial
conditions will be demonstrated and it will be compared with the
optimal control system and the conventional control scheme. Thirdly,
the performance of this scheme for forced disturbances will be demon-

strated and it will be compared with the conventional scheme.

The Design of An Alternative Control Scheme

Now we can design an alternative control scheme for this fluid
catalytic cracker. We know the optimal feedback control laws at
least approximately., All we have to do is to utilize the optimal control
study. First, we linearize the optimal control laws around the optimal
steady state. This is done directly by measuring slopes around an

optimal steady-state point of Figs. 1.11 and 1.12 to give

S S S
Ryi-Roy = -L.O(T, -T;) - 100(0 - Of) (5.3)
R _-R = 0.5(T._ -T>)+50 (0, -C) (5.4)
ve " Rpe = 003 rg rg) fg = Tfg ’

where a superscript s represents optimal steady state. Secondly, we
investigate the contribution of each term in Eqgs. 5.3 and 5.4 to the
overall performance of the optimal system by comparing the per-
formance with and without each term. By neglecting the second term
on the right side of Eq. 5.3 and the first term on the right side of

Eq. 5.4, the control scheme was developed. This is referred to as

the ""alternative control scheme, " and is shown in Fig. 1.13.
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Performance for Unsteady-State Initial Conditions

A dynamic simulation of this alternative control scheme. where
the initial carbon level is slightly higher than the steady-state level,
is shown in Fig, 1.14. If this figure is compared with Fig. 1.9 it
will be found that the performance of this scheme is as good as that
of an optimal system. If this figure is compared with Fig. 1.4 (note
the difference in time scale), it will be found that this scheme has a
Significant superiority over the conventional control scheme.

Figure 5,6 shows the case where the initial carbon level is slightly
lower. If this figure is compared with Fig. 5.1 and Fig. 4.3, the
Same results as in the previous case will be found.

Therefore one can conclude that, as far as the performance for
unsteady-state initial conditions is concerned, this alternative control
scheme is as desirable as the optimal control system and it has a

Significant superiority over the conventional control scheme.

Performance for Forced Disturbances

A dynamic simulation of the alternative control scheme, when
the feed rate is suddenly reduced, is shown in Fig. 5.7. This dynamic
behavior will be explained by the following step by step analysis:

1. The reduced feed rate tends to increase the
reactor and regenerator temperatures because
of reduced heat requirement.

2. The increased regenerator temperature causes
the air rate to decrease by means of the con-
troller. while it causes the oxygen level to de-
crease because of the higher oxygen conversion,
which in turn causes the catalyst rate to de-
crease by means of the controller,

3. The decreased catalyst rate causes the carbon
level to decrease because the carbon production
is reduced,

4, The decreased carbon level causes the oxygen
level to recover, and the decreased air rate
causes the regenerator temperature to recover.
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As shown in Fig. 5.7, this system is practically insensitive to this
feed rate disturbance. If this figure is compared with Fig, 4.4 (note
the difference in time scale) it will be found that this alternative
scheme is undoubtedly superior to the conventional one.

Figure 1.15 shows the case where the carbon production is sud-
denly increased. This dynamic behavior will be explained by the fol-
lowing step-by-step-analysis:

1. The increased carbon production causes the
carbon level to increase,

2. The increased carbon level causes the re-
generator temperature to increase and
simultaneously causes the oxygen level to
decrease,

3. The decreased oxygen level causes the catalyst
rate to decrease by means of the controlle'r,
and simultaneously the increased regenerator
temperature causes the air rate to decrease
by means of the controller.

4. .The decreased catalyst rate compensates for
the increased carbon production.

As was shown in Fig. 1.15, this system is practically insensitive
to this carbon production disturbance. If this figure is compared
with Fig. 1.5, the superiority of this scheme over the conventional
one will be reconfirmed,.

Figure 5.8 shows the case where the catalyst rate is suddenly
decreased. In spite of the blower capacity limitation, which is as-
sumed for the purpose of a conservative test, the performance is

fairly satisfactory.

5.4 ANALYSIS OF AN ALTERNATIVE CONTROL STRUCTURE

The objective of this section is to demonstrate the superiority
of this alternative control scheme from an information feedback

point of view, First, negative feedback loops will be discussed in



-110-

5% DECREASE CATALYST RATE)

(CISTURBANCE

=

1y

T

e
=i
1
Ayne

3l

T f

T

I

e

i L

H

s
=

=
T E

[y
£

1+

L il

i3

pri

(D

Llel, o

i
T

aBCEERRanE Lot

R nen

T

I

T

b
Eexs

I

£

e 2

iy ) et

$EfT

S¥ans

LT

-

¥

'Em

13

i

,{

AT

T
1
1

1
=

u
FTTEY

AR
RATE

CATALYST

RATE

r

< o
w

o =
W
@ rF

ACTOR
TEMP

RE

CARZCN

NTENT

oo
i/

OXYGEN

CONTENT

IN HOURS

TIME

Fig. 5.8 Performances of Alternative Control Scheme (No. 3)



-111-~

order to understand the real significance of this control scheme.
Secondly, positive feedback loops will be discussed and will be shown

to have negligible effects on the overall dynamics.

Negative Feedback Loops

As was demonstrated in the previous section, this alternative
control scheme is surprisingly stable, From an information feedback
point of view, this scheme must have negative feedback loops.

A simplified information feedback structure of this scheme is
shown in Fig. 5.9. There are three negative feedback loops, namely
A, B, and C. The loop A is just a regenerator temperature control
loop and will be explained by the following step by step analysis:

1. An increase in the regenerator temperature

causes the air rate to decrease by means of
the controller.

2., The decreased air rate causes the regener-
ator temperature to decrease.
Since the regenerator temperature time constant is relatively small
(e.g., order of five min.), the response time of this loop is relatively
short and it will be considered as a short-run negative feedback loop.
Loops B and C essentially consist of an oxygen control loop

and will be explained by the following step-by-step analysis:

1. An increase in the oxygen level causes the
catalyst rate to increase by means of the
controller,.

2. The increased catalyst rate causes the

carbon level to increase because the carbon
production is increased, and simultaneously
results in the higher reactor temperature
which in turn increases the carbon production.

3. The increased carbon level causes the oxygen
level to decrease because the conversion of
oxygen is increased.



-112-

OXYGEN CONTROLLER

O fg

ch
OXYGEN LEVEL . CAT. RATE

(=)

\
Crc

\
1
. !
("9 REGEN. |

CARBON LEVEL ,
!

!

R . - TEMP. T
ai O CONTROLLER ra
AIR RATE

REACT. TEMP.

Fig. 5.9 Information Feedback Structure of Alternative Control Scheme



-113-

Since the regenerator carbon time constant is relatively high (e.g.,
order of one hour), the response times of these loops are relatively
slow and they will be considered as two long-run negative feedback

loops.

Positive Feedback Loops

In Fig. 5.9, there are a few positive feedback loops. The ob-
jective of the following discussion is to show that these positive feed-
back loops are not serious. For example loop D is a positive feed-
back loop, and will be explained by the following step-by-step
analysis,

1. An increase in the oxygen level causes the

catalyst rate to increase by means of the
controller,

2. The increased catalyst rate causes the re-
generator temperature to decrease,

3. The decreased regenerator temperature

causes the oxygen level to increase be -

cause the conversion of oxygen is decreased.
Since the regenerator temperature time constant is relatively small,
this loop will be considered a short-run positive feedback loop. How-
ever, since loop A is a short-run negative feedback loop, the re-
generator temperature is so stable that the overall effect of loop D
is less important than that of loop B and C. The above analysis will
become clear if one recalls that a negative feedback loop, in general,
works to compensate for a change in any direction, and that there-
fore, if a negative feedback loop exists in some information flow,
then the overall gain of this flow is less than the gain without this
negative feedback loop, and that a positive feedback loop is un-

important if its gain is small enough.
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Concluding Remarks

The fact that this alternative control scheme, which is an ap-
proximate optimal control scheme, has a significant superiority over
the conventional one, is partly confirmed by this analysis of infor-
mation feedback structure. Therefore this optimal control study for
the improved control system can be considered satisfactory at least
for the problem formulated here.

With this highly satisfactory control scheme with respect to
air rate and catalyst rate, it is possible to conduct the research
further into adaptive optimizing control schemes, with re spect to
reactor catalyst holdup, feed preheater temperature and feed rate,
This topic will be discussed in Appendix I, together with general con-

cepts for optimal operation of FCC.



CHAPTER VI

DISCUSSION OF RESULTS

6.1 REVIEW OF RESULTS

The objective of this section is to review the main results ob-
tained in Chapters IV and V. The dynamic simulation of the con-
ventional control scheme, the dynamic optimization for unsteady-
state initial conditions, and the dynamic simulation of the alternative
control scheme will be reviewed in that order.

The computational aspect of dynamic optimization and the con-

trol system design aspect of optimal control study will be left for the

next section,

Dynamic Simulation of the Conventional Control Scheme

The performance of the conventional control scheme (Fig. 1.3)
is demonstrated in Figs. 1.4, 1.5, 4.3 and 4.4 for several forced
disturbances and for several unsteady-state initial conditions. The

static behavior of this scheme is characterized by:

1. Compensation of the change in the heat require-
ment.
2. Compensation of the change in the carbon production.

The dynamic behavior of this scheme is characterized by:

1. Extremely high variations in the regenerator
and flue gas temperatures,

2. Relatively long periods of oscillation (on the
order of three hours).

3. Reiatively small damping ratios, in other words,
the degree of stability is small.

-115-
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Dynamic Optimization for Unsteady-State Initial Conditions

Figures 1.9 and 5.1 through 5.5 show solutions of dynamic opti-
mization, for several unsteady-state initial conditions. The dynamic
behavior of this optimal system is characterized by:

1. Small variations in the regenerator and flue gas
temperatures, and

2. Short response time (on the order of a half hour).

The phase-plane trajectories of optimal control solutions are
shown in Fig. 1.10. Optimal control laws are shown by contour lines
in Figs. 1.11 and 1.12. The approximate functional relations of
these optimal control laws are as follows:

1. The air rate is a decreasing function of re-
generator temperature and oxygen level.

2. The catalyst rate is an increasing function
of regenerator temperature and oxygen level,

The Dynamic Simulation of the Alternative Control Scheme

The performance of the alternative control scheme (Fig, 1.13)
is shown in Figs. 1.14, 1.15, and Figs. 5.6 through 5,8, for several
unsteady-state initial conditions and for several forced disturbances.
This alternative control scheme is equivalent to a conventional control
scheme when a process is in equilibrium--when static conditions pre-
vail. However, its performance is equivalent to that of an optimal
control scheme for a dynamic situation--when conditions are changing

rapidly.

6.2 DISCUSSION OF RESULTS

The objective of this section is to discuss the computational
aspect of dynamic optimization, to discuss the control system design
aspect of optimal control study, and to compare the conventional con-

trol scheme with the alternative control scheme,



-117-

The Computational Aspect of Dynamic Optimization

Numerical solutions of optimal control for unsteady-state initial
conditions are demonstrated in Figs. 1.7 through 1.9 and 5.1 through

5.5. The computational aspect will be summarized as follows:

1. The method of steepest ascent of the Hamiltonian
was demonstrated to be satisfactory since no
dynamic optimization for such a highly nonlinear-
multivariable process has been attempted yet.

2. The utilization of penalty functions made it
possible to obtain an approximate solution for
the dynamic optimization with state variables
constrained,

3. The optimal control solutions were relatively in-
sensitive to the total operating period (running
time tl) if it was greater than two hours,

4. The convergence was rapid with respect to the
objective function and state variables, but was
relatively slow with respect to the control
variables, as were recognized by many investi-
gators., 3

5. The iteration requirement depends on the ac-
curacy needed, For the cases presented, 10 to
20 iterations were necessary.

6. The computing time requirement depends on the
number of iterations and on the time step for
numerical integration. For the time step of 0.02
hour, one to two min. was necessary with the
IBM 7094,

7. The modification algorithm for relaxation param-
eters, Eq. 2.13, was satisfactory. For the ratio
of relaxation parameters, el/e2 = 10 was satis-
factory.

8. For penalty functions, Eqgs. 3.20 and 3.21, m1:2
and mzzl were satisfactory.
The lack of any other practical and satisfactory computational
algorithm makes the steepest ascent method the most pracically im-

portant one for the dynamic optimization of complex chemical processes.



-118-

This method is therefore recommended for dynamic optimization

studies of similar highly nonlinear and multivariable processes.

The Control System Design Aspect of the Optimal Control Study

In phase-plane trajectories (Fig. 1.10) of optimal control so-
lutions, a trajectory starting from any initial condition never crosses
a trajectory starting from any other initial condition; in other words,
an optimal trajectory is unique and depends only on initial conditions.
This is a direct consequence of the principle of optimality.

As shown in Figs., 1.11 and 1. 12, optimal control laws are
unique functions of state variables. For the problems considered in
the study, this is also a direct consequence of the principle of opti-
mality.

An alternative control scheme has been designed as follows:
approximate systematically the exact optimal control laws as simply
as possible, while testing the satisfactory performance by the use of
dynamic simulation of this approximate optimal control system. This
design algorithm has the following significant advantages over con-

ventional trial and error methods:

1. This design algorithm is systematic (although
not completely scientific) at least when the
optimal control laws are to be expanded in a
Taylor series.

2. The solution of this design algorithm always
exists, at least theoretically, since an exact
approximation corresponds to an optimal
control law itself, while the conventional trial
and error method can not tell whether a so-
lution exists or not at least until a solution is
obtained.

3. This design approach provides information to
evaluate the desirability of each step of ap-
proximation because the ultimate performance
due to optimal control is known. The con-
ventional trial and error method, however,
cannot evaluate the desirability of each trial,
since the ultimate performance is unknown,
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Because of the lack of any other scientific and practical design
method for highly nonlinear multivariable chemical process control,

this design approach is very significant from both a scientific and an

engineering point of view.

The Conventional Control Scheme vs., the Alternative
Control Scheme

The performance of both the conventional control scheme and
the alternative control scheme is described in Sections 4.2 and 5.3, re-
spectively. The structures of these control schemes, from an infor-
mation feedback point of view, are analyzed in Sections 4.3 and 5.4
respectively.

The alternative scheme is superior to the conventional scheme

for the following reasons:

1.” The variations for regenerator temperatures
and flue gas temperatures are significantly
smaller in the former than in the latter. This
allows the former to operate at almost maximum
regenerator or flue gas temperatures which the
safety of a regenerator limits,

2. The damping ratio or the degree of stability is
significantly higher in the former than in the
latter. This means that the controller tuning
is relatively easy for the former and is not
trivial but requires great care for the latter.

3. The period of oscillation is significantly shorter
in the former than in the latter.
In other words, as a control system the former responds and re-
covers quickly, while the latter is sluggish and the quick recovery
from the upset condition can not be expected.
' These dynamic superiorities were confirmed from an infor -
mation feedback point of view. The latter is inevitably associated with
several positive feedback loops the effect of which can not be over-
looked. Therefore the poor performance of the conventional control
scheme is due to several positive feedback loops which are inevitably

associated with the scheme,






CHAPTER VII

CONCLUSIONS

In the course of this work, the following conclusions were

drawn,

1. A new approach to the design of a control system for nonlinear
multivariable processes was developed in the course of this work.
The method was demonstrated for the design of a control system for a
hypothetical fluid catalytic cracking unit and resulted in an entirely
different control scheme from the one that is typically used in re-
finery operations. The performance of the new control scheme was
demonstrated by dynamic simulation to be significantly better than the

conventional system.

2, The new design approach was found to have significant ad-
vantages over conventional trial and error methods, because it is
systematic, and because it provides information to evaluate the de-
sirability of each design step since the ultimate performance of the
system is known from the optimal control theory. With the conven-
tional trial and error method, it is not possible to evaluate the de-
sirability of each trial efficiently, since the ultimate performance is

unknown,

3. The method of steepest ascent of the Hamiltonian, with the utili-
zation of penalty functions, was demonstrated to be satisfactory as a
computing algorithm for the dynamic optimization of the fluid cata-
lytic cracking unit considered in this study. This method is therefore
recommended for dynamic optimization studies of similar highly non-

linear and multivariable processes.

4. Signal flow graphs for the conventional control scheme and the
alternative control scheme of fluid catalytic cracking processes were

developed, and the dynamic behavior of these control schemes was
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analyzed from an information feedback point of view. This analysis

gave insight into reasons why the alternative control scheme was signi-

ficantly better than the conventional one.

5. Several control schemes, which are different from the con-
ventional control scheme, were also simulated and compared with
analog computer simulation studies by others.33 On the basis of
this comparison, it was concluded that, although there are various

kinds of fluid catalytic cracking processes, the characteristics of their

dynamic behavior are quite similar.



APPENDIX A

REACTOR KINETIC MODELS

The purpose of this appendix is to introduce Blanding's catalytic
cracking models and Voorhies catalytic carbon forming models, and
to unify them into a consistent set of models which can describe the
effects of most operating variables satisfactorily for simulation

purposes.,

Limiting Step in Reaction

The purpose of the following discussion is to show that, in
catalytic cracking, mass transfer and diffusion flow transfer are
factors of a secondary nature and that reaction kinetics can be approxi-
mated as a function .of the reactant partial pressure.

Four important processes can be visualized as occurring in any

catalytic cracking reaction:

1. Mass transfer of reactants to and from the ex-
terior surface of praticles and the main body of
fluid.

2., Diffusion of reactants and products into and out of
the pore structure of the catalyst particle,

3. Activated adsorption of reactants and desorption
of products,

4. Surface reaction of adsorbed reactants.

If the first process were important, the velocity of flow in the
catalyst bed would be critical. Bla.nding10 showed that a fivefold
variation in velocity made no important difference in the extent of
reaction. For reactions in which processes 1 and 2 are controlling,
the effect of temperature is generally very small and is present only
in so far as the kinetic motion of the reactant molecules is influenced
by temperature. Actually, temperature has a pronounced effect

on the catalytic cracking reaction.

-123 -
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Particle size exerts a strong effect on reaction rate, when
processes 1 and 2 are controlling. Blanding, 10 with considerable ex-
perience in the fluid process, has observed no important difference in
cracking rates for particles varying from 10 to 100 microns in diameter.
Therefore it seems probable that mass transfer and diffusion flow
transfer are factors of a secondary nature, and that processes 3 and 4,
involving activated adsorption and/or the surface reaction, are con-
trolling. The reaction kinetics can be approximated to be proportional
to some power of the reactant partial pressure, since this treatment

could be consistent with either of these latter two mechanisms.

Blanding's Catalytic Cracking Models

The purpose of the following discussion is to show that Blanding's
models were successfully developed for a pilot plant, and that these
models can be utilized for a full-scale plant at least as a basis.

The considerations discussed in the foregoing section suggest
that it should be possible to develop a relatively simple expression

for characterizing catalytic cracking reaction. Let

A = species reacting.

Wc = weight of catalyst
'na = number of moles of A present

n_ . = original number of moles of A

np = number of moles of products

k1 = constant (also k2' k3, m, etc.)

N = total moles of material present, n +n

n_. = number of moles of n, on catalyst in reactive

situation
P = reactor pressure

ra
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()
1

residence time of feed gas

Hh
1

fraction of A converted; C = 100f = %hoconversion

Adopting steady-state and plug-flow assumptions for feed gas,
consider, first, the general expression for the rate of the reaction

of n
a

- =— = k. n (A.l)

Equation A.1l is for a first-order reaction which, past experience
indicates, might be applicable to a cracking reaction.

For cracking in the presence of a catalyst, Eq. A.1 will not
apply, because only the material on or adjacent to the surface in-

fluences the reaction rate. For this case, consider that

dna
6 _ = ky(n, )

(A.2)
.The amount of material on the catalyst in a reactive situation can be

assumed to be an adsorbed layer, as

m
n P
a ra

N

n = kZWC

ac (A.3)

In this expression it is assumed that the amount adsorbed will be pro-
portional to some power of the partial pressure of the reactant sur-
rounding the catalyst as well as the amount of catalyst present.
Substituting Eq. A.3 into Eq. A.2

m
dn n P
a"ra

dGO = k3 Wi (A.4)

It has also been noted from a number of catalytic cracking

experiments that the relative number of moles produced per mole of
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reactant increases considerably as the reaction proceeds, owing to
secondary reactions. According to Blanding, 10 data indicates that,

very roughly, for the cracking of a light East Texas gas oil,

2
n n
2 = k4[§—] (A.5)

Thus, Eq. A.4 might be written

n ra C
ao

2m
dna n_
- 35 = kg {———:\ P2 ow (A.6)
o

According to Blanding, 10 pilot plant data, on the average, indicates

that

- 35 = kg |l (A.T)

dn n

a a

de n
o

ao

This suggests that exponent m in Eq. A.6 is approximately equal to
1. Thus

dna n_ 2
- o = kP W, = (A.8)
o ao

Upon integrating for a total bed, substituting 1-f for na/nao

k. P W ¢
5"ra ¢ o f

n = 01 (A.9)
ao

It is common practice to express f in terms of percent conversion, C.
Also in a catalytic reaction, a residence time of oil vapor is ex-
pressed by

k7nao

80 = _ﬁt7l‘l_-— (A.10)

ra

where Rtf is a total feed rate and Hra is a reactor catalyst holdup.
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Thus, as a final expression, Blanding obtained

crpra C
S (A.11)
tf Hra 100-C

where Kcr = cracking velocity constant.

This formula applies to a bed in which the reactants are pro-
ceeding through the catalyst bed in ''piston flow."

The above expression and the foregoing derivation, together with
confirmation of Blanding's results, suggest that the reaction is in-
deed approximately first order but that in the constant pressure system
considered the reactant becomes increasingly diluted with cracked
products, thus diminishing the extent of reaction. Thus in effect the
apparent order in terms of feed stock processed approaches 2.
Actually Eq. A.5 represents a very rough approximation; most feed
stocks examined show exponents ranging from 1.6 to 1.9 in the con-
version range of practical interest (30 to 80%conversion). However,
although the dilution due to increasing moles of reactant might not
be sufficient to increase the apparent order to the level of 2, petro-
leum fractions consist of a large variety of individual hydrocarbons
which vary in their relative refractoriness. It might be expected
therefore that compounds easiest to crack would crack first, leaving
a residue of reactants which becomes increasingly harder to crack.
This additional factor also tends to increase the apparent order
above 1,

The velocity constant Kcr of Eq. A.11 is expected to be a
function of the degree of catalyst fouling, which in turn depends on
operating variables. Therefore the determination of Kcr is post-

poned until the carbon-forming kinetics are discussed.

Voorhies' Catalytic Carbon Forming Models

The objective of the following discussion is to show that

Voorhies models are successfully developed for the catalyst which is



-128-

fresh or which activity is completely restored after regenerating to a
low residual carbon content, and that they provide basic models for
the equilibrium (or reduced activity) catalyst.

The carbonaceous deposit that is an inevitable by-product of
catalytic cracking is called ''coke, ' and is generally measured as a
percentage by weight of feed or of catalyst. Although the extent of
carbon formation in catalytic cracking depends on the type of catalyst,
the feed stock, and the operating conditions, it has been found that
there is an intrinsic uniformity in the way the amount of carbon de-
posit on the catalyst increases with time. Certain generalized cor-
relations of striking simplicity and considerable utility have re-
sulted from a study of such da,ta.74

There are three types of carbon: catalytic carbon, additive
carbon, and strippable carbon. The catalytic carbon is produced in
the catalytic reaction, The additive carbon is present in most
3,52 The

strippable carbon represents adsorbed and interspersed hydrocarbon

heavy gas oil and is deposited without catalytic reaction.

gas and liquid remaining with the spent catalyst after the cracking
has been accomplished. It is common practice to purge most of the
strippable carbon before the catalyst is regenerated. We therefore
can assume that the strippable carbon is negligible.74

For the catalytic carbon, according to Voorhies, 74 a con-
siderable amount of data shows that the amount of carbon formed on
the catalyst is approximately a logarithmic function of the length of
time elapsed since the catalyst was freshly regenerated, and that
the feed rate has no effect on the extent of carbon formation on the
catalyst for a given residence time. Much thought and speculation
have been devoted to the question why the amount of carbon deposited
on the catalyst for a given residence time should be relatively in-
dependent of feed rate. The characteristics of the hydrocarbons in
contact with the catalyst are continually changing as the feed stock

progresses through the catalyst bed, and also different feed stocks
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differ in their carbon-forming tendencies. However, consider what
happens as the feed stock passes through the bed of catalyst. It is
converted to an increasing extent into (a) gasoline and gas, which have
less tendency to carbonize than the original feed, and (b) cycle gas oil,
which has more tendency to carbonize than the original feed. To the
degree that these two tendencies balance each other, the extent of
carbon formation on the catalyst will not differ at any level in the
catalyst bed at any given time: this means that the amount of carbon
deposited on the catalyst is independent of feed rate within limits.74
For a given catalyst, feed stock, temperature, and pressure,

Voorhies found experimentally that

Coat = A 6 (A.12)
where Ccat = catalytic carbon yield on catalyst
A = constant
Bc = catalyst residence time

n = exponent (0.38-0,53)

Since the rate of carbonization drops off as the percentage of
carbon on the catalyst increases, Voorhies postulated that the coke
itself is the diffusion barrier, and found that if it is assumed the rate
of diffusion is inversely proportional to the amount of carbon, then
the power of catalyst residence time is 0.5 which suggests a good
concordance with the experimental results.

However, the above hypothesis of Voorhies has several es-
sential discrepancies:

1. The large specific surfaces of cracking catalysts

require an extremely large coke deposition to
form a monomolecular layer.

2. As described in the section of "Limiting Step in
Reaction, " the catalytic cracking, which is
significantly influenced by carbon production,
is not controlled by the pore diffusion.
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3. Voorhies found that the carbon formation doubles
with an increase in crackmg temperature of ap-
proximately 190-200 °F and this effect of tempera-
ture is so strong that the diffusion is unlikely to
be controlling.

However, since the catalytic carbon formation depends on the
conditions of catalytic active sites (e.g., activity distribution) the
models of Voorhies turn out to be meaningful and useful, if we postu-
late that an apparent (or averaged) activity of catalyst is inversely

proportional to the catalytic carbon content of catalyst.

Derivation of Unified Reactor Kinetic Models

The objective of the following discussion is to unify Blanding's
catalytic cracking models and catalytic carbon forming models, and
to determine the effects of temperature, pressure, and residual
carbon on their kinetics.

In commercial plants, it is known that the residual carbon
content of catalysts, which was left unburned in the regenerator and is
present in the reactor, has significant effect on the selectivity be -
tween the catalytic cracking and the carbon formation., Assuming
the catalytic carbon formation is (1) inversely proportional to the
catalytic carbon content (as assumed by Voorhies), (2) inversely pro-
portional to the residual carbon content (raised to some power n),
and (3) directly proportional to the pressure (as Blanding assumed for

catalytic cracking), a catalytic carbon forming rate is expressed by:

R = K P H (A.13)
cc cc “ra ‘ra
kcv: cc
Kee = T3 xp R(T__+ 460) (A.14)
C C ra
cat "res

where Rcc catalytic carbon forming rate

K
cc

velocity constant for catalytic carbon formation
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Pra = reactor pressure

Hra = reactor catalyst holdup

Ccat = catalytic carbon content of catalyst
Cres = residual carbon content of catalyst
AE_ = activation energy

k ~and n = constant

cC

If the catalysts in the reactor are uniform, then a steady-state

material balance for the catalytic carbon is

R -R__C =0 (A. 15)
cc rc cat
where
R = catalyst rate
rc
Substituting Eq. A. 13 into Eq. A. 15, and solving for Ccat
2
kccpraec A Ecc !/
Ceat = | ——m—— °©XP < ~ R(T T 460) (A.16)
C ra
res
where 6 = H__/R = catalyst residence time
c ra’ “rc

Equation A, 16 can be used to determine the effect of the catalytic
carbon on the catalytic cracking as follows, Blandinglo found that
the cracking velocity constant, which is denoted by Kcr in Eq. A. 11,
is roughly inversely proportional to the 0.5 power of the catalyst
residence time. This relationship (see Eq. A. 16) will follow if the
catalytic carbon formation, and the catalytic cracking are inversely
proportional to the catalytic carbon content. These factors have

been noted by Shankland, et. al. 65

Therefore, assuming the cracking velocity constant is inversely
proportional to some power of the residual carbon, the following ex-

pression is obtained:
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kc:r AEcr
Ker = 77— SXP " R(T _+ 460) (A.17)
C ra
cat “res
where AEcr = activation energy for catalytic cracking
k and m = constant

cTr

Substituting Eq. A.16 into Eq. A.17

1/2

k c? (AE _-AE _/2)
K _ cr res exp < - cr cc
cr cm k_ P 6 R(T _+460)
CcCC Tra cC Tra

res

(A.18)

Equation A.18 describes the total effect of temperature on the cracking

velocity constant. Blanding10 reported that

AE . - AECJZ £ 18,000 Btu. /lb.mole (A.19)

Furthermore, Eq. A.18 shows that the observed cracking velocity
constant is inversely proportional to the 0.5 power of pressure. This
fact is also pointed out by Blan;iing as follows., According to the
cracking rate formula, Eq. A.11, the cracking rate is directly pro-
portional to oil partial pressure, and, hence, doubling total pressure
should increase the cracking rate in the same proportion as hauling
feed rate, However, the above relationship should necessarily apply
only instantaneously, and the resultant cumulative effect of pressure
in an actual cracking operation should be somewhat different, This
would be expected because the cracking rate is higher at higher pres-
sures, and the catalyst should deactivate with time at a greater rate
than normal, owing to the greater rate of deposition of carbon re-
sulting from the higher cracking rate. According to Blanding, there-
fore, actual fluid unit data show that the observed Kcrpra is very
closely proportional to the 0.5 power of pressure which is consistent

with the above derivation.
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Elimination of CC from Eq. A.14 and A.17 results in

at

kcr (AECI_-AECC)
Kcr = Kee K m-n P {7 TR(T__+460 (£.20)
cc “res ra

Substituting Eq. A.20 into Eq. A.11, together with Eq. A.13, results in

R k (AE _-AE )
cc cr exp < - cr cc _ C (A.21)
R m-n R{(T +460) - 100-C ’
tf k ra
cc “res

Eq. A.21 describes the overall effects of the temperature and the re-
sidual carbon on the catalytic carbon yield for a constant conversion
level. Oden, et al.sz reported that, for a commercial plant, these

effects are approximately

AE  -AE £ 9,000 Btu./lb.mole (A.22)
cr cc .

and m-n = 0.09 (A.23)

Substituting Eq. A.18 into Eq. A.11

1/2
pras kcr e _ (AEcr_AEcc/Z) N C
K om-0.5n xp R(T__+460) = 700-C

ccC

res
(A.24)
1 ch/Rtf . .
where S = > = R/H = cracking severity
(R,./H_ )"0 tf’ “'ra
tf’ ""ra’ "¢

Equation A.24 describes the overall effect of the temperature and the
52

residual carbon on conversion for a constant severity. Oden, et al.

reported that
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m-0.5n & 0,12 (A.25)

AE _-AE /2 * 18,000 Btu./lb.mole
Ccr ccC *

which is surprisingly consistent with Blanding's finding (i.e.,
Eq. A.19).
Solving Eq. A.19 and A.22 simultaneously

AE

or 27, 000 Btu. /lb, mole (A.26)

"

AE

ce 18, 000 Btu. /lb.mole (A.27)

H

Furthermore, the fact that the intrinsic activation energy (i.e.,
Eq. A.26) is greater than the apparent activation energy (i.e.,
Eq. A.19) is pointed out by Blanding. 10

Solving Eq. A.23 and A.25 simultaneously,

m = 0,15 (A.28)

n 0.06 (A.29)

This difference of effects of the residual carbon is explained by the

selectivity, which is consistent with the results of Oden, et a1.52

" Substituting Eq. A.16 into Eq. A.14
k., 1/2 AE__/2
Kee =(;—“"'§1_) “*P 7 R(T,_*460) (A.30)

6 C

ra C res

*

According to H. E, von Rosenberg (Esso Research and Engineering
Company, personal communication), the credits for lowering the re-
sidual carbon are an improvement in catalyst stability or life and

an improvement in the reactor yields. The most important yield im-
provement is a reduction in carbon yield. This allows an increase
in fresh feed or in conversion until the carbon burning limitation of
the regenerator is again reached. This fact is consistent with the
above derivation.
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Eg. A. 30 describes the overall effect of the temperature on the
catalytic carbon formation. Voorhie 574 found that, for long period

(order of an hour) fixed bed reactors,

AECC/Z = 12,000 Btu. /lb.mole

or AE__ = 24,000 Btu. /1b.mole (A.31)

The reason for the different results of Eqs. A.27 and A.31 is not clear.
However, it may be concluded that the intrinsic activation energy for
the catalytic carbon formation is slightly less than that for the cata-
lytic cracking, and that high temperatures result in less carbon yield,

which is consistent with the results of Oden, et al. 52

Final Forms of Kinetic Models

The objective of the following discussion is to summarize the
above derivations and to supply a few details useful in completing the
models for the simulation study.

The gas oil cracking rate is related to the conversion as follows:

Roc = (1.75)foRffof (A.32)
where Roc = gas oil cracking rate

fo = density of fresh feed

Rff = fresh feed rate

Cff = conversion on fresh feed

(1.75)= (42 gal./bbl.)/(24 hr./day)

The conversion on fresh feed is related to the conversion on total feed

as follows:

Y

tf
C = Ce g = G4

s i T, (1+R ) (A.33)

A

f
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where th = conversion on total feed
Rtf = total feed rate
Rr = recycle ratio

Using the relation 100 th = C, Eq. A.1l1 is rearranged to

tf A+1

(A.34)

P
cr ra

where A =
W7H7Wc

Therefore, Eqs. A.32, A.33, A.34, together with Eq. A.17, consist
of a complete set of models for the gas oil cracking rate in terms of
operating states and variables.

Assuming the strippable carbon production is negligible, the

carbon forming rate is expressed by

R . = K P H + F

cf cc ra ‘ra tthf (A.35)

H

where R _. carbon forming rate

F

tf additive carbon forming factor of total feed

Therefore, Eq. A.35, together with Eq. A.14, consists of a complete
set of models for the carbon forming rate in terms of operating states

and variables.,

Estimation of Constants

In the above set of models, the estimation of constants kcr’ kcc
is necessary to utilize the models for the simulation. These constants
are not universally constant but are dependent on the compositions of
feeds and the condition of the catalyst., However, since they are not

strongly dependent on the operating variables, it can be assumed
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that these constants do not vary significantly for the operation of the
same unit, and the assumption of their constancy is adequate for the
purpose of simulation and control.

The objective of the following discussion is to show a simple
method of estimation of constants which are used throughout the study.
Assuming that the reactor is operated at a certain probable steady-
state condition (e.g., Hra = 60 ton, Pra = 40 psia, Tra = 930°F,

R, = 100,000 bbl. /day, R . =40 tons /min., Cge = 0.6), together
with a certain probable steady-state condition of the regenerator,
probable kcr and kcc are determined automatically. Since it is
not only difficult but also useless for our purpose of simulation to
estimate accurately these constants by purely chemical analysis of
feed composition and catalyst condition, the above (a kind of closed-

loop) method was used.






APPENDIX B

REGENERATOR KINETIC MODELS

Regeneration of coked or spent catalyst by burning the coke with
air is an essential part of the catalytic-cracking process; indeed the
capacity of the regenerator for burning the formed coke often limits
the rate at which a unit can crack feed. This appendix describes the
significance of a regenerator, a literature review of regeneration

kinetics, and the construction of models.

Significance of Regenerators

The purpose of the following discussion is to show that a re-
generator of FCC is one of the most important parts of FCC from an
economic point of view and from a control point of view, and that
"its models must be constructed with great care in order to utilize
them satisfactorily.

There are three main incentives for improving the carbon
burning in regenerators, The first is to lower the carbon levels on
the catalyst for a given rate of carbon burning and conversion of the
oxygen. The low carbon level on the regenerated catalyst would im-
prove the gasoline yield in the reactor for a given conversion level, 52
The second incentive would be to increase the conversion of the oxygen
for a given carbon level on the catalyst. This would result in an in-
crease in the total carbon burning rate and so increase the total
capacity of a unit, which is usually limited by the regenerator gas
velocity or blower capacity. The third incentive is related to the
second., By increasing the oxygen conversion, the amount of "after -

burning'' in the dilute phase could be reduced.

Role of Pore Diffusion

The purpose of the following discussion is to show that the role

of pore diffusion in fluidized regenerators is negligible, and that the

-139-
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pore diffusion mechanism is not necessary to describe the fluidized
regenerator kinetics.

The mechanism and kinetics of the burning of carbon from cata-
lysts has not been clearly worked out. It is generally agreed that dif-
fusion rates into the particle, as well as the chemical reaction, play
a part. At low temperatures the chemical reaction is controlling,
while at high temperatures diffusion is controlling. The various re-
generation studies in air at atmospheric pressure indicate that, on
a silica-alumina bead catalyst of about 1/8 in. diameter with fine
pores (e.g., 50 to 100 R), diffusion of oxygen begins to become rate
limiting at about 900°F (480°C). ® A clay catalyst with large pores
(e.g., half exceeding 2000 2 in diameter) has a higher diffusivity, and
oxygen diffusion was not rate limiting even at 1200°F. 16 With the
fine particle sizes used in fluidized-bed operations, oxygen diffusion
is not rate controlling on silica-alumina or similar catalysts, at

least up to 1290°F (700°C)."°

Carbon on the Catalyst

The purpose of the following discussions is to show that, although
the intrinsic kinetics of burning carbon on the catalyst is not com-
pletely established yet, one of the most acceptable models for the in-
trinsic reaction rate would be expected to be first order with respect
to carbon and oxygen.

The main complicating features of regeneration are the nature
and amount of carbon on the catalyst, its distribution on the surface
and within the pores of the catalyst, metal contamination, sintering
and catalyst pore size., The intrinsic rate is generally found to be
proportional to oxygen concentration, but the nature of the function of
the amount of carbon present has varied in different investigations
(see Table B.1). The reason for these variations is not clear; in
some cases an aging effect may have caused a decrease in carbon

activity, or the distribution of carbon atoms on a molecular scale
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Table B.1

List of Published Regeneration Kinetics

Btu. /1b.mole

B 16 2 6
Dart et al. Johnsgn Lavroilskii Aliev etal. Pansing5

Literature etal’ et al. 0
Bed Type Fixed Fluidized Fluidized Fluidized |Fluidized
Bed Size

diameter 1.25 in. 2 in, 3 cm. 10 in.

length 2 ft. 20 in, 1 m. 5 ft.
Catalyst Type Clay Clay Si. Al. Si.Al,

Pellet Si, Al,
Si.Mg.
Catalyst Size 4,.0-2.4 100-250 75 n 44 -79 1
mm. 200-500 p

Superficial 30-40 0.2 0.16 0.1-0.6

velocity,

ft. /sec.
Average

OZ,psia. 3.06 0.324- 0.676-

0.676 3.06

Initial Carbon 0.83- 0.3 0.6-2.0

Content wt. % 2.75
Kinetic Order 1 1 1 1 1

of Oxygen
Kinetic Order 2 1 1 2 1

of Carbon
Average Temp. 850- 950 - 978 - 965 -

°F 1200 1050 1113 1075
Activation 47,900 74,000 44,100 53,000 £3,000

Energy 55, 600
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into clumps may well have varied in different studies. In studies made
in a fixed bed, it is evident that considerable temperature gradients
may have occurred axially and radially in the bed which make a pre-
cise interpretation of the results impossible,

In an industrial operation with a high-area catalyst, the initial
coke concentration will generally be less than about 5 wt. %, which
is equivalent to considerably less than a monolayer. If the carbon
atoms were indeed all exposed and all equally reactive, the intrinsic
reaction rate would be expected to be first order with respect to
carbon.61

The coke generally contains considerable hydrogen, but the
hydrogen is removed in the initial stages of the reaction, leaving a
carbon skeleton on the catalyst, Thus the principal reaction of con-
cern-is the gasification of carbon. For a given catalyst, there seems
to be little variation in the burning rates of coke deposited from dif-
ferent hydrocarbon reactions, although the reaction-velocity constant
for carbon deposited from high-sulphur feeds is higher than from low-
sulphur feeds. 56 Also a decline in reactivity on aging has been re-
ported. 35 Little difference is found between reactivity of carbon on
silica-alumina, silica-magnesia, clay, silica gel, and other cracking
catalysts containing no transition metals, 35 although the low-
activity catalysts show a higher reaction-velocity constant than does
the high-activity catalyst, 56 The presence of chromia in the xerogel,
however, increases the burning rate, and other transition metals
will presumably also catalyze carbon combustion, as may also some
potassium compounds, Most workers report the intrinsic activiation

energy for carbon burnoff to be above 63,000 to 66, 000 Btu. /1b.mole.

Effects of Steam

The purpose of the following discussion is to show that, al-
though the effect of steam gasification reaction can not be overlooked,

one of the most acceptable models for the intrinsic carbon burning
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reaction rate is still first order with respect to carbon and oxygen,

providing that the variation of steam content is negligible.

Contacting Gas and Solid

The purpose of the following discussion is to show that the con-
tacting of gas and solid is a particular phenomenon for fluid process,
that it is the most essential factor which governs the efficiency or
performance of regenerators, and that it is essential to include this
phenomenon in the regenerator model as accurately as possible in
order to describe the difference in the performance of different re-
generators.

Contacting of the solid with the regenerating gas is, of course,
important., Apparently very little work has been done on this effect
in fludized regenerators. The analysis of fluidized beds is made
complex by the fact that the gas flows through the bed by two paths. 8
One is in the form of gas '"bubbles'' which have relatively low solid-
to-gas ratios and shorter residence time than the average. The
other path is through the interstices of the dense phase, which in-
volves a longer residence time and much higher ratios of solids to
gas. The linear velocity at which gas flows through the dense phase
corresponds approximately to that which produces incipient fluid-
ization. Any excess gas flow goes up as bubbles. Thus the fraction
of the total gas flowing in the form of bubbles increases as total gas
flow rate is increased above that required for incipient fluidization;
but this fraction is also a function of particle size and particle size
distribution. As the bubbles rise, they grow by seepage from the
surrounding dense phase, the rate of which is likewise a function of
particle size and of size distribution. Higher gas velocities or finer
catalysts will increase the distance between particles and so the re-
sistance to diffusion from the ''bubble'’ phase to the dense phase
will be less. The coefficient of mass transfer has been reported to
be a function of some powers of the mass velocity of the gas and the

56

average particle diameter,
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Pansing's Regenerator Models

The purpose of the following discussion is to show the successful
development of Pansing's regenerator for a pilot plant. Although
they are not completely accurate for a full-scale regenerator, they
still remain one of the most acceptable models because they embody
both the intrinsic regeneraton kinetics and also the gas-solid con-
tacting phenomenon.

During burning of coke, oxygen must be transferred from the air
stream to the surface of the catalyst. Burning rate may as well be
limited by diffusion from the air stream to the surface as by re-
action on the surface. In a fixed bed, the resistance to diffusion
occurs in a stagnant film surrounding the individual catalyst particles.
In a fluidized bed however, much of the gas passes through the cata-
lyst in the form of pseudobubbles or pockets and relatively little
flows through the interstices between the more densely packed parti-
cles.26 Much of the catalyst can receive oxygen only by diffusion or
mass transfer of gas from the bubbles. Resistance to mass transfer
can be combined with reaction kinetics to develop an equation for the
overall rate of reaction,.

The concentration of carbon on the catalyst can be considered
uniform throughout a fluidized bed, because the rate of catalyst mixing
is rapid.26 The gas flow can be assumed unidirectional, because
bypassing or short-circuiting of gas in a fluidized bed is far more
pronounded than back mixing. Gas bypassing causes the oxygen
concentration to vary across the horizontal cross section of the re-
generator, but an average oxygen concentration can be assumed to
exist at a given vertical level.

The rate of reaction of carbon is assumed to be first order with

respect to the concentration of carbon on the catalyst, 35,40

2,16,35,40, 54

and
partial pressure of oxygen. A stoichiometric expres -

sion for regeneration is, in general, as follows:
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Coke (C,H) + O, —CO + CO, +H,O

2 2 2

where stoichiometric coefficients are not specified. For the stoichio-
metric ratio of carbon and oxygen, Poh.’l.erxz57 found that it is almost
constant with the deviation of the same order as the accuracy of the
measurements. He speculates that a catalyst with high hydrogen-
producing activity reduced hydrogen content of the coke, but in the

oxidized state catalyzes the oxidation of CO to CO,, thus causing in-

creased ratios of COZ/CO, and that the stoichiomtzetric ratio is nearly
constant, independent of the COZ/CO ratio. Assuming that carbon and
oxygen must react in some stoichiometric ratio, the rate of reaction
of oxygen T, in moles /hr. /1b. of catalyst can be expressed as

r. o= errpi (B.1)

where the proportionality constant relating the rates of carbon and
oxygen reactions is contained in kr’ the specific reaction-velocity
constant in moles/hr. /atm. /Ib. The term Cr is the fraction of
carbon on regenerated catalyst, and Py is the partial pressure of
oxygen in interstices of catalyst in atm. The rate of oxygen transfer
depends upon the pressure gradient of the oxygen from the interior of
the bubbles to the interstices of the catalyst. Thus T4 the rate of
oxygen diffusion from bubbles to catalyst in moles /hr. /1b. of catalyst,

can be expressed as

rd = kd (p-pi) (B.2)

where kd is the coefficient of mass transfer in moles/hr. /atm. /ib.
and p is the partial pressure of oxygen in bubbles in atm. At steady-
state conditions, the overall rate of reaction must equal the rate of
oxygen transfer or rate of surface reaction. Thus, after equating
Egs. B.1 and B.2, solving for P; and substituting this expression

in Eq. B.1, one can express the overall rate of reaction r, in moles/

hr. /lb, of catalyst, as
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r = —B (B.3)

1 1
- +
kd krcr

A material balance on oxygen across a differential length of re-

generator may be written

FAN = -r dwW (B.4)

where F is the feed rate of gas in 1b./hr., N is the oxygen con-
centration in the gas in 1b. moles/lb. feed, and W is the weight of
catalyst in 1b. If Eq. B.3 is substituted in Eq. B.4, and the total
moles of reactants and products is considered constant, the re-
sulting equation may be integrated from the inlet to the outlet oxygen

concentration to give

N
FeF(Geg)es e
where N, is the total moles gas/lb. of feed to the regenerator, P is
the total pressure in atm, and NO is the inlet oxygen concentration in
1b.moles/lb. feed. The quantity FNt/W is defined as the space
velocity S and equals the moles of gas fed to the regenerator /hr. /lb.
of catalyst. The quantity N/No is the fraction of inlet oxygen un-
converted in the regenerator and is defined as f. If these terms are

introduced in Eq. B.5, it may be rearranged to give

Pcr cr 1
SInt. T X o (B.6)
T

Significant variables are thus related in terms of a specific reaction-~
velocity constant and coefficient of mass transfer.
Equation B.6 could be used to evaluate the specific reaction-

velocity constant kr from regeneration data if values of k, were

d
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available, Although some data on mass transfer in fluidized beds

exist, there are no data on particles in the 0-to 100-p range. Hence
the coefficient of mass transfer can be assumed to be a function of
some powers of mass velocity of gas and the average particle diameter.
Higher gas velocity or finer catalysts will increase the distance be-
tween particles and so the resistance to diffusion will be less, Thus

the coefficient of mass transfer ky may be expressed as

G

k::-l—
¢ b

d (B.7)

n
P
where a is a proportionality constant, m and n are unknown ex-
ponents, G is the gas mass velocity in the regenerator in 1b. /hr./

sq.ft., and Dp is the average particle diameter in p. Equation B.7

can be substituted in Eq. B.6 to give

PC_ chn .
* Sinf - @ o™ t (B.8)
r

which represents a straight line of slope a and intercepts l/kr when
-PCr/(SInf) is plotted against Cng/Gm. Both k_  and a can be
evaluated from regeneration data if suitable values of m and n can
be obtained.

From extensive pilot plant data, Pa.nsing56 found that

m=2, n=1.5 a= 146

PC_ chI'S .
or - gf;l-f_- = 146 -——‘—R—GZ + I{": (B.g)

and that an activation energy is about 63, 000 Btu. /1b. mole. However,
Pansing found that the correlation has proved less useful when applied

to commercial units, where such interfering factors as afterburning
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and partial combustion in large transfer lines are more difficult to
control. Equation B.9 usually gives lower reaction velocity constants
than are observed in the pilot plant. Reaction-velocity constants de-
veloped from pilot plant data contain a factor that represents the ex-
tent of participation of the catalyst in the reaction. In commercial
units, where the regenerator may be 30 ft. in diam., part of the
catalyst may be ineffective because of nonuniform gas distribution in
the fluidized bed.

The above discussion suggests that the principal discrepancy be-
tween the performances of pilot plant and commercial units comes
from the efficiency of gas-solid contacting which is characterized by
a of Egqs. B.7 or B.8, Therefore it is expected that if the com-
mercial plant data are arranged to estimate the apparent (or spacially
averaged) constant a for mass transfer coefficient, then the re-

sulting models are more useful.

Afterburning

The purpose of the following discussion is to show that the ''after-
burning'' or oxidation of carbon monoxide to carbon dioxide in the re-
generator lean phase is one of the mdst important control problems
from the regenerator safety point of view and from the control system
design point of view, that the extent of afterburning is observed by
the temperature rise in the regenerator lean phase or the differential
temperature across the cyclones, and that the extent of afterburning
is mainly expressed in terms of oxygen content in lean phase and re-
generator temperature.

The large amount of combustible carbon monoxide in the flue
gases sometimes leads to afterburning in the disengaging space and
cyclones of fluid regenerators, Such fires are put out by means of
steam or water, and the best safeguard seems to keep the excess

air low (oxygen below 0.5 to 1 percent in the flue gas), and to keep
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the regenerator temperature low (below about 1130017')."49 At higher

regenerator temperatures, the temperature rise between dense and
dilute phases or dense phase and flue gas is a very sensitive indi-

Sk
cator of the oxygen content of the gas leaving the dense phase. 57

Derivation of Simplified Models

The objective of the following discussion is to derive a mathe-
matically compact set of models which can be readily utilized for the
simulation and control studies. Assuming that a stoichiometric ratio

of oxygen and carbon is constant, a steady-state material balance for

oxygen can be expressed by

R .
ai
R_ . = g, (21-ofg)/(1_00) (B.10)
where Rcb = coke burning rate
R . = air rate
ai
Ofg = mol % oxygen in flue gas
C1 = stoichiometric coefficient

Arranging Eq. B.5, Ofg is expressed by

/R .
O, =21 exp< - 8B 2l (B.11)
fg l/KOdT(IOO)/KorCrC

It is reported that, for a fluid unit operated at the low regenerator
temperature of 1,0500-1,0559F, afterburning problems could never
be experienced and it could be operated at almost any oxygen level,
but that, operating this unit at 1, 100°F regenerator temperature,
the danger of afterburning exists anytime with above 1.5%oxygen. 55

sla st
P

It is reported that, for a fluid regenerator, the amount of air is con-
trolled through a vernier bypass value by a temperature differential
between the dense bed and the flue gas, that the temperature setting
for a 609F spread is sufficient for a good catalyst cleanup, and the
corresponding excess oxygen in the flue gas is about 0.2-0.4%
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where prg = regenerator pressure
Hrg = regenerator holdup
Kod = oxygen diffusion coefficient
Kor = oxygen reaction coefficient
C.e = wt. % carbon on regenerated catalyst

Assuming that the average particle diameter is constant, Eq. B.7 is

modified to

K C, R, (B.12)

od ~
where CZ is a constant,

Assuming that an Arrhenius type of temperature factor is held, K

is expressed by

AE AE
Kor = Cyexp R(llO(?féLéO) - R(TrngZZO) (B.13)
where C3 = constant
AEor = activation energy of oxygen reaction
Trg = regenerator temperature
R = gas law constant

As far as the afterburning is concerned, assuming that the
temperature rise caused by afterburning is directly proportional to the
oxygen level, the following expression is obtained:

T =T +C, 0O (B.14)

where

H

flue gas temperature

Q
"

constant
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Estimation of Constants

In the above set of models, the estimation of constants CI’ CZ’
C3, and C4 is necessary to utilize the models for the simulation.
These constants are not universally constant but depend on the specific
operating conditions. However, since they are not strongly de-
pendent on the operating variables, it can be assumed that these con-
stants do not vary significantly for the operation of the same unit, and
the assumption of their constancy is adequate for the purpose of simu-
lation and control.

The purpose of the following discussion is to show a simple ex-
ample of the estimation of constants which is used throughout the
study. Assuming that the carbon is oxidized to the same amount of

carbon monoxide and carbon dioxide as follows:-

3
2C+2- O2 CO«!-CO2

C, is estimated by

1
C,=2.0(1b. oxygen/lb. carbon) (B.15)

Pans ing56 found that

kr (at 1429OF) = 2.0 (Ib.mole oxygen/hr.atm.lb.carbon)

which, assuming the activation energy of 63,000 Btu./lb. mole, is

equivalent to

|

k_ (at 1100°F) = 12.8 (lb.mole oxygen/hr.atm.lb.catalyst,
. fractional carbon)

or (12.8)(2,000) /(14.7)

I

1, 800 (lb.mole oxygen/hr.psia, ton carbon)

eife
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or equivalently

Cy = (1, 800)(32) /(1000) = 57.5 (M 1b. oxygen/hr. psia, (B.16)
ton of carbon)

If the regenerator efficiency is such that

. o
ofg = 0.2 (%) at{Hrg = 200 (ton), prg = 25 (psia), Trg_ 1,160 F

C,, =0.6(%), R, =400 (M1b. /hr.)

then a direct calculation of Eq. B.1l1l results in

c:2 £ 5.0x 10'6 (B.17)

Finally, if 0.2 % of Ofg corresponds to 20°F of temperature rise,
then

C, =100 (°F /% oxygen) (B.18)



APPENDIX C

DYNAMIC MODELS AND CONTROL MODELS

There can be various kinds of dynamic mathematical models of
FCC, from the highly sophisticated ones to the very simple ones, de-
pending on their intended use., It is a very hard thing to determine
what level of model sophistication is necessary and adequate to use
them satisfactorily before starting the simulation. Answers will be
given only after the simulation is completed and only after the result
is found satisfactory judging by the engineering common sense. This
study is also not the exception. Most of the assumptions introduced in
the study were too difficult to justify completely at least before starting
the simulation. However after completing the simulation, it was found
that these assumptions are adequate at least for the purposes of the
study.

Therefore the purpose of the following discussion is to show the

basis of the study, and to describe a simple form of controller models,

General Assumptions for Dynamic Models

Simplified dynamic models can be obtained by isolating the re-
actor and regenerator systems from the fractionator and the feed pre-
heater. Furthermore, the following idealizations are thought to be

necessary and adequate in the interest of simplicity:

1 Riser cracking is negligible.

2 Thermal cracking is negligible.
3. Air riser burning is negligible.
4

Reactor catalyst and regenerator catalyst are uniformly

mixed,

5. Catalyst addition, withdrawal, and entrainment are
negligible.

6. Heat loss from reactor and regenerator walls are
negligible.

7. Stripper holdup, reactor and regenerator standpipe and
cone holdups are negligible.
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8. Properties (i.e., density, specific heat) of streams
and beds are uniform and constant.

9. Process steam, spray water, and torch oil are
negligible.

10. Parameters such as heat of cracking, heat of re-
generation, and heat of vaporizations are constant.

11. Heats of adsorption of coke and steam on catalyst
are negligible,

Reactor Material Balances

There are five materials which have significant roles in the re-
actor, namely catalyst, total carbon, catalytic carbon, residual
carbon, and oil vapor. Since the residence time of oil vapor is
normally an order of 10 sec. which is much smaller than those of
other materials, it can be assumed that the oil vapor passes through
the reactor bed instantaneously with no time lag. This hypothesis
allows us to utilize the Blanding's catalytic cracking models which
were developed for the above situation. Therefore, it is not neces-
sary to take a material balance for the oil vapor here, since it was
done in the development of reactor kinetic models.

Since there are no source and sink for the catalyst and the re- -
sidual carbon, material balances for them are simply ""accumulation =

input-output' as follows:

dHra/dt = (60)(RrC-RSC) (C.1)
- - C.2
d(HraCres)/st - (60)(chcrc Rsccres) ( )
where Hra = reactor catalyst hold up
C = residual carbon
res
Crc = carbon on regenerated catalyst
ch = regenerated catalyst rate
Rsc = spent catalyst rate

(60) = (60 min. /hr.)
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Since there is no sink for the total carbon, and neither sink nor
input for the catalytic carbon, material balances for them are simply

"accumulation = production + input-output"

t = -
d(HraCsc)/d (SO)Rcf * (60)(chcrc Rsccsc) (C.3)
d(Hraccat)/dt =(50R_H__-(600R__C__, (C.4)
where Coe = carbon on spent catalyst
cat = catalytic carbon
R = carbon forming rate
cf
R = catalytic carbon forming rate per unit
cc
of catalyst
(50) = (1000/M)(100% /1)/(2000 1b. /ton)

Reactor Heat Balance

Although there are no heat sources for the reactor, there are
two heat inputs, namely feed streams and regenerated catalyst; two
heat outputs, namely oil vapor and spent catalyst; and two heat sinks,
namely heat of vaporization and heat of cracking. After rearranging,
a reactor heat balance is expressed by

S d(H,__T.) /dt = (6O)SC(RrCTrg-RS T

~(.875)S {DyeRp (T -Te) TP R AT -T o)}

P ra

-(.875)/_\.va{13 R +Drerf}—(.5)z§Hchoc (C.5)

ffff

where Sc = specific heat of catalyst
Sf = specific heat of feed
T = reactor temperature
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Trg = regenerator temperature
Tfp = feed preheater temperature
Trf = recycle feed temperature
Rff = fresh feed rate
er = recycle feed rate
R = oil cracking rate
co
AHfV = heat of vaporization
AH = heat of cracking
cr
fo = density of fresh feed
Drf = density of recycle feed
(.875) = (42 gal./bbl.)(1000/M)/(24 hr./day)(2000 1b. /ton)
(.5) = (1000/M)/(2000 1b. /ton)

Regenerator Material Balances

There are three materials which have significant roles in the re-
generator, namely catalyst, carbon, and air. Since the residence
time of air is normally an order of 10 sec., which is much smaller
than those of other materials, it can be assumed that the air passes
through the regenerator bed instantaneously with no time lag. This
hypothesis allows us to utilize the Pansing‘s regeneration models which
were developed for the above situation. Therefore it is not necessary
to take a material balance for the air here, since it was done in the
development of regenerator kinetic models.

Since there is neither source nor sink for the catalyst, and since

there is no source for the carbon, material balances for them are
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d Hrg/dt = (60)(R__ - R_) (C.6)
d(HrgCrc)/dt = (60)(R,_C__-R_C_) - (50)R (C.7)
where Hrg = regenerator catalyst holdup
Rcb = carbon burning rate

Regenerator Heat Balance

Although there is no heat sink for the regenerator, there are two
heat inputs, namely air and spent catalyst; two heat outputs, namely
air and regenerated catalyst; and a heat source, namely heat of re-
generation. After rearranging, a regenerator heat balance is expressed
by

Scd(HrgTrg) = ('S)AHrchb-(60)Sc(chTrg‘RscTra)

-(. S)SaRai(Trg_Tai) (C.8)
where AHrg = heat of regeneration
aQ = specific heat of air
ai S air inlet temperature

Pressure Balances

The variations of pressure in FCC affect the catalyst circulation
mechanism, the cracking, and the regeneration. Since the effects
on the cracking and the regeneration are relatively small, the pressure
in the reactor and regenerator kinetic models can be assumed constant,
However, since the effect on the catalyst circulation mechanism is not
so simple, it is necessary to evaluate the relation between them. If
the catalyst slide value is not used to control a certain variable (e.g.,
catalyst holdup, bed temperature, etc.) automatically, then the effect

of the pressure variations on the catalyst rate will become extremely
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large since the pressure difference across the slide valve deter-
mines the catalyst rate, However, if the catalyst slide valve is used
to control a certain variable automatically, then the effect of the pres-
sure variations on the catalyst rate will become extremely small since
the controlled variable has a greater role to determine the catalyst rate
than has the pressure difference between the slide valve. In the latter
situation, the pressure variations affect the apparent controller gain
between the catalyst rate and the controlled variable rather than on
the catalyst rate directly. Most of the commercial FCC hold this
situation (e.g., the spent catalyst slide valve is used to control the
reactor holdup automatically, and the regenerated catalyst slide valve
is used to control the reactor temperature automatically).

These closed-loop structures with respect to the catalyst rate
were assumed throughout the study. Therefore the accurate determi-
nations of the pressure variations and their effects on the catalyst
circulation mechanism were neither necessary nor useful for simulation
of controlled FCC. However, it should be noted that this pressure
balance is not particularly difficult to analyze and simulate if one con-
structs systematically the functional relationship between the material
flows and the pressure drop for risers, standpipes, slide valves,

dense beds, dilute phases, grids (distributors) and gas lines.

Estimation of Physical Constants

Although some of the physical constants for catalytic crackers are

not well known, the following values were used throughtout the study:

S_. = specific heat of catalyst = 0.25 Btu./lb. F (Ref. 49, p.789)
S, = specific heat of air = 0.27 Btu./lb. °F at 1200°F, 1 atm.
(Perry, Chem. Eng. H.B. p. 3-127)
S, = specific heat of feed gas oil ¢ (725-500)/300 Btu. /1b.°F
(Ref. 49, p. 170)
AH__ = heat of cracking 2 200 Btu./lb.cracked (Ref. 49, p. 795

or Ref. 15, p. 114)
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Ava = heat of feed vaporization = 500-425 Btu./lb.(Ref. 49
p. 170) )

AH_ = heat of regeneration £ 13,000 Btu. /lb. carbon (Ref.49,
p. 789 and p. 792, or Ref. 57, p. 128)

Dy = density of gas oil £ 7.30 1b. /gal.

D., = density of cycle oil £ 7.38 1b. /gal. » (Ref.49,p.778)

Dg! = density of gasoline = 6.40 1b. /gal.

Drf = density of recycle oil = Dco

Activation energies are discussed in Appendix A and B.

Control Models

Throughout the study, the controllers were assumed to have the

following idealized properties:

Measuring delay is negligible.

2. Controller functions are perfectly proportional
and/or integral.

3. Control valve delay is negligible.

Control variables are idealized quantity (e.g.,
air rate in M lb./hr. , catalyst rate in tons/min. ,etc.)

5. Controlled variables are an idealized quantity (e.g.,
holdup in tons, oxygen content in %, etc.)

6. Saturation of control variables is pure, in other
words, can be described by an inequality.

A basic model for any controller therefore is expressed by

t
Au = Kp(x-xs) + KIf (x-xs)dt (C.9)
0
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where Au = 1incremental control variable
x = controlled variable
X = set point
Kp = proportional gain

KI = integral gain

Controller Tunings

Controller tunings were done essentially by a trial and error
method with the use of dynamic simulation. The following tunings

were used throughout the study:
1. Conventional control scheme:

a. reactor temperature vs., catalyst rate

K =-0.2 and K, = -0.1
P I

b. oxygen level vs, air rate
K =-20~ -40 and K. = -5~-10
i8] I
2. Alternative control scheme:

a. regenerator temperature vs, air rate

K = -1~ -4
p

b. oxygen level vs. catalyst rate
Kp =20 ~40 and K, =40~ 80
3. Flue gas temperature control scheme:

a. reactor temperature vs. catalyst rate

K = -0.5 and K, = -2~ -10
o) I
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b. flue gas temperature vs. air rate






APPENDIX D

DYNAMIC SIMILARITIES OF FCC CONTROL SYSTEMS

The basic ideas of the simulation study of an idealized hypothetical
FCC are (1) although there are various kinds of FCC, the dynamic be-
havior of their controlled systems have, to a great extent, common
characteristics which might be called '"dynamic similarities of FCC
control systems, ' and therefore (2) the results obtained for an FCC
can be generalized, to a certain extent, to most of the FCC,

Although there are few published reports on dynamic behavior of
any FCC control systems, Hicks, et al. 32 fortunately reported their
analog computer simulation study of an Atlantic's Orthoflow type FCC.
In spite of the differences in capacity, size, configuration, and
mechanism between their FCC and our hypothetical FCC, the com-
parison of dynamic behavior can provide a basis to support items
1 and 2.

Therefore, the purpose of this appendix is to demonstrate the
dynamic similarities of FCC control systems and to provide a basis

to support items 1 and 2.

Differences in Conditions

In order to emphasize the dynamic similarity it is better, first,
to show the differences in operating conditions. Although the exact
operating conditions of the Atlantic's FCC are not reported, itis
apparently operated at different conditions (e.g., reactor and re-
generator temperatures and holdups, feed rate, air rate, catalyst
rate, carbon levels, oxygen levels, feed compositions, etc.) from ours.
Furthermore, their mechanical conditions such as regenerator ef-
ficiency (i.e., mass transfer coefficient), lean phase residence time
which affects afterburning, and catalyst valve differential pressures

are different from ours. Other differences will be in the control
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systems such as tuning of controilers, air vent saturation, pressure
control systems, and level control systems.
Considering the above differences, the dynamic similarities,

which will be followed, will become clear.

Reactor and Flue Gas Temperature Control Systems

Hicks, et al. 32 describes their control systems of Atlantic's
Orthoflow type FCC as follows. Figure D.1 depicts the equivalent
control systems of our hypothetical FCC. Catalyst flows via re-
generated catalyst stand pipe into the reactor on reactor temperature
control, During the cracking reaction, coke production results in a
buildup of carbon on the catalyst. Following steam stripping of
hydrocarbons from the spent catalyst, it is returned to the regener-
ator to burn off this accumulation. The flow from the reactor vessel
is controlled by reactor level.

Regeneration air is supplied from blowers tc rejuvenate the
spent catalyst. Vernier control of this air rate is provided by a
"trim-air vent'' actuated by the fiue-duct temperature. When the
carbon level on the catalyst decreases, residual oxygen becomes avail-
able to burn some cf the CGC in the flue gas to COZ’ iﬁcreasing the
heat release and raising the flue -duct temperature. The trim-air
control then removes a small amount of air from the regenerator,
suppressing the afterburning.

If a small amount of excess oxygen is normally present to
sustain some afterburning, an increased coke load to the regenerator
will activate the trim air in a reverse manner as the primary coke
burning tends to snuff out the afterburn.

Figure D.2 compares the dynamic benavicr of these control
systems when the reactor temperature set point is suddenly decreased.
This dynamic behavior will be explained by the foliowing step-by-step

analysis:

e i it
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FLUE GAS TEMPERATURE
CONTROLLER

D<) o e

Fig. D.1 Flue Gas Temperature Control Scheme of FCC



gttt 34+

]

-t
f+
e

THH

R

T =

R34
et

W
x
2
o
I

JSVHd NV3T NI

W42 ‘LN3A
NIOAXD % z

IV -Wid L

IERRARE RS LE du ool b wal Hrr...._.l‘ b Tt o Al — i F . 3 LS SOA BARR FRA 1
i T i e R n‘w.ﬁi a5
b 17

B i S | e
mww%mmw E%m%@ T

£ Emi‘

-+

-166-

DYNAMICS OF FL{)t GAS TEMPERATURE CONTROLLERS
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1. The reactor temperature set point is decreased.

2. The reactor temperature controller decreases the
catalyst rate.

3. The carbon content starts to decrease because of
less carbon production due to lower reactor
temperature and catalyst rate, Simultaneously the
lower catalyst rate increases the regenerator
temperature and the flue gas temperature which,
in turn, reduces the air rate by means of the con-

troller.

4. The oxygen level and the flue gas temperature
start to increase because of the lower carbon
content.

5. The decreased air rate compensates for the de -

creased carbon production, and the carbon content
and the oxygen content tend to level off,

Although the Atlantic's FCC data are not complete with respect to
the reactor temperature and the carbon content, there are significant
similarities for the dynamic behavior of the air rate, the regener-
ator, and the flue gas temperatures, and the oxygen content,

The dynamic behavior of these control systems when the catalyst
rate is suddenly decreased (by a certain probable mechanism such as
pressure variations) is shown in Fig. D.3 for a poor tuning of the
reactor temperature controller and in Fig. D.4 for a better tuning.
The dynamic behavior will be explained by the following step-by-step

analysis:
1. The catalyst rate is suddenly decreased.

2. The reduced catalyst rate reduces the reactor
temperature and the carbon content, and increases
the regenerator and the flue gas temperatures,

3. The reduced reactor temperature accelerates the
carbon content to decrease and increases the
catalyst rate by means of the controller, Simul-
taneously the increased flue gas temperature de-
creases the air rate by means of the controller.
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DYNAMICS OF REACTOR TEMPERATURE CONTROLLERS (POOR SETTING)
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DYNAMICS OF REACTOR TEMPERATURE CONTROLLERS (BETTER SETTING)
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4., The reduced air rate reduces the carbon burning
rate and the heat release rate, which in turn re-

duces the regenerator and the flue gas temperature

and the reactor temperature, which accelerates

the catalyst rate to restore. Simultaneously the

reduced carbon content results in the high oxygen

level,

Although the Atlantic's FCC data are not complete with respect to

the air rate and the carbon content, there are significant similarities
for the dynamic behavior of the catalyst rate, the reactor and the re-

generator temperatures, and the oxygen content,.

Alternative Oxygen Control Systems

Hicks, et al. 32 describes their study for an alternative oxygen
control systertn:k of Atlantic's Orthoflow type FCC as follows.
Figure D.5 depicts the equivalent control system of our hypothetical
FCC. Through work with the model, they confirmed the importance
of reactor temperature on the generation of coke in the reactor. A
few degrees change in reactor temperature could compensate for a
fairly large change in the coke-producing tendency of the gas-oil

charge to the reactor. Thus, one suggested control scheme was to

Since, as an oxygen control system, the control by the air rate is
more conventional than the control by the catalyst rate, we call the
latter "'an alternative oxygen control system' throughout the study.

This statement made by Hicks, et al. is not completely adequate,
and it requires some interpretation. In the reactor temperature
control system, which is manipulated by the catalyst rate, the coke
production is governed not only by the reactor temperature but also
by the catalyst rate, and the effect of the latter can not be over-
looked. Moorman4® and Pohlenz57 clearly reported that the effect
of the reduced catalyst rate, while keeping the reactor temperature
constant, is a significant reduction in the coke production. There-
fore, it is adequate to restate that a slight change in the catalyst
rate, together with the resulting change in the reactor temperature,
could compensate for a fairly large change in the coke-producing
tendency of the gas-oil charge to the reactor,



REACTOR TEMPERATURE OXYGEN CONTROLLER
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Fig. D.5 A Cascaded Control System of FCC
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retain the present controls on catalvst flow, but manipulate the set
point of the reactor temperature controller to hold constant excess
oxygen in the regenerator. A measure of the excess oxygen leaving
the dense phase is the temperature rise due to afterburning in the lean
phase or across the cyclones, so that AT was selected as the vari-
able to be measured and controlled.

Since the real function of this cascaded controller is to manipu-
late the catalyst rate in order to control the oxygen level, a direct
oxygen controller, where the catalyst rate is directly manipulated,
is used as a basis for the comparison for our hypothetical FCC.

Figure D, 6 compares the dynamic behavior of these control
systems when the carbon production is suddenly increased (by a
certain probable mechanism such as the feed composition variations).
This dynamic behavior will be explained by the following step-by-step
analysis:

1. The reduced carbon production increases the
carbon content temporarily, which in turn re-
duces the oxygen content and increases the re-

generator temperature as the carbon burning
rate increases.

2. The reduced oxygen content reduces the catalyst
rate by means of the controller, which in turn
reduces the reactor temperature and increases
the regenerator temperature.

3. The reduced catalyst rate and the resulting re-
duced reactor temperature reduce the carbon
production to an original level.
Although the Atlantic's FCC data are not complete with respect to
the catalyst rate and the carbon content, there are significant similarities
in the dynamic behavior of the reactor and regenerator temperatures
and the oxygen content,
Figure D.7 compares the same systems when the carbon pro-

duction is suddenly decreased, In this case, the step-by-step analysis
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DYNAMICS OF ALTERNATIVE OXYGEN CONTROLLERS
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DYNAMICS OF ALTERNATIVE OXYGEN CONTROLLERS
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will not be repeated since it is essentially the reverse of the previous
case. Instead, in this case, a comparison is made for the gas pro-
duction rate and the differential pressure of the catalyst valve. When
the gas compressors are running at capacity, the compressor suction
pressure increases with increasing gas flow. This causes the reactor
pressure to increase and the differential pressure across the re-
generated catalyst valve to décrease.

Although the Atlantic's FCC data are not complete with respect
to the gas production rate, there are significant similarities for the
dynamic behavior-of the gas production rate and the catalyst valve
differential pressure.

It should be noted that the object of this appendix is just to demon-
strate the dynamic similarities of these control systems, and that we
do not intend to support the performance of these control systems here,
and that critical evaluation of this performance is presented in the

next appendix,






APPENDIX E

ANALYSIS OF VARIOUS INCOMPLETE CONTROL SYSTEMS

The control systems, which were studied by Hicks, et a.l.,32
namely (1) reactor and flue gas temperature control systems, and
(2) alternative oxygen control systems, were apparently satisfactory
from the dynamic point of view, since, as was demonstrated in the
previous appendix, most of the transient phenomena caused by various
disturbances decay in a few hours, and it was possible to maintain
the reactor and the flue gas temperatures or the oxygen level nearly
constant.

However, they are still far from satisfactory from a safety point
of view, In short, these control systems do not have complete in-
formation feed back with respect to the variables which really govern
the regenerator safety, namely regenerator temperature and oxygen
level or carbon level.

. Therefore the purpose of this appendix is to demonstrate the
critical performance of these ""incomplete' control systems and to

provide a basis for the evaluation of the control systems.

Reactor Temperature Control System

One of the simplest control systems is merely the control of re -
actor temperature by the catalyst rate. Since this control system does
not have any information feedback with respect to the regenerator
temperature and the oxygen content it is not difficult to see that this
control system is subject to various upsets such as excessive after-
burning and/or excessive carbon buildup phenomena for certain dis-
turbances.

Figure E.1 shows the performance of this control system when the
feed rate is suddenly decreased. The dynamic behavior is explained by

the following step-by-step analysis:

-177 -
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1. The reduced feed rate increases the reactor and
the regenerator temperatures,

2. The increased reactor temperature reduces the
catalyst rate, by means of the controller, which
in turn accelerates the regenerator temperature
to increase,

3. The increased regenerator temperature burns off
the carbon to a lower level, which in turn results
in the excessive afterburning and excessive flue
gas temperature.
The main disadvantage of this control system is that it can not re-
cover this flue gas temperature to an original level, since the air rate
is held constant in spite of the reduced heat requirement resulting

from the reduced feed rate.

Reactor and Flue Gas Temperature Control Scheme

In order to overcome the deficiency of the previous control system,
Hicks, et a1.32 added the flue gas temperature control by the air rate
to the original reactor temperature controller. Figures E.2 and E.3
demonstrate the performance of these control systems when the feed
rate is suddenly reduced or increased. It is not difficult to see how
the air rate is changed to compensate for the changes in the heat re-
quirement. Any change in the flue gas temperature resulting from the
feed rate change actuates the air rate in such a manner as to keep the
flue gas temperature nearly constant.

Unfortunately the above situation is rarely practical, since the
air rate is limited by the blower capacity which can not be expected-
to increase significantly. Figure E.4 demonstrates the performance
when the feed rate is suddenly increased and when the air rate has only
one percent excess capacity. Failing to compensate for the change in
the heat requirement, the regenerator temperature is accelerated to
decrease by means of the reactor temperature controller, The re-

duced burning rate, which is due to the lower regenerator temperature,
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and the increased carbon production rate, which is due to the higher
catalyst rate, accelerate the carbon build-up phenomenon.

This carbon build-up phenomenon can be said to be the charac-
teristic of control systems which do not have any information feedback
with respect to the oxygen level. The following example will make
the above statement clear. Figure E.5 shows what happens when the
carbon production is suddenly increased. Although the resulting in-
crease in the reactor and the flue gas temperatures are quickly re-
covered by means of controllers, the oxygen content continues to de -
crease and the carbon level continues to build up, since the flue gas
temperature controller can compensate for the change in heat require -
ment; but it can not compensate for the change in carbon production.
Figure E.6 shows what happens when the carbon production is sud-
denly reduced. In this case, the carbon burn-off,reversal phenomenon
to the carbon build-up, saturates at a certain level because of the
nonlinearity. However, if the blower capacity is limited, then the
carbon build-up can occur, as Fig. E.7 and Fig. E.8 show.

In summary, the main disadvantages of the reactor and the flue-
gas temperatures control systems are that they can not compensate
for the change in carbon production and even the change in heat re-
quirement when the blower capacity is limited. In fact, Hicks et a1.32"
evaluate their control systems as saying that '"hands -off operation

for (only) six to eight hours is frequently possible."

Alternative Oxygen Control System

In order to overcome the deficiency of the previous control systems,
Hicks et a1.32 studied an alternative oxygen control system where es-
sentially the catalyst rate is manipulated to compensate for the change
in carbon production. A typical example is already demonstrated in
Fig. D.6 of the previous appendix where the carbon production is
suddenly increased. Although this system can compensate for the

change in carbon production, it can not compensate for the change in
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heat requirement, In other words, since this system does not have
any information feedback with respect to the regenerator temperature,
the resulting variations in the regenerator temperature can be a main
cause for upsets. As was shown in Fig. D.6, the excessively high
regenerator and flue-gas temperatures can not recover by themselves,

Figure E. 9 shows the performances when the feed rate is suddenly
decreased. The dynamic behavior will be explained by the following
step-by-step-analysis:

1. The reduced feed rate increases the reactor and
regenerator temperatures.

2. The increased regenerator temperature reduces
the oxygen level by means of increased con-
version of oxygen, which in turn reduces the
catalyst rate by means of the controller,

3. The reduced catalyst rate accelerates the re-
generator temperature to increase,
As was shown in Fig. E.9, although the oxygen level is recovered
to an original level, the regenerator and the flue gas temperatures re-

main at excessively high levels,
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APPENDIX F

ECONOMIC, YIELD, AND SAFETY MODELS

In order to formulate an optimization problem of FCC, it is neces-
sary to define an objective function and several constraints on de-
pendent variables. Obviously there does not exist any objective
function which is valid and adequate for all purposes. Therefore the
objectives of the following discussions are to derive a simple example
of objective function and, together with the yield and safety model,

to provide a basis for the formulation of the optimization problem.

Economic Models

The underlying objective in operating an FCC is to realize maxi-
mum profitability. Because of the nature of the process, the plant
management might conclude that maximum profitability is synony-
mous with maximum product value. As far as the operation of the unit
which was already constructed is concerned, organization costs, which
are due to expenses for directive personnel, physical equipment, and
other services or facilities, are relatively independent of the rate of
production. If the unit is operated at almost full capacity, then
operating costs (excluding raw material costs) or utility costs such as
fuel gas, steam, and catalysts are relatively constant. Determining
economic factors which govern the operation of the unit include the
price structure of products and of raw materials, and market structure
(e.g., gasoline demand, fuel oil demand, etc.). Which structure,
price or market, is really controlling the operation depends on the
situation confronted by the refinery. Here a simplifying, but still
realistic, assumption is introduced: the refinery operations are
production-limited rather than market-limited. In other words, the
price structure is a predominant economic factor which really governs
the operation of the unit. In fact, most of the incentives for the im-

proved operation of FCC are found in this situation. 12,25,37, 62

-191-
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Product value is defined as the sum of the flow rates of all of the
product streams multiplied by their respective unit values, expressed
for example in dollars per barrel,with the corresponding value of the
plant feed subtracted from the sum. In the interest of simplicity, some
of the streams will be combined. All unit values and combined unit
values may be considered adjustable parameters which can be adjusted
from the measurements of flow ratios and stream qualities if desired.
Typical unit values will be 4.59 for gasoline, 3,68 for light cycle oil,
3.61 for polymerization unit feed, 2.97 for decant oil, 2. 97 for fuel
oil equivalent fuel gas, and 3.15 for fresh feed. 17 In the interest of
simplicity, light cycle oil and decant oil may be combined to be ''cycle
oil, " and polymerization unit feed and fuel gas are combined to be
""gas'' since their combined unit values (or yield ratios) are relatively
insensitive to operational changes.

Simplifying the product structure such that a fresh feed is con-
verted into gas, gasoline, cycle oil, and coke, which has zero unit

value, the following economic objective function is derived:

t
Pgr :f 24) {(42)foYgng +Yg£Pg£+YCOPCO - Pff} dt (F.1)
0
where Pgr = gross profit

Pgs = price of gas
Pg! = price of gasoline
Pco = price of cycle oil
Pff = price of fresh feed
Rﬂ. = fresh feed rate
fo = density of fresh feed
Y = gas yield

o
0]
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Ygl = gasoline yield
Yco = cycle oil yeild
(24) = (24 hr./day)

(42) = (42 gal./bbl.)

Yield Models

The usual investigation for product distribution on a given feed
involves holding the reactor temperature, recycle ratio, and catalyst
activity constant, and then changing space velocity or catalyst rate
to change conversion over the range of 40 to 80 percent. The gasoline
conversion relation demonstrates the importance of recycle ratio on

gasoline yield at a given conversion. 57,69

If the cracking severity is
sufficient to produce high conversion per pass (i.e., little or no re-
cycle), gasoline yield actually decreases with increasing conversion
due to cracking of the gasoline into gas before the products leave the
reaction zone, Therefore, there exists an optimal conversion which
produces maximum gasoline yield for a sufficiently low recycle rate.
Although it is possible to construct a curve -fitting type model from the
above characteristics of gasoline yield, it may be desirable to
develop an analytical model for the purpose of generality,

Bla,ndinglo found that a cracking rate of a reactant is nearly pro-
portional to its partial pressure and that the higher the molecular
weight, the higher the cracking velocity constant. Therefore, con-

sider the following simple models:

r
A 2 aB + gas + coke (F.2)
b
B — gas + coke (F.3)
where A = gas oil as a reactant

a = (hypothetical) stoichiometric coefficient
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B = gasoline as a reactant

T = cracking rate for A
a

Ty = cracking rate for B

Assuming that the cracking rate of a reactant is a function of its con-

centration, and that reactants pass through the bed as a ""plug flow, "

dn_/df_ = -r (n) (F.4)
dn,/df, = ar (n)) - T, (n ) (F.5)
where n = No. of moles of A present
n, = No. of moles of B present
90 = residence time of feed stream

Dividing Eq. F.5 by Eq. F.4 results in

dnb/dna = -a + rb(nb)/ra(na) (F.6)

Define the gasoline recracking intensity by

Ly = {rplng/my}/(x (n ) /n.) (F.7)

which characterizes the tendency of gasoline cracking relative to that
of gas oil cracking. Since the molecular weight of gasoline is smaller
than that of gas oil, the gasoline recracking intensity is expected to be

less than one.
Substituting Eq. F. 7 into Eq. F. 6,

dnb/dna = -a+ Igl nb/na . (F.8)
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integration of Eq. F.8 results in
I

n n gt n
b N a a a
n To1-1 n T n (F.9)
>

ao ao

where n_ o= original number of moles of A. In the above idealized

situation, it is possible to express conversion and gasoline yield by

Cip = Cff/(HRr) = l—na/nao (F.10)
Yoo = (ap/n, Q4R (F.11)
where th = fractional conversion on total feed
Cff = fractional conversion on fresh feed
Rr = recycle ratio

Substituting Eqs. F.10 and F.11 into Eq. F.9, a gasoline yield is ex-

pressed by
Fgﬂ Icrl
Ygl = (1+Rr) T (I-th) =T - (l—th) (FF.12)
g
where Fgﬂ = gasoline vyield factor of catalyst (=a).

Figufe F .1 shows a typical relation between gasoline yield and con-
version for no recycle. It is clearly observed that there exists an
optimal conversion which produces maximum gasoline yield, which in
turn depends on the gasoline recracking intensity, Therefore the gas
oil cracking is characterized by the consecutive nature of reaction
step. Figure F.2 shows the relation for recycle., As the recycle ratio
increases, an optimal conversion shifts to the higher level, which is
a very realistic phenomenon. Unknown parameters, ng? and I 'L will
be estimated from any realistic data. Using the data of Pohlenzp”’

Fgl =1.0 and ch,{? = 0.9 were used throughout the study.
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A cycle oil yield is quite simple, since it corresponds to un-

converted gas oil, and is expressed by

Y = 1-Cg (F.13)

A coke yield is related to the carbon forming rate as follows:

Y, = (.571) Rcf/Rffof (F.14)

where (.571) = (24 hr. /day)/(42 gal. /bbl.)
Assuming that the rest of the gas oil goes to gas completely from

the material balance of products, a gas yield is expressed by

Ygs = 1-Yg£ Dgl/fo - YCODCO/fo - Y, (F.15)

Equations F.12, F.13, F.14, and F.15 consist of a complete set of
yield models, and together with Eq. F.1 they complete an economic

objective function,

Safety Models

Optimization problems require not only an economic objective
function but also the identification of constraints on dependent vari-
ables, Several constrained dependent Variabies require particular con-
sideration in the operation of FCC. They are the reactor and re-
generator temperatures, which are subject to upper bounds for reasons
of safety. The flue gas oxygen level is of critical importance. It
should be kept below maximum level in order to ensure that excessive
combustion of carbon monoxide will not take place in the cyclone
separator of the regenerator. Also the carbon content in the catalyst
must be kept below a certain level. According to Smith, 64 excessively
high carbon on the regenerated catalyst leads to low catalyst activity,
high coke make, and low selectivity to gasoline; and excessively high

carbon on the spent catalyst leads to high surface temperatures
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during regeneration and more rapid permanent deactivation of the

catalyst. Also a capacity limitation of the down stream processing

units may affect the operation.

Among the several constraints on dependent variables, the ones on

<

regenerator temperature and on oxygen level are primarily important.
In fact, the reactor temperature is normally observed far below its

sk
safety limit, Therefore, although not always sufficient, the study

assumed that the principal safety models are expressed by the fol -

lowing inequalities:

<
Trg = (Trg)ma_x (F.16)
o, £ (0,) F.17
fg ~ fg'max (F.17)
where (T_) = allowable maximum regenerator temperature
rg’max
( fg)max = allowable maximum oxygen level.

The regenerator temperature is normally limited by 1, 150°F for
carbon-steel cyf%ones and by 1,200 F for stainless-steel or other
alloy cyclones. The oxygen level is normally limited by 0.2 -
0.4 percent depending on the conditions.

The reactor temperature is normally limited not by its own safety,
but by the maximum regenerator temperature. Other galctors might
be alkylation capacity, gas-compressor capacity, etc.






APPENDIX G

FORMULATION OF OPTIMAL CONTROL PROBLEMS

The following are brief descriptions of the optimal control problem
and the theorem on which the study is based. The maximum principle
of Pontryagin was formulated to solve the class of problems to which
this study was restricted. More rigorous and mathematical manipu-

lations will be found elsewhere (see Refs, 6 and 58).

The Optimal Control Problem

In recent years great attention has been given to the theory of

6,39,58,60

optimal control. The theory supposes that a plant can be

described by a set of ordinary differential equations

x = f(x,u,t) (G.1)

where x represents a vector of state variables (dependent variables)
and u represents a vector of control variables (independent variables).
An objective functional (or performance criterion), which may con-

sist of profit, cost, or other artificial measures of performance of

operating the plant from time t =0 to t=1 is given b
P g p g y

1’
£y
.]'(1__1_,3{_0, X1 to’ tl) = K(lc_o,zc__l) +f L(x,u,t)dt (G.2)
to
where K = arbitrary function
L = arbitrary function
X0 = wvector of initial condition
X, = vector of final condition
tO = initial time
tl = final time
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Optimal control theory asks how u should be chosen as a function of
t, tO <t Stl’ in order to make the objective functional J a maximum
(or a minimum). The control vector u is often restricted to lie

in a closed bounded region U.

Necessary Conditions for Optimality

Once the problem has been suitably posed, the optimal control
can be derived by the mathematical techniques such as the maximum
principle of Pontryagin.58 First, the problem of optimizing an ob-
jective functional, Eq. G.2, while observing Eq. G.1 as constraints,
can be reduced to the problem of optimizing the following Lagrangean

functional with respect to x, and u.

1

i (2{-’2’&’3{_0’ zc_laEOrRI:tostl) = J(E'EO’EI’tO,tl)

‘)

+f p'{f(x,u,t) -%}dt (G.3)

to

where p represents a vector of costate variables (or Lagrange multi-
pliers). Rearranging the second term of Eq. G.3 by integrating by parts
reduces Eq. G.3 to

i3}
i—(}i’R’ u, io; EI'RO’El’tO’ tl) = K(£O’§1) +f H(ZE_:E’B_: t)dt
t
0
B(t,)
+E‘(to)z(_(to) - E_'(tl)i(tl) +f }_E'dR (G.4)

B(ty)
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where H(x,p,u,t) = L(x,u,t) + p'f(x,u,t) (G.5)
which is called a '"Hamiltonian function."

The necessary condition forJZ to be extremal with respect to X,

is obtained by resetting the variation of &L_ with respect to x to zero as

follows:
t:1
s () =f (8H/0x + p)éx dt = 0
to
or b = -0H/3x (G.6)
The variations of ,t_ with respect to X0 and x, are
d.t/cb_:_o - dK/dx  + pit,) (G.T)
df /ax | = dK/dx, - p(t)) (G.8)

If Xg OT X, is free, then the necessary condition for ZL_ to be ex-

tremal with respect to X9 O X is obtained by setting Eqs. G.7 or

1
G.8 to zero.

The variations of gf_ with respect to ty and t, are

aX/d ¢,

-H(to) (G.9)

al/a £, = H(t)) (G.10)

If tO or tl is free, then the necessary condition for aﬁ to be ex-

tremal with respect to t, or 'I'1 is obtained by setting Eqgqs. G.9 or
G.10 to zero.



-204-
The variation of I_ with respect to u is
B!

5;&2) =f (9H /8u)'su dt (G.11)

t

Therefore the necessary condition for i to be extremal with re-

spect to u. is
i

aH/aui =0 (G.12)

or u, is on the boundary. Equation G.11 is the basis of the method of

steepest ascent of the Hamiltonian.

Fixed Time, Free End Problem

The problem is to determine the control u which maximizes the

objective functional

t

J(u,x,) = Kix,) +f Lix,u,t) dt ' (G.13)
0

under the following conditions:
1. The state equations are Eq. G.1.

2. Initial conditions are specified by x(0) = X0

3. End conditions are not specified, but are free,
The maximum principle for this problem is: In order that u be

optimal for the problem stated above, it is necessary that a vector

function p exists such that:
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p is a solution of the costate equations, Eq. G.6,
satisfying the boundary conditions Eq. G.8

The Hamiltonian function, Eq. G.5, has an abso-
lute maximum as a function of u, i.e.,

max H(x,p,u,t) = H (G.14)

u






APPENDIX H

STRUCTURE OF OPTIMAL FEEDBACK CONTROL LAWS

An optimal feedback control structure is derived from the principle
of optimality: an optimal policy has the property that whatever the
previous state and previous decision are, the remaining decision
must constitute an optimal policy with respect to the state resulting
from the previous decision.

Consider a time -invariant system

b

f(x,u) (H.1)

vy = g{x) (H.2)

with a time -invariant objective functional

t
1

T(u) :f Lix,u)dt with x(t)) =x (H.3)
t
0

Principle of Optimality

Express the optimal control solution for Eq. H.3 by

a = 31 (Eo: t]. ~-t) (H.4)
X = Zi‘ (}_{_O, ‘c1 -t) (H.5)
where to <t f_tl . Now consider a new optimal control problem where

an objective function is expressed by

t

s =S Lix wdr with w0 - x (g, - (H.6)
t
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Then, according to the principle of optimality,

sk £ b
u (xg,t;-7) =u {x (x4 t-9,t -7}

where t_<_-r§_t1. (H.7)
Especially setting 7 =t, Eq. H.7 is reduced to
- K - -
wk(xg,ty-t) = ui{x (x4, t;-1), t; -t} (H. 8)

If tl is an infinity, then Eq. H.8 is further reducedto, for 0 <t<<t

1,
s % %
uxg) 5 ou {x(xy)}
or simply  u =u (x) (H.9)

Therefore, optimal control solutions Eqs. H.4 and H.5 are related to

each other along the optimal trajectory, as follows:
u = h,(x) (H.10)
This is a so-called optimal feedback control structure.

Optimal Feedback Control Law

In order to construct a practical opfimal feedback control law, it
is necessary to express the control law in terms of measurable vari-
ables y rather than state variables x. This can be done using Eq. H.2.
Assuming the existence and uniqueness of the inverse function, the

control law results in an optimal feedback control law as follows:

u=h,ly (H.11)

Kalman's Optimal Linear Regulator

As an example of optimal feedback control, Kalman's linear regu-

lator will be described., The basic results for this problem are as
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follows: Consider the linear system

dx/dt = Ax + Bu (H.12)
and the cost functional
o0
J@ =] (x'Qx+ u'Ru) dt (H.13)
0

with the assumptions that the matrices Q and R are positive definite.
Then, the optimal control u which minimizes the cost functional

Eq. H.13 exists, is unique, and is given by the equation

w = -R'B'Kx (H.14)

where K is the symmetric and positive definite solution of the matrix

algebraic equation

-KA- AK+KBR'BK' -Q = 0 (H.15)

As shown in Eq. H. 14, the above results can be used to design optimal

linear feedback systems.

The principal disadvantages of the Kalman's method, when it is

applied to chemical process control, are expected to be as follows:

1. It is frequently found that a chemical process is
difficult to express in the form of Eq. H.12 be-
cause of high nonlinearities and cross multipli-
cations of variables. Therefore, the method is
always subject to critical evaluation with respect
to the range where the assumption of lineari-
zation is valid.

2. It is frequently found that an objective function of
chemical process is difficult to express in the
quadratic form of Eq. H. 13, since the former is
affected by profitability and plant safety in a
complex manner.
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It is frequently found that some of the variables
in a chemical process can not be measured
continuously or at least instantaneously. There-
fore, the Kalman's method, which assumes com-
plete freedom for the selection of variables, has
a serious limitation.



APPENDIX I

GENERAL CONCEPTS FOR OPTIMAL OPERATIONS OF FCC

Some aspects of optimal operations of FCC are briefly described here
in order to support the basic issue of ''optimal control of FCC;'' that is,
""to what conditions are we controlling the FCC optimally?"

Determination of steady-state optimal condition of FCC is, in
general, a problem of nonlinear programming which has many inde -
pendent variables a_ndmany' dependent variables with many constraints
to be observed. Although some nonlinear programming problems
with relatively few independent variables can be solved by means of
""hill climbing'' or ''steepest ascent, '’ these techniques are by them-
selves, generally not the most efficient way for optimization of FCC.
Repetition of linearization and linear programminglz’ 25,37, 62 or
combined repetition of linear programming and steepest ascent63 have
been used with some success,

Although the optimal conditions of FCC can be determined at least
numerically and iteratively, these optimal conditions are not fully
understood nor interpreted yet qualitatively. The purpose of this

Appendix is as follows:

1. To interpret the optimal conditions qualitatively,

2., To derive several useful criteria for optimal
operations.
Throughout this Appendix the following variables are not taken

into consideration in the interest of simplicity:

Catalyst addition rate
Reactor pressure
Reactor steam rate

Fractionator adjustment or recycle feed rate

Ul b W v

Down stream processing capacity such as
alkylation.
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Therefore, all discussion in this Appendix must be considered

conditional.

Problem Formulation

Utilizing all reactor kinetic and vyield equations, a steady-state

profit rate (Ps) can be expressed by

Ps = Ps[Tra’Crc’ch’Hra’Rff] (L. 1)

Similarly, a gas rate to compressor is expressed by

Rgs = Rgs[ Tra’ Crc’ch’Hra’Rff] (I.2)
Steady -state carbon balance is
Rye-Ry =0 (I.3)
- T

where R =R J[IT R __, H__ Rl (I.4)
Rcb - Rcb{ Rai’ofg] (I.5)

—_ Z T
Ofg - Ofg[ Crc’ Trg’ Rai] v Ofg[ Crc’ Trg} (1. 6)

(where the direct effect of Rai on Ofg is limited unless the per-

formance of fluidization changes significantly.)
From a reactor heat balance, a reactor temperature is expressed
by

T =T [T ,C _,R_,H
ra ra* " rg’ rc’ rc’ra

B Tra{Trg’ch’Tfp’Rff] (1.7

where direct effects of C and H on T are limited since
rc ra ra

""heat of cracking'' is relatively small,

From a regenerator heat balance, a catalyst circulation rate is

expressed by
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- { L
ch - ch Tra’ Trg’ Rcb’ Rai] . ch[ Tra’ Trg’ Rcb] (1.8)

where the direct effect of Rai on ch is limited since ''specific heat
of air'' is relatively small.

Constraints for independent variables are

< . L.
Rai = (Ra.i)rnax (blower capacity limit) (I.9)
< <
(Hra)min - Hra = ra)max (I.10)
{grid and cyclone efficiency consideration)
T S (T (gas firi ity) .11
fp = fp)max gas firing capacity (I.11)
<
Rff = (Rff)max (feed s.tock or upper stream
capacity) (I.12)

Constraints for dependent variables are

<

Trg = (Trg)max (regenerator safety) (1.13)
<

Ofg = (Ofg)max (regenerator safety) (I.14)
< .

Rgs = (Rgs)m (gas compressor capacity) (I.15)

We have five apparently independent variables, i.e., Rai’ ch

H__, T. , and R,,. Therefore the problem is essentially a ''five-
ra fp ff

’

parameter maximization problem."

Mathematically, eliminating Tr , T C R and RC

a rg! rc’ Ofg’ Cf,
from Eqs. I.1, I.3 through I.8, the profit rate is expressed by

b

Ps = Ps[Rai’ ch’ Hra' Tfp’ Rff} (I.16)

The problem is: maximize Eq. I.16 while observing constraints
Eq. .9 through Eq. I.15.
Now we are ready to derive several optimal operating criteria. We

know that the optimal points of continuous function lie on the peaks or
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on the boundaries. If our functions are such that the optimal points lie
only on the boundaries, then five of seven constraints Eq. 1.9 through
Eq. I1.15 must be satisfied on the boundaries.

The following optimal operating criteria are the results of the
steady state simulation study, where marginal profitability are evalu-
ated for each operating condition in order to determine which boundary
the optimal condition is located. This simulation study was essentially
conducted with the use of an adaptive optimizing scheme, the design

of which will be discussed later.

Optimal Operating Criterion I

If the following conditions are satisfied:
1. gas compressor capacity is not limiting,
2. feed preheater is not limiting,
then the optimal conditions are
1. air blower capacity is max,
2. oxygen level is max,
3. regenerator temperature is max, -
4, reactor catalyst holdup is min,
5. feed rate is max,.

In order to interpret this criterion, ch and T of Eq. I.16

fp
are replaced by apparently independent variables Trg and Ofg as
follows:
Ps = Ps[Rai’ ofg'Trg’Hra’ Rff] (1.17)

Let us examine each issue of the criterion by taking partial derivatives,

y (order of (?10/hr.)/
(1) (8P_/8R ) (10 M 1b. /hr.) for
S at ofg’ Trg’ Hra’ Rff >0 100 M bbl. /day capacity.)

(1.18)
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This implies that the higher the carbon burning capacity, the more

cracking occurs.

(order of ($5/hr.)/
(@) P0G g 1 Ry O (. .05%))

ai’ ‘rg’'ra

(I.19)

This implies that the higher the oxygen level, the higher the gasoline
vs. coke ratio, since the resultant low carbon level improves the

selectivity,

(order of ($7/hr.)/

> 0
Rai’ Ofg’ Hra’ Rff

(I.20)

This implies that the higher the regenerator temperature, the higher
the gasoline vs. coke ratio, since the resultant low catalyst circu-
lation rate improves the yield.

(4 (8PS/8H \ s o (order of - ($7/hr.)/

ra Rai’ofg’Trg’Rff {2 ton))

(I.21)
This implies that the lower the reactor catalyst level, the higher the

gasoline vs. coke ratio, since the resultant high reactor temperature

improves the yields,

(order of ($70/hr.)/
(%) (OF/8RIz o v H 7 9 (3 M bbl./day))

ai’ fg’ "rg’ ra
(I.22)

This implies that the higher the feed rate, the more cracking occurs.,

Optimal Operating Criterion II

If the following conditions are satisfied:
1. gas compressor capacity is not limiting,

2., regenerator temperature is not limiting,
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then the optimal conditions are:

1. air blower capacity is max,

2. oxygen level is max,

3. feed preheater is max,

4., reactor catalyst holdup is max,

5. feed rate is max.

In order to interpret this criterion, ch of Eq. I.16 is replaced

by the apparently independent variable Ofg as follows:

1Ds = Ps[ Rai’ Ofg’ Tfp’ Hra’ Rff] (I.23)

Examination of each issue of the criterion is similar to that of
"Criterion I," except as seen in items (3) and (4) as follows:
(3) (BPS/BT

)
fp Rai’ Ofg’ Hra’ R

> 0 (order of ($12/hr.)/
ff 10°F))

(I.24)

This implies that the higher the feed preheater temperature, the
higher the gasoline vs., coke ratio, since the resultant low catalyst
circulation rate improves the yield.

s o (order of ($2 /hr.)/

(4 (9P /oH R, (5 ton))

a)R ., O
ai’ °f

’T ¥
g’ "ip
(I.25)

Optimal Operating Criterion III

If the following conditions are satisfied:
1. air blower capacity is not limiting,
2. feed preheater is not limiting,

then the optimal conditions are
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1. gas compressor capacity is max,
2. regenerator temperature is max,
3. oxygen level is max,
4. reactor catalyst holdup is min,
5. feed rate is max,

In order to interpret this criterion, R ., R__, and T of Eq..1.16
ai rc fp

are replaced by apparently independent variables Rgs’ Trg’ and Ofg as

follows:

P =P [R @)

s s gs’ fg’Trg’Hra’ Rff] (I.26)

Examination of each issue of the criterion is similar to that of

""Criterion I, ' except as seen in item 1 as follows:

> 0 (order of ($30/hr.)/

fg’ Trg’ Hoar Res (2 M bbl. -equivalent/
day)) )

This implies that the cracked gas has more value than the gas oil

(1) BF/8R, )q

11.27)

Optimal Operating Criterion IV

If the following conditions are satisfied:
1. air blower capacity is not limiting,
2. regenerator temperature is not limiting,
then the optimal conditions are
1. gas comperssor capacity is max,
2. oxygen level is max,
3. feed preheater is max,
4, reactor catalyst holdup is max,

5. feed rate is max.
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In order to interpret this criterion, Rai’ ch of Eq. 1:16 are
replaced by apparently independent variables Rgs’ Ofg as follows:
Ps = Ps[RgS’Ofg’ Tfp’Hra’ Rff] (1.28)

Examination of each issue of the criterion is similar to that of

"Criterion II or III. Y

Use of Optimal Operating Criteria

The above criteria are idealized ones in the sense that it is as-
sumed other mechanical conditions, such as catalyst circulation rate
or gas velocity in the reaction vessels, are not limiting. Except for
these limitations, the criteria provide the main goal of the adaptive
otpimizing system, which keeps the criteria automatically in the face
of unknown disturbances. This adaptive confrol system should be the
final goal of the optimal control study.

An adaptive optimizing scheme for Criterion I is shown in Fig. I.1.
This scheme essentially consists of the alternative control scheme de-
velopc;,d in the study and an additional loop which regulates the re-
generator temperature by the feed preheat temperature. If the air
rate is manipulated by a proportional control, where the equilibrium
point corresponds to the maximum regenerator temperature and the
maximum air rate and where the preheater temperature is manipu-
lated by an integral control, then this scheme is found by the use of
dynamic simulation to be satisfactory in the sense that after any
forced disturbance occurs this scheme can keep the optimal Cri-

terion I aiways. For other criteria, similar studies were
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ADAPTIVE
AIR RATE
MAXIMIZER
< D<t——e
Ofg—-——-—-- OC2

(e |
i

| —rc2b-t— - —{Trg— - 4= --rc4

Fig. I.1 AnAdaptive Optimizing Scheme of FCC (Criterion 1
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done and found to be satisfactory, " but a critical evaluation of these

adaptive optimizing schemes is obviously outside of the scope of this

study.

" For Criterion II, an oxygen control by catalyst rate was used.
For Criterion III, an optimizing scheme was used consisting of
(1) oxygen control by catalyst rate, (2) regenerator temperature
control (proportional) by air rate, (3) gas rate control (integral) by
air rate, and (4) regenerator temperature control (integral) by
feed preheater temperature. For Criterion IV, an optimizing
scheme was used consisting of (1) oxygen control by catalyst rate,
(2) regenerator temperature control (proportional) by air rate, and

{3) gas rate control (cascade, integral) by regenerator temperature
set point,



APPENDIX J

QUANTITATIVE COMPARISON OF
CONTROL SYSTEM PERFORMANCE

This appendix provides additional data to evaluate the performance
of the conventional control scheme and the alternative control scheme.
In Sections 4.2 and 5.3, these control schemes were evaluated quali-
tatively. A quantitative evaluation of these control schemes helps to
explain the relation between the objective function used to compute the
optimal control policy and the quantitative performance observed in the
simulated system.

Any objective function is at best an approximate representation of
what one believes to be a realistic performance criterion. In this in-
vestigation the gross profit based on stream values was selected as a
realistic criterion for evaluating the economic performance of the
system. The total performance of the system will be judged satisfac-
tory, however, only if all constraints are satisfied (i.e., regenerator
temperature and oxygen content of the flue gas are within allowable
limits). Therefore, the problem was formulated as an optimization
problem with constraints where constraints were replaced by penalty
functions of sufficient magnitudes. In this formulation, the objective
function is not just the gross profit but consists of the gross profit and
penalty functions.

Ideally, the penalty function should reflect the real economic penalty
associated with violating a constraint. For example, the cost of exceed-
ing the allowable regenerator temperature should be related to the in-
creased probability of a regenerator failure. In practice, however, it
is virtually impossible to obtain quantitative estimates of the probabil-
ities of failure and it is even more difficult to assign costs associated
with injury or loss of life by personnel. As a result, the penalty func-

tions must be selected somewhat artificially,

221~
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The resulting performance of the system determined by dynamic
optimization should be insensitive to the exact form of the penalty
functions provided that the penalty is large enough to offset any eco-
nomic advantage that might be gained by operating the process outside
the constraints. The relative value of the objective function achieved
for different operating conditions can be used to rank the performance
of the system and, hence, select the best set of conditions. But numer-
ical values of the objective function per se have no physical or economic
significance.

In the light of the preceding qualifications, the following data will
be useful to evaluate the performance of two control schemes in terms
of the objective function. Figure J.1 supplements the results shown
in Fig. 1.4, where the conventional control scheme was simulated for
the perturbed initial condition. Although the instantaneous gross profit
rate (Pig) oscillates around the steady-state optimal level, the two
penalty functions (-Pel and Pez) penalized the objective function (L) and
the resulting poor performance is apparent. Figure J.2 supplements
results shown in Fig. 1.9, where the dynamic optimization was obtained
for the same initial condition. Since the two penalty functions are neg-
ligibly small, for the optimal control the objective function remains at
a highest level. The difference in performance between Figs. J.1 and
J.2 is evident. Figure J.3 supplements the results shown in Fig. 1. 14,
where the alternative control scheme was simulated for the same initial
condition. One can see easily that the performance of the alternative
control scheme is quite close to that of the optimal control.

If step-type disturbances are introduced to the process, the com-
parison of performance is more complicated, since the disturbances
may change the optimal steady-state operating conditions. Figure J.4
supplements the results shown in Fig. 1.5, where the conventional
control scheme was simulated for a step increase in the rate of carbon
production. Although the instantaneous gross profit rate oscillates

around a level slightly lower than the previous steady-state optimal
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level, the two penalty functions penalized the objective function and the
resulting poor performance is apparent. Figure J.5 supplements the
results shown in Fig. 1.15, where the alternative control scheme was
simulated for the same disturbance. Since the two penalty functions
are negligibly small, in this case the objective function remains at a
highest level. The difference in performance between Figs. J.4 and
J.5 is evident.

The conclusion that the alternative control scheme is better than
the conventional control scheme is consistent with the relative values

of the objective function achieved for each scheme.



APPENDIX K

NOMENCLATURE

A1 Constant for Roc introduced in Eq. 3.17

AZ Constant for Rcf introduced in Eq. 3.18

C Conversion introduced in Eq. A.11 To

C, Stoichiometric coefficient defined by Eq.B.15 1b. oxygen/lb.
coke

C, Coefficient for Kod defined by Eq. B.17 (M 1b. oxygen/
hr., psia, ton
ot cat.)(hr./
M 1b.)

C,y Coefficient for K__ defined by Eq. B. 16 M 1b. gxygen/
hr, psia, ton
of coke

Cy Coefficient for ng defined by Eq. B.18 °F /% oxygen

Ccat Catalytic carbon on spent catalyst wt. %

Cff Conversion on fresh feed vol. fract.

Crc Carbon on regenerated catalyst wt. %

Clres Residual carbon on spent catalyst wt. %

Coc Carbon (total) on spent catalyst wt. %

th Conversion on total feed vol. fract.

Dco Density of cycle oil 1b. /gal.

D, Density of fresh feed 1b. /gal.

D Density of gasoline "~ 1b./gal.

Drf Density of recycle feed 1b. /gal.

e, i-th relaxation parameter introduced in Eq. 2.12
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NOMENCLATURE (Contd.)

i-th function of x and u introduced in Eq.2.6
Gasoline yield factor introduced in Eq.F.12

Coke formation factor of total feed introduced (M lb.carbon/hr)
in Eq. A.35 (M bbl/day)

i-th function of x introduced in Eq.G.3
Hamiltonian function defined by Eq. 2.9
Reactor catalyst holdup ton
Regenerator catalyst holdup ton

Gasoline recracking intensity defined by
Eq. F.7

Objective functional defined by Eq. 2.5

Velocity constant for catalytic carbon for-
mation defined by Eq. A.14

Constant for K
cc

Velocity constant for catalytic cracking de-
fined by Eq. A.17

Constant for K
cr

Integral controller gain

Oxygen diffusion coefficient M 1b.oxygen/
ton cat.,
psia, hr.

Oxygen reaction coefficient M 1b.oxygen/
ton coke,
psia, hr.

Proportional controller gain

Integrand of J

1,000
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NOMENCLATURE {Contd.)

Oxygen in flue gas mol.%
i-th costate variable introduced in Eq. 2.9

Price of cycle oil $/bbl.
Penalty function defined by Eq. 3.20

Penalty function defined by Eq. 3.21

Price of fresh feed $/bbl.
Price of gasoline $/bbl.
Gross profit M$
Price of gas $/1b.
Reactor pressure psia
Regenerator pressure psia

Steady state profit rate expressed by Eq.I1.1
Gas law constant

Recycle ratio

Air rate M 1b. /hr.
Coke burning rate M 1b. /hr.
Catalytic carbon forming rate defined by

Eq. A.13.

Coke (total) forming rate M 1b, /hr.
Fresh feed rate M bbl. /day
Gas oil cracking rate M 1b. /hr.
Regenerated catalyst rate ton/min.
Recycle feed rate M bbl. /day
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NOMENCLATURE (Contd.)

se Spent catalyst rate ton/min.

tf Total feed rate M bbl. /day
Sa Specific heat of air Btu. /lb., °F
SC Specific heat of catalyst Btu. /1b., °F
Sf Specific heat of feed Btu. /1b., °F
Tai Air inlet temperature °F
ng Flue gas temperature °r
Tfp Fresh feed preheater temperature °F
Tra Reactor temperature °F
Trf Recycle feed temperature °F
Trg Regenerator temperature °r
t Time hr
u, i-th control variable
u.1 i-th optimal control variable
uis i-th optimal control variable in steady state
W/H/WC Weight hourly space velocity introduced in

Eq. A.11
X, i-th state variable
x1 i-th optimal state variable
xis i-th optimal state variable in steady state
A i-th function of state variables defined by
Eq. H.2

Yck Coke yield on fresh feed wt. fract.
Y Cycle oil yield on fresh feed vol. fract.
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NOMENCLATURE (Contd.)

Gasoline yield on fresh feed
Gas vield on fresh feed

Activation energy (intrinsic) of catalytic
carbon formation

Activation energy (apparent) of catalytic
carbon formation

Activation energy (intrinsic) of
catalytic cracking

f

0O

Activation energy (apparent)
catalytic cracking

Activation energy of oxygen reaction

Heat of cracking

Heat of feed vaporization
Heat of regeneration
Residence time of catalyst

Residence time of gas oil

vol. fract,

wt. fract.

Btu. /1b.
mole

Btu. /1b.
mole

Btu. /1b.
mole

Btu. /1b.

mole

Btu. /1b.

mole
Btu. /1b.
Btu. /1b.

Btu. /1b,






10.

11.

12.

APPENDIX L

LITERATURE CITATIONS

Abbott, M. D., Archibald, R. C., Dorn, R. W., "How Hydro-
gen Improves Cat Cracker Feed,' Qil Gas J., 56, p. 144, May
19, 1958,

Aliev, V. S., Al'tman, N. B., Kasinova, N. P., '""Some Re-
lationships in the Burning of Coke, Deposited on Finely Divided
Silica-Alumina Catalyst, in a Stationary Fluidized Bed, "
Azerbaidzhan, Neftyanoe Khoz., No. 10, pp. 27-31, 1956,

Andrews, J. M., '"Cracking Characteristics of Catalytic Crack-
ing Units, ' Ind. Eng. Chem., 51, 4, p. 507, April, 1959

Andrews, J. A., Barr, W, E., Wills, J. B., '"How Phillips
Collects Complete FCC-Unit Data, " Qil Gas J., 60, pp. 93-95,
July 23, 1962. -

Appleby, W. G., Gibson, J. W., Good, G. M., ""Coke For-
mation in Catalytic Cracking,' Ind. Eng. Chem. PD& D, 1,
2, p. 162, April, 1962.

Athans, M., Falb, P. L., Optimal Control -An Introduction to
the Theory and its Applications, McGraw-Hill, 1966.

Bailey, W. A., Morse, N. L., "Cat Cracking's Luster Un-
dimmed, " Qil Gas J., 64, pp. 110-114, March 14, 1966.

Bell, H. S., American Petroleum Refining, D. van Nostrand
Co., 1959,

Binford, J. S., "Kinetics of the Oxidation of Graphite,' Ad-
vances in Chemistry Series, ACS, No. 20, 1958,

Blanding, F. H., ""Reaction Rates in Catalytic Cracking of
Petroleum, " Ind. Eng. Chem., 45, p. 1186, June, 1953,

Bondi, A., Miller, R. S., Schlaffer, W, G., '""Rapid Deacti-
vation of Fresh Cracking Catalyst,' Ind, Eng. Chem., PD & D,
1, 3, pp. 196-203, July, 1962.

Chien, G. K. L., Computer Control in Process Industries,
Chap. 20 in "Leondes,'' C.T. (ed) Computer Control Systems
Technology, McGraw-Hill, 1961,

-235-



13.

14.

15.

16.

17.

18.

19.
20.

21.

22.

23.

24.

25.

26.

-236-

LITERATURE CITATIONS (Contd.)

Crawford, P. B., Cunningham, W. A., "Carbon Formation in
Cat. Cracking, " Petroleum Refiner, p. 169, Jan., 1956.

Daniels, L. S., "Fluid-Catalyst Technique, ' Petroleum Refiner,
25, 9, pp. 435-442, 1946,

Dart, J. C., Oblad, A. G., '""Heat of Cracking and Regeneration
in Catalytic Cracking,'" Chem. Eng. Prog., 45, 2, p. 110,
Feb., 1949.

Dart, J. C., Savage, P. T., Kirkbride, C. G., "Regeneration
Characteristics of Clay Cracking Catalyst,'" Chem. Eng. Prog.,
45, 2, pp. 102-110, Feb., 1949.

Demmel, E. J., Perrela, A. V., Stover, W. A,, Shambaugh,
J. P., "Cat-Cracking Catalysts Show Savings,' Oil Gas J., 64,
pp. 178-180, May 16, 1966.

Demmel, E. J., Perrella, A. V., Stover, W. A., Shambaugh,
J. P.,"Save with New Cracking Catalysts,'" HP/PR, 45, 5
pp. 145-148, May, 1966.

I

Emmett, P. H., (ed), Catalysis, Vol. 6, Reinhold Pub., 1958.

Enos, J. L., Petroleum Progress and Profits-a History of
Process Innovation, M.I.T. Press, 1962,

Farrar, G. L., "Computer Control Comes of Age," 0Oil Gas J.,
61, pp. 77-100, October 28, 1963,

Farrar, G. L., "Computer Control in the Oil Industry, " Oil
Gas J., 62, pp. 89-114, October 26, 1964.

Farrar, G. L., "Computer Control in the Oil Industry, "' Oil Gas
J, 63, p. 92, Oct. 25, 1965.

Frank-Kamenetskii, D. A., Diffusion and Heat Exchange in
Chemical Kinetics, Princeton Univ. Press, 1955,

Gandsey, L. J., '""Two-Way Communication Between Operators
and Computers, ' Chem. Eng. Prog., 61, 10, p. 93, October,
1965.

Gilliland, E. R., Mason, E., A., Oliver, R. C., '""Gas Flow
Patterns in Beds of Fluidized Solids, ' Ind. Eng. Chem., 45,
pp. 1177-1185, June, 1953,




-237-

LITERATURE CITATIONS (Contd.)

Gould, L. A., Chemical Process Control, to be published, 1967.

Greensfelder, et al., ''Catalytic Cracking of Pure Hydrocarbons, "
Ind. Eng. Chem., 37, pp. 514, 983, 1038, 1168, 1945,

Handlos, A, E., Kunstman, R. W,, Schissler, D, O., '""Gas
Mixing Characteristics of a Fluid Bed Regenerator,' Ind. Eng,
Chem., 49, 1, pp. 25-30, Jan., 1957.

Hansford, R. C., '""AMechanism of Catalytic Cracking, " Ind.
Eng. Chem., 39, pp. 849-852, 1947.

Heldman, et al., '""Two-Stage Fluid Cat. Cracking,' Oil Gas J.,
p. 230, May 21, 1956,

Hicks, R. C., Worrell, G. R., Durney, R. J., '"Analog-Digital
Cat-Cracking-Model Development, ' Oil Gas J., pp. 97-105,
Jan. 24, 1966.

Horn, F., Troltenier, U,, ""Uber den optimalen Temperatur-
verlauf im Reaktionsrohr,'" Chem. Ing. Tech., 32, pp. 382-393,
1960,

'"Humble Bolsters Confidence in Future of Catalytic Cracking, "
Oil Gas J., p. 54, Aug. 23, 1965.

Johnson, M. F. L., Mayland, H. C., '""Carbon Burning Rates of
Cracking Catalyst in the Fluidized State, ' Ind. Eng. Chem., 47,
pp. 127-132, Jan., 1955,

Kalman, R. E,, "Contributions to the Theory of Optimal Control, "
Bol. Soc. Mat. Mex., 5, pp. 102-109, 1960.

Kane, E. D., Lewis, C. D., Schuyten, H., Beck, R. D.,
"Computer Control of an FCC Unit, " Natl, Petrol. Refiners'
Assoc., Computer Conf., Tech Paper 62-38, 1962,

Kipiniak, W., Dynamic Optimization and Control-A Variational
Approach, M.I.T. Press and Wiley, 1961.

Kurihar:i, H., "Optimal Control of Stirred-Tank Chemical Re -
actors,'' Report ESL -R-267, Electronic Systems Laboratory,
M.I.T., May, 1966.



40.

41.

42.

43.

44.

45.

46.

47.

48.

49.

50.

51.

52.

53.

-238-

LITERATURE CITATIONS (Contd.)

Lavrouskii, K. P., Rozental, A. L., ""The Kinetics of the Re-
generation of Powdered Catalysts, ' Izv. Akad. (Tekh.) No. 6,
pp. 140-148, 1955.

Leva, Fluidization, McGraw-Hill, 1959,

Luyben, W, L., Lamb, D. E., "Feedforward Control of a Fluid-
ized Catalytic Reactor Regenerator System, '' Chem. Eng. Prog.
Symp. Series, 59, 46, 1963.

MacDonald, M., "Automatic Control of a Fluid Catalytic Crack-
ing Unit, " Pet. Refiner, p. 87, Oct., 1946.

May, '"Fluidized-Bed Reactor Studies,' Chem. Eng. Prog., 55,
pp. 49-56, Dec., 1959.

Mills, ''Aging of Cracking Catalyst-Loss of Selectivity, " Ind.
Eng. Chem., 42, pp. 182-187, 1950.

Moorman, J. W., "What is the Effect of Feed Preheat, Part 5, "
0Oil Gas J., p. 68, Jan. 10, 1955,

Murphree, et al., "Improved Fluid Process,' Trans, A.I.Ch.E,
41, p. 19, 1945,

Murphree, E. V., Brown, C. L., Fischer, H.G.M., Gohr,
E. J., Sweeney, W. J., "Fluid Catalyst Process (Catalytic
Cracking of Petroleum),' Ind. Eng. Chem., 35, pp. 768-773,1943.

Nelson, W. L., Petroleum Refinery Engineering, McGraw-Hill,
1958.

Nelson, W. L., "Circulation Control in Fluid Process, ' Oil Gas
J., p. 120, Apr. 14, 1949.

"NPRA Panel Discusses Cat-Cracking Techniques, ' Oil Gas J.,
pp. 108-113, Aug. 1, 1966.

Oden, E. C., Granberry, T. S., ""Propane Deasphalted Gas Oil
as Catalytic Cracking Feed Stock, " Ind. Eng. Chem., 44, p. 896,
1952.

Olsen, C. R., Sterba, M. J., "Effect of Reactor Temperature on
Product Distribution and Product Quality in Fluid Cat. Cracking, "
Chem. Eng. Prog., pp. 692-700, Nov., 1949.




54,

55.

56.

57.

58.

59.

60.

61.

62.

63.

64.

65.

66.

-239-

LITERATURE CITATIONS (Contd.)

Panchenkov, G. M., Golovanov, N. V., Kinetics of Regene-
ration of Alumina-Silicate Catalysts-Reaction Mechanism of
Oxidation of Coke on Alumina-Silicate Catalysts, " Izv, Akad.
(Tekh.) No. 3, pp. 384-394, 1952.

"Panel Fields Searching Questions on Cat-Cracking Technology, "
Oil Gas J., 63, p. 95, Aug. 2, 1965.

Pansing, W. F., ""Regeneration of Fluidized Cracking Catalysts, "
A.I.Ch.E.J., 2, 1, pp. 71-74, March, 1956.

Pohlenz, J. B., "How Operational Variables Affect Fluid
Catalytic Cracking, ' Oil Gas J., p. 124, April 1, 1963,

Pontryagin, L. S., Boltyanskii, V., Gamkredize, R.,
Mischenko, E., The Mathematical Theory of Optimal Processes,
Interscience Publishers, Inc., 1962.

Pugh, A. L., DYNAMO Users Manual, M.I.T. Press,
Cambridge, Mass., 1961.

Rosenbrock, H. H., Storey, C., Computational Techniques for
Chemical Engineers, Pergamon Press, 1966,

Satterfield, C. N., Sherwood, T. K., The Role of Diffusion in
Catalysis, Addison-Wesley, 1963.

Savas, E. S., Computer Control of Industrial Processes, McGraw-
Hill, 1965.

Schrage, R. W., "Optimizing a Catalytic Cracking Operation by
the Method of Steepest Ascents,'' Presented at the Pittsburgh
Meeting of A.I.Ch.E,, Sept., 9-12, 1956.

Schulman, B. L., '"Building a Mathematical Model for Catalyst
Regeneration in Fixed Beds,' Ind. Eng. Chem, 55, 12, pp. 44-
49, Dec., 1963,

Shankland, R. V., Schmitkons, G. E., '""Determination of
Activity and Selectivity of Cracking Catalyst,' Proc. Am. Petrol.
Inst., 27, Part III, p. 57, 1947.

Singer, E., Todd, D. B., Gunn, V. P., ''Catalyst Mixing
Patterns in Commercial Catalytic Cracking Units, ' Ind. Eng.
Chem., 49, 1, pp. 11-19, Jan., 1957.



67.

68.

69.

70.

71.

72.

73.

74.

75.

76.

7.

78.

-240-

LITERATURE CITATIONS (Contd.)

Sittig, M., '"'Catalytic Cracking Techniques in Review,' Pet. Re-
finer, pp. 263-316, Sept., 1952.

Sittig, M., ""Fluidized Solids,'" Chem. Eng., pp. 219-231,
May, 1953,

Smith, W. M., '""Advances in Fluid Catalytic Cracking, ' to be
presented at the 7th World Petroleum Congress, Mexico City,
April, 1967.

Stormont, D. H., "What's Ahead for Cat Cracking,' Oil Gas J.,
62, p. 78, Aug., 17, 1964.

Stormont, D. H., '"Data Logging Computers Help Study of Fluid
Cat Cracker Operation, ' OQil Gas J., 61, pp. 142-144, Nov. 18,
1963.

Stormont, D. H., "Fluid Cracker Revamp Ups Gasoline Output, "
Oil Gas J., 62, p. 87, Feb. 24, 1964.

Todd, D. B., Wilson, W. B., ''Stack Loss of Catalyst from
Commercial Catalytic Cracking Units, " Ind. Eng. Chem., 49,
1, pp. 20-24, Jan, 1957.

Voorhies, A. Jr., "Carbon Formation in Catalytic Cracking, "
Ind. Eng. Chem., 37, p. 318, 1945,

Weekman, V. W., Harter, M. D., Marr, G. R., "Hybrid Com-
puter Simulation of a Moving-Bed Catalyst Regenerator,' Pre-
sented at A,I.Ch.E. 59th National Meeting, Columbus, Ohio,
May 18, 1966.

Weisz, P. B., 'Intra-particle Diffusion in Catalytic Systems, "
Chem. Eng. Prog. Symp. Series, 55, 25, p. 29, 1959.

Zabrouskii, Hydrodynamics and Heat Transfer in Fludized
Bed, M.I.T. Press, 1966.

Zenz, F. A., Othmer, D. F., Fluidization and Fluid Particle
Systems, Reinheld, New York, 1960.




APPENDIX L

BIOGRAPHICAL NOTE

Hirofumi Kurihara was born July 14, 1940, in Hiroshima Pref.,
Japan. He entered Tokyo University in April, 1959, and graduated
with a Kogakushi in Applied Physics in March, 1963. From April,
1963, he was working with Toa Nenryo Kogyo, Japan, until he took
an educational relief in July, 1964. In September, 1964, he entered
the Massachusetts Institute of Technology, where he received his
Master of Science degrees in Chemical Engineering and Electrical
Engineering in June, 1966,

He performed research on distillation column control systems
during the summer of 1965 at the Esso Research and Engineering

Company, in Florham Park, New 'Jersey, and on fluid catalytic

cracking processes during the summer of 1966, in Baytown, Texas.

-233 -



